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Abstract

The effect of particle size distribution (PSD) on the performance of a fluidized bed reactor
was investigated using the ozone decomposition reaction, combined with the study of
hydrodynamics, for fresh and spent fluid cracking catalysts, each having three particle
size distributions - wide, narrow and bimodal - all with nearly the same mean diameter
(60 pum), the same particle density and the same BET surface area. The superficial
gas velocity was varied from 0.1 to 1.8 m/s to include the bubbling, slugging, turbulent
and fast fluidization regimes. The catalytic rate constant, based on the volume of the
particles, ranged from 2 to 10 s~!, while the static bed height was varied from 0.15 m
to 1 m. Four different multi-onfice gas distributors withb different hole diameters (2.2 to
5.1 mm) and hole numbers (4 and 21) were also tested to evaluate the influence of gas
distributor on the performance of fluidized bed reactors.

The particle size distribution was found to play a larger role at higher gas velocities
than at lower velocities. At low gas velocities (U; < 0.2 m/s), the reaction conversion was
not greatly affected by the P SD. However, with an increase in gas velocity the PSD effect
became larger. The wide size distribution gave the highest reactor efficiency, defined as
the ratio of the volume of catalyst required in a plug flow reactor to that required in the
fluidized bed reactor to achieve the same conversion, while the narrow blend gave the
lowest. The differences are not solely a function of the “fines content”.

The influence of particle size distribution on the hydrodynamics of fluidization was
evaluated byrmea.suring particle concentrations in voids, bubble sizes, and dense phase
expansion. When the superficial gas velocity exceeded 0.1 m/s, the bed with the wide size

distribution usually gave the highest particle concentration inside the voids, the smallest
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bubble size and the greatest dense phase éxpansion at the same operating conditions.
| There is evidence that there is a greater proportion of “fines” present in the voids than in
the overall particle size distribution. This has been exfla.ined in terms of the throughflow
velocity inside bubbles being of the same order as the terminal velocity of typical “fines”,
causing these particles to spend longer periods of time inside the voids.

The effect of the PSD on the fluidization regime and its transitions was determined by
measuring pressure fluctuations along the column. The earliest transition from bubbling
or slugging to turbulent fluidization occurred in the bed of wide size distribution, while
the latest corresponded to the narrow PSD.

For particles of wide size distribution, higher conversion was achieved for the turbulent
and fast fluidization regimes than for the bubbling fluidization regimé under otherwise
identical conditions, while for particles of narrow size distribution, the dependence of
conversion on regime was small. Hence, for reactors of wide PSD, the performance can
be improved significantly by operating in the turbulent or fast fluidization regime,. while
for particles of narrow size distribution, the benefit of operating at high gas velocity is
slight at best.

The PSD influence should be considered in modelling fluidized bed reactors. The
“Two-Phase Bubbling Bed Model” has been modified to account for PSD effects. For
the reactor of wide particle size distribution operated at high gas velocities, a single-phase
axial dispersion model with closed inlet and open outlet boundary conditions appears to
be suitable to predict the performance.

It was also found that a high pressure drop across the gas distributor was not sufficient
to maintain good performance of the distributor. The reactor efficiency in the entry region
was higher for a distributor with a greater number of orifices, even though it had a lower

pressure drop, than for a distributor plate with fewer larger holes.
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Chapter 1

Introduction

Fluidized bed reactors are widely used in the process industries for solid-catalysed gas
phase reactions (e.g. in catalytic cracking, acrylonitrile manufacture, phthalic anhydride
production, polyethylene and polypropylene processes, etc.) and in gas-solid reactions
(ore roasting, combustion, gasification, catalyst regeneration, calcination reactions, etc.).
Advantages of fluid bed reactors include favourable heat transfer, temperature uniformity,
capability of continuous addition and removal of particles, and ability to scale up to very
large reactor sizes. A thorough review of industrial processes in fluidized bed reactors
was given by Yerushalmi (1982). For a general introduction to fluidized beds and their
hydrodynamic regimes see Geldart (1986).

The particle size distribution (PSD) is a key factor in determining the performance
and operation of fluidized bed reactors. Although many workers have made reference
to the importance of fines in determining the behaviour and performance of fluidized
beds (e.g. Matheson et al, 1949; .Zenz and Othmer, 1960; Agarwal and Davis, 1966;
Abrahamsen and Geldart, 1980; Yates and Newton, 1986, etc.), and oil companies and
other operators or designers of fluidized bed reactors commonly apply empirical criteria
to ensure a level of fines which assists in establishing favourable yields and overall perfor-
mance, the role of fines content and the. effect of the PSD are poorly understood. There
are at least three questions which néed to be answered:

1. In what ways and to what extent do the PSD and the “fines” content affect the

performance of fluidized bed reactors?
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2. Why do the PSD and the “fines” content affect the performance of fluidized bed
reactors? | |

3. Is it possible to characterize the influence of the PSD simply in terms of a “fines”
content, as assumed by some authors (e.g. Abrahamsen and Geldart, 1980; Dry et al,
1983; Avidan and Edwards, 1986, etc.)?

The performance of a fluidized bed reactor mainly depends on the hydrodynamics of
fluidization, transfer phenomena within the reactor and the kinetics of the reaction(s).
We are primarily concerned in this thesis with catalytic applications of fluidized bed
reactors. In such applications, the fluidized particles are generally small (almost always
< 100 pm in average size, falling in Group A of the Geldart (1973) classification) with
the result that catalyst effectiveness factors are very nearly one. The PSD primarily
influences the reactor performance, therefore, via its effect on the hydrodynamics of
fluidization and via its effect on the mass transfer in the reactor. In the present study,
both of these interrelated aspects ai‘e investigated. The third question is resolved by
separating the effect of fines and the effect of mean particle size in our experiments. The
role of the PSD on the operation of fluidized bed reactors is modelled and discussed.

Optimum PSD’s for catalytic reactions are also considered.

1.1 PSD effect on the hydrodynamics of fluidized beds

The performance of fluidized bed reactors is strongly related to the hydrodynamics of
ﬁuidi.zation, to those fundamental factors controlling the behaviour of the fluid-solid
systems. Several years after the successful application of large scale commercial fluidized
bed reactors composed of finely powdered solids in the cracking process of petroleum, the
effect of “fines” on the character of fluidized beds began to interest a few investigators.

In an early study, Matheson et al (1949) measured the torque necessary to rotate a
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paddle suspended in fluid beds made up of binary mixtures of synthetic cracking catalyst
to explore the effect of the PSD on bed “viscosity”. Relatively small amounts of fines
added to a coarse cut were found to decrease the “viscosity” markedly. This trend
was maintained up to fines concentrations of about 30%, after which the effect became
less marked. Morse and Ballou (1951) investigated the uniformity of fluidization using
capacitance signals and found that uniformity was better for non-uniform mixtures of
particle sizes than for narrow cuts.

Zenz and Othmer (1960) evaluated early research work on the effects of the PSD on the
pseudo viscosity of fluidized beds and concluded that the introduction of fines between the
coarse grains could act as a lubricant to reduce the friction between the coarse paticles,
thereby reducing the bed viscosity and helping to maintain “good fluidity”. They also
noted that PSD influences the efficiency and loading of fines recovery facilities, as well
as the operation of pneumatic conveyers.

The effect of fines content on the hydrodynamic character of fluidized beds has also
attracted some attention. Agarwal and Davis (1966) compared the minimum fluidization
velocity for closely sized fractions of iron ore to that with a wide size range, and found
that the greater the “fines”content, the lower the minimum fluidization velocities. In
another study, de Groot (1967) investigated the effect of the amount of “fines” on bed
expansion and reported that the expansion increased with addition of “fines”, especially
in columns of diameter larger than 0.5 m. While measuring the distribution of voidage
in the particulate phase near rising bubbles by a capacitance technique, Lockett and
Harrison (1967) observed that it became more difficult to define a real boundary between
the bubble and particulate phases as the particle size distribution increased. That is, the
difference between the two phases appeared to be less sharp for the system containing
more fines.

More recently, Abrahamsen and Geldart (1980) measured hydrodynamic properties
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of fluidized beds composed of powders with different mean particle size, density and
proportion of fines (defined as particles smaller than 45 pm), and found that the minimum
bubbling velocity, the dense phase interstitial gas velocity and the bed expansion all
increased with the addition of fines. Similar results were reported by Sun et al (1983)
with different gas properties and Dry et al (1983) with wider size range. In the latter
case, the demarcation between “fines” and the rest of the material was taken to be 22
pm. In their correlations for minimum bubbling velocity, dense phase voidage and dense
phase gas velocity, “fines” content was taken into account and played a significant role.

Avidan and Yerushalmi (1982) investigated the bed expansion of fine powders over a
range of gas velocities spanning different fluidization regimes and noted that the presence
of fines has far-reaching effects on the ‘quality’ of fluidization. They found that fresh
catalyst with a higher proportion of fines showed less tendency to segregate, lower cluster
terminal velocities and lower tramsition velocities to turbulent fluidization than older
catalysts from which most of the fines had been lost. Werther (1984) measured the
local wvisible bubble flow, including local bubble size and average bubble rise velocities
in fluidized beds and discovered that increased fines (defined as particles with d, < 44
pm) could increase the mass transfer rate due to decreasing equilibrium bubble size
with an increase in the proportion of fines. Nacastro and Glicksman (1984) investigated
pressure fluctuations within a fluidized bed and noted that variation in the particle
size distribution could cause non-similarity of fluidization. The PSD was said to be an
important parameter for modelling fluid dynamic behaviour.

While scaling up the methanol-to-gasoline process, Avidan (1986) found that bubble
suppression was achieved in a turbulent fluidized bed with a minimum of 15% fines, where
fines were defined as particles smaller than 40 pm. Kono et al (1986a) investigated the
emulsion phase characteristics for fluidization of fine powder fluidized beds and reported

that the minimum complete fluidization velocity and bed expansion ratios were somewhat
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larger for beds containing more fines than for beds with few fines.

Since the quality of fluidization is supposed to be substantially determined by the
characteristics of the emulsion phase of the bed, such as its viscosity (Grace, 1970), the
fluid bed hydrodynamics can be related, to a certain extent, to the rheological charac-
teristics of the powders. Generally speaking, the less rigid the structure of the emulsion
phase, the more homogeneneous the fluidized system. The PSD effect on the powder rhe-
ology, therefore, has also been studied by researchers, not only in the area of fluidization,
but also in other powder handling systems.

By measuring the tensile strength of powders around the minimum bubbling point,
Kono et al (1986b) observed that both the tensile strength and the plastic deformation
coefficient evaluated from the bed expansion could be decreased by adding fine powders
to a narrow cut of particles. Lloyd and Webb (1987) measured the shear stress of powders
with different fines content in both an aerated and non-aerated state. They noted that
the rate of reduction of the shear stress with increased aeration is dependent on the fines
content, and the addition of particles around 30 pum in size had a large effect. They also
found the addition of fine particles could cause the powder to behave as ‘liquid like’ at
lower shear velocities.

For spent FCC particles, .investigators at UBC (Ip, 1988; Khoe et al, 1991), based
on collapse tests, observed that U,,;/U,,; for particles of wide size distribution was 20%
greater than for narrow PSD. They reported that for a given average surface-volume
diameter, a wide size distribution gives a greater air retention capacity than a bimodal
distribution which in turn gives greater retention than a narrow distribution. By mea-
suring t.he pressure fluctuations in a fluidized bed, Ip also found that the magnitude of
préssure fluctuations increases as the particle size spread become more narrow. However,
the frequency of fluctuations is independent of the size spread.

Fines not only affect the hydrodyna.mics of fluidization, but also the flow character
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of particles (Zenz and Othmer, 1960). Changing the particle size distribution allows the
particle flow properties to be modified (Kurz and Munz, 1975; Geldart and Radtke, 1986).
Reterman (1985) investigated catalyst circulation problems in fluid catalytic cracking
units due to the loss of fines through a damaged cyclone and presented a parameter,
Fprop, which depended on the fines fraction (fines being defined as particles with d, <
45 pm), to express the flow properties and predict the onset of circulation problems.
Kwauk and his co-workers (Tung et al, 1989) carried out an extensive series of bed
collapse experiments for different gas-solid systems and presented a dimensionless param-
eter, ®, mainly depending on the collapsing time of fluidized beds at certain conditions,
to express the hydrodynamic performance of fluidization. Based on the comparison of
© values for different powders, they suggested that blending of particle fractions with

different sizes can be used to improve the homogeneity -of fluidization.

1.2 PSD effect on the performance of fluidized bed reactors

Very little work has been performed to determine the influence of the PSD on the per-
formance of catalytic fluidized bed reactors. The performance of catalytic fluidized bed
reactors depends not only on the hydrodynamics of fluidization, but also on other fac-
tors, such as diffusion resistance between gas and particles, catalyst activity, reactant
conversion level and the nature of the reaction process. A number of these factors may
be related to the mean particle size and to the particle size distribution.

Yates and Newton (1986) investigated the oxidative dehydrogenation of butene to
butadiene in a reactor of 0.11 m in diarﬁeter at superficial gas velocities from 0.06 m/s to
0.32 m/s. The fines content (fines being defined as smaller than 45 pm) of the catalyst
was 0%, 16% and 27%. The conversion of reactant was found to increase with the

increase in the proportion of fines. The authors suggested that more gas flowed through
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the emulsion phase of the bed, at fhe expense of gas flowing through the bubble phase,
in fluidized beds with more fines.

Pell and Jordan (1988) studied the PSD effect in a pilot scale reactor where propylene
was reacted with air and ammonia to produce acrylonitrile. The experiments were carried
out at three different superficial gas velocities and at five different fines levels: 23, 27,
32, 40 and 44% by weight of particles smaller than 45 pm. The proportion of fines was
varied by adding -45 pm enriched material to the existing charge. It was found that the
conversion usually increased as the fines content increased. At higher gas velocities, the
improvement in conversion due to addition of fines was much less than that at lower gas
velocities.

The importance of the PSD on the performance of fluidized bed reactors has been
recognized by industrial companies. It is common to control the PSD in fluidized beds
during long periods of operation by adding fines from time to t’ime.to make up for those
lost during the operation and to increase the collection efficiency of cyclones. It has
been found (Sun and Chen, 1986) that the yield of a commercial fluidized bed reactor
producing about 26000 tonnes of acrylonitrile per year can be increased by 2-3 per cent
if the content of fines (less than 45 um) is raised from 15% to 32% by weight.

Although high “fines” level cé,n often give a better performance in fluidized beds,
caution is necessary at such genera]jzations.. Temperature runaway once happened in the
freeboard region of a commercial fluidized bed reactor of propylene ammoxidation due
to a large quantity of fine particles entrained from the bed with too high “fines” content
(CGCPC Report, 1985). Moreover, if the fines become predominant, the behaviour of
the powder becomes determined by interparticle‘ forces, 1.e. the powder behaves as a
group C (cohesive) powder in the classification scheme of Geldart (1973).

Cooper and Clough (1985, 1986) have recently attempted to establish experimental

methods to obtain on-line, real-time measurements of PSD in fluidized bed reactors.
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Their apparatus includes a continuous flow particle sampling system, an optical spec-
trometer and a process computer system. The sampling system 1s closed-loop so that all

sampled particles can return to the bed immediately after being analyzed.

1.3 Some basic problems with studies of PSD effect

Although the importance of fines on the performance of fluidized bed appears to have
been established by the studies cited, the PSD effect on the performance of fluidized
bed reactors has not previously been subjected to systematic investigation. Several basic
problems connected with previous studies are considered in this work. Some of the key

questions to be addressed are as follows:

1.3.1 Can the PSD effect be separated from the influence of the mean par-

ticle size?

Almost all studies cited above on the effect of particle size distribution discussed the
problem in terms of the influence of “fines” content. It should be noted, however, that
addition of fines affects both the mean particle size and the size distribution. The effect of
“fines” content, therefore, can be divided into two aspects: the effect of average particle
size and the effect of particle size distribution. It is clear that the. influence of the
mean pa.rticlé size on fluidized bed performance is very significant, especially for group A
materials, typical of fluid bed catalytic reactors. This effect has been considered in most
correlations and results published on fluidization.

By measuring the bed expansion and bubble frequency, Matsen (1973) investigated
the influence of mean particle size on the maximum stable bubble size in fluidized beds.
Six kind of particles with different mean particle size (from 26 pm to 150 pm) were

tested. Each kind of particles had different “fines” content (from 0% to 40% by weight)
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where “fines” are defined as those less than 20 pum. Matsen found that the maximum
stable bubble size was very sensitive to mean particle size, while the nature of the size
distribution was also very critical. This suggests that the PSD effect should be separated
from the influence of mean particle size if we want to explore the PSD effect without

interference of other relative factors.

1.3.2 Is the “fines” content sufficient to express the particle size distribu-

tion?

No general method of expressing the PSD has been accepted by investigators of fluidized
beds. Although most investigators characterized PSD by “fines” level, the definition of
“fines” has differed from worker to worker. Some workers (e.g. Geldart and Abrahamsen,
1980; Yates and Newton, 1986) have defined fines as those particles which pass through
a sieve of opening 45 pm. Dry et al (1983), however, defined the demarcation between
the fines and the rest of the material to be 22 pm, while Avidan and Edwards (1986)
distinguished on the basis of 40 pm. Evidently, different definitions of “fines” will lead to
different results. Moreover, any such definition will be entirely arbitrary, and it is clear
that addition of significant volumes of material 1 um larger than the chosen Limit will
give nearly the same result as adding the same volume of material 1 pm smaller than the
limit. |

To illustrate the problem, consider the PSD of powders, as shown in Fig. 1.1, used
by Matsen (1973) in a study of maximum stable bubble size for particles with different
size and size distributions. If “fines ” are defined as those less than 45 pm, coke 4 and
coke 5 have the same “fines” level. If the “fines” are defined as those less than 20 pm or
15 pm, “fines” concentrations in coke 4 and coke § are then different. The experimental
maximum stable bubble diameters determined by Matsen were different for these two

distributions of particles (64 mm for coke 5 and 127 mm for coke 4), even though the
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Figure 1.1: Coke particle size distributions. Identifying numbers on curves correspond to
coke materials of several particle size distributions obtained by grinding. (Matsen, 1973)
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mean particle diameters were almost the same for the two powders.

1.3.3  Is the influence of the PSD the same in different hydrodynamic regimes

and bed regions?

Most previous experimental studies of chemical reaction in fluidized beds (e.g. Lewis et
al, 1959; Hovmand and Davidson, 1968; Chavarie and Grace, 1975; Bauer and Werther,
1981; Yates and Newton, 1986) have been restricted to relatively low gas velocities, seldom
exceeding 0.3 m/s. Commercial fluidized beds, however, usually operate at higher gas
velocities (above 0.45 m/s) where different hydrodynamic regimes (e.g. turbulent and
fast fluidization) may be encountered (Grace, 1986). It is possible that the PSD effect

may differ in the various regimes, as indicated by the experimental result of Pell and

Jordan (1988).

It is now well known that reactor characteristics differ widely between the> region
immediately above the gas distributor (grid region), the bed proper and the freeboard
region. Since mass transfer resistance appears different in different regions, the extent of

the PSD effect may also change from region to region.

1.4 Objectives of the present study

The objectives of this study are to analyze and explain the basic problems mentioned
above. Briefly the objectives are:

1. To evaluate the PSD effect on the performance of catalytic fluidized bed reactors.

2. To examine the PSD effect in different fluidization regimes and different bed
regions. |

3. To investigate the PSD effect on the hydrodynamics of fluidization.

4. To explore the reasons for the influence of “fines” and of particle size distribution.
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5. To express the PSD effect on the performance of fluidized bed reactors in different
regimes and regions by suitable reactor models. |

6. To test other factors related to the performance of catalytic fluidized bed reactors,
such as the kinetic rate and the gas distributor.

Because PSD effects appear to be most significant for materials which belong in group
A of the Geldart (1973) classification and fluid bed catalysts almost always fall into this

category, this study will be limited to materials of this group.



Chapter 2

Experimental Particles and Apparatus

The main preparation work in this study can be divided into two parts: (a) experimental
materials, including particles and gas, and (b) experimental equipment including the
fluidization column, fixed bed column, instrumentation, data acquisition system and
other accessories. Special attention has been paid to the catalyst powder preparation in
order to achieve the objectives of this study. Two of the key points are:

1. separating the PSD effect from the influence of mean particle size, and

2. keeping the PSD within the experimental system as éonstant as possible during

each operation period, even at high gas velocities.

2.1 Preparation of Particle Blends

Two kinds of particles, spent fluid cracking catalyst (S-FCC) and fresh fluid cracking
catalyst (N-FCC), were used in the experiments. These were obtained from the Esso .
Ioco refinery in Port Moody, B.C. The mean diameter, defined as 1/%(x;/d,; ), was about
60 pm in each case. For each kind of particles, three batches were prepared, labelled
“wide”, “narrow” and “bimodal”, each with the same mean diameter and nearly the

same BET surface area and particle density, but different particle size distribution.

2.1.1 Particle separation and blending

The original spent and fresh cracking catalysts were separated into six different size frac-

tions respectively using the Haultain Infrasizer in the UBC Coal and Mineral Processing

13
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Centre. This device is based on air elutriation and is suited to split the particles into
multiple fractions below 200 mesh (i.e. 75 pm) at one time (Haultain, 1937). The in-
frasizer comsists of six steel -conical chambers arranged in series. Their dimensions are
given in Fig. 2.1. The separation involved two passes to minimize overlapping between
adjacent fractions. The respective air flowrates for the first and the second.passes were
0.0021 and 0.0022 m?®/s. The original bulk FCC particles were charged into chamber
1 of the infrasizer during the first pass. The fraction collected in cone number 3 was
then passed into the sizer during the second run. Four size fractions of FCC labelled
“wide”, “coarse”, “narrow” and “fine” were collected for our expériments. The “wide”
distribution was the unseparated (i.e. original) FCC powder. The “coarse” and “fine”
fractions were the powders collected in cone numbers 2 and 4, respectively, from the first
pass. The “narrow” fraction was collected in cone number 3 from the second pass, i.e.
all particles in this fraction ended up in cone 3 in two successive passes.

A hornizontal rotating drufn mixer was used to blend particles of different fractions or
different activities. Bimodal vbatches were prepared by combining the “coarse” and “fine”
fractions. The .cata.lyst activity was adjusted by changing the weight ratio of activated
to non-activated particles.

2.1.2 Catalyst activation and characterization

FCC particles were activated as the catalyst for ozone decomposition by being impreg-
nated with ferric nitrate solution at room temperature in a stirring mixer for one hour,
and then roasted in an electric oven at 450°C for one and a half hours. Both pho-
tographs and size distribution measurements before and after this activation .procedure
(see Figs. 2.3 and 2.4, and Appendix E) indicate that there was negligible agglomeration
or change in the physical properties as a result of the impregnation and roasting. The

concentration of the ferric nitrate solution used was 10% by weight. The activity of the



Chapter 2. Experimental Particles and Apparatus

750 mm

¢268mm

$190

$13 6

95

70

Figure 2.1: Dimensions of the infrasizer

15

GAS



Chapter 2. Experimental Particles and Apparatus 16

resulting catalysts was around 15 s~}

at 20°C. Keeping the impregnation and roasting
conditions consistent for each batch of particles was essential to ensure uniform quality of
the catalysts prepared. The activities of the catalysts used in the experiments prepared
by blending activated and non-activated catalysts, were measured before and after each
run mn a small fixed bed reactor with the same range of mean gas residence time as in
the fluidized bed.

Some properties were found to differ appreciably between the fresh and spent cata-
lysts. For example, the spent FCC particles can be used as a catalyst without activation
for ozone decomposition, with a kinetic rate constant of 0.3 to 0.5 s~! at room tempera-
ture, whereas the fresh FCC particles were found to be inactive for ozone decomposition.
However, once activated, the activity of the fresh FCC was much more stable than that
of the spent catalyst. The activity change of the activated N-FCC catalysts during a run
was usually less than 3%. The experimental results on the performance of fluidized bed

reactors were therefore collected mainly for the N-FCC particles.

2.1.3 Relevant properties of the particles

Relevant properties of the particles used in our experiments, including the particle den-
sity, particle diameter, particle shape and surface area, were measured.

Two kinds of density, the particle density,' Pp, and the bulk density, p,, were measured
for each particle fraction and particle blend. The particie density, p,, was measured with
the “wet cake” method proposed by Abrahamsen and Geldart (1980). The bulk densities
were determined after the bulk volume of a loose packed bed of a pre-weighted sample
of particles was determined using a graduated cylinder. The resulting densities of spent
and ﬁesh FCC are shown in Table 2.1. |

The particle size distributions measured by an Electrone Size Analyser, based on the

same principle as that of the Coulter counter, appear in Fig. 2.2.
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Table 2.1: Measured particle and bulk densities for fluid cracking catalyst

Powder | Size distribution | p, (kg/m?) | py» (kg/ m3)
S-FCC | wide 1444 756
S-FCC | coarse 1384 743
S-FCC | marrow 1455 735
S-FCC | fine 1556 782
S-FCC | bimodal 1440 761
N-FCC | wide . 1582 860
N-FCC | coarse 1591 895
N-FCC | narrow 1586 823 »
N-FCC | fine 1557 847
N-FCC | bimodal 1573 868
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Figure 2.2: Size distributions of FCC particles
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Table 2.2: Surface area of FCC particles

Powder | Size distribution | Activated? | Surface area (m?/g)
N-FCC | wide No 212

N-FCC | narrow No 208

N-FCC | bimodal No 210

N-FCC | fine No 251

N-FCC | coarse No 144

N-FCC | wide Yes 172
N-FCC | narrow Yes 164

N-FCC | bimodal Yes 169

S-FCC | wide No 88

The particle surface area was measured by a Micromeritics Surface Analyser based on

the BET isotherm theory, with sample tubes of type P/N 230-61001-00. The results are

19.

given in Table 2.2. Some reduction in surface area resulted from the impregnation / roast-

ing procedure, presumably due to pore blockage by the ferric oxide.

The particle surface shape was measured by the sweep electron microscope (Hitachi

S-570). SEM pictures of different fractions and different blends of FCC particles are

presented in Figs. 2.3 to 2.8.
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Figure 2.3: SEM photograph for N-FCC particles of wide size distribution
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Figure 2.4: SEM photograph for N-FCC particles of wide size distribution after being
activated
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Figure 2.5: SEM photograph for N-FCC particles of bimodal size distribution

22
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Figure 2.6: SEM photograph for N-FCC particles of narrow size distribution

23




Chapter 2. Experimental Particles and Apparatus

Figure 2.7: SEM photograph for S-FCC particles of bimodal size distribution

24
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Figure 2.8: SEM photograph for S-FCC particles of narrow size distribution
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2.2 Experimental Apparatus

Most experiments on the performance and hydrodynamics of fluidized bed reactors were
carried out in a fluidized bed system designed and constructed for this project. Some
hydrodynamic research ‘wa.s also carried out in a two-dimensional fluidization column
which was modified for this investigation. Reliability and safety of the eXperimental
equipment, flexibility during operation and economy of manufacture and operation were
the main deéign considerations.

The ozone decomposition reaction,
O3 — 1.5 Oy + 143 kJ/mole,

1s a valuable laboratory reaction because it can be carried out under room temperature
and pressure conditions. In addition, it is nearly first order, and ozone can be readily
analysed using UV absorption. Several research workers (e.g. Frye et al, 1958; Van
Swaaij and Zuiderweg, 1972; Chavarie and Grace, 1975; Bauer and Werther, 1981) have
used this reaction to investigate the character of fluidized bed reactors, generally at low
gas ‘Velocitievs and for Group B or D particles.

The apparatus is shown schematically in Fig. 2.9. It includes five major parts: (1)
ozone generation and gas purification system; (2) fluidization column; (3) outlet gas
treatment and particle recirculation system; (4) instruments and data acquisition system,;

(5) fixed bed apparatus.

2.2.1 Gas supply system

Ozone 1s generated by passing a stream of cylinder oxygen (breathing grade), after being
further dried by calcium sulphate, through an OREC electric discharge ozone generator.

The resulting O, - O3 mixture, with ozone concentration 1 - 3% by volume, was then
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combined with the fluidizing gas before entering the bed. The ﬂuidizing gas was blower
air, purified by passing through a column containing activated carbon and silica gel.

It is found from our pretest that the rate of ozoﬁe decomposition is very sensitive
to the humidity of fluidizing gas, especially at room temperature. The catalyst activity
decreases very quickly if the catalysts are fluidized by unpurified air from the blower. Frye
et al (1958) reported that the activity of ozone decomposition varied with the reciprocal

third order of water vapor concentration.

2.2.2 Reactors

The fluidization column (Fig. 2.10) is 2.6 m tall and 0.10 m in inside diameter. There is
an enlarged section above the column, 0.15 m in diameter and 0.5 m in height, to reduce
carryover, with a sloping section in between having a steep enough angle that particles
do not collect thereon. The fixed bed is 19 mm in diameter and 200 mm tall. The ozone
concentration at different positions along the fluidized bed is sampled isokinetically by
five probes. Since fines with diameters less than 20 pm can plug the filter of the sampling
probe, a nitrogen backflow system is set up to purge the filter before each sampling at
lower gas velocity and every 2 to 5 minutes for higher gas veloci'ties‘ (U > 0.5 m/s). The
purge frequency was also dependent on the fines content of the bed material. .

Since ozone is a very powerful oxidant and reacts with most substances at 25°C (Razu-
movskii and Zaikov, 1984), the material of the reactor vessels and connecting tubes had
to be carefully chosen. The fluidized and fixed bed vessels are constructed of aluminum.
The sampling and connecting tube between the manometers and the reactor are pure
copper. It has been found (Horvath et al, 1985) that at room temperature and for ozone
concentrations up to 7% by volume, decomposition of ozone is not cafa.lysed by pure
aluminum, lead, copper and tin, although most metals are strongly oxidized by ozone

and promote its decomposition.
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2.2.3 Particle collection and return system

To keep the PSD within the experimental system as constant as possible under various
operating conditions‘7 that is, to prevent fine particles from escaping from the fluidized
bed at higher gas velocities and static bed heights, a double-decked flapper system was
designed (Fig. 2.11). Two factors, the space limitation and the feeding location of par-
ticles collected by the cyclones, required that this structure be used. The overall height
of the experimental column was limited by the height of the ceiling. This limited the
vertical length of the diplegs of the two cyclones, so that they were not long enough to
provide the necessary pressure drop to prevent gas bypassing for some operating condi-
tions.. This pressure drop should be higher than the pressure drop across the cyclones,
which, in turn, 1s related to the collection efficiency of the cyclones, especially for fine
particles.

To ensure that the particles collected by the cyclones did not immediately become
entrainéd from the reactor again, these particles were returned to the reactor in the lower
dense region, not far above the distributor. This return location increased the difficulty
i balancing the pressure drop of cyclones and made the flapper valve at the end of
the dipleg operate inefficiently. During operation, the typical hold-up of material in the
collection and return system (i.e. cyclones and standpipe) was of the order of 5 - 20 %
of the inventory of solids in the system.

Gas leaving the reactor was passed through two cyclones to separate entrained par-
ticles. The cyclones were designed according to standard cyclone dimensions (Sinnott,
1983), except for modification of the inlet ducts, where two tapered joints were used to
ensure high collection efficiency over a wide range of superficial gas velocity. At lower
superficial gas velocities, the collection efficiency i1s mainly maintained by the second

cyclone, whose inlet area i1s only half of that of the first cyclone. At U = 0.5 m/s, for
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Figure 2.11: Detailed drawing of the particle collection system.
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example, the inlet gas velocity of .the second cyclone is 14 m/s. The collecting efficiency
of this cyclone system is quite high, usually more than 99.99%, if the carryover rate is
estimated from the correlations of Wen and Chen (1982).

Separated particles returned to the bed through two diplegs equipped with a double-
decked flapper system (three flapper valves altogether) to pfevent gas bypassing. At the
outlet of the second cyclone there is a bag filter and a fixed bed of diameter 300 mm and
height 600 mm filled with activated carbon to adsorb and react any remaining ozone. The
maximum mass of particles collected by the bag filter during each run was less than 0.1%
of the total initial mass in the bed so that the PSD and the mean diameter of particles
remained nearly constant within the system, even at high gas velocities. This confirmed
that the designed pa.rticl.e collection and return system was effective. In addition, there
was negligible attrition over the duration of the experimental tests. Typical PSD results

before and after operation are given in Appendix E.

2.2.4 Gas Distributors

Four sets of gas distributors with different free area ratio, orifice diameter and number
of orifices, as detailed in Table 2.3, were used in the experiments. to test the influence of
distributor parameters. Each distributor was composed of two multiorifice plates with
different free areas as shown in Fig. 2.12. The free area ratio of the two plates was
between 3 to 15, with the main pressure drop produced by the upper plate. The angle
g was .ma.inta.ined less than 60% of the angle of repose to pre{'ent leakage of particles

into the windbox.
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Table 2.3: Distributors tested in the experiments

type™ | hole diameter, mm | hole number | free area, % | pitch disﬁance, mm
T1 2.2 21 1.0 20
T2 3.8 21 3.0 20
T3 5.0 21 5.0 20
‘T4 5‘.0 4 1.0 45
B1 - B3 8.8 21 15.5 | 20
B4 19.5 4 15.2 45

* Ti is the top plate and Bi is the bottom plate of distributor-i.
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2.2.5 Imstrumentation

The main instruments used in our experiments include a UV photometer to analyze
ozone concentrations, pressure transducers to measure pressure fluctuations, a laser pho-
tometer to indicate the particle concentration inside voids and other void characteristics,
a computer data-logging system and other instruments to measure gas flow rate and
temperature.

Continuous analysis of ozone concentration along the column was carried out by means
of UV adsorption measurements, using a Dupont Model 400 Photometric Analyser at a
wavelength of 254 nm. The UV beam passed through a quartz cell with a 100 mm path
length and a diameter of 20 mm flushed by the gas being analysed. Calibration of the
analyser was carried out by the KI absorption method suggested by the OREC operation -
manual (see also Razumoskii and Zaikov, 1984) over a wide range of ozone concentration
(40 to 1400 ppm).

Four differential pressure fransducers (PX162 - 01D) were used to measure pressure
fluctuations along the column. Each transducer had two inpﬁt_ channels and produced
an output voltage proportional to the pressure difference, with a range of 0 to 7 kPa.
The lines which connected the taps and the transducers were checked experimentally to
ensure that no significant damping was introduced.

Differential pressure signals at different bed heights and different operating conditions
were logged to an IBM - XT. minicomputer via an A/D convertor (Tecmar board) and
recorded simultaneously in analogué format on a UV chart recorder.

The particle concentration inside voids, the void size and void frequency in fluidized
beds were detected by means of light absorption in a “two-dimensional” plexiglass col-

umn. Detail description is provided in Chapter 5.



Chapter 3

Reactor Performance at Low Gas Velocities

Product yield is the most important indicator of the performance of commercial catalytic
fluidized bed reactors. For a simple reaction, such as ozone decomposition, the yield
i1s simply determined by the conversion. In our study, the effect of the PSD on the
‘performance of fluidized bed reactors is therefore mainly evaluated by the measurement
of ozone concentration for different PSD’s under different operating conditions.

As discussed in Chapter 6, the fluidization regime and the regimé transition from
the bubbling or slugging regime to the turbulent fluidization regime are dependent on
the PSD and on other operating parameters such as the static bed height (Fig. 6.4).
The term “lower gas velocities” used here refers to the range of gas velocities at which
all the fluidized beds discussed operated in the bubbling or slugging fluidization regime,
regardless of the PSD and static bed height. In this study, low gas velocity signifies U <
- 0.6 m/s. In this chapter, we mainly evaluate the PSD effect at low gas velocities, that

1s, in the bubbling and/or slugging fluidization regiines.

3.1 Rate Constant Determination

- The rate constant of ozone decomposition for each batch of catalysts was determined in
a fixed bed reactor (19 mm in diameter). If this integral microreactor is assumed to be
operated isothermally with transport gradients minimized and plug-flow attained, the

rate constant of ozone decomposition which can be taken as a first order reaction (Frye

36
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Table 3.1: Determination of the rate constant for 10 g samples of N-FCC catalysts of
wide size distribution

Cain, PPM | Caou, ppm | Contacting time, s | k., s7*
(Veat /vg)
330 185 0.26 2.23
509 292 0.26 2.14
686 374 0.26 2.33

-et.al, 1958), is readily obtained from the equation:

C X
k, = Yoz 1y Cam
w ! CAout

(3.1)

where W is mass of catalyst, v, the volumetric gas flow rate, p, the bulk density, and
C 4in/Caous the ratio of inlet to outlet ozone concentration.

Justification for the assumptions underlying equation 3.1 are as follows:

a. Reaction order

The reaction order of ozone decomposition is dependent 6n the decomposing mech-
anism (Horvath et al, 1985). To determine the reaction order in our experiments, both
inlet gas flow rate and inlet ozone concentration were changed to test the linearity of
the rate constant calculated from Eqn. 3.1. As shown in Table 3.1, the rate constant for
different concentrations in our experimental range is nearly constant, implying that the‘
decomposition can be taken as a first order reaction.

b. Axial dispersion effects
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The effect of axial dispersion can be minimized in packed-bed reactors by increasing
the ratio of reactor length, H, to equivalent particle diameter, d,. The deviation from
plug flow is less than 5% (Mears, 1971a) if

H 20n C Ain

— > —1In

dp Pep CAout

(3.2)

where n i1s the reaction order, i.e. m = 1 in our experiments. Pe, is the axial Peclet
number, Pe, = d,U/D,, while D, is an effective axial dispersion coefficient, which can be
determined as a function of Reynolds number and Schmidt number (Levenspiel, 1972).

Considering a wide range of Cin/Cacus and gas velocify in our experiments, we
should have H/d, > 140 (see Appendix 1) to satisfy the Mears criterion, eqn. 3.2. In our
kinetic measurements, H/d, was more than 600. Hence, the effect of axial dispersion is
negligible.

c. Interphase and interparticle gradients

Interphase transport gradients include the éoncentration and the temperature gradi-
ents around the particle. Since the size of catalysts used in our experiments is small, cri-
teria for minimizing the heat and mass transport gradients in the fixed bed (Rase, 1977)
weré readily achieved. This was confirmed by varying the flow rate for four measure-
ments in which V, /v, was maintained constant. The interphase gradients were negligible
since the resulting conversions at different flow rate were almost the same, as shown in
Table 3.2.

Mears (1971b) suggests that, for a first order reaction, the intraparticle transport

concentration gradient is negligible if

k. d2
D

<3 : (3.3)

This criterion is satisfied for most particles in catalytic fluidized bed reactors. For our
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Table 3.2: Experimental test on the interphase transport gradient for N-FCC particles

of wide size distribution

vg, ml/min. | Wear, g | Veat/vg, s | ke, 871
1000 6.7 0.26 2.1
1500 10 0.26 2.2
2000 13.4 0.26 2.1
2800 18.7 0.26 2.3

experimental system, k,d2/D < 0.1, i.e. the criterion is easily satisfied.
P

d. Isothermicity

Isothermicity in integral reactors is favoured by having a low-activity catalyst. For

catalysts used in this study, the activity was varied over a wide range, including some

relatively high values (around 10 s7%). biluting of the catalysts utilized in the fixed

bed with inert solids, however, was not necessary to achieve isothermal operation in our
work due to the low ozone concentration of the inlet gas (< 0.1% by volume). The

isothermicity of our fixed bed was confirmed experimentally by changing the position of

a thermocouple in the bed.
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3.2 Stability of Catalyst Activity

It 1s important to keep both the PSD and the catalyst activity as stable as possible
during each run to ensure accuracy of the experimental results. Previous results (Frye
et al, 1958; van Swaaij and Zuiderweg, 1972) have indicated that the rate of ozone
decomposition can be influenced strongly by the composition of the incoming gas, due to
adsorption of gaseous species at ambient temperatures. Frye et al noted that the ozone
decomposition was recipro.ca,l. third order with respect to water vapor concentration over
the experimental range investigated. The influence of water vapor and other impurities
can be reduced by increasing the operating temperature (van Swaaij and Zuiderweg, 1972)
and by purifying the fluidization gas. The latter method wﬁs used in our experiments.
In this study, the fluidization gas was purified by passing through a fixed bed of
diameter 300 mm filled with activated carbon and silica gel, each with 250 mm height, to
improve the catalytic activity stability. The activated carbon was mainly used to remove
impurities such as oil droplets, while the silica gel was to remove water vapor.
Considerable work was done to keep the catalyst activity constant during each exper-
imental run. It was found that catalyst-decay was very significant for catalysts prepared
from S-FCC particles. For example, the activity could decrease from 3.5 s~ to 2.1 57!
after only 60 min, that is the deactivation rate was 40% per hour. The deactivation rate

for the N-FCC particles, however, was less than 3% per hour.

3.3 Definition of Efﬁciehcy for Fluidized Bed Reactors

For a first order irreversible simple reaction, the volume of catalyst, V.p, required to
achieve a certain conversion in a fixed bed reactor, with plug flow and negligible interphase

and intraparticle transport resistance can be obtained from eqn. 3.1, as
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v Cain
Vop = 21
g kr g CAout

When the bed is fluidized at the same superficial gas velocity as in the fixed bed, the

(3.4)

mixing and contacting deviate from those of the plug flow reactor. As a consequence, the
actual volume of catalyst, V., required to achieve the same conversion with the same
flow rate and catalyst activity is larger than V,. The ratio of V_ s to V,, is dependent on
the performance of fluidized bed reactors. It is convenient to compare the performance
of different batches of catalysts with different PSD in terms of a “contact efficiency”, E,
defined as

E=Vep/Ves (3.5)

E can be regard as the utility efficiency of catalysts in fluidized bed reactors compared
with that in the plug flow reactor. The lower the E, the poorer the reactor performance,

1.e. the more the reactor deviates from that of a fixed bed with negligible axial dispersion.

3.4 Effect of PSD on Conversion and Reactor Efficiency

Experiments on the reactor e.fﬁciency were carried out over a wide range of operating
conditions to test not only the effect of PSD on the reactor efficiency but also the influence
of other factors. The kinetic rate constant, based on the volume of the particles, ranged
from 2 to 9 s7!, while the static bed height was varied from 0.15 to 1 m. The superficial
gas velocity was varied from 0.1 to 1.8 m/s in order to cover a range from bubbling
through the slugging and turbulent regimes just into the fast fluidization bed regime.
Attempts were made in some runs to measure ozone concentration profiles by with-

drawing gas samples from three different ports along the column in order to evaluate the
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PSD effect on the performance of fluidized beds in different reactor regions. For the sam-
pling probe immersed in the dense bed, however, a plug of particles would build up on
the tip of the probe very quickly just after beginning to withdraw the sampling gas. This
plug may cause further reaction to occur, distorting the measurement results. For ex-
ample, Figure 3.1 indicates that the apparent ozone concentration increases with height,
an impossible result. A similar problem was reported by Yates and Newton (1986). For
}Zrobes above the densé bed, the formation of the particle plug which appeared to be
much slower than in the dense bed, depended on the vertical location of the probe, the
particle size distribution and the superficial gas velocity. To reduce the interference of
the particle plug on the measurement, or the frequency of gals backflow to remove the
plug formed, all conversion experimental results reported here were determined with the
the sampling probe at the highest level, z = 2.5 m, just before the outlet of the expansion
section. The concentration measured after the cyclone was found to be very nearly the
same as that measured at z = 2.5 m.

Experimental conversions for two catalyst inventories, 5.05 and 2.75 kg, correspond-
ing to static bed heights of 750 and 420 mm, are shown in Figs. 3.2 a1v1d’ 3.3. The

corresponding conversion for single phase plug flow (PF) reactors:

r=1- e:cp(-—k}) (3.6)

and for perfect mixing (PM), i.e. CSTR reactors:

ky
z=17 F, (3.7

are shown for reference purposes. The measured conversion never reaches the former, but
may or may not exceed the latter, depending on the PSD and the operating conditions.

Each experimental point is the average of five individual readings over a period of at
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Figure 3.1: Variation of apparent reactant fraction unconverted with height above the
distributor for narrow size distribution with kinetic rate = 9.1 s™; catalyst mventory: 5

kg.
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least 20 min. at stable operating conditions. Statistical considerations are discussed in
Appendix C. There it is shown that the gap between the error bars for each condition
would be smaller than the size of the symbols on the graphs. It is clear from Figs. 3.2
and 3.3 that the PSD does affect the performance of fluidized bed reactors. Among
the three blends used in our experiments the wide size distribution generally gives the
- highest conversion, while the narrow distribution gives the lowest. The bimodal PSD
gives intermediate results, although conversions for the bimodal distribution tend to be
closer to those of the wide distribution than to the narrow.

It can be seen from Figs. 3.2 and 3.3 that the effect of PSD on the performance of
- fluidized bed reactors is related to the gas velocities- and the fluidization regimes. In
the bubbling and slugging regimes, the PSD effect is enhanced by the increase of gas
velocities. After transition to the turbulent fluidization, the PSD effect is reduced as the
gas velocity increases. Clearly, the reason for the PSD effect may differ from regime to
regime. It is better, therefore, to discuss the influence of PSD for each 'hydrodynamic
regime, separately. |

Contact efficiencies are plotted against the unconverted gas fraction in Figs. 3.4 and
3.5 for the same conditions as in Figs. 3.2 and 3.3. The wide size distribution gives the
highest contact efficiency follow.ed by bimodal distributions, with the narrow distribution
again giving the poorest results except for one point in Fig. 3.4 corresponding to a very
high gas velocity (U = 1.75 m/s) where the contact efficiency was higher for the narrow
size distribution than for the bimodal distribution with the fine fraction active. The
contact efficiency at low gas velocities is usually lower than for a single phase CSTR due
to the two-phase natﬁre of fluidized bed reactors. |

Although the mean diameters of the wide and bimodal blends are the same and
the bimodal blend contains more “fines” (about 21% by weight for N-FCC if fines are

defined as particles < 45 pm compared with about 16% by weight for the wide blend), the
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- Figure 3.2: Effect of PSD on ozone conversion for N-FCC with k, = 4.1 to 4.3 s71;
catalyst inventory: 5.05 kg. PF and PM are corresponding results for single-phase plug
flow and perfect mixing respectively.



Chapter 3. Reactor Performance at Low Gas Velocities - ' 46

=

O

&

g

= 0.5+

/o) )

O A wide
4 bimodal
@ narrow

Figure 3.3: Effect of PSD on ozone conversion for N-FCC with k, = 2.1 to 2.2 s~
catalyst inventory: 2.75 kg. PF and PM as in Fig. 3.2.



Chapter 3. Reactor Performance at Low Gas Velocities v 47

O
=
.

o
L
>
O
2
&
®

o
L=
o

o

A wide
<& bimodal-fa
% 4 bimodal-ca
@ narrow .
+ model®
< model™

Contact Efficiency
*
o

O
N

77062 04 06 08 1

1—X.

Figure 3.4: Effect of PSD on contact efficiency for N-FCC with k, = 4.0 to 4.3 s7!; cata-

lyst inventory: 5.05 kg; “fa” and “ca” denote fines active and coarse active, respectively.

* with ¢, = 0.05 ¢, and S, = 25;
* % with ¢, = 0.01 ¢, and S, = 5.



Chapter 3. Reactor Performance at Low Gas Velocities 48

1
0.8 o
>
S S Ao
Q o
L 0.6} A+
L A+ 140
+ A
e
c
S & A.wided -
< bimodal - fa
0.2} ¢ bimodal-ca
@®@narrow
+model”
1 I <>m0de|**l
0 02 04 06 08 1

Figure 3.5: Effect of PSD on contact efficiency for N-FCC with k, = 2.1 to 2.2 57

- catalyst inventory: 2.75 kg; “fa” and “ca” denote fines active and coarse fraction active
respectively.

?

* with ¢, = 0.05 ¢, and S, = 25;
* % with ¢, = 0.01 ¢ and S, = S.



Chapter 3. Reactor Performance ét Low Gas Velocities 49

performance of the wide blend is usually better‘. This suggests that the “fines content”
is not sufficient to characterize the PSD and that the performance of fluidized particles
depends not only on the quantity of “fines”, but also on their nature and on the overall
size distribution. It is notable |that Geldart and Buczek (1989) found that fines content

alone was insufficient to explain their hydrodynamic data.

3.5 Influence of Whether Fines or Coarse Particles are Active

To gain greater understanding of the importance of different size fractions and of the
reasons for the influence of the PSD, the bimodal distribution was separated into two
fractions, a finer fractioﬁ (mean size 40 pm) and a coarser fraction (mean size 90 pm), as
shown by the shaded and unshaded portions of Fig. 2.2(b). Due to the imperfect nature
of the separator, there was a small overlap between the two fractions. Three catalysts
were then prepared:

(1) Both fractions (i.e. all particle sizes) activated with ferric nitrate, as described in
Chapter 2;

(2) Finer fraction activated, coarser fraction inactive, designated “fa”;

(3) Coarser fractioﬁ activated, finer fraction inactive, designated “ca”.

In each case, the overall activity, determined in the packed bed, was nearly the .same,
4.0t04.2 577 or 2.0 to 2.2 57!, The mixing ratio of activated particles to inactive particles
was nearly the same, around 0.75. Conversions for these three catalysts appear in F1g 3.6.
It is seen that for U < 1.1 m/s, the catalyst with only the finer fraction activated gives
higher conversion than that with only the coarser fraction active. Intermediate results
were achieved with all sizes activated. Some of these results also appear in Figs. 3.4 and
3.5 in terms of contact efficiency, again showing that it is more important that the fines

be active than that the coarser fraction be active. For 0.1 < U < 0.7 m/s, i.e. within
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the bubbling and slugging regimes, the influence of which fraction is active is enhdnced
‘as the overall catalyst activity and as the gas velocity are iﬁcreased.

The different conversion in beds of bimodal PSD FCC with different fraction (“fines”
or “coarse”) active can be explained by the disproportionate fraction of “fines” reporting
to the dilute (or dense) phase. The sensitivity of conversion to which fraction is active
suggests that more fines are present in the dilute phase, since catalyst particles in the
dilute phase can play a more important role, because they are exposed to gas of higher
ozone concentration than particles in the dense phase. No other explanation can account
for the results since the hydrodynamics, mixing and contacting are all independent of
which fraction is activated. In the bubbling and slugging fluidization regimes, gas is usu-
ally assumed to pass through the dilute phase in plug flow (e.g. Davidson and Harrison,
1963). In fluidized beds of Group A particles, if U >> U,,;, as in this study, most of the
gas flows in the dilut¢ phase, with exchange back and forth to the dense phase.

Based on the experimental results in this chapter and those in Chapter 5, it could
be concluded that the most important éﬁ'ect of PSD on the perfonﬁan;e of fluidized bed
reactors operated at rel#tively low gas velocities is the influence on the void (bubble or
slug) character, including void type (bubble or slug), void size; particle concentration
in the voids aﬁd the relatively higher affinity of fine particles, compared with coarse
particles, for the dilute phase. All these effects appear to be enhanced as the gas velocity
increases. For example, with an increase of gas velocity, both the mean bubble size
and solids concentration inside voids in a fluidized bed of wide PSD appear to increase
gradually, while for beds of narrow PSD some bubbles grow large, becoming slugs, and

there is much less particle hold-up within the voids.
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3.6 Model Predictions of PSD Effect at Low Gas Velocities

Many models have been proposed for bubbling fluidized bed reactors. Among the subset
of models which have beeﬁ shown to give good predictions for the overall conversion in
pilot plant and industrial-scale equipment (Grace, 1986; thnssdn et al, 1987) the two-
phase bubbling bed model (Grace; 1984) is simpler than the others. For a first order

irreversible reaction, the outlet concentration derived from this model can be written as:

Cost _ g U H[U)X (@ + 80) + (ke H/U)udal
Cam P X + ¢a(k, H/U)

where ¢, is the fraction of the bed volume occupied by bubble phase solids, ¢4 is the frac-

(3.8)

tion occupied by solids assigned to the dense phase and X is a dimensionless interphase

mass transfer group, given by

kqaper H

X = 3.9
. | (3.9)
The interphase mass transfer coefficient, k,, can be calculated (Sit and Grace, 1981)
from:
Umf 4Demfub 1
kg = = & 3.10
o= (T (3.10)

It 1s straightforward to show that the contact efficiency predicted from this model is given

by

1 X(da+ &)+ ks

S . (3.11)

L . . .
where k, is a dimensionless rate constant,

’ k,.Hm (1 — €m
ky = fU 1) (3.12)

If X — oo and ¢, —0, i.e. in the limit where the two phase flow fluidized bed reactor
simplifies to a single phase plug flow reactor (or fixed bed reactor), E —1 as expected.
From eqn. 3.11 it is clear that changes in the contact efficiency, E, may be caused by

changes in ¢, ¢4 or X with the different size distributions, or by some combination of two



Chapter 3. Reactor Performance at Low Gas Velocities 53

or more of these factors. Clearly, the extent éf the change also depends on k'f To express
the PSD effect on the performance ‘of bubbling fluidized bed reactors, it is necessary to
account for the PSD effect on the bubble size, on the total particle concentration within
the dilute phase and on the particle size distribution inside voids. We do this by extending
the two-phase bubbling bed model described above. .

An increase in conversion for the bimodal PSD with fines fraction active (see section
3.5 above) can be explained by postulating that a disproportionate fraction of fines reports
to the dilute phase. Let S be the overall ratio of the fines fraction by 'volume in the bed
to that of the coarser fraction, S, be the corresponding ratio in the bubble or dilute phase
and Sy the ratio in the dense phase. A mole balance on gaseous component A for the
dilute or bubble phase, assuming plug flow and a first order reaction and ignoring axial

variations in hydrodynamic properties is

dC 4

Udz

+ kqaper(Cap — Cad) + ks pCap = 0 (3.13)

The corresponding mole balance for the dense phase, assuming perfect mixing in this
phase, is

karer(Caa — Cav) + krapaCaa = 0 ‘ (3.14)

Here k,; 1s the reaction rate constant of particles in the dilute or bubble phase, while k,4

is the corresponding rate constant for the dense phase. When the fines fraction is active

S
by, = k,,,-l-ﬁ (3.15)
and
S4
while
by = koo (3.17)
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where k,, 1s the kinetic rate constant of active particles. S; can be determined from

Hmf(l '—Em_f)S(l Sb\—H¢bSb(1+5)

Sq = 3.18
¢ H¢d(1 + S)(l + Sb) s Hd)bSb(l + S) m,, (1 - Emf)S(l —+ Sb) ( )
If the coarse fraction is active, then
k
kp = —= .
b 1+85, (3 19)
and
k
kyy = —F 3.20
‘TS, (3:20)
while
k
k, = —F 3.21
1+ 8 ( )

Equations 3.13 and 3.14 can be integrated with the boundary condition C 4, = Cy;n

at z = (. For a first order irreversible reaction, the outlet concentration becomes:

Chout o {*(er/U)[X(%%f + d)b%:—') + ka¢b¢d(krbkrd/k3)]}
Cam 7 X + ¢a(k. H/U )5

while the contact efficiency is given by

g o L XigaE Bt 4 5] 4k (Kopkna /R2)

Tk
R X 4 kot

} (3.23)

HS,=S53=25 or kny = kg = k-, that 1s, if both size fractions of catalyst particles are
uniformly active, Eqn. 3.23 reduces to Eqn. 3.11.

For the fine fraction active, the efficiency can be expressed as

\'{r Sq4(1+8) |, 51;(1'*5)] | k' 5, 54(1+5)?

1 Pd5a15,) T PoSa1s,) 1P AT S0
E; = 2)(1+ 5 3.24
T g X + k, $2058) } (3:24)

f8501+8,)

while for the coarse fraction active,

Xy 1+5+¢ 1+ +k¢ i45)?
pa- L& AMLEER 2L (3.25)

¢d .X+k 1+S
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Since Ej, was always higher than E,, in the bubbling regime for our experiments, com-
paring Eqn. 3.24 with Eqn. 3.25 it would appear that S;/S > 1 and 54/S < 1, so that
Sy > Sa. This suggests that more fines associate with the bubble phase, consistent with
the discussion in Section 3.5 and the theoretical prediction discussed in Section 5.1.3.
The fact that the ratio Ej,/E., increases with superficial gas velocity and bed height
implies that both S, and ¢, may increase with gas velocity and bed height. This is also
consistent with the experiments involving photometric measurements (Chapter 5), where
it was found that the influence of PSD on the particle concentration in voids is strongly
enhanced by an increase in gas velocity for U > 0.2 m/s. _

In previous modelling of bubbling fluidized bed reactors (e.g. Orcutt et al, 1962; Kunii
and Levenspiel, 1969; Grace, 1984; Werther, 1984), the particle concentration in bubbles
was usually taken to be in the range 0 < ¢,/¢, < 0.01. However, even if we take ¢, =
0.01 €, the upper limit suggested by Kunii anci Levenspiel, the predicted E;,/E,, from
eqns. 3.24 and 3.25 is still much less than the experimental -result, even if S, approaches
infinity, i.e. if all of the particles dispersed in the bubble phase were fines. This suggests
that ¢, should be larger than 0.01¢, for Group A particles. As shown in Figs. 5.7 to
5.9, more than 70% of the voids contained more than 2.5% particles by volume in a two-
dimensional bed, even for FCC particles of narrow size distribution. It is notable that the
experiments which led Kunii and Levenspiel to suggest that ¢, /e, < 0.01 were conducted
with coarse or Group B particles at low gas velocities (Toei et al, 1966; Kobayashi, 1966;
Kunii et al, 1967). Hence ¢,/€, < 0.01 may be only suitable for Group B particles. For
the fluidized bed reactor (Section 3.5) of bimodal particles with different fraction active,
if ¢, were taken as 0.05¢,, values of S, from 2 to 5 would explain the observed results,
as shown in Figs. 3.4 and 3.5. Both S, and ¢, of course, are likely to be related to the
gas-solid characteristics, including the PSD, as well as superficial gas velocities and bed

depth.
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3.7 Influence of Overall Catalyst Activity on the PSD Effect

The influence of overall activity of catalysts on the PSD effect in ﬂuidized bed reactors
was also tested in our experiments. The catalyst rate constant was varied from 2 to 9 s~!
by changing the concentration of the ferric nitrate solution from 3% to 10% by weight.
It can be seen from Figs. 3.7, 3.8 and 4.1 to 4.3 that the PSD effect is generally enhanced
by the increase of the catalytic activity, especially at high gas velocities. It should be
noted, however, that the enhancement of PSD effect on the performance of fluidized bed
reactors was only significant at lower kinetic rate, that is, when k, was increased from 2.2
57! to 4.5 571, if the bed was operated in the bubbling or slugging fluidization regime.
The influence of a further increase in k, (from 4.5 to 9 s7!) on the PSD effect seems
negligible. These results suggest that mass transfer between the two phases (dilute and
dense) appears to be the controih'ng step in determining the reaction conversion in a
bubbling or slugging fluidized bed reactor if the kinetic rate is sufficiently high (e.g. k, >
5 57! in our experiments).

For a simple irreversible reaction, if the resistance to chemical reaction and mass
transfer between two phases are of similar magnitude, the reaction conversion in a flu-
idized bed reactor would be dependent both on the kinetic rate constant and on the
interphase mass transfer. In this range of catalyst activity, the PSD effect, via its influ-
ence on the mass transfer rate, will be enhanced by an increase in the kinetic rate, as

k, was increased from 1 s~ to 5 57!

in our experiments at relatively low gas velocities.
When the reaction is fast enough that conversion is mainly determined by the interphase
mass transfer rate, the influence of an increase in activity on the PSD effect becomes
insignificant.

Based on our experimental results at low gas velocities and the prediction from the

model expressed by eqns. 3.15 to 3.25, it is found that if k}/X > 2 (for Hpy < 1 m and
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U < 0.8 m/s), the PSD effect appears to be not influenced by the change of kinetic rate;

if k'f /X < 2, however, the PSD effect is enhanced by an increase in k,.



Chapter 4

Reactor Performance at Higher Gas Velocities

In most previous experimental studies of chemical reaction in fluidized beds, whether for
Group A or for Group B particles (e.g. Lewis et al, 1959; Massimilla and Johnstone,
1961; Hovmand and Davidson, 1968; Chavarie and Grace, 1975; Bauer and Werther,
1981; Yates and Newton, 1986), restricted ranges of gas velocity, seldom exceeding 0.3
m/s, have been investigated. Contacting efficiency tends to decrease as the gas velocity
increases over this range, since bubbles or slugs grow larger with increasing gas flow.
However, most successful applications of ﬂuidized beds in the petrochemical and chemical
industries, such as fluid catalytic cracking, acrylonitrile synthesis and oxychlorination
of ethylene, utilize higher gas velocities, generally sﬁfﬁciently high that clearly defined
bubbling or slugging has given way to a more turbulent hydrodynamic region where gas-
solid contacting can be improved (Yerushalmi and Avidan, 1985). Further shifts from
bubbling mode to high velocity modes are expected for many processes (Horio et al,
1989). | .

Partially due to technical difficulties which stand in the way of research on high gas
velocity fluidized beds, both fundamental research into the underling phenomena and
systematic compilation of design data lag well behind commercial applications which are
developing rapidly (Yerushalmi, 1986). Modelling work on high gas velocity fluidized
bed reactors is even less developed, especially for reactors operated in the turbulent;
fluidization regime, despité their practical importance (Edwards and Avidan, 1986).

The objective of this chapter is to evaluate the effect of particle size distribution
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on the performance of fluidized bed reactors operated at relatively high gas velocities
(U > 0.6 m/s), including the transition region from bubbling (or slugging) to turbulent
fluidization, the turbulent regimé and a small part of the fast fluidization regime. Some
modelling work on fluidized bed reactors operated at relatively high gas velocities with

different PSD is also carnied out.

4.1 Previous Work on Fluidization Performance at High Gas Velocities

Generally speaking, five distinct hydrodynamic regimes can be observed in gas-solid sys-
tems involving Group A particles (Yerushalmi, 1986; Yang and Chitester, 1988) beyond
Umy. In order of increasing gas velocities, they are:

1. bubble-free expansion between U,,; and Uy,
bubbling/slugging,
turbulent fluidization,

fast fluidization, and

AN S

dilute-phase flow.

When the gas velocity is increased, bubbling beds of fine solids undergo a transition
to a turbulent regime. This transition is usually assumed to occur when the amplitude of
the pressure fluctuation reaches a maximum. The corresponding superficial gas' velocity,
U, can be taken as 5 “pseudo” critical gas velocity to characterize the performance of
fluidized beds (Yerushalmi, 1986). Below U,, the two-phase appearance of the fluidized
bed is clear, and voids grow larger with increasing gas flow at a rate depending on the gas-
solid properties and equipment characteristics. Around U,, the heterogeneous, two-phase
character of the bed peaks. Above U., the fluidized bed gives way, usually gradually,
to a condition of increasing uniformity, culminating in the “turbulent” state. Complete

transition to the turbulent regime may occur at Uy, where large discrete bubbles or voids
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are on the whole absent. Since U, is much harder to measure, most people take U. as
the onset of the turbulént regime, which extends to the transport veloéity Urg. The
approéch to the transport velocity is accompanied by a sharp increase in the rate of
~carryover. The transport velocity may be regarded as the boundary between turbulent
fluidization and fast fluidization if the solid flow rate is sufficiently high, or to a dilute
phase flow regime if the solid rate is low.

Although fluidized bed reactors have advantages in many chemical processes com-
pared with other reactors, their application is restricted by the Limited mass transfer .
between two phases. Two approaches have been used in commercial practice to improve
the fluidization performance. One is to restrict bubble growth and control gas flow by
using internal baffles, or by dividing the bed into several stages. Another is to suppress
the bubbling phenomena by adjusting the gas-solid properties, such as “fines” content,
and increasing gas velocities (Avidan and Edwards, 1986). The latter method is more
effective and interesting for most practical applications of catalytic fluidized bed reactors.

Numerous investigations have been carried out of gas-solid behaviour in fluidized beds
operated at high gas velocities. Most of the studies have been concerned with the solid
movement and distribution (e.g. Li and Kwauk, 1980; Hartge, 1986, Weinstein et al, 1986;
Brereton, 1987; Herb et al, 1989) Vand the gas flow pattern - dispersion and backmixing
(e.g. Cankurt and Yerushalmi, 1978; Yang et al, 1984a; Avidan and Edwards, 1986;
Krambeck et al, 1987; Brereton, 1987; Weinstein et al, 1989). For catalytic fluidized bed
reactors, the gas flow pattern is usually more important to the reaction results.

Cankurt and Yerushalmi (1978) conducted experiments in a 152 mm diameter column
on gas backmixing in fluid cracking catalysts fluidized at gas velocities spanning the
bubbling, turbulent and fast fluidization regimes, by measuring the tracer (methane)
concentration upstream of the injection point. The dégree of gas backmixing was high

in the bubbling regime and diminished gradually over the turbulent regime. In the fast
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fluidized bed, there was almost no backmixing. Yang et al (1984a) measured the tracer
(helium) concentration profiles radially and axially in a fast fluidized bed of 115 mm i.d.
and reported that axial mixing could be neglected in a fast fluidized bed. They also
proposed an emprical correlation to express radial gas diffusion.

Gas tracer experiments were also carried out in a pilot scale reactor (100 mm i.d.)
by Avidan and his colleagues (Aviaan and Edwards, 1986; Krambeck et al, 1987) to
study the gas residense time in bubbling and turbulent fluidization. Solids used in their
experiments were typical FCC particles, while SF¢ was used as tracer. Pulse responses
were measured at gas velocity from 0.2 to 1.é m/s. They reported that at low gas
velocities (U < 0.3 m/s), there existed a radial gradient in tracer concentration. This
gradient decreased as the gas velocity was increased and appeared to be negligible at a
gas velocity of 0.6 m/s. They concluded that an axial dispersion model can be used to
predict conversion in a turbulent fluidized bed reactor of Group A particles with enough
fines (> 15% if fines are defined as smaller than 40 um), that the two-phase appearance of
the bed is diminished and overall homogeneity is approached. They wondered (Krambeck
et al, 1987) why so many models containing bubble properties were used extensively in
the fluidization literature. These models are seldom claimed to be more than “learning |
models”, while actual design models in industry are simpler. They noted that in the
turbulent fluidization regime, voids are in a constant state of coalescence and break up,
so that models based on discrete voids have little relation to the true physical picture,
especially for most commercial applications of fine powders.

In brief, even though many investigations have been conducted on hjgh velocity fluid
beds, most results are concerned with hydrodynamics and dispersion. Information on
the effect of catalyst size distribution on conversion results or contacting efficiency in
a fluidized bed reactor opérated at relatively high gas velocities, typical of industrial

applications of catalytic fluidized bed reactors, is still not available from the literature.
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4.2 Dependence of PSD Effect on the Superficial Gas Velocity

To test the dependence of the PSD effect on the superficial gas velocity, our experiments
on ozone decomposition were carried out over a wide range of gas velocities, from 0.06
to 1.8 m/s, to include the bubbling, slugging, turbulent and fast fluidization regimes. It
was found from our experiments that the PSD effect on the performance of fluidized bed
reactors is related to the superficial gas velocity, as shown in Figs. 4.1 to 4.3. The PSD
effect appears to be most significant at gas velocities between about 0.3 and 1.4 m/s. The
conversion difference between the particles of wide and narrow size distribution appears to
increase with gas velocity for U < 1.2 m/s and to decrease slightly at higher gas velocities.
These results are consistent with those from hydrodynamic experiments (Chapters 5 and
6) and further suggest that different dependence of fluidized bed performance on gas
velocity is associated with different particle size distributions. ‘
As discussed in Chapter 6, at lower gas velocities, that is at U < 0.6 m/s in our
experiments, for all three different particle size distributions tested in this study, the
lower part of the fluidized bed (2 < 0.3 m) mainly operated in the bubbling regime, while
the upper part of the bed was mainly subject to the slugging regime. The characterstics
of voids (i.e. bubbles and slugs), such as void size and solid concentration, however, are
influenced by the PSD. The influence of the PSD appears to increase with increasing gas
velocity. Although for the three blend particles of different size distribution, the void size
increased with the increasing gas velocity for U <06 m/s, the growth rate of voids was
higher for the narrow PSD than for the wide PSD. At U > 0.6 m/s, fluidized bed reactors
of wide size distribution undergo a transition from bubbling or slugging to turbulent
fluidization and the turbulent fluidization regime. In these regimes, bubbles or slugs
break up frequently to smaller voids of irregular shape containing a greater percentage

of the total solids. For particles of narrow size distnbution, however, the transition to
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Figure 4.1: Influence of gas velocity and PSD on reactor conversion; catalyst inventory:
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turbulent fluidization not only occurred much later, but also was much less significant,
that 1s, there were still some slugs or large bubbles of lower particle concentration at
least in the upper part of the bed, even at high gas velocities (e.g. at U = 1.2 m/s).
The difference in particle concentration inside voids should also be noted. For particles
of wide size distribution, the solids content inside bubbles appears to increase with gas
velocity if U > 0.2 m/s (see section 5.1.3). For particles of narrow size distribution,
however, the solid concentration in voids usually decreases with gas velocity, until U >
0.6 m/s, in contrast to the wide PSD. More reaction, therefore, is likely to occur in the
voids for particles of wide size distribution than for those of narrow PSD. This difference
increases with gas velocity until the two-phase character disappears in fluidized beds of

both particle size distributions.

4.3 Influence of Fluidization Regime on Reactor Performance

The influence of the fluidization regime on the performance of fluidized bed reactors was
investigated by changing the gas velocity and the kinetic rate constant at the same time
to keep the dimensionless rate constant, k'f, constant. The gas velocity was changed ﬁom
0.1 to 1.8 m/s to include the bubbling, slugging, and turbulent regimes, and to just reach
the.fast fluidization regime. Further increases of the gas velocity were limited by the
column height, and the requirement that the pressure drop across the dipleg be balanced
against that across the bed and cyclones. The regimes tested in this study, therefore,

were the bubbling, slugging; turbulent and part of fast fluidization regimes. The kinetic

rate constant, k., was changed from 2 to 10 s~!.
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4.3.1 Regime influence for particles of wide size distribution

The conversion in catalytic reactors operated in different fluidization regimes is shown
in Figs. 4.4 and 4.5 for particles of wide and narrow size distribution respectively. The
evaluation of regime effect on reactor performance was based on the comparison of con-
versions achieved in fluidized beds operated in different regimes but with the same k'j
The corresponding results for single phase plug flow and perfect mixing are also shown
for reference.

It is seen from Fig. 4.4 that for particles of wide size distribution the conversion
obtained in the turbulent and fast fluidization regimes appears to be 10% to 20% mdre
than in the bubbling and slugging fluidization regimes at the same k'f Conversions
obtained in bubbling and slugging fluidization were usually lower than in single phase
perfect mixing reactors, suggesting the predominant two phase character, i.e. high mass
transfer resistance between a dilute and dense phase. Conversions achieved at higher gas
velocities (U > 0.6 m/s), or in the turbulent and the fast fluidization regimes, however,
were usunally higher than that in the corresponding' periectly mixed reactors, implying that
the mass transfer resistance between gas and solids decreases due to the regime changes,
1.e. due to break-up of the typical two-phase charactef. The effect of hydrodynamic
regime on the contacting efliciency of fluidized bed reactors is also related to the PSD.
For particles of wide size distribution, the contacting efficiency in the turbulent and fast
fluidization regimes is higher than that in the bubbling and slugging regimes as shown
in Fig. 4.6. Operating at higher gas velocities, therefore, can improve the performance
of fluidized bed reactofs of Group A particles of wide size distribution.

The effect of fluidization regime on the reactor performance should be considered in
modélling fluidized bed reactors. The higher efliciency attained at higher gas velocities

for particles of wide PSD, with values between those obtained for single phase perfect
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mixing and plug flow reactors, is underestimated by the two-phase bubbling bed model.
Other models, such as a single phase axially dispersed model or a countercurrent flow
model, may be more suitable to evaluate the performance of fluidized bed reaciors which

operate at high gas velocities (Avidan and Edwards, 1986; Krambeck et al, 1987).

4.3.2 Regime influence for catalysts of narrow size distribution

For particles of narrow size distribution, it can be seen from Figs. 4.5 and 4.7 that the
difference among conversions obtained at the same dimensionless kinetic rate, k}, but
different hydrodynamic regime is relatively minor, in contrast to the result for the wide
size distribution. These phenomena can be explained by our hydrodynamic experimental
results discussed below in Chapter 6. As shown in Fig. 6.1, the dependence of F, on the
gas velocity for particles of narrow PSD differs from that of the wide size distribution
catalyst. For particles of wide size distribution, U., corresponding to the regime transition
from bubbling to turbulent fluidization, 1s about 0.6 m/s, while the transition is completed
at around 1 m/s (or Uy). For parjcicles of narrow size distribution, although the pressure
fluctuations appear to decrease gradually with gas velocity after reaching a peak at around
0.75 m/s, the significant levelling-off, which is seen for particles of wide PSD, has not
been found at the upper part of the bed in the entire range of gas velocity in this study.
This suggests that even at high gas velocities, the two-phase character still appea‘rs.to be
significant in fluidized beds of narrow PSD. Hence, considerable voids of large size and low
particle concentration exist in the bed. The proper particle size distribution, therefore,
1s a necessary condition to obtain optimum performance of fluidized bed reactors at high
gas velocities.

The conversion achieved in fluidized bed reactors containing particles of narrow size
distribution was generally less in our experiments than in a perfectly mixed single phase

reactor, whether the bed operated in the bubbling, slugging or turbulent regime, except



| Chapter 4. Reactor Performance at Higher Gas Velocities 74

o
X
>

o
S
>

Efficiéncy

(®
2
O >p

O fast

02r O‘(§S§) A turbulent .
| O bubbling

Figure 4.7: Influence of hydrodynamic regime on contacting efficiency for particles of
narrow size distribution



Chapter 4. Reactor Performance at Higher Gas Velocities 75

for U > 1.4 m/s, as shown in Fig. 4.5. The two phase flow model, therefore, may be
suitable to predict the conversion for particles of narrow size distribution at both low

and high gas.velocities.

4.4 Prediction of PSD Effect at High Gas Velocities

The effect of the fluidization regime and the particle size distribution on the reactor
performénce should be considered in modelling fluidized bed reactors. For the regime
where two-phase phenomena are predominant, that is at low gas velocities for the wide
PSD or over a wider range of gas velocity for the narrow PSD, the conversion achieved in a
fluidized bed can be successfully predicted by the Two-Phase Bubbling Bed Model (Grace,
1984, 1986) with two Iﬁodiﬂcations to express the PSD effect. First, it is neccessary to
account for the effect of PSD on particle concentration in voids (as discussed in Chapter
3). Secondly, PSD has a significant influence on bubble size and/or slug length (as
discussed in Chapter 5). At higher gas velocities, however, the higher efficiency attained
in fluidized beds of wide PSD, with values between those obtained for single phase perfect
mixing and plug flow reactors, as shown in Fig. 4.4, will usually be underestimated by
the two-phase bubbling model.

The suppression of gas bubbles in fluidized bed reactors suggests the use of a homo-
geneous dispersion model. From the experience of scaling-up the MTG process, Avidan
and Edwards (1986) suggested that the axial dispersion model can be used to predict con-
version in a turbulent fluidized bed reactor under certain conditions. These conditions
- high gas velocities, substantial fines contents and sufficient bed height, were almost
achieved in our experiments for particles of wide PSD and at high gas velocities.

The axial dispersion model, a one-dimensional model, is often used to describe phe-

nomena that cause a distribution of residence times. In the case of an unpacked tubular
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reactor the dispersion is‘ attributable to molecular diffusion and turbulent transport or
eddy diffusion. In the fluidized bed, it is largely the result of local backmixing and by-
passing, local acceleration, deceleration and trapping, as fluid elements are retained in
a random manner for varying periods in the voids. These phenomena are conveniently
described using an effective axial diffusivity, D., a Fickian-type term. D, is usually de-
termined from residence time distributions, which, in turn, are often derived from tracer
tests.

A fluidized bed reactor can generally be divided into three sections along the column,
as shown in Fig. 4.8. For a steady state flow reactor with axial diffusion and first or-
der reaction, if reactions in the windbox and outlet section are negligible, the following

differental equations result from mole balances on reactant A for these three sections:

d*C4 dC,
—_ = < .
Dey—— —U—= =0, z<0 (4.1)
d*Cy dC,
— — — € = < < .
€,2 d2? U dz k,.(l Gf)OA 0, 0 ~2Z = H (4 2)
d*Cy4 dC4
Des—— —~U—= =0, z>H (4.3)

where D1, D, , and D, 3 are gas axial dispersion coefficients in the windbox, reaction
section and outlet section respectively and €; is the average voidage in the reaction
section. The axial dispersion coefficient may differ between sections for reasons of gas

velocity, presence of particles and the like.

In practical fluidized bed reactors, in order to keep the pressure drop across the
distributor sufficiently high, the orifice gas velocity is maintained high and gas dispersion

across the distributor is negligible. The concentration in the windbox can then be taken
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Figure 4.8: Axial dispersion model for fluidized bed reactors
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as Ca4n. Equation 4.1, therefore, can be deleted. This model can then be solved with

the following four boundary conditions (see Fig. 4.8):

(a’) CA |z=0": CA Iz=0+: CA,in (44)
dc - dC
() (UCa=Dez—") lion-= (UQA ~ Deg—") o=+ (4.5)
(C) CA Iz:H‘: CA |z=H+ (46)
(d) CA |z=+oo= CA,out (47)

Condition (b) results from the conservation of reactants at the exit of the bed, taking
into account flow and diffusion. Conditions (a) and (c) arise from the intuitive argument
that at steady state the concentration should be continuous between sections at the bed
entrance and exit.

The general solutions for eqns. 4.2 and 4.3, containing four arbitrary constants, Nj;,

are:
c U U
CAin = Nlewp2De,2(1 +a)z + Nze:cp2De,2(1 —a)z 0<z2<H (4.8)
and |
Ciin = No+ Noczp g 22k (4.9)

After inserting boundary conditions, the complete solutions for equations 4.2 and 4.3

are:
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Cs  expiitl(a— 1)expPe + (1 — a)ewpA,] — exp4iE((a + 1)expPe + (1 + a)expA,]

Cain (1 + a)ezp(Pe(l +a)) + (1 — a)exp(Pe(l — a)) — 2expPe
(4.10)
0<z<H
Caout 2aezpPe
out s |
CA,-in : (1 + a)e.'cp(Pe(l + a)/2) —_— (1 - a)ewp(PE(l _ (L)/2), 22 H (4 11)
where
HU
Pe=52 (4.12)
4k
— !
e Pe (4.13)
. kH(1—%
ki = (U 2 (4.14)
A, :(1+a)Pe (415)
Ay = (17 a)Pe: (4.16)

This model was tested against our experimental results. The axial dispersion coeffi-
cients used were from the tracer experiments of Guo (1987). Guo applied hydrogen as
tracer gas to measure the residence time distribution and gas axial dispersion coefficient
in a fluidized bed (Dr = 0.07 m) of FCC particles. The tracer flowed through a solenoid
valve into the windbox of the column as an impulse input, and the sampling probe was
installed in the expansion section. The measurements were carried out at superficial gas

velocities from 0.1 to 1.2 m/s with H,,; from 0.15 to 0.9 m. These conditions are similar
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to those of our systems. Using the data reported by Guo for Hpy = 0.6 m, the Peclet
numbers calculated for our experimental systems were from 6 to 13, similar to values
measured by Avidan and colleagues (Avidan and Edwards, 1986; Krambeck et al, 1987).
As shown in Fig. 4.4, the conversions achieved in the turbulent fluidization regime for
particles of wide size distribution are in good agreement with the prediction results from
this simple model, with an average deviation of only 5.1%.

Conversions predicted from the axial dispersion model with boundary conditions of
open inlet and closed outlet, as used by many previous investigators (e.g. Danckwerts,
1953; Avidan and Edwards, 1986), are also shown in Fig. 4.4. In this case, the average

deviation between the experimental and the predicted results was larger, 8.4%.



Chapter 5

Effect of Particle Size Distribution on Two-Phase Behaviour

The performance of fluidized bed reactors-is strongly related to the hydrodynamics of
fluidization. In this study,’ the influence of particle size distribution on the hydrodynamics
of fluidization was investigated in two different fluidized bed columns. In this chapter,
the influence of PSD on the void phenomena - particle concentration in voids, void size
and void frequency, mainly determined in the two dimensional column - is examined. The
effect of PSD on pressure fluctuations, regime transitions and bed expansion, in the 102
mm diameter cylindrical column in which the ozone decomposition reaction was studied
(see Chapters 3 and 4), is considered in Chapter 6. The distribution of different particle
size fractions between the dense and dilute phases is discussed in Chapter 3.
The performance of bubbling and slugging fluidized beds is dominated by the dilute
phase behaviour, i.e. by th; characteristics of gas voids. At low gas velocities, that is, in
the regime of bubbling fluidization, gas voids are conveniently termed “bubbles”, while at
higher gas velocity, “bubbles” become “slugs” or appear in a more irregular or transitory
manner in the turbulent fluidization regime (Rowe and MacGillivray, 1980).
Considerable work has been done on the behaviour of bubbles, and a number of
correlations have been proposed to predict mean bubble size. Most of them, however, are
restricted to coarse particles, i.e. group B or D powders according to the Geldart (1973)
classification (Horio and Nonaka, 1987). The dependency of dilute phase character on
the PSD is poorly understood, with direct measurements almost totally missing from the

Literature.
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5.1 Particle Concentration in Voids

An assumption made by some investigators in modemng fluidized bed reactors is that
the bubble or dilute phase is completely free of particles (e.g. May, 1959; Van Deemter,
1961; Orcutt et al, 1962; Werther, 1980). Although this assumption appears suitable for
S};stems of coarse particles and for slow reactions, solids dispersed in the bubbles need to
be considered for a fast reaction system, even when the volumetric particle concentration
is small (Grace, 1982). Previous experimental work carried out with coarse particles
(Toei et al, 1966; Kobayashi, 1966; Kunii et al, 1967), has demonstrated that particles
are present in bubbles. . In most catalytic fluidized bed reactors, such as in catalytic
cracking of petroleum, ammoxidation of propylene and chloroxidation of ethylene, not
only is the reaction fast, but also the catalyst is composed of fine (Group A) particles.
The particles inside the void phase, therefore, may play an important role in determining
the gas-solid contacting efficiency and reactor performance.

Hiraki et al (1965) investigated the amount of particles dispersed in bubbles in a
two-dimensional freely bubbling fluidized bed by means of photograpy. Microspherical
catalysts (p, = 1.54 g/cm®, d, = 150 pm) were tested at a gas velocity just above
Uns. Particles dispersed in a bubble were illuminated using the Tyndall phenomenon
and recorded on film. The volume fraction of particles dispersed in a rising bubble was
calculated by counting the number of particles on the photograph, multiplying by the
average volume of each particle and dividing by the bubble volume. The volume fraction
occupied by particles was found to be 0.4 to 0.6%.

Toei et al (1966) measured the particle concentration in bubbles by tomogfaphy in
a two dimensional bed (cross-section 24 x 250 mm). Particles used were glass beads
(150 pm < d,, < 180 pm and 710 pm < d, < 1000 pm) and sand (125 pm < d, < 180 pm).

The gas velocity was varied from 0.06 to 0.2 m/s. The measured volumetric concentration
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of particles in bubbles ranged from 0.18% to 1.2%.

Kobayashi et al (1966) determined the particle concentrations in bubbles by using a
detection probe consisting of a small electric bulb and a phototransistor. The particles
tested were commercial silica gel particles with size range 180 to 250 pm. The gas -
velocity ranged from 0.05 to 0.22 m/s. The average particle concentration in bubbles was
determined to be 0.8 to 4% by volume, while the ratio of particles contained in bubbles
to the total solids in the fluidized bed was 0.4 to 1.2%, increasing with increasing gas
velocity. |

All the above experiments were carried out with coarse or Group B particles at low
gas velocities. These results, however, have often been assumed to apply to fluidized bed
of Group A particles, often containing large quantities of fines, and operated at high gas
velocitiés.

In this study, the particle concentration in voids in fluidized bed of Group A particles
was estimated using a laser photometric technique, and the effect of the PSD on the

particle concentration was evaluated for a wide range of gas velocities.

5.1.1 Theory underlying the measurements

Photometric techniques, depending upon light absorbance, are applicable in many indus-
trial process units since the experimental procedure is simple and non-interfering. The
extinction of a collimated beam passing through suspended particles can be used to deter-
mine the line-of-sight average particle concentration or spray concentration. Fenton and
Stukel (1976) constructed a miniaturized optical probe system utilizing the attenuation of
a collimated light beam passing through a particulate suspension to measure the particle
concentration. Brown et al (1988) measured the size distribution and relative concen.-
tration of solid particles in liquids by small-angle laser light diffraction. By combining

the Beer-Lambert Law with a theorem of Cauchy, the absolute concentration of particles
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could also be evaluated. Schmidt et al (1989) developed a laser photometric probe to
measure the local concentration in liquid dispersions. The technique consisted of a laser
light sourse, a fiber-optic probe and an electronic device with a photodetector. Their
measurements for different concentrations of oil-blue droplets in toluene derﬁonstrated
that the Lambert-Beer law holds over the range investigated.

Scattering and absorption charactenstics of many particles in fluidized bed can be
obtained from the single particle characteristics based on a size parameter a (a = 7d,;/A)
and the particle volume fraction (Tien, 1985). The measurement system can be consid-
eréd to be in the independent scattering regime if o > 20 (Hodkinson, 1966), and the
particle volume fraction < 0.15 (Tien, 1988).

For the independent scattering regime it can be assumed that each particle in the
assembly scatters and absorbs radiation unaffected by other particles. Thus the extinction
and scattering by the system is expressed by simple algebraic addition of the energy
extinquished and scattered by each brima.ry particle. The cross-section for the system of
N particles 1s the sum of the cross-section of each particle, and the individual particles
are assumed to scatter and absorb radiation independently of the others.

With the helium-neon laser (A = 0.632 pm) and particles used in this study (dp >
15 pm), a is always greater than 60. For the dilute phase investigated, therefore, the
condition for independent scattering is easily met.

For a measurement system in the independent scattering regime, the ratio of the light
intensity measured before and after the particles are placed in the laser beam is related to
the total projected cross-sectional area of the particles, expressed by the Lambert-Beer

Law, that is
I m
In— == NAQL (5.1)
IO i=1

where I and I, are the light intensities with and without the particles respectively, N;
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is the number of particles of size interval 7 per unit volume, A; is the cross-sectional
area of the same particles, @; is the extinction efficiency of these particles and L is the
optical path length. @); is related to the diameter of the particles, to the absorptivity and
emmissivity of the particles, to the refractive index of the medium, and to the wavelength
of the radiation.

For a spherical particle,

V, _ 2,
— 5.2
=5 (5.2)
so that
3V;
- N;A; = )
=5 (5.3)

where V; is the volume of particles in size range i, per unit volume.

Combining eqgns. (5.1) and (5.3), we obtain

- = _Lii}/ (5.4)

Since V; = V; 2;, and V,; = 1 - €, where V,; is the total volume of all particles in
the beam per unit volume,

lni: 1—-€LZ 3:6’

5.5
| . (5.5)

If a > 50, the effect of particle diameter on the extinction efliciency is negligible
(Brown et al, 1988), so that @); can be taken as Q. The particle concentration in the
voids, expressed as 1 - ¢, therefore, can be estimated from
_ 2dyp, In(Io/1)

—e= 310 (5.6)

where d,,,, = 1/3(2:/dy )., is the mean particle diameter of the particles in voids.
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The theory developed thus far implies that the particle concentration in voids in-
creases logarithmically with the ratio of I to I. For a measured value of (Io/]), the
particle concentration is directly proportional to the mean diameter of particles inside

“the void.

5.1.2 Laser photometer and its calibration

The experiment was carried out in the two dimensional column (12 x 560 mm in cross- .
section and 2.1 m in height). There is a tapered expansion section (Fig. 5.1) at the top
of the column to reduce carryover. Above this section, there is a filter bag to collect fines
escaping from the column.

The measurement equipment comsisted of a laser light source, a Metrologic photometer
and a UV chart recorder, as shown in Fig. 5.2. The laser was a 5 mW He-Ne tube
. (Spectra Physics Stablite) emitting light at a wavelength 632 nm. Power was supplied
by a Model 255 Exciter. The Metrologic Photometer (Model 45-230), designed for laser
measurement, includes a photo-detector and a circuit amplifier. The measurement range
of the photometer was from 0.003 mW to 10 mW, adjusted by a range selector. The
output of the photometer (0 - 1 vDC) was recorded continuously on the UV chart recorder.

Both N-FCC and S-FCC particles, each with three different PSD but with the same
d,, for each type, were tested in the two-dimensional fluidized bed at gas velocities from
0.06 to 0.8 m/s. The static bed height was 0.9 m, and the measurement location was 0.85
m above the distributor along the center line of the front face of the column. Compressed
air was used as the flmdizing gas.

Most of the experiments were carried out in darkness at night to reduce the influence
of extraneous light on the measurements. Pretesting showed that interference could be
prevented if both walls of the bed, except for apertures for the beam, were covered by

black plastic film (900 x 500 mm). No signal was detected by the photometer if the laser
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Figure 5.1: Dimensions of the two-dimensional fluidization column
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Figure 5.2: Measurement apparatus used to determine particle concentration in voids
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was shut off, even in the most sensitive range (0.003 mW).

The opera.tionl procedure was as follows. The alignment of the laser tube and the
detector was checked carefully before each measurement. After the laser was turned on
for a half hour, particles were added to the column and fluidized by air at a predetermined
gas velocity for 15 minutes. After the fluidized gas was shut off, so that the laser beam was
blocked by a fixed bed, the pholtometer output voltage was nulled. Then approximately
1000 ml of particles were withdrawn from the bottom, so that the static bed height fell
below the height of the laser beam. The photometer voltage output was thus recorded
as Iy (at zero concentration). This procedure was repeated about 3 times to make sure
that I, was nearly constant. After I, was determined, the withdrawn particles and any
collected by the filter were added to the coiumn to give a sfatic bed height of around
0.9 m. The particle concentration at different gas velocities was then measured, and the
voltage output was recorded on the UV recorder continuously.

To determine the absolute particle concentration, the laser photometer was calibrated
in a small two-dimensional rectangular chamber (12 x 150 x 250 mm principal dimen-
sions) for each kind of particles measured. To ensure that the particles were dispersed
uniformly, water was used as the suspending medium.. The experimental results pre-
sented by Fenton et al (1976) and Brown et al (1988) establish that the change in the
extinction coefficient due to using air instead by water as the medium is insignificant.
Glass beads, with mean particle size 11 pm and 22 pm respectively, .were used by them,
and almost the same extinction coefficient was obtained, even though Fenton et al used
air as the suspending médium, while Brown et al used water.

The range of particle concentration calibrated was from 0.5 to 8% by weight (around
0.4 to 6% by volume). A weighed quality of particles was suspended in 400 g water, and
maintained in suspension by vigorous hand stirring. For each sample measured, both I,

recorded after all particles had settled, and I, recorded while particles were uniformly
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dispersed, were read 5 times to obtain an average value. The calibration results, expressed
by five lines, are shown in Fig. 5.3. The linearity between 1 - € and In(ly/]) is satisfactory.
Comparing lines 1 and 3, it is seen that the extinction coefficient depends on the colour
of the particles. For S-FCC particles with dark-grey colour, Q was about 2, while for the
N-FCC particles (white colour), Q was around 1. The calibration results seem consistent
with the theory expressed by Eqn. 5.6. The difference between lines 2, 3 and 5 is caused
by the change of mean particle size. For particles with the same mean size but different

size distribution, the dependency of (1 - €) on the ratio of light intensity, Io//, (lines 3

and 4) is almost the same, as predicted by Eqn. 5.6.

5.1.3 Particle and fines concentration in voids

To keep the PSD inside the bed as contant as possible during each measurement in the
presence of particle carryover, the maximum gas velocity used in the two-dimensional
colqmn was 0.8 m/s. For particles tested in this study, the maximum measurable sohd
concentration by this photometric technique was around 2% by volume for S-FCC and
5.2% for N-FCC, as shown in Fig. 5.3, since the maximum Iy// which can be determined
accurately is around 10* (with reading error less than 5%). The measurement range for
N-FCC particles was wider than for S-FCC particles. Most experimental results discussed
here, therefore, are for the N-FCC particles. The results for the S-FCC particles are given
in Appendix B.

Results for N-FCC parti‘des are shown in Figs. 5.4 to 5.6. The intensity measured by
the photometer when voids allow light to pass, is seen to be affected by both the particle
size distribution and the superficial gas velocity. At low gas velocity (U < 0.2 m/s), the
PSD influence was small. At higher gas velocities, however, the influence of. PSD became

significant.

The effect of PSD on the solids hold-up in voids in fluidized beds is shown in Figs. 5.7
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Figure 5.4: Photometric measurement for N-FCC particles with wide PSD
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Figure 5.5: Photometric measurement for-N-FCC particles with narrow PSD
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Figure 5.6: Photometric measurement for N-FCC particles with bimodal PSD
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to 5.9 where the abscissa gives both I,/7, and the solids concentration, while the ordinate
1s the ratio of the cumulative number of voids with solids concentration lower than the’
 corresponding (Ip/I), to the total number of voids (with solids concentration lower than
5%) for a measurement interval of 60 s. It should be noted that the solids concentration
given on the top axis of Figs. 5.7 - 5.9 is for the overall PSD’s. This scale should be
accurate for the narrow size distribution, but there will be a small error for the wide and
bimodal distributions where we have shown that there is a greater coﬁcentration o(f fines
in the voids than in the overall bed.

For gas velocities less than 0.2 m/s, the dependency of cumulative number percent,
on the particle and fines concentration in bubbles was similar for the wide and narrow
particle size distributions. Even at a gas velocity of 0.2 m/'s, the ratio of the cumulative
number of voids with solids concentration less than 3.3% by volume to the total number
of voids for the narrow size distribution is higher than for the wide PSD. With an iﬂcrease
of gas velocity, however, there was a significant difference between the two PSD’s. This
difference increased with increasing gas velocity for U < 0.7 m/s in our experiments. The
number of voids with lower particle and fines concentrations was much greater for the
narrow particle size distribution than that for the wide PSD. For the wide particle size
distribution, ¥ N;/Nr only increased with gas velocity if U < 0.2 m/s, and decreased
dramatically with U if U > 0.2 m/s, except for (I,/I), = 5000, i.e. solids concentration
less than 4.5% by volume. For the narrow particle size distribution, however, this change
only occurred for U > 0.6 m/s. For U > 0.2 m/s, S-(/T):i<100 /N decreased very
significantly with gas velocity for the wide PSD, which means the concentration of parti-
cles or “fines” in the voids increased due to enhancement of relative movement between
the two phases in fluidized bed of particles having a wide size distribution. For the bed
with a narrow PSD the change of Y U+/Tk<2000 ./ N with gas velocity appears to be less

significant in this range.
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Comparing the measurement results for particles of bimodal size distribution with
those for the wide size distribution, as shown in Figs. 5.8 and 5.9, we found that the
difference of solids concentration in voids is insignificant, although at higher gas velocities
solids concentration in voids for a bimodal PSD appears to be lower than for a wide PSD.

The effect of the PSD on the frequency of voids in fluidized bed is dependent on
the superficial gas velocity, as shown in Fig. 5.10. For U < 0.4 m/s, the PSD effect on
the frequency of voids seems insignificant, consistent with the experimental results of Ip
(1988). For higher gas velocities, however, the frequency of the detectable voids in the
bed of wide PSD was much smaller than that of the narrow size distribution, suggesting
a progressive change towards a structure of greater homogeneity in the bed of wide PSD.

When an i1solated bubble rises through a fluidized bed there is an upwards flow (often
called a throughflow) from bottom to top of the void relative to the bubble, because the
void offers a path of low resistance to gas seeking to rise from the bottom of the bed to the
bed surface under the overall pressure gradient. The average magnitude of the relative (or
throughflow) velocity can be taken as 3 Umjs for three-dimensional beds (Davidson and
Harrison , 1963). This value only applies to isolated spherical bubbles (Clift et al, 1972)
and for Group B powders, since the dense phase is assumed to correspond to the bed
under minimum fluidization (rather than minimum bubbling) conditions. Considering
the difference between Group A and Group B powders, we assume a typical throughﬂow
vélocity of 3 @ Upy in a freely fluidized system, where & = U,,,/U,yns is unity for Group
B powders and > 1 for Group A. The coeflicient 3 allows for some bubble interaction.

Consider a typical void rising in a fluidized Bcd. Imagine that into this void a small
group of particles having a size distribution identical with the overall bed size distribution
1s introduced (either from above or below) at a particular time. If these particles are
separated widely enough that hindered settling effects are of second order importance,

the magnitude of the velocity of a particle relative to the void will tend towards a value
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of order

(Uret )i =| 38Uy — Urs | - (5.7)

where Ur; is the terminal settling velocity of a particle in the i** discrete size interval.
For the Group A powders which are characteristic of fluid bed catalytic processes, the

minimum fluidization velocity is given (Grace, 1982) by
Uns = 7.5 x 1074 gApd. /u (5.8)

For fines in these Group A particles, furthermore, the terminal settling velocities are

given by Stokes law, i.e.
Uri = gApdZ; /(18y) , (5.9)
Substitution of Eqns. 5.8 and 5.9 into Egn. 5.7 leads to

A -
(Uyet): = 2@3 | (0.040583> — d%) | (5.10)

The volumetric concentration of each particle size fraction inside the voids will be pro-
portional to the time spent by particles of that size inside the bubbles, and this, to a
first approximation, will be proportional to (U,e);". Assuming that the overall mass of
particles in the voids is much less than that of the total mass of particles in the system,

the mass fraction of particles of size ¢ in the void phase can then be estimated from

: _ fi,o/(Urel )i
(ft)v - Z fi,o/(Urel )i (511)

It is clear from the above analysis that particles with dp; considerably smaller than d,,
and especially particles of order #°°d,/5 in diameter, where the term within the absolute
value signs in Eqn. 5.10 approaches 0, will spend much longer in the bubble phase and
therefore will have considerably enhanced concentration within the bubbles. Note that

particles finer than this will tend to be carried upwards through the bubbles, as in the



Chapter 5. vEffect of Particle Size Distribution on Two-Phase Behaviour 102

experiments reported by Garcia et al (1973), while larger particles will fall downwards if
dislodged from the roof. |

It should be noted, therefore, from Eqn. 5.6, that the dependency of particle concen-
tration, 1 - €, on the ratio of light intensity, Iy/I, is affected by the mean particle size
in the voids. The light intensity after passing through the suspension, I, may therefore
be affected by PSD in two ways. One is via the change of particle concentration, that
1s, more particles are contained in voids in fluidized beds of wide PSD than for a narrow
PSD. Secondly, the mean particle size in voids may differ from that of bed material since
more fines are contained in voids in fluidized beds of wide size distribution, as predicted
from Eqn. 5.11. Hence d,, is smaller than d,. For FCC particles of wide PSD, ® = 3, as
determined by Ip (1988). The corresponding _size distributions of the particles inside the
voids in a bed composed of such a size distribution, calculated from Eqns. 5.10 and 5.11,
are shown in Fig. 5.11, compal;ed with the size distnibution of the overall bed material,
and dp, =~ 0.65 d,. For a fluidized bed of narrow size distribution, however, the mean
particle size in voids is bound to be nearly the same as that of the overall bed material.
The decrease of I therefore may also be caused by dp, being less than d,. It is found from
our experiments on the PSD effect on the conversion of ozone decompeosition achieved in
fluidized bed reactors (Chapter 3), that both of these factors appear to be important.

It would be best therefore to be able to distiﬂguish the two factors, i.e. to determine
both (1 - €) and d,,. Unfortunately, it is difficult to solve this problem, i.e. to measure
the particle concentrafion and the size distribution simultaneously. In some related
work reported recently (Brown et al, 1988; Hayashi, 1988), a photometric technique,
including a complex semiannular silicone photodetector array light diffraction system,
could only be used to determine the volumetric concentration and size distribution of

particles suspended in liquids.
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Figure 5.11: Particle size distribution for an industrial fluid cracking catalyst, f;,, and

corresponding calculated size distribution inside voids, f;,.
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In another study, a gamma-radiation absorption densitometer was used to try to mea-
sure the concentration and mean size of particles in voids simultaneously. For radiation

attenuation (Weimer et al, 1985)

(5.12)

where g is the attenuation coefficient. It is clear from Eqn. 5.12 that the measured I is
not influenced by d,,. An attempt was made in the present work to use a gamma-ray
densitometer, purchased for work in the UBC circulating fluidized bed combustion pilot
plaﬁt, to determine the volumetric concentration of particles dispersed in voids in the
two-dimensional column. This attempt, however, failed due to the fact that the difference
between the absorbance in the empty column and with particles present was too small to

be measured, since the gauge was designed to be used in a system having a much higher

- total absorbance.

Even if the particle concentration and particle size effects could not be separated, the
following conclusions can be drawn from the experimental photometric measurements:

1. The particle concentration in most bubbles or voids in a fluidized bed of Group
A particles was higher than what has been determined previously for Group B particles,
ie. 1 - € was higher than the value of 1% reported for Group B particles (Kunii and
Levenspiel, 1969). More than 70% of the voids contained more than 2.5% particles by
volume, even for FCC particles of narrow size distribution.

2. The value of Iy/I depends on the PSD. The PSD affects both the overall particle
concentration in voids and/or the relative fines content in the dilute phase. The exper-
imental results are also consistent with the finding from Chapter 3 that more particles
and a greater proportion of fines are carried by gas in voids in beds of wide PSD than in

beds of narrow PSD.
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3. The results of these measurements also provided information on other related
parameters, such as void frequency. As shown in Fig. 5.10, for U > 0.5 m/s, the frequency
of the detectable voids in the bed of wide PSD was much smaller than for the narrow

size distribution.

5.2 Effect on the Bubble or Void Size

Bubble or void size is one of the most important indices in the design of bubbling fluidized
bed reactors, since it 1s related to various important bed properties such as bed expansion,
gas interchange between phases, particle circulation rate, heat transfer, and elutriation
of fine particles from the bed surface. Numerous measurements of bubble size have been
made, and many correlations have been presented (e.g. Kato and Wen, 1969; Mori and
Wen, 1975; Rowe, 1976; Darton et al, 1977; Werther, 1978). These correlations have
mainly been based on experimental results in fluidized beds of coarse (Group B or D)
particles. In fluidized beds of fine (Group A) powders, recent work (Werther, 1984,
Kai and Furusaki, 1985; Kai et al, 1987; Horio and Nonaka, 1987) has shown that the
bubbles grow in size until a steady bubble size, or so-called maximum stable bubble size,
1s reached as a result of an equilibrium between bubble coalescence and splitting. The
latter can be explained on the basis of bubble stability in fluidized beds (G_race, 1970;
Clift and Grace, 1972; Clift et al, 1974). Although some modifications of thé published
bubble size correlations have been made to account for the bubble size in fluidized beds
of Group A particles (Werther, 1984; Horio and Nona,ka; 1987), less information has been
reported on the effect of PSD on the void size in fluidized beds.

The effect of the particle size distribution on the bﬁbble size, or void size at higher gas
velocities, was investigated in this study by means of two methods: visual measurement

and indirect evaluation from the determination of pressure fluctuations in a fluidized bed.
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The former is discussed here, while the latter is described in Chapter 6.

The PSD. effect on the void size was visually investigated in the two-dimensional
fluidized bed. The static bed height was 0.9 m, and the superficial gas velocity ranged
from 0.05 to 0.6 m/s. For each kind of particles and at each gas velocity, bubble or void
phenomena were recorded by a video recorder (SONY SL-2000 with SONY HVC-2800
camera) at 30 frames/s for a period of 10 minutes. The phenomena were also recorded
by a CANON T-70 still camera with 1/250 sec. shutter speed and F1.8 aperture. For
each operating condition, 8 photographs were taken. The film used was Kodacolor Gold
400. The experimental schematic is shown in‘Fig. 5.12.

The average bubble size measured at a height 0.85 m above the distributor and the
maximum bubble size in the bed are shown in Table 5.1. The effect of PSD on the bed
expansion is also given in Table 5.1. Some photographs portraying bubble phenomena
in beds of particles with different PSD under various conditions appear in Figs. 5.13 to
5.18.

Figs. 5.13 to 5.18 indicate that there is a significant effect of PSD on the size of
bubbles in the fluidized bed, except at low gas velocity (U < 0.2 m/s) for the gas-solid
system used in our experiments. The void size was usually smallest for the wide size
distribution, while the difference between the beds with bimodal and wide PSD was
small. Voids achieved the largoest size in the bed with a narrow PSD, probably due to
their high bed “viscosity” (Grace, 1970) or poor “fluidity”.

Experimental bubble sizes measured by Werther (1984) using capacitance probes in
a three-dimensional fluidized bed of wide size distribution FCC particles in a column
of 0.45 m diameter at gas velocities < 0.2 m/s were lower than values obtainéd in the
two-dimensional bed in the present study. The void sizes observed in our experiments,
however, are similar to the results of Rowe and MacGillivray (1980) in a fluidization

column of 140 mm diameter obtained using X-ray cinephotography. It is likely that



Chapter 5. Effect of Particle Size Distribution on Two-Phase Behaviour 107

2 1. CAMERA
2. FILTER

3- 2-D COLUMN
3 4. LAMP (300 W|

GAS

Figure 5.12: Schematic of experimental apparatus for observing bubble phenomena
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Table 5.1: Void size and bed expansion in two dimensional fluidized bed

P%u‘ticle Size distribution | Gas velocity, m/s | Hy/Hms | Dpo, mm* | Dy maz, mm™
N-FCC wide 0.05 123 27 31
N-FCC wide 0.2 1.37 51 81
N-FCC wide 0.4 1.55 58 83
N-FCC wide 0.6 1.80 55 70
N-FCC narrow 0.05 1.12 31 40
N-FCC _ narrow 0.2 1.26 67 g5
N-FCC narrow 0.4 141 70 101
N-FCC narrow 0.6 1.65 72 | 107
S-FCC wide 0.2 1.33 44 74
S-FCC narrow 0.2 1.26 63 03
~S-FCC bimodal 0.2 1.30 48 82
S-FCC wide 0.6 1.73 52 76
S-FCC narrow 0.6 1.63 71 105

* Dy, 1s the average equivalent bubble or void size at z = 0.85 m.
*% Dy mar 15 the maximum size observed over the 10 minutes period at z = 0.85 m.
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the wall effect in the two dimensioﬁal bed or interference of the capacitance probe are
responsible for differences. However, in our study, we are less interested in the absolute
value of bubble size in the fluidized bed than in the relative change caused by the PSD
influence.

The following qualitative and quantitative coﬁclusions can be drawn from the pho-
tographs: ‘

1. The bubble size is dependent on thev PSD, especially as the gas velocity increases,
as shown in Table 5.1.

2. As the gas velocity is increased, bubble shape becomes irregular, and the boundary
between the dense phase and the dilute phase is less distinct. For FCC particles of wide
and bimodal PSD, these features are especially noticeable at gas velocities beyond about
0.5 - 0.6 m/s.

3. More particles are seen inside voids of fluidized beds of Group A particles than
has previously been observed in beds of Group B particles (see Section 5.1).

4. The bed expansion is also affected by the PSD, and is lowest for bed of narrow
PSD. The equation

H U —Upny

— =1 S L A—
Hmj + 0711(9.05)1/2’

(5.13)
based on the two-phase theory (Davidson and Harrison, 1963), is only suitable to express
the bed expansion for particles with narro;v PSD at lower gas velocities, as shown in
Fig. 5.19. For FCC particles of wide and bimodal PSD, and at higher gas velocity, the
traditional two-phase theory must be modified, for example, by the n-type two-phase
theory, as suggested by Grace and Harrison (1969), to avoid overestimation of the visible(

bubble flow (Grace and Clift, 1974) and underestimation of the dense phase voidage
(Abrahamsen and Geldart, 1980; Sun et al, 1983).
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Chapter 6

Pressure Fluctuations and Regime Transitions

Pressure fluctuations have been used as an index of the “quality” of fluidization. The fluc-
tuations are closely related to the gas-solid movement and depend in a complex manner
on the gas and particle properties, bed geometry, and operating conditions. In this study,
the character of pressure fluctuations and fluidization regime transitions, especially the
transition from bubbling and/or slugging to turbulent fluidization, determined from the
fluctuation measurement, were evaluated to compare the hydrodynamic performance of
fluidized beds containing particles of different size distribution, but equal mean diameter

and nearly the same density.

6.1 Brief review of previous work

Pressure fluctuations have been used to define -the quality of fluidization by many inves-
tigators and plant operators (e.g. Shuster and Kisliak, 1952; Winter, 1968; Schnitzlein
and Weinstein, 1988), with small amplitude and rapid fluctuations considered to be as-
sociated with good quality fluidization. Based on the analysis of the probabilistic and
statistical characteristics of pressure fluctuations along a fluidized bed, it is also possible
to estimate the size and the rising velocity of bubbles and slugs where these occur (Lirag
and Littman, 1971; Fan et al, 1981; Fan et al, 1983). The average bubble size appears
to be directly related to the standard deviation of the amplitude of pressure fluctuations

(Sadasivan et al, 1980; Kai and Furusaki, 1985; Geldart and Rhodes, 1986).

Pressure fluctuations have also been used to monitor operating conditions and to

117
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distinguish between hydrodynamic regimes in fluidized beds, and to explore the charac-
teristics of these regimes (e.g. Yerushalmi and Cankurt, 1979; Li and Kwauk, 1980; Satija
and Fan, 1985; Jin et al, 1986; Brereton, 1987; Lee and Kim, 1988; Sun and Chen, 1989).
Generally speaking, the transition from bubbling (or slugging) to turbulent fluidization
is gradual with increasing superficial gas velocity.

The character of fluidized beds operated at high gas velocities and the dependency
of fluidization regime on the superficial gas velocity have been the subject of a number
of investigations. In early work, Lanneau (1960) investigated bubbling phenomena in a
fluidized bed (Dr = 0.075 m) of alumina catalysts (d, = 75 pm) over a wide range of
gas velocity (0.03 to 1.5 m/s) with the use of capacitance probes. He reported that the
performance of fluidized beds appeared different in three gas velocity ranges:

1. low gas velocities (0.03 m/s < U < 0.3 m/s), where two-phase character of the
fluid bed was prominent, and discrete bubbles containing few solids were present.

2. intermediate gas velocity (0.3 m/s < U < 0.9 m/s), where the bubbles began to
break up as the velocity was increased, and smaller voids containing a greater percentage
of the total solids were observed.

3. higher gas velocities (0.9 m/s < U < 1.5 m/s), where the condition of almost |
uniform or “particulate” fluidization was approached, coinciding with rapid entrainment
of solids from the column.

Kehoe and Davidson (1971) detected bubbles (or slugs) with increasing gas velocity
in 50 and 100 mm diameter fluidized beds of fluid cracking catalyst. They described the
breakdown of slugs to a so-called “turbulent” fluidization regime at gas velocities between
0.45 and 0.5 m/s. Massimilla (1973) evaluated the bubble size and size distribution
inside a fluidized bed with catalysts of mean size and size distribution close to typical
industrial FCC catalysts using a capacitance probe at superficial gas velocities up to 0.65

m/s. At gas velocities above 0.4 m/s, flow conditions were found to degenerate into the
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turbulent regime, where the probe detected a sequence of extended low density signals,
intermittently followed by. bursts of éhort perturbances. He also provided a laboratory
demonstration of the favourable solid-gas contacting efficiency of the turbulent fluidized
bed reactors for propylene conversion to acrylonitrile in a pilot reactor. Conversion for the
turbulent bed was higher than would have expected from a two-phase bubbling model.

Yerushalmi et al (1978) characterized the transition from the bubbling (or slugging)
regime to the turbulent regime by two gas velocities, U, the velocity at which the pressure
fluctuations reach a maximum, and Uk, the velocity at which the decay of the pressure
fluctuations begins to level off. Some investigators (Yerushalmi and Cankurt, 1979; Horio
et al, 1989) view U, as the end of the bubbling or slugging regime and U as the onset
of the turbulent regime; others (e.g. Yang, 1984; Jin et al, 1986; Lee and Kim, 1988;
Judd and Goosen, 1989) have treated U, as the gas velocity corresponding to the onset
of turbulent ﬁqidization. Still others (Satija and Fan, 1985; Brereton, 1987) found that
it i1s difficult to define U, directly from the amplitude of pressure fluctuations, at least
for some particles. |

In the bubbling and slugging regimes, pressure fluctuations are mainly associated with
the formation, motion and splitting of bubbles or slugs as they rise along the bed (Fan et -
al, 1981), and the amplitude of the pressure fluctuations depends on the size of bubbles
and/or slugs (Sadasivan et al, 1980; Kai and i“urusaki, 1985; Geldart and Rhodes, 1986).
U. can therefore be regarded as the gas velocity at which bubbles reach their maximum
size, dependent on the character of the gas-solid system and the geometry and size of the
fluidization column (Sun and Chen, 1989). Previous work has indicated that U, increases
with particle size and density (Yerushalmi and Cankurt, 1979; Grace, 1982; Jin et al,
1986) and decreases with column size (Sun and Chen, 1989; Judd and Goosen, 1989).

Lee and Kim (1988) calculated various statistical properties such as mean amplitude,

standard deviation, skewness and flatness of pressure fluctuations to determine U,. They
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found that U, values obtained from these various methods‘ were very similar.

The dependence of fluidization regime on the gas velocity is influenced by such factors
as column diameter. Experimental results (Kehoe and Davidson, 1971; Thiel and Potter,
1977; Sun and Chen, 1989) indicate that for a given gas-solid system the transition from
the bubbling (or slugging) regimé to the turbulent regime in columns of smaller diameter
appears later than in columns of larger diameter.

It is clear that the transition velocity from bubbling to turbulent fluidization increases
with particle size and density. Little information, however, is available on the effect
particle size distribution. Kehoe and Davidson (1971) added finer particles (15 pm < d, <
43 pm) to coarser fractions (40 pm < d, < 90 pm) and found that the transition velocity
decreased from 0.5 m/s to 0.32 m/s. When “fines” are added to “coarse” particles,
however, both the particle size distribution and the mean size are changed. Results on the

effect of size distribution for solids having comparable mean size are lacking (Yerushalmi,

1986).

6.2 Experimental Equipment and Procedure

Pressure taps were installed vertically along the 102 mm diameter column with a spacing
between adjacent taps of about 0.25 m, as shown in Fig. 2.10. The insilie end of each
tap was covereci with a screen to prevent particles from entering. The two ports were
always covered by dense phase, to avoid apparent regime transitions noted by Geldart
and Rhodes (1986). Each tap was connected to a differential pressure transducer, wI;ich
had two input channels and produced an output voidage proportional to the pressure
difference between the two input channels. Differential pressure signals at different bed
heights and different operating conditions were logged to an IBM-XT computer via an

A/D converter. Each signal was logged for 40 s at a rate of 100 points per second and
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recorded simultanéously in analogue format on a UV chart recorder.
Static bed heights of 0.15, 0.40, 0.70, 1.0 m were used in the experiments. A wide
range of superficial gas velocities (from 0.04 to 1.75 m/s) was tested so that the bubbling,

slugging, turbulent and fast fluidization regimes would all be included.

6.3 Influence of PSD on Pressure Fluctuations

The differential pressure fluctuations allow the two phase character of the fluidized bed to
be investigated. A dimensionless standard deviation of the pressure drop or the pressure

fluctuation intensity, defined as

F = \/vazl(APi -ﬁ)z/N
. AP

(6.1)

1s used to express the amplitude of the pressure drop fluctuation, where N is the total
number of data points, while AP is the mean pfessure drop across the measured section
and AP; is the instantaneous pressure drop across the same section.

Since bubbles (or slugs) are the major cause of the pressure fluctuation in aggregative
fluidized beds (Fan et al, 1981), while the average bubble size appears to be directly
related to the amplitude of pressure fluctuations (Kai and Furusaki, 1985; Geldart and
Rhodes, 1986), analysis of the pressure fluctuations is useful in understanding the influ-
ence of the particle size distribution.

The average bubble size tends to increase with distance above the distributor due to
coalescense and interaction between the bubble phase and the emulsion phase. The local
bubble size in bubbling fluidization is commonly (e.g. Kato and Wen, 1969; Darton et
al, 1977; Werther, 1978) expressed by an equation of the form:

dy = dyo + A(U — Ums)®2° - (6.2)
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where dp, 1s the initial Bubble diameter at the distributor and A, B and C are constants
which may depend on mean particle size (Kato and Wen, 1969). Given the dependence
of pressure fluctuations on bubble behaviour, 1t is reasonable to seek an expression for

the amplitude of pressure fluctuations of analogous form, i.e.
F, = Fpo + a(U — Uy )02 (6.3)

where F, is the pressure fluctuation intensity at z = 0 and a, b and c are constants.

Figures 6.1 and 6.2 show the variation of F,, with superficial gas velocity for N-FCC
powders with different size distributions. It is clear that the amplitude of differential
pressure fluctuations is influenced by the PSD. Among the three size distributions used
in our experiments, the narrow blend gives the highest F, at given .operating conditions,
except at very low gas velocities (U < 0.2 m/s), where the values of F, are very similar
for the different PSD’s.

It can also be observed from Figs. 6.1 and 6.2 that F, first increases with the gas
velocity, then reaches a peak, and finally decreases gradually. This behaviour is similar
to results reported by other workers (e.g. Yerushalmi, 1986) and to our findings in a two-
dimensional bed column described in Section 5.2. It was also found that F}, is dependent
on the location of the measuring interval, even when all the pressure ports are immersed
in the dense bed. For Hp;y < 0.7 m, F, appears to increase with the vertical position
coordinate z. However, when the static bed height was increased to 1 m, F, did not
always increase with z. For the wide blend, F, increased with z in the lower part, but
decreased with z in the upper part of the bed. For narrow blend particles, the behaviour
was more complex: for U < 0.7 m/s, F, was found to increase with z, while F,, for the
higher measurement interval reached a maximum, then increased with z over the lower
part of the bed, while decreasing over the upper section. This suggests that if the bed

is deep enough, there may be two different regions, depending on the PSD, among other
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Figure 6.1: Effect of PSD on pressure fluctuations with H,,; = 0.7 m over intervals Az,
(30 to 280 mm), Az, (430 to 680 mm) and Azz (680 to 930 mm).
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parameters. For particles of wide PSD in the lower region, bubble size .increases with
z. Bubble.coalescence and growth are predominant in this region, and the coeflicient ¢
in egs. 6.2 and 6.3 is positive. However, in the upper part of the bed, bubble splitting
becomes significant and bubble size (and hence pressure fluctuations) approach limiting
values.

It can be seen that the difference between the narrow and wide size distributions
increased with both gas velocity and vertical position, while F,, 5 was always greater

than Fp,w. Therefore, we can obtain from equation 6.3,

Fé’N — Fp,w = aN(U - Umf)szCN — aw(U — Umf)bwzcw >0 (64)

where the subscript N denotes the narrow blend and W the wide blend. That is,
O ([ Uy VW gon w51 (6.5)
aw
The assumption that the effect of PSD on F, is negligible has been used to obtain the
above relationships. When the bed was operated in the bubbling regime where eqn. 6.2
is suitable, it can be found from Figs. 6.1 and 6.2 that both by and cy are larger than
bw and cw. According to eqn. 6.5, an, should therefore also be larger than aw, since
in the range discussed here, both (U - U,,;) and z are smaller than 1. That is, all three
constants in eqns. 6.2 and 6.3 are related to the PSD. At the same operating conditions
and height, the bubble size is dependent not only on the mean particle size, as some
investigators have stated, but also on the size distribution. The PSD effect, however, has
not been taken into account in any of the published correlations for bubble size.
The difference in F, between the bimodal and wide blends seems small. At low gas

velocities (before reaching the maximum value of F,), F, is similar for these two blends

over the lower portion of the bed, while for the upper part F, was a little higher for
the wide blend than for the bimodal blend. After F, reached its peak, however, F, was
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always greater for the bimodal blend than for the wide blénd, in both the upper and
lower portions of the bed.

Based on the results that the average bubble size appears to be directly related to the
standard deviation of the amplitude of pressure fluctuations (Sadasivan et al, 1980; Kai
and Furusaki, 1985), we can assume that the bubbles (or slugé) reach their maximum
sizes at the gas velocity, U,, where F, reaches a maximum. The maximum bubble size
and superficial gas velocity at which this is achieved can be taken as two parameters to
characterize the hydrodynamic performance of fluidized systems, since at given operating
conditions, gas-solid contacting can be improved by reducing the bﬁbble (or slug) size
(Grace and Clift, 1974).

Comparison of F}, for different PSD’s reveals that Fj, m.. of the narrow blend is much
higher than for the other size distributions, especially in the upper portion of the bed,
while F), ... for the wide blend is similar to that of the bimodal distribution. This
suggests that the maximum stable bubble size in the fluidized bed with a narrow PSD
1s larger than for a wide or bimodal PSD, as discussed in Section 5.2. This may well be
caused by the lower aeration capacity of the narrow blend (Ip, 1988) and the higher bed

“viscosity” for the narrow PSD .

6.4 Influence of PSD on Regime Transitions

The PSD effect on U, the transition velocity from the particulate to bubbling flu-
idization, has been reported by Abrahamsen and Geldart (1980), Sun et al (1983) and
Ip (1988). For the same spent FCC particles as tested in our experiments, Ip (1988)
observed that U,,;/Unms for particles of wide size distribution was 20% more than for a

narrow PSD.

The gas velocity, U., at which F,, reaches a maximum, can be taken as the end of the
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Table 6.1: Transition velocity U, for N-FCC particles of different size distributions over
intervals Az; (30 to 280 mm), Az, (430 to 680 mm), Azz (680 to 930 mm) and Az, (930
to 1180 mm).

, U, m/s (Hny = 0.7 m) | U, m/s (Hn; = 1 m)
PSD

AZ] AZg AZ3 AZl AZZ AZa AZ4

wide | 0.72 | 0.62 0.50 0.71 | 0.62 | 0.50 | 0.38

narrow | 0.90 | 0.75 0.65 0.78 | 0.75 | 0.63 | 0.50

bimodal | 0.75 | 0.65 0.55 0.75 1 0.64 | 0.53 | 0.45 |

bubbling or slugging regime and the onset of the transition to the turbulent fluidization
regime (Yerushalmi, 1986). The physical meaning of U, is that around this velocity bub-
bles approach a maximum sizé which depends on the bed “viscosity” and the aeration
capacity of the particles. At velocities below U, bubble coalescence appears to be pre-
dominant, while above U, splitting becomes frequent. The value of U, is therefore related.
to bubble growth and coalesence. Low U, implies that bubbles split more readily, result-
ing in an improvemeni in gas-sohd contacting. The transition velocity, U., determined
from the pressure fluctuation curves (as shown in Figs. 6.1 and 6.2) for different particle

size distributions, with different H,,; and at different intervals is listed in Table 6.1.

The influence of the PSD on U, is shown in Fig. 6.3. It is clear that the PSD does
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affect the transition from bubbling to turbulent fluidization. The highest U, is attained
for the narrow blend particles, while the lowest U, occurs for the wide distribution.

From Fig. 6.3 it can also be observed that U, decreased with increasing z, whereas F,
increased with z. Transition to the turbulent regime appears to occur sooner for deeper
beds. This suggests that the growth of bubbles in fluidized bed may trigger the regime
transition from bubbling to turbulent fluidization. It also implies that there does exist
an “effective” maximum stable size (Harrison et al, 1961), at least for some Group A
particle systems, even if this size is actually a statistical mean value.

The influence of the static bed height on pressure fluctuations has also been examined.
The\ measurement of pressure drop between two ports which are always immersed in the
dense bed avoids the effect discussed by Geldart and Rhodes (1986), whereby a change
in bed level leads to an apparent transition to turbulent fluidization. It is found that
the effect of static bed height on F, (Figs. 6.1 and 6.2) and U. (Figs. 6.4 and 6.5) is
negligible, except for H,,; = 0.35 m. In this range of static bed height, U. decreases,
while F}, increases with H,, s, implying that the bubble size has not developed fully. For
shallow beds, therefore, bubbles (or slugs) approach their “maximum size” at higher gas
velocities than for deeper beds, consistent with results reported by Canada et al (1976)
who found that there was no apparent effect of static bed height over a range of 250
to 700 mm. The velocity, U, at which the local pressure fluctuation peaks, however,
appears to decrease with height. These conclusions can be explained by the nature of
turbulent flmidization: with an increase of gas velocity, bubbles reached their maximum
bubble size break up more readily.

The effect of bed effective viscosity can be taken as a convenient starting point to
discuss the effect of particle characteristics on bubble behaviour in fluidized beds since
the fluidization performance fnay be substantially influenced by bed viscosity (Grace,

1970; Clift, 1986). The maximum stable size a bubble can attain before splitting usually
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increases with the effective dense phase “kinematic viscosity” (Clift et al, 1974). The
lower the “viscosity”, the smaller the maximum bubble size and the earlier the transition
from bubbling to turbulent fluidization. In a fluidized bed of Group A particles, the
effective viscosity increases with particle diameter and decreases with fines content (Kono
et al, 1986a). For the gas-solid system tested in our study, Khoe et al (1991) based on
the results of collapse tests, reported that for a given 'a.verage surface-volume diameter,
a wide size distribution gives a better air retention capacity than a narrow or a bimodal
distribution, while the effective viscosity of a fluidized bed was inversel}"’ proportional to

the air retention capacity of particles.

6.5 Axial Voidage Distribution

Bed expansion 1s one of the most important and often reported properties of fluidized
beds. Better “fluidization quality” is often associated with higher dense phase voidages
and smaller voids, both of which result in higher bed expansion. For given operating
conditions, higher dense phase voidages probably correspond to higher average interstitial
gas flow relative to particles in the dense phdse and lower gas flow rates within the bubble
phase (Grace and Clift, 1974). Rowe et al (1978) measured the dense phase voidage of
a bubbling fluidized bed at low gas velocities (U < 0.15 m/s) using an X-ray technique
coupled with a densitometer. . They found that there were large changes in dense phase
voidage with both gas velocity and fines (< 45 pm) content of the powder.

Combined with the measurement of pressure drop fluctuations along the column, the
PSD eftect on the axial bed voidage distribution in the fluidized bed was also investigated.

The actual voidage, €; can be expressed (Weinstein and Li, 1989) as

dP, 1 . dU, G,
+ =

6.6
dz "ppg”  dz ppg) (6:6)

based on momentum conservation of gas and solids in the bed. If the acceleration and/or
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the flow rate of the particles is not high enough, as in the bubbling, slugging and turbulent
fluidization regimes, the average local voidage between two vertical ports along the bed

can be approximated by

AP; 1
€, =1— (— 6.7
e =1- 3 () (6.7)

where AP; is the mean pressure drop between ports at heights é; and z;1,.

The PSD effect on &; and its axial distribution is shown in Figs. 6.6 and 6.7. For gas
velocities less than 0.4 m/s, the narrow blend gave the highest voidage in the lower part of
the bed, partially because its value of €, is higher than for the other size distributions.
If the gas velocity > 0.4 m/s, the overall voidage for the narrow blend is usually the
lowest at all heights. The voidage increment, ¢;; - €5, due to bed expansion, a,iways
appears lowest for the narrow blend, as shown in Fig. 6.8. These results are in good
agreement with the observations of the influence of PSD on the average amplitude of
pressure fluctuations and bed expansion in the two dimensional bed (Table 5.1). This
verifies that the highest amplitude and the lowest voidage increment, corresponding to
the largest bubbles, occur for particles of narrow particle size distribution.

The axial distribution of overall voidage is also influenced by the PSD. It can be seen
from Fig. 6.7 that for the wide blend powder, the local voidage always increased with
height. For the narrow blend, on the other hand, this was only found for U > U.. Below
U., the change of the overall voidage along the column was small above a certain height
(around 0.35 m above the distributor), where the overall voidage was always lowest.

The effect of PSD on the bed expansion can be explained by the deviation of fluidiza-
tion behaviour from the two-phase theory for Group A particles of wide size distribution.
Consider a section of fluidized bed, across which the visible bubble flow rate is @, and

the average bubble velocity is u,. The bed expansion caused by the visible bubble flow
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Figure 6.6: Effect of PSD on the overall voidage in fluidized bed; H,.; = 0.7 m. Intervals
Az, and Az, are as in Fig. 6.4.



Chapter 6. Pressure Fluctuations and Regime Transitions 135

WIDE NARROW

A o) A Zq
0.9} A o Nzy T
A L AN Zg

0.8 - .

™l
>

o> g

g 1
.
oDhe o>

0.7+ A A A
S
a 6
Q 6
0.6} _
05} ' ]
[ 1 | | 1
0.2 0.4 0.6 0.8 1
U m/s

Figure 6.7: Effect of PSD on the overall voidage in fluidized bed; H.; =1 m. Intervals
Az, Az; and Az; are as in Fig. 6.4.



Chapter 6. Pressure Fluctuations and Regime Transitions

136

voidage increment

-0.4)
<
o g
< e Ca*
5 & El +
0.3+ ]
5 o
sE e
¢
O % m+ °
< 9 ®
O |
L OU g me
0.2 & O o o Yt e
W o0 5% o
© < °
‘ ®
0O - L J .
ol $ ¢ O narrow AZ,
- L ” AZ1
0-1F +e ¢ wide AZy
» + 3] AZ1
O bimodal A Z;
= ) A Z4
! I ' 1 | ! 1 1 I | 1 ! 1 N f !
o) 0-5 1.0 1.5
U my/s

Figure 6.8: PSD effect on the voidage increment in fluidized bed; Hpy = 0.7 m. Intervals

Az, and Az, are as in Fig. 6.4.



Chapter 6. Pressure Fluctuations and Regime Transitions

can then be expressed as

HQp

AH, = H — =
b= Ha= 0 Aub

while the expansion caused by expansion of the dense phase is given by
H
AHd = Hd - Hmf = / (ed — emf)dz
0
The total expansion of the bed
AH = AHy+ AHy = H — Hpy,

that is,

AH = / Aub+ed—emf)d

It is found from Figs. 6.6 to 6.8 that for particles of wide size distribution,

dey
— >0
dz >
that is,
dAH
7 0.
Therefore,
Oeq  Ouy 0Qs
8z > 0z 2) B (Aub)
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(6.10)
(6.11)
(6.12)

(6.13)

(6.14)

If the two-phase theory holds, aed/az = 0 and 8Q,/0z = 0, so that Ou,/0z < 0,

which means that bubble size decreases with height. Obviously, this cannot express

our experimental results for particles of wide PSD, as shown in Figs. 5.13 to 5.15 and

Figs. 6.1 and 6.2. Equation 6.14 therefore suggests that for Group A particles with wide

size distribution, @), up and e; vary along the bed height, and the increment of ¢4 may

be higher than that of u; and/or the decrement of @, along the column.

For the narrow PSD particles with U < U, and z > 0.35 m, it 1s found from Fig. 6.7,

that dé;/dz = 0, or dAH/dz =~ 0. If the assumption of the two-phase theory holds,
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then the sign in equation 6.4 becomes an equals sign and Oup/0z ~ 0, which means that
the bed mainly operated in the slugging regime. This is consistent with the pressure
fluctuation measurements along the bed with particles of narrow PSD (Figs. 6.1 and

6.2).



Chapter 7

Reactor Performance in the Distributor Region

The distributor region plays an important role in determining the contacting efficiency of
fluidized bed reactors (Grace and de Lasa, 1978). Multiorifice distributors are commonly
used in large gas fluidized beds, and their effective design has been the object of a
number of studies. In this study, the PSD eflect on the reactor performance in the
distributor region was investigated by comparing the contacting efficiency for different
distributor geometries and operating conditions. Four different multiorifice distributors
with different hole numbers and hole diameters were tested for particulate materials
having three different PSD’s to evaluate the influence of gas distributor on the fluidized

bed reactors and its interdependence with the PSD effect.

7.1 Brief Review of Previous Work

Early work on gas distributors mainly concerned the effect of distributor type and pres-
sure drop on the “uniformity” of fluidization (e.g. Morse and Ballou, 1951; Walker, 1970;
Whitehead, 1971). Compared with the types of distributors often used in the commer-
cial fluidized bed reactors, porous plate distributors used in some small-sca.le laboratory
tests appeared to give more “uniform” fluidization, that is smaller bubble diameters and
higher bed expansion, while the influence of distributor type could persist .for depths
of up to 1.5 m (Walker, 1970). The reaction conversion was also found to be signifi-
cantly better ﬁith a porous plate than with a sieve plate distributor (e.g. Hovmand and

Davidson, 1968; Bauer and Werther, 1981). Despite these favourable characteristics, the

139
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porous plate has rarely, if ever, been used in commercial fluidized bed reactors due to
cost, difficulty in manufacture, structural considerations, pore blocking and less flexibil-
ity in operation compared with other types of disﬁributor, such as the perforated plate
or multitube distnbutor.

The minimum pressure drop across the grid to ensure that the distributor introduces
the fluidizing gas evenly through each hole, thereby keeping the solid particles above it
in constant motion and preventing the formation of defluidized zones within the bed, 1s
generally considered in relation to that of the pressure drop across the fluidized bed itself.
The required ratio of APp to APp depends on not only the fluidization performance of
particles but also the ratio of H to Dy (Clift, 1986).

From experience in the development of the Nu-Iron fluidized bed reduction process,
Agarwal et al (1962) suggested that for deep fluidized beds of high density material,
the pressure drc;p across the distributor plate should be at least 10% of the pressure
drop across the bed and in no case should be less than 0.5 pst (3.5 kPa). For relatively
shallow beds of low density material, they recommended a minimum pressure drop across
the distributor of 2 to 3 kPa.

Based on measurements by Hiby (1964) and Whitehead and Dent (1967), Zuiderweg
(1967) proposed that for a perforated plate or nozzle distributor the pressure droI; should
be related to both the minimum fluidization velocity, Uny, and the minimurﬁ velocity at
which all nozzles operate, U,,. For U,,/Uy,s from 1 to 2; they advocated APp = 0.15
APg, while for U,,/Upms > 1, APp = 0.015 APg.

The height of the entrance region for a multiorifice distributor was investigated by
Fakhimi et al (1983) by measuring the differential pressure between the gas spout and
adjacent dead zone. The principal factors influencing the heighi were found to be Uy,
mean particle size, orifice spacing and gas flow rate. They also presented an expression

for the minimum APp/APg to ensure even gas distribution.
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Ho et al (1984) studied the characteristics of the distributor pressure drop in a flu-
idized bed corresponding to perforated distributor plates with regular and irregular (i.e.
with different hole size and/or non-uniform hole location) design. They reported that
abnormal conditions, e.g. hole blocking and channeling, can be detected from the anal-
ysis of the distributor and bed pressure drop data. Criteria for uniform gas distribution
across the distributor holes strongly depended on the minimum fluidization velocity of
the fluidizing: particles, with U,,/Uns higher for particles of lower Upny.

Wen et al (1978) examined the formation of dead zones using two and three-dimensional
fluidized beds. The dead zone height was found to be affected by the gas velocity, dis-
tributor type, orifice pitch, orifice diameter and particle size. The behaviour of the two-
dimensional bed could not be readily extrapolated quantitatively to three-dimensional
cases. Wen et al (1980) detected the presence and disappearance of dead zones in a
cylindrial bed of diameter 262 mm using self-heating thermistor probes. Empirical cor-
relations were proposed to calculate the critical orifice gas velocity required to eliminate
the dead zone as a function of pitch, orifice diameter, particle size and particle density for
a perforated plate distributor. Decreasing the pitch and increasing the orifice diameter
was found to help to eliminate dead zones. Rathbone and Davidson (1986) also found
that the dead zone could be avoided by suitable onfice spacing.

Patrose and Caram (1984) studied the influence of particle density (plastic and glass
beads of diameter 600 to 1000 um) and inlet gas velocity on the Veloci_ty of solids and
dead zone formation by using an optical fiber probe in a two-dimensional column. They
reported formation of a steady spout for the variety of bed conditions studied. The size
of the dead zone decreased with increasing inlet gas velocity. The inlet grid jet was not
a hollow gas cavity, but a region of active solids motion.

Briens et al (1978, 1980) investigated factors that influence grid leakage, such as
gas velocity, static bed height, baffies, grid thickness and hole shape. They found that
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gﬁd leakage is caused by pressure fluctuations at the top of the grid holes, which may
result from bubble formation at the grid orifices and sloshing of the bed. Inserting
wavebreakers (such as baffles and tubes) and selecting the proper grid thickness could
reduce grid leakage significantly. ’

Oki et al (1980) investigated dischargé of gas into a three-dimensional fluidized bed
from a multiple-orifice gas distributor using an optical-fiber array probe to test the effects
of distributor orifice configurations and gas ﬂo§v. They reported that orifice spacing is
an important factor among the variables which affect the mode of gas discharge from the
distributor. |

Hsiung and Grace (1978) evaluated the effects of orifice diameter, gas velocity through
the orifice, particle size and plenum chamber volume on mean frequency of bubble for-
mation by using a sensitive pressure transducer. For each of the orifices studied, the
frequency of pressure fluctuations increased with increasing gas flow rate and then lev-
elled off at a value of 19 to 25 Hz. The gas flow for onsef of multiple bubble formation
decreased with decreasing orifice diameter and appeared to be independent of particle
size for the range investigated (glass ballotini with size ranges of 88 to 125 pm, 149 to
250 pm, and 250 to 420 pm). The frequency spectrum also became more complex as the
particle size was reduced.

Some studies have been carried out to investigate how the distributor influence reactor
performance. Bauer and Werther (1981) tested the influence of distributor type (porous,
perforated and nozzle plate) and free area ratio. They reported that the conversion
obtained with the porous plate distributor was much better than for the perforated plates.
By comparing conversion data from two perforated plates of different free area (8% and
4%), they also found that smaller holes yielded a better dispersion of the fluidizing gas
and hence better conversion.

Yang et al (1984) measured the reaction conversion (butene-1 to butadiene) in the
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distributor region for three different distributors, each with same proportion of free area,
but with different hole numbers and diameters. They observed that a zone existed near
the distributor in which the efficiency of chemical .conversion is high compared with the
region near the bed surface. A progressive increase in conversion was found as the initial
bubble size decreased.

It has been discovered that bubbling-bed models do not properly represent reaction
near the gas distributor (Chavarie and Grace, 1975) or in the freeboard (region above
dense bed) (Furusaki et al, 1976). To consider the reaction and transfer process in the.
vicinity of the grid, Behie and Kehoe (1973) proposed a two-phase model which extended
a well-known model by Orcutt et al (1962). A plug flow jet region devoid of particles
was assumed to act in series with the bubble phase. Mass transfer coeflicients between
the jets and surrounding dense phase were based on measurements in a 0.61 m diameter
bed of 60 um cracking catalyst. Grace and de Lasa (1978) extended this model to two
simple alternate models and allowed for solids dispersed in the jet phase.

Sit and Grace (1986) investigated interphase mass transfer during bubble formation
in the entry region of fluidized bed by measuring tracer concentration at different radial
positions and vertical levels. Interphase transfer was found to occur by two mechanisms
(convection and diffusion), when bubbles formed directly at an orifice at the base of a
fluidized bed of non-adsorbing particles.

Heat transfer in the grid zone between bed and tubes has also been studied (Virr
and Williams, 1985; Ho et al, 1987). Heat transfer coefficients appear to be higher than
in the bubbling zone of a gas-solid fluidized bed. Ho et al (1987) observed that in the
bubbling zone the heat transfer coefficient increased and then decreased with the air flow,
while in the grid zone region, the heat transfer coefficient increased with the air flow over
the entire range of flow rates. ‘They also determined that the heat transfer coefficient

increased with decreasing open area ratio and hole pitch distance.
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Most previous work on gas distributors used in industrial fluidized bed reactors has
been concerned with three major issues:

1. Macroscopic criteria: What is the minimum pressure drop across the distributor
and the minimum orifice gas velocity to maintain uniform gas distribution?

2. Microscopic understanding: What is the gas-solid motion and mass transfer rate
at or near the grid?

3. Influence on reactor behaviour: How can the distributor be best designed to
optimize the reactor performance?

Although considerable work has been carried out on issues 1 and 2, there is no clear
answer to the question of how these two issues affect each other and influence the per-
formance of a fluidized bed reactor, particularly at high gas velocities, since in previous
work on grid region, U was usually less than 0.25 m/s. In this study, all three questions
above are considered, at the same time as the ozone decomposition reaction is used to

see the interacting influence of the PSD.

7.2 Experimental Method

In most of our reactor experiments (Chapters 3 and 4), No. 2 gas distributor (see Table
2.3) was used, in order to ensure that the pressure drop across the distributor at high gas
velocities could be provided by the blower available in our building. Four multi-orifice
plates with three different proportions of free area, three hole diameters and two pitch
spacings were used to test the influence of the pressure drop across the distributor and
the geometric nature of the grid. Their design specifications appear in Table 2.3.
Investigation of the effect of the distributor on reaction in the grid region could be
impeded by particle leakage through orifices of the distributor, since significant change in

catalyst inventory could occur, especially for low bed heights. A screen with very small-
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holes, less than the minimum size of particles tested, is often used to prevent leakage.
For Group B particles with narrow size distribution, the pressure drop across the screen
‘may be negligible. However, for Group A particles containing fines, the pressure drop
across the dense screen may be higher than that across the distributor plate at high gas
velocities.

In this study, particle leakage was prevented by using distributors consisting of two
multi-orifice plates with very different free areas. The ratio between them was from 4
to 15, while the angle ap (Fig. 2.12) was kept less than 60% of the angle of particle
repose. Since distributor pressure drop i1s approximately proportional to the square of
gas velocity through the orifice, the pressure drop across the lower plate is less than 10%
of the t\otal pressure drop across the distributor. The amount of particle leakage during
each run was less than 0.3% of the total initial mass in the bed.

Experiments were conducted in the aluminum fluidized bed reactor at two gas veloc-
ities, 0.2 m/s and 0.6 m/s, and with two catalyst charges, 1.2 kg and 3 kg, for each of
four distributors and two particle size distributions - wide and narrow. The gas velocity
through the orifices was from 4 m/s to 60 m/s, while the static bed height was 0.15 m

and 0.4 m. The kinetic rate constant was around 8 s~!.

The mixed feed gas samples
withdrawn below the distributor were analysed to ensure ozone concentrations in air
around 600 ppm. Outlet gas samples were withdrawn through the porf? at the top of
the reactor (see Fig. 2.10). The distributor performance was determined by the reaction
conversion or the contacting efficiency.

To evaluate the influence of gas distributor on the hydrodynamic phenomena in the
grid zone, three differential pressure transducers were used to measure the pressure drop

across the distributor, across a region of the bed just above the distributor and across

the upper section, as shown in Fig. 7.1.
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Figure 7.1: Schematic showing regions where pressure drops and their fluctuations were

determined
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7.3 Influence of Distributor Geometry on Reaction Conversion

Results from the conversion measurement of ozone decomposition for different gas dis-
tributors, gas velocities and catalyst inventories are shown in Figs. 7.2 to 7.5. It can be
seen from Figs. 7.2 and 7.3 that for a given gas velocity, higher conversions are achieved
in beds fitted with distributors with both higher orifice gas velocities and smaller pitch.

It should be noted, however, that the influence of pitch is more significant than that of
free area. Although the pressure drop across distributor-4 could be much higher than that
of distributor-3 or distributor-2, while the hole diameter is the same for distributors 3 and
4, the conversion was higher than for distributor-4. For columns fitted with distributor-3,
the actual pressure drop across the distributor at U = 0.2 m/s was less than the APp nin
required by Agarwal et al (1962). For beds ﬁtte(i with distributor-4, however, the pressure
drop across the distributor in our experiments was always higher than that required by
Agarwal et al. This suggested that high pressure diop across the gas distributor in
fluidized bed is not enough to maintain good performance of the distributor. Other
factors, such as the pitch or the number of holes, should aléo be considered.

Based on the measurements near the grid using a self-heating miniature glass bead
thermistor, Wen et al (1980) proposed the following empirical correlation to calculate
the minimum orifice gas velocity needed to eliminate the dead zone completely for a
perforated plate distributor of a three dimensional fluidized bed:

. dor 0.16d0.44
Uje = Ujms + 0.0803[(” dz £ (7.1)

where Uj, is the minimum gas velocity through the orifice to eliminate the dead zone, p
the orifice pitch, d,, the orifice diameter, and Uj,,s the orifice gas velocity corresponding
to minimum fluidization.

If the above correlation is applicable to our experimental system, the dead zone
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Figure 7.2: Influence of distributor free area and pitch on conversion: N-FCC particles
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above the distributor-4 should be almost eliminated since U/ags > U, for all running
conditions, where oy, is the free area fraction of distributor-4. For distributor-3, however,
U/ags < Uj, which means that a significant dead zone should occur above the plate
according to eqn. 7.1. These conclusions are not consistent with our experimental results,
as shown in Figs. 7.2 to 7.5. This suggests that single criteria based on hydrodynamic
experiments are insufficient to determine the distributor performance in fluidized bed
reactors.
~ The deviation of our experimental conversion results from what one would expect
from Eqn. 7.1 and the criteria of Agarwal et al (1962) and Zuiderweg (1967) may be due
to several reasons. One 1s that most previous work was carried out with Group B particles
with a filter or packed material (e.g. glass wool was used by Wen et al (1978, 1980) )
below the distributor plate to prevent weeping or dumping of particles. For example, the
influence of pitch distance may be underestimated by Eqn. 7.1 due to the pre-distribution
effect by the glass wool below the plate, and the first term on the right hand of Eqn. 7.1
can become insignificant for Group A particles due to the small magnitude of Unmy. It is
also possible that the gas-solid movement in the grid zone was influenced by measuring
probes in this region used by some investigators (e.g Wen et al, 1980; Oki et al, 1980).

Our experimental ozone conversion results reveal that the total influence of multi-
orifice distributors in fluidized beds on reactor performance may consist of several aspects.
 Possible issues include:

1. Uniformity of gas distmbution; This m:lzy be related to the pressure drop across
the distributor (Agarwal et al, 1962; Zuiderweg, 1967; Fakhimi, 1983);

2. Dead zone above the distributor plate: This is related to the pitch, hole diameter
and orifice gas velocity (Wen et al, 1978, 1980; Oki, 1980);
| 3. Initial bubble size: This is dependent on the volumetric gas flow rate per orifice

(Davidson and Harrison, 1963; Yang et al, 1984). v
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Comparing the conversions for the column fitted with distributor-1 to that with dis-
tributors 2 and 3 (all with the same centre-to-centre pitch but different hole diameter and
free area), one finds that reaction conversion in the grid zone decreases with decreasing
gnd pfessure drop and increasing free area. The influence of the fractional free area
seems small in our experiments, as shown in Figs. 7.2 to 7.5. Based on comparison of the
conversions for the column fitted with distributor-4 and distributor-1 (same free area,
but different hole diameter and pitch) and comparison between results for distributors
4 and 3 (same hole diarﬁeter but different pitch and free area), we see that the effect of
pitch is more significant than that of pressure drop or free area.

At low gas velocity, e.g. 0.2 m/s in our experiment, the mass of particles entrained
in the freeboard region is negligible compared with the total mass of particles. If the
voidage in a fluidized bed is assumed to be uniform and equal to &, except in the dead
zone, the following equation can be written, based on a mass balance of particles in the

gnd region and other regions of the fluidized bed, as shown in Fig. 7.8:

Wcat
prA

=(1-%)Hp + (1 -%)Hu(l — 1) + (1 = €ms)Hovp (7.2)

where 4p is the ratio of dead zone volume in the grid region to the total bed volume
between levels 0 and 1, Hy; and H,, are bed heights between levels 0 and 1, and 1 and
2, respéctively, as shown in Fig. 7.8. Hy, is higher than H,, the height of the dead zone,
which was reported to be usually less than 60 mm (Wen et al, 1978).

From eqn. 7.2, since H = Hg, + Hy,, we can write

Wca — : _
> = (& — €ms)Harvp + (1 —)H (7.3)
Apyp
Therefore,
1 Wea _
1D - — (1-%)H] (7.4)

N Hoi(8; — €ms) App
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For a given mass of particles, the lower the H, the more the <p, i.e. the greater the
proportion of dead zone in the grid region.

Combining eqns. 7.4 and 6.7, we obtain

1 Wca.t _ Z-PIZ
= —{1—¢€;)Ho —
”® Hoi(€5 — €ms) ppA ( 1) Han Pp8

] (7.5)

For columns fitted with different distributors but operated at the same conditions, the

above equation can be written as

1 Wcat — A(Plz)i
;= — — (1 —€4)Hy — ———~
. Ho (€15 — €ms) PpA ( 1)Ho Pp9

] (7.6)

Therefore, the difference of dead zone volume in beds fitted with distributors 4 and 1 can
be evaluated from

A
Vp,a — Vp1 = AHo1(vp,a — YD) = m
m p

[(APi2)pa ~ (APu)ps]  (7.7)

From our pressure drop measurements along the column it is inferred that there were
some dead or poorly fluidized zones above some distributors, such as distributor-4, used
in our experiments. The volume of dead zone, yp AHo;, 1s dependent on some parameters
of the distributor, as shown in Figs. 7.9 and 7.10. Both pitch and hole diameter (or free
area) influence the volume of the dead zone. The effect of pitch appears, however, to
be more significant than that of hole diameter. Based on the above model, the dead
zone volume in columns fitted with distributor-4 can reach 40 - 50% of the grid zone,
while for distributors 2 and 3, the dead zone volume was around 20%. This suggests that
approximately 15 to 20% of the initial mass of particles may be subject to malfluidization
in the dead zone on the grid for H,,; = 0.15 m and distributor-4, if distributor-1, which
had the best performance in our experiments, had all particles in the grid zone being

utilized fully. The reaction conversion (or contacting efficiency) achieved in vessels fitted

with distributor-4 is therefore less than for distributor-1, consistent with the conversion
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PSD, U = 0.2 m/s. '
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results in Figs. 7.2 and 7.3. For H,,s = 0.15 m, therefore, the effect of a dead zone or of
poorly fluidized particles may play a key role in determining the overall performance.

For H,,;y = 0.4 m, the dead zone influence tended to be reduced, since the ratio bf
particles in the dead zone to the total initial mass of particles was only around 5 - 8%
for distributor-4, if there was no deaci zone for distributor-1. Comparison of the reaction
results shown in Figs. 7.4 and 7.5, suggests that the influence of initial bubble size caused
by different gas flow rate through the orifice also plays an important role, as discussed
by Yang et al (1984).

By comparing the results in Fig. 7.9 with those in Fig. 7.10, we find that the particle
size distribution also affected, to a certain extent, the volume of dead zone in the gnd
region. The dead zone volume with distributor-4 appears to be more extensive in beds
of narrow PSD than in beds of wide PSD.

Comparing the conversion obtained in fluidized beds with H,,; = 0.15 m to that with
Hpy = 0.4 m, it 1s clear that the “entrance effect” due to the grid zone is related to the
PSD, as shown in Figs. 7.6 and 7.7. For particles of wide PSD, the ratio of conversion
achieved in the grid zone for H,,; = 0.15 m to that obtained for H,,; = 0.4 m is higher
than for the narrow PSD. This implies that the influence of the PSD on the conversion
achieved in the first 150 mm of bed was greater than that on the subsequent 250 mm.
Moreover, the “entrance effect” appears to be more significant for the wide PSD than for

tile narrow PSD.



Chapter 8

Conclusions and Recommendations for Further Work

8.1 Overall Conclusions

1." The effect of particle size distribution (PSD) on the performance of a fluidized
bed reactor was investigated by combining measurements of chemical conversion (ozone
decomposition reaction) with study of key aspects of the hydrodynamics for different size
distributions of FCC catalyst, each having a mean particle size of about 60 pm. Fresh and
spent FCC catalysts were prepared of “narrow”, “bimodal” and “wide” size distributions
for comparative experiments. Most of the expeniments were carried out in a column of
diameter 102 mm, with some of the hydrodynamic tests conducted in a two-dimensional
column.

2. The influence of PSD on hydrodynamics and conversion appears to apply to a
number of hydrodynamic regimes, but to be most prominent for gas velocities corre-
sponding to the turbulent fluidization regime in the wide size distribution catalysts. In
bubbling and slugging fluidized Beds, the influence of the PSD became more significant
with increasing superficial gas velocity.

3. Both the void size and the dense phase expansion in fluidized beds were found to
be influenced by the PSD, especially for U > 0.2 m/s. The void size was usually smallest,
while the bed expansion was highest, for the wide size distribution. Particles of narrow
PSD.produced the largest void size.

4. The particle concentration inside bubbles or voids in a fluidized bed of Group A
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particles was higher than what has be¢n reported in the literature for Group B particles.
More than 70% of the voids contained more than 2.5% particles by volume.

5. The overall particle size distribution affects both the particle concentration in
voids and the particle size distribution in the dilute phase. A greater proportion of fines
was found to be present in the dilute phase than in the overall particle size distribution.
The solids concentration in the voids in fluidized beds of wide PSD is higher than for the
narrow PSD, especially at higher superficial gas velocities.

6. The transitions between fluidization regimes are influenced by the PSD. The ear-
liest transition from bubbling or slugging to turbulent fluidization occurred in the wide
size distribution catalyst. Both the amplitude and the frequenc& of pressure fluctuations
are related to the PSD. A narrow size distribution gave the most vigorous fiuctuations,
while the wide blend corresponded to the lowest amplitude of pressure fluctuations. In
the upper part of the bed, the lowest frequency of fluctuations occurred for the narrow
PSD.

7. A contacting efficiency of fluidized bed catalytic reactors was defined to evaluate the
influence of PSD on the reactor performance. The wide size distribution gave the highest
conversion and reactor efficiency, while the narrow blend gave the lowest conversion and
efficiency at the same operating conditions.

8. The comﬁonly adopted practice of utiliziné “fines content” to characterize Group
A powders is not sufficient to express the effect of particle size distribution. The perfor-
mance of fluidized particles depends not only on the quantity of “fines” (however defined),
but also on their nature and on the overall size distribution.

9. For particles of wide size distribution, the reactor performance can be improved
significantly by operating in the turbulent or fast fluidization regime. Howe\?er, for par-
ticles of narrow size distribution, the benefit of operating at high gas velocities is greatly

reduced.
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10. The influence of the particle size distribution and the hydrodynamic regimes
should be considered in modelling fluidized bed reactors. At lower gas velocities for
wide PSD or over a wider range of gas velocity for narrow PSD, the conversion v‘ can
be successfully predicted by the “Two-Phase Bubbling Bed Model” with modifications
to express the hydrodynamic effect of PSD. For beds of wide PSD and operated at
higher gas velocities, a single phase Axial Dispersion Model gave good predictions of
the observed results, with closed and open boundary conditions at the inlet and top
of the bed, respectively, and with the effective axial dispersion coefficient derived from
measurements of Guo (1987). |

11. A larger pressure drop across the gas distributors is not enough to assure good
performance of the distributor. The reactor efficiency in the distributor region was found
to be higher for a distributor with more holes, than for one with fewer holes even though

the latter had a higher pressure drop.

8.2 Recommendations for Further Work

1. All the tests done in the current project were for Group A catalysts. It is recom-
mended that the kind of experiments here be extended to Group B catalysts.

2. In the apparatus used in the current work, it was not possible to exceed a superficial
gas velocity of about 1.8 m/s for FCC type particles. It would be useful to extend the
work to higher gas velocities. This could be accomplished by modifying the apparatus
employed in this project to provide a controllable particle circulation system, or by using
a different set-up so that the influence of PSD within the fast fluidization regime can be
explored.

3. It would be helpful to obtain more quantitative hydrodynamic results in a three-

dimensional column, e.g. by using optical fibres or capacitance probes to determine void
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sizes for different particle size distributions.

4. Another technique, such as energy attenuation of 4-rays, should be developed to
investigate the PSD effect on solid concentrations in voids to avoid the interference of
mean particle size.

5. The effect of PSD on the freeboard phenomena in fluidized beds should be evaluated
by measuring the entrainment rate, solids hold-up and its distribution by particle size in

the freeboard region for different particle size distributions and different gas velocities.
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Nomenclature

cross-sectional area of fluidized bed

bubble surface area per unit volume of bubble

surface area of a particle

concentration of reacting species in bubble, dense phase
inlet, outlet concentration of reacting component

gas molecular diffusivity

diameter of bubbles (volume - equivalent)

gas axial dispersion coefficient

average particle diameter

particle diameter representing i** size intferval

bed diameter

contact efficiency of fluidized bed reactor defined by eqn. 3.5
contact efficiency with coarser fraction, finer fraction active
fraction of particles by mass in given size interval
dimensionless standard deviation of pressure drop fluctuations

frequency of pressure fluctuations

acceleration due to gravity

solid mass flux

mean expanded bed height

bed height at minimum fluidization
intensity of transmitted light

intensity of transmitted Iight with no particles present

165



Q

o R S -

b

k'rb ) krd

factor levels of the test
dimensionless kinetic rate constant, k. Hpnf(1 - €y )/U

interphase mass transfer coeflicient

reaction rate constant based on the volume of the particles

effective activity of the bubble, dense phase solids

path length for light transmission

number of independent observations for one test

number of voids with (I,/7);

total number of voids with solids concentration < 5% (vol.)
Peclet number, UH/ D,

axial Peclet number based on the particle size

extinction coeflicient

visible bubble flow rate

ratio of finer fraction to coarser fraction by volume in the bed
ratio of finer to coarser fraction by volume in bubble, dense phase
superficial gas velocity

bubble velocity

superficial gas velocity at onset of turbulenf fluidization regime
minimum gas velocity through the orifice to eliminate the dead zone
minimum bubbling superficial velocity

minimum fluidization superficial velocity

particle velocity relative to rising void

particle velocity

particle terminal settling velocity
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Gmf

Hg

YD

Pb
Py

Pp

transport velocity of particles
volume of catalyst particles
volume of catalyst particles in fluidized bed reactor

volume of catalysts to achieve same conversion in plug flow reactor

volumetric gas flow rate

volume of a particle

mass of catalysts in fluidized bed

dimensionless interphase mass transfer group
conversion of reacting component

mass fraction of particles having characteristic diameter d;
height coordinate measured from distributor

size parameter, wd,/A

angle defined in Figure 2.12

voidage inside the voids in fluidized beds

fraction of bed volume occupied by bubble phase
dense phase voidage

overall voidage in fluidized beds

bed voidage at minimum fluidization

voidage in the fixed bed

gas viscosity

wave length

- ratio of volume of grid region dead zone to total bed volume

bulk density of particles

gas density

particle density
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Subscripts:
b

B
d

ratio Ump /Uy

fraction of bed volume occupied by bubble, dense phase solids

pressure drop across bed and distributor, respectively

bubble phase

bimodal size distribution
dense phase

gas

1th particle size interval
minimum bubbling
minimum fluidization
narrow size distribution
overall

particles

void or dilute phase

wide size distribution
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Appendix A

Minimum integral reactor length to minimize axial diffusion effects

For fixed bed reactors, it 1s generally considered that backmixing effects can be negligible
if the ratio of reactor bed léngth to equivalent particle diameter is more than 50 for
gaseous reactions (Carberry, 1976). A more stringent criterion should, however, be used
for laboratory fixed bed reactdrs, or integral reactors, because of the small particle size
used, except for differential reactors where disperion dose not affect the measurement
results. This criterion can be derived by combining the solution of the continuity equation
including the axial diffusion term with the solution for plug flow. A minimum reactor
length required to maintain the deviation from plug flow at less than 5% was obtained

(Mears, 1971a), giving

H .
- = 1 : Al
: n (A1)

where 7 is the reaction order, i.e. n = 1 in our experiments. Pe, is the axial Peclet

number, corresponding to the particle size,

Pe, = , (A2)

The effective axial dispersion coeflicient, D., can be estimated after the Reynolds
numl?er and Schmidt number have been /ca.lculated (Levenspiel, 1972). The calcula-
tion was based on the harshest conditions, that is, the lowest superficial gas velocity
(U = 0.089 m/s) and the highest reaction conversion (z = 0.99) in the fixed bed during

the experiments. Other typical operating conditions used were:
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operating temperature T = 20 °C;
operating pressure P = (.15 bar;

bed voidage €, = 0.46.

Hence

5. = Ly - 1.8 x 1073

pgD 1.2 x 0.204 x 10—

and
_dyUp, 60 x 107° x 0.089 x 1.2

R
RN 1.8 x 10-5

= 0.355

while these correspond (Levenspiel, 1972) to:

— = 0.7
Ud,
That is,
LU e
=P = _F —(.657
Pe, D. 0.7 0
Hence, from equation A.1, we can obtain:
> 140

In our experiments, the height of fixed bed H > 40 mm, so that

7 600
dP

the axial dispersion effects, therefore, was negligible.
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(A7)

(A.8)
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Photometric measurement for spent FCC particles
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U=0-1 mys

0.2 nmys

0-4 m/s

m

0-8 m/s

0.9 mys

Figure B.1: Photometric measurement for S-FCC particles with narrow PSD
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U = Jds,
0.1 mys

ke _] | A
0.2 m/s

0.6 my/s

0.8 mys |

Figure B.2: Photometric measurement for S-FCC particles with wide PSD
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U=0.1 ny/s
ds,

0.2 mys

0.4 nv/s

0.6 m/s

08 m/s

Figure B.3: Photometric measurement for S-FCC particles with bimodal PSD



Appendix C

Statistical Analysis of Experimental Results

C.1 Significance test of the influence of the PSD

The significance of the effect of the PSD on the performance of fluidized bed reactors
at certain operating conditions (e.g. same U, k,, W, and d, etc.) has been examined
using the F-test based on the assumption of randomization (Hogg and Ledolter, 1987).

Two type sources of variation may occur, the “between” and the “within”, originating
from the influence of the PSD and from the experimental error, respectively. The ratio

of the mean squares, F', can be expressed as

MSPSD _ Zf:l ni(?i —7)2/(19 -1
MSgrror  Tioy S5, (Vi — Yi)?

h
—
Q
—
~—

F =

where

Vi=—> % (C.2)
t =1
— 1 i
V=322 %, (€3)
i=1j5=1
k
N = Zni (04)

and Y}; is the experimental value (e.g. reaction conversion) obtained in the jth trail for

the :th PSD.
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Table C.1: Reaction conversions measured in the fluidized bed reactor for particles of
different size distributions; U = 0.5 m/s, k., = 9 s7%, catalyst inventory = 5 kg.

PSD z;; z; iy (e — )

7=1

wide | 0.875 0.882 0.870 0.893 0.886 | 0.881 0.000327
narrow | 0.802 0.811 0.805 0.791 0.803 | 0.802 0.000211

bimodal | 0.858 0.832 0.850 0.845 0.849 | 0.847 0.000363

The above mean square (or F') ratio has an F' distribution with (k — 1) and (N — k)
degrees of freedom. If FF > F(a;k — 1, N — k), we accept the hypothesis that there is
a significant influence of the PSD on the reactor performance. On the other hand, if the
F-ratio is smaller than the critical value, then there is not enough evidence in the data to
reject the null hypothesis? 1.e. we must consider the effect of the PSD to be insignificant.

As typical example, consider a set of experimental results obtained under typical
operating conditions for three different particle size distributions shown in Table C.1.

In this case, k = 3 and n; = 5, 1.e. there were three size distributions and five measured
conversions for each size distribution. According to eqns. C.1 to C4, F = ML;% =
104.4. It can be seen from the F' distribution table, F (0.01, 2, 12) = 6.93 < F. Thus,
the effect of PSD on the reactor performance at these operating conditions is significant
at significance level a = 0.01, i.e. at the 99% probability level.

If we compare the results of the bimodal PSD with those of the wide PSD, similar con-
clusions are obtained. The F-ratio calculated is 33.5, while F/(0.01, 1, 8) =11.26 < F.

This means that for the operating conditions of Table C.1 the difference between reaction
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conversions for the two particle size distributions were again significant at a significance
level a = 0.01. In most cases (U > 0.2 m/s), it is possible, as in the example given here,
to shown that the differences between the results for the three particle size distributions

1s statistically significant.

C.2 Confidence intervals of experimental results

For a random sample z,,z,,...,z, arises from a distribution with unknown mean p and
variance a2 > 0, the computed 100(1 — a) percent confidence interval can be expressed

(Hogg and Ledolter, 1987) as:

T+ z2(=)——= (C.5)
where F is the sample mean and the probability (1 — a) is called the confidence coeffi-
cient. If the population mean p is unkﬁown, in many situations, the population standard
deviation ¢ is also unknown. In this case, il the sample size is quite large (> 30), the
sample standard deviation can be taken as o. If the sample size is small, however, a

100(1 — a) percent confidence interval for g can be expressed by

o
E:tt(—i;n— l)ﬁ, (C.6)
provided that the random sample arises from the normal distribution. Here t is the
“student t” tabulated in most statistics texts.
The confidence intervals for our experimental results were examined against eqn. C.6.
As an exampie, conversion data for the bimodal particle size distribution in Table C.1
were analyzed to evaluate the confidence interval.

In this case, n = 5, Z; = 0.847, and £(0.05/2,4) = 2.776, while
s = 4/ &EaTEY - 000953

(n—-1)
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Therefore, a 95 percent confidence interval for the mean of the reaction conversion
for the bimodal PSD in Table C.1 is 0.847 + 0.012. The interval breadth is of the same
order as the height of the symbols used on the graphs. Note, however, that the different
points used to determine the variance are from the same run, with the points taken at
different times. In tables D.1 to D.6, results are shown for six conditions that were totally
repeated for U = 0.1 and 0.11 m/s. These show that the reproducibility is nearly as good

for complete repeats as for different points taken during the same experiments.
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Table D.1: Raw conversion data of ozone decomposition for particles of wide size distri-

bution

operating condition | k,=2.155"!, W.,,=1.1kg .| k,=2.255"7, W .=2.75kg
U, m/s mean | standard deviation | mean | standard deviation

0.10 0.528 0.006 0.736 0.007

0.21 0.351 0.004 0.602 0.006

0.31 0.290 0.005 0.518 0.009

0.53 0.208 0.004 0.404 0.002

0.77 0.306 0.005

0.10 0.533 0.005 0.729 0.004

Table D.2: Raw conversion data of ozone decomposition for particles of narrow size

distribution

operating condition | k.=2.12571) W, =1.1kg k,=2.17s"1 W ;=2.75kg
U, m/s mean | standard deviation | mean | standard dewviation

0.10 0.455 0.005 0.686 0.006

0.21 0.300 0.002 0.466 0.008

0.31 0.225 0.003 0.392 0.005

0.53 0.153 ~0.004 0.298 0.004

0.77 . 0.237 0.002

0.10 0.450 0.006 0.682 0.005
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Table D.3: Raw conversion data of ozone decomposition for particles of bimodal size
distribution with coarse fraction active

operating condition | k,=2.21s"", W,,,=1.1kg | k,=2.255"1, W, =2.T5kg
U, m/s mean | standard deviation | mean | standard deviation

0.10 0.476 0.006 0.733 0.007

0.21 0.338 0.003 0.549 0.008

0.31 0.264 0.004 0.447 0.005

0.53 0.185 0.005 0.345 0.006

0.77 0.270 0.003

0.10 0.490 0.005 0.724 0.006

Table D.4: Raw conversion data of ozone decomposition for particles of bimodal size
distribution with fine fraction active

operating condition | k,=2.16s"', W,,,=1.1kg | k,=2.205"1, W_,,=2.75kg
U, m/s mean | standard devaition | mean | standard deviation

0.10 0.513 0.007 0.740 0.009

0.21 0.371 0.003 0.562 0.006

0.31 0.295 0.005 0.485 0.005

0.53 0.222 0.004 0.391 0.008

0.77 0.259 0.003

0.10 0.518 0.006 0.728 0.010
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Table D.5: Raw conversion data of ozone decomposition for particles of bimodal size
distribution with different fraction active; catalyst inventory: 5.05 kg

active both fractions coarse fraction fine fraction
condition k,=4.03s"1 k,=4.14s7? k,=4.10s"1
U, m/s | mean | deviation | mean | deviation | mean | deviation
0.11 0.911 0.009 0.897 0.006 0.906 0.011
0.31 0.844 0.007 0.814 0.007 0.848 0.005
0.51 0.767 0.006 0.714 0.004 0.783 0.005
0.71 0.689 0.008 0.663 0.006 0.712 0.006
0.91 0.585 0.007 0.600 0.003 0.628 0.008
1.10 0.512 0.005 0.547 0.010 0.539 0.002
1.35 0.445 0.003 0.495 0.002 0.460 0.004
1.70 0.406 0.004 0.431 0.004 0.398 0.003
0.11 0.902 0.008 0.908 0.006 0.914 0.008

Table D.6: Raw conversion data of ozone decomposition for particles of different size
distributions; catalyst inventory: 5.05kg |

PSD wide (K, =4.275° 1) narrow (k,=4.205 1)
U, m/s | mean | standard deviation | mean | standard deviation
0.11 | 0.915 0.009 0.900 0.008
031 | 0.875 0.005 0.798 0.007
0.51 | 0.822 0.008 0.676 0.004
0.71 ] 0.789 0.004 0.623 0.007
091 | 0.724 0.011 0.556 0.003
1.10 | 0.655 0.003 0.508 0.002
1.35 | 0.580 0.005 0.455 0.006
1.70 | 0.486 0.006 0.410 0.004
0.11 | 0.904 0.007 0.895 0.010
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Table D.7: Raw conversion data of ozone decomposition for particles of wide size distri-
bution with different activities; catalyst inventory: 5 kg

condition k,=241s71 k,=4.46s"! k,=8.95s"1
U, m/s | mean | deviation | mean | deviation | mean | deviation
0.10 0.838 0.008 0.923 0.013 0.940 0.007
0.30 0.741 0.009 0.872 0.006 0.911 0.010
0.50 0.622 0.004 0.846 0.003 0.881 0.009
0.75 0.515 0.005 0.775 0.006 0.845 0.004
0.95 0.456 0.007 0.728 0.005 0.813 0.004
1.15 0.420 0.002 0.664 0.009 0.764 0.006
1.40 0.596 0.004 0.722 0.008
1.75 0.503 0.007 0.650 0.005

Table D.8: Raw conversion data of ozone decomposition for particles of narrow size
distribution with different activities; catalyst inventory: 5 kg

condition k,=2.32s"1 k.=4.49s7} k,=9.10s"?
U, m/s | mean | deviation | mean | deviation | mean | deviation
0.10 0.816 0.009 0.902 0.007 0.916 0.011
0.30 0.665 0.006 0.816 0.008 0.855 0.007
0.50 0.551 0.007 0.723 0.010. | 0.802 0.007
0.75 0.430 0.008 0.651 0.004 0.730 0.008
0.95 0.382 0.003 0.590 0.009 0.700 0.005
1.15 0.325 0.005 0.529 0.003 0.634 0.004
1.40 0.482 0.006 0.609 0.006
1.75 0.435 0.005 0.571 0.003
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Table D.9: Raw conversion data of ozone decomposition for particles of bimodal size
distribution with different activities; catalyst inventory: 5 kg

condition k,=4.62s"1 k,=9.04s"1
U, m/s | mean | standard deviation | mean | standard deviation

0.10 0.913 0.008 0.931 0.015
0.30 0.846 0.011 0.890 0.007
0.50 0.804 0.005 0.847 0.010
“0.75 0.720 0.003 0.793 0.009
0.95 0.663 0.009 0.750 0.006
1.15 0.594 0.005 0.692 0.008
1.40 0.520 0.007 0.648 0.006
1.75 0.455 0.003 1 0.606 0.004
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Table D.10: Raw conversion data of ozone decomposition in fluidized beds with different
gas distributors, for particles of wide size distribution; catalyst inventory: 1.2 kg

test condition U=02m/s U=06m/s

distributor No. mean | deviation | mean | deviation
No. 1 (k.=8.02s71) | 0.703 0.006 0.516 0.007
No. 2 (k,=8.10s5"1) | 0.645 0.005 0.495 0.008
No. 3 (k,=7.95s71) | 0.622 0.007 0.469 0.004
No. 4 (k,=8.23571) | 0.581 0.009 0.440 0.006

Table D.11: Raw conversion data of ozone decomposition in fluidized bed with different
gas distributors, for particles of wide size distribution; catalyst inventory: 3 kg

test condition U=02m/s U=06m/s

distributor No. mean | deviation | mean | deviation
No. 1 (k,=8.16s5"") | 0.808 0.007 0.716 0.009
No. 2 (k,=8.00s"1) | 0.792 0.004 0.700 0.005
No. 3 (k,=7.93571) | 0.775 0.010 0.684 0.004
No. 4 (k,.=8.04s5"1) | 0.707 0.008 0.610 0.006
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Table D.12: Raw conversion data of ozone decomposition in fluidized bed with different
gas distributors for particles of narrow size distribution; catalyst inventory: 1.2 kg

test condition U=02m/s U=20.6m/s

distributor No. mean | deviation | mean | deviation
No. 1 (k,=7.96s"") | 0.650 0.009 0.441 0.008
No. 2 (k,=8.13s71) | 0.631 0.006 0.437 0.009
No. 3 (k,=8.00s7%) | 0.592 | = 0.007 0.402 0.005
No. 4 (k,=7.90s71) | 0.485 0.006 0.348 0.003

Table D.13: Raw conversion data of ozone decomposition in fluidized bed with different
distributors for particles of narrow size distribution; catalyst inventory: 3 kg

test condition U=02m/s U=06m/s
distributor No. mean | deviation | mean | deviation

No. 1 (k,=8.11s71) | 0.770 0.011 0.633 0.004

v_ﬁ,No. 2 (k,=8.09s1) | 0.764 0.005 0.620 0.005

| No. 3 (k,=8.00s71) | 0.732 0.002 0.584 0.006

No. 4 (k,=7.965"1) | 0.681 0.008 0.540 0.007
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Table D.14: Axial dispersion model test for particles of wide size distribution at higher
gas velocities; catalyst inventory: 5 kg.

_test condition mode] of this study Danckwerts’ model
U) m/s k'ry 3—1 Lexp. Leal, (me:zp. - mcal.)/me:cp. Leal. (mezp. - mcal.)/mezp‘

0.75 2.41 | 0.515 | 0.516 - 0.041 0.603 -0.171
0.95 2.41 | 0.456 | 0.483 - 0.059 0.540 -0.184
1.15 2.41 | 0.420 ] 0.410 + 0.024 0.465 + 0.107
0.75 446 | 0.775 | 0.772 + 0.004 0.821 - 0.059
0.95 446 |0.728 | 0.715 + 0.018 0.749 - 0.029
1.15 446 |0.664 | 0.619 + 0.068 0.650 + 0.021
1.40 446 | 0.596 | 0.504 + 0.070 0.582 + 0.023
1.75 446 | 0.503 | 0.417 + 0.171 0.435 + 0.135
0.75 8.95 | 0.845 | 0.886 - 0.049 0.937 - 0.104
0.95 8.95 | 0.813 | 0.865 - 0.064 0.896 - 0.093
1.15 8.95 | 0.764 | 0.780 - 0.021 0.824 - 0.079
1.40 8.95 | 0.722 | 0.730 - 0.011 0.758 - 0.050
1.75 8.95 | 0.650 | 0.608 + 0.065 0.630 4+ 0.031

average deviation 0.051 0.084
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Table E.1: Size and size distribution for N-FCC particles of wide PSD

Sampie In: 0 Date: iB.11.88 380 micron Orifice Tube, serial + 937 Velumetrice  2007.9 mcroliters
True wog - Dias Cho )l o2is. Ch 138 Cerrent Bain County Preset Time  Elapsed Time Preset Feak  Frosel Teisy

14,30 14y 7 4465 181,91 Je9 1.0 1373 ¢ N : 3.7 23600 BudOoG

Tutal = 147679 Mean at 37,20 Aedian 3t 35,20 Mode 2l 64,05
. ’
Ghel Size Yoiume Ziargr  Chel  Size Uolume dlerger - Thnl  Size W¥olume Zlarger  Chpl S
500738 1 33OaEY . 1 99 4y 3L,47 981 97,24 g9 €5
& LD i 34 15467 17 9992 g2 32,91 619 96.87 20 47.43
LN U 16,09 T 63 33.37 7 95,43 95 4
g 2.9 i T Y- 998 L4 3435 988 94.¥3 271
¢ 817 i 37 14,43 17 gh.es 63 35.10 1044 53,24 73 72
16 - 8.38 i 3B i17.59 a2 9 &6 3b.0B 1134 94.55 94 74
o B0 1 39 i7.28 35y 67 37.43 121y 93.78 85 74
12 B3 i 46 13,32 3 %% 65  36.01  1dB6  9ZI.91 96 78
13 %.Ge i 41 15,81 45 99.8: &9 .01 1E3T 9191 §7 &0
4 i 42 19.30 43 .70 700 40,08 1816 90,67 98 B3 3
w9 i 33 19.81 43 99,75 710 41,10 2069 E9.44 79 E3.25 220§
6 9.3 i 44 0 20,34 g1 9. 720 419 2463 E£8.04 00 - 87.5 1653 i
17 1.8 2 €5 20.57 72 9%k 73 43.30 28/9 86.27 101 €9.81 1589 ¢
18 10.33 z 46 21.43 76 99.43 74 44,44 84,32 102 92,19 1375 §.91
19 10,60 2 47 21.99 fe ¢85 73 43,62 2,36 193 94,62 1348 5,83
0 50,58 i 48 22,57 9% 9951 76 46,82 §0.13 104 97.12 1005 4.0
LA VO V) 30 99.99 49 33.17 107 97.44 77 48,04 77.81 105 99.68 815 4.12
20 iildb i 97.99 J0  23.78 150 0.3 78 49.33 75.22 104 102.31 ?79 3./
23 ‘;./b 2 Gf.?P‘ 31 24.4: 183 99.2 79 30.43 72.36 107 10501 1164 2.90
24 & 9% a2 2%.0% 137 7%.1 80 J1.96 69,49 108 107.7% 587 2,12
24 3 09.7. i N 207 97 81 353.34 66,05 107 . 110.63 247 N
2 5 9.9 o4 26,37 12 98,94 2 5474 £2.36 110 113.55 i49 1.3
& %9.97 55 27,07 276 56,78 3 36.1% 33.91 111 116.5% 434 1.03
7 36 27.80 FED I 3¢ 57.47 15,49 112 119,éC 154 oA
g 900 3 EE.H4 373 %E 85 59.20 J1.60 112 122,79 338 .62
SO ) e 2520 ks 98 2807 40,2¢ 114 124,43 83 R
10 89t 0.0 ve % 87 42,34 509S 1,59 115 129.%4 198
s 5904 40 3.8 EETEN ¥ A3 &40t Ao eilig lad 13577 2in

uonnqysip 9zts pue vz1s spnred jo synsal juswraInsesur [edrdAy i xipusddy
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Table E.2: Size and size distribution for N-FCC particles of wide PSD after being acti-

vated
Sampie Id: 2 Dater i8.::1.83 380 siceon Orifice Tube, serial ¥ 937 VUnlumetric: 2007.9 microliters
True Log Dia, Ch 1 Dia. Ch 128  Current Gain Counts Preset Time Elapsed Time rre:et Peak
4.3 (14} K] - 181,51 8.5 1.0 480 0 0 . 3.4 25600
Total = 150435 Mean 2t 45,70 - Median at £7.42 Mode at  €7.43

Chnl Size Volume JZLarger  Chnl Size Volume Zlarger  Chnl  Size Volume Zlarger Chrl Size VYolume

5 7.3 & 100.00 3 15.27 3 99.92 41 31.47 88  99.39 89 63.70 G773
6 7.53 22 100,00 34 15.67 3 99.92 62 32.51 148 99.34 f0 67.43 4400
7 0 773 16 799.98 35 16,09 3 99.92 43 32.37 160 99.24 91 69.21 5620
g8 7.96 g 99.97 36 16.51 7 9.9 64 34.25 249 99.13 92 71.04 5215
9 817 4 99.97 37 16.%% 10 97.9 45 35.13 247 98.97 93 72.91 5590
10 8.38 3 99.9 M| 17,39 12 99.9%0 b6 36.08 363 - 93.80 94  74.84 4413
11 8.40 1 99.96 - 39 17.85 2 9%.% 67 37.03 424 98.56 95 76.82 3332
12 8.83 2 99.96 40 18.32 11 97.89 68 38.01 605  98.28 96 78,84 . 4834
13 9.06 1 99.96 41 18.81 13 97.88 49 29.01 729 97.98 97  80.92 4492
14 9.30 Lo 99.96 . 42 19.30 16 99.87 70 40.04 829 97.3 78 83.06 3262
15 9.3 0 99.96 43 19.81 10 99.86 71 41,10 1221 94.84 99 85.25 2900
16 9.80 v 99.96 44 20.34 1?7 99.85 72 42,19 1634 94.03 100 87.30 3540
17 10.04 2 99.96 45 20.87 15 99.84 73 43.30 1941 94,94 101 B%.81 3024
18 10.33 2 99.96 16 21.43 19 99.83 74 44,44 2099 93.E5 102 92.19 3072
19 10,80 2 99.95 47  11.99 15 99.32 75 45,62 2102 92.26 103 94.63 2572
20 10,88 2 99.9 48 22.57 26 99.41 76 46,82 2688 90.86 104 97.12 2349
21 11.17 1 97.93 49 23.17 24 9.79 77 48,06 2820  87.07 105  99.68 2005
22 11.46 2 99.95 90 23.78 24 99.74 78 49.33 3887  87.18 106 102.31 1761
23 11,76 2 99.9% a1 24.41 24 99.74 79 30.43 3119 84.59 107 105.01 2344
24 12.08 -3 99.9% 92 25,05 28 99.74 80 51,96 3337 82.52 - 108 107.7% 1742
25 12,39 4 99.95 93 8. 47  97.73 81 53.34 3973 80.30 107 110,43 1199
2 12,72 3 9 94 26.39 40 99.49 82 9474 4287 - 77.66 110 113,55 11i1
27 13,06 4 99.94 33 27,09 43 99.67 83 56,19 4333 74.81 111 116,55 1001
20 13.40 3 92.94 26 27.80 41 99.44 B84 52.87 43 71,60 112 119.63 430
29 13,74 3 9.9 97 28.M4 74 99.81 85 59,20 53D 68.18 113 122,79 468
30 14,12 3 99.94 o8 29.: 48 99.56 B6 &0.76 - 4937 64.62 i14 126,03 252
A 14,49 7 99.7 59 20.06 g6 99.33 87 42,36 5124 4134
32 14.93 5 99.93 40 30.86 119 99.47 86 44,00  GBGS  E7.3

Preset Total
2000000
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Table E.3: Size and size distribution for N-FCC catalysts of wide PSD after being flu-

tdized in the reactor for 5 hours

Sample Id: 1 Daves 15.11.368 380 micron Orifice Tube, serizl # 937 Unlumetric: 2007.9 microliters
irve Loy Dia. Cn 1 Bia. Un 1368 Current Gain {ounts Precst Time Elapsed Time  Freset Feak  Preset Toial
4.3 (7 14) 6.43 181.51 . 9.5 1.0 - 433 0 Ny 3.7 25600 3000000
fotal = 154501 fean 2t £4.01 gediun at 65,70 Mode al  67.43
Lhnl Size WVoiume Zlargeir  Chunl Size WYoluge Zlzrger  Crml Size VYolume Zlarger Chni Size Valume JLarger
3 7.36 4 100,00 . 33 15.77 ¥6.34 41 3.7 33 9837 8¢ 6370 50531 30.04
e 7.3% 46 §9.99. 34 15,47 13 79.63 &2, 32.51 458  98.18 S0 47.43 0 4400 44474
77738 3n 0 99.96 35 16,09 §Fe.e2 3 33.37 486 57.B4 1 49.21 3538 42,65
8 7.7 17 99.94 36 16,01 s y9.82 44 34,25 S14  97.%5 92 71.04 5487  39.08
5 8.7 7 §9.93 27 16,935 4 99.81 65  35.15 43 97.21 ?3 72.91 3302  35.34
10 8.38 4 7992 . 38 17.39 195 $9.80 66 36,08 1046 96.77 94 74,84 5386  31.43
11 8.0 3 9992 39 17.85 4 99,79 67 27.03 1018 96.12 75 76.82 4415 28.52
12 & 2 99.92 40 18.32 34 99.78 63  38.01 1208 95.46 96 78.84 3001  25.47
13 9.06 1 99.92 41 18.81 28 99.74 &9 39.01 1422 94.68 97 B80.92 5457  23.73
4 9.30 3 99.92 42 1930 18 99.7% . 70 40.04 1072 93.76 98  83.06 3827  20.21
15 - 9.55 3 99.91 43 15.81 3 Y973 71 41,10 1411 93.07 99  B3.25 32726  17.74
16 9.80 3 9.0 4% 29,34 6 79.71 72 42,19 1609 9216 100 87.50 2237  15.42
17 10,06 4 7 99.91 . 45 20,87 3B/ 99.70 73 43.30 2034 91.12 101 §9.81 4032  14.18
18 10.33 i 99.91 46 21,43 3 97.67 74 44.44 2028 89.81 102 92.1%- 3032 11.%8
19 10,40 3 979.91 47  21.99 38 99.44 75 45.62 2642 88.50 103 94.62 1414 9.61
20 10.86 4 99.90 48 22.57 77 99.61 76 46,82 2483  B6.79 104 97.12° 2294 8.47
2 1117 3 99.90 49 23.17 45 99.56 77 48,06 3521  B85.19 105 99.48 1634 7.21
22 11.46 3 99.90 30 23.78 71 99.53 78 49.33 2973 82.92 106 102,31 2284 6.13
23 1176 7 99.89 51 24.48 77 99.49 79 90.43 3973 81.00 107 105.01 1934 4.61
24 12,08 6 §9.89 32 23,05 7 99.42 80 51,96 4330  78.43 108 107,79 1045 3.%6
312,39 5 99.89 53 25.71 118 99.37 81 93.34 4012 75.3 109 116.643 = 1130 48
26 12.72 7 99.88 54 26,39 143 99.30 82 34.74 4338 72.92 110 113.55 0 - LS
27 13.66 7 99.88 35 27.09 149 99,20 ‘83 56.19 4098  70.12 111 114.53 441 1.9%
28 13,40 7 99.87 36 27.80 144 99.11 84 57.67 5439 67.47 112 119.43 953 1.47
29 13,76 15 99.87 37 28.94 161 99.02 85 59.20 5311 43.82 113 122,79 1030 1.05
30 14,12 13 99.04 38 29.29 168  98.90 g6  60.76 5431 40.39 114 126,03 0 .37
31 14.49 8  79.8% 3% 30.06 27¢ 9.7y 87 62,36  S265  56.88 115 '129.34 402 .39
32 14.68 10 . 99.85 60 30.84 344 98.41 88 44,01 5328  53.48 ‘ :
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