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Abstract  
 

Greenhouse gas emissions (mostly CO2) have resulted from massive fuel consumption over 

recent decades, with devastating effects on humans, climate, and wildlife. Cost-effective 

environmentally-friendly energy sources and carbon capture are required to diminish the 

destructive effects of CO2 emissions. Calcium-looping, a process based on reversible solid-gas 

carbonation and calcination, utilizing lime-based sorbents to capture CO2 at elevated 

temperatures, is an emerging carbon capture technology, also applicable for enhanced hydrogen 

production. A key challenge in this continuous process is the high temperature needed for 

cyclical sorbent regeneration (via limestone calcination). This adversely affects the 

thermal/energy efficiency of the process, while also leading to sorbent deactivation during first 

calcination-carbonation cycles. Investigations are required to enhance current knowledge on 

limestone calcination conditions in calcium-looping, while also identifying alternative low-

temperature technologies for sorbent regeneration. 

This thesis proposes a novel methane-concentrated oxy-fuel calciner, combining methane 

combustion, reforming and limestone calcination in a single reactor. The process is shown to be 

capable of autothermal syngas-producing sorbent regeneration with in situ CO2 utilization, 

reducing the CO2 concentration within the reactor, thereby decreasing the calcination 

temperature. The thermodynamic and kinetic performances of the process are evaluated by 

means of reactor simulations. Appropriate ranges of conditions are determined for autothermal, 

coke-free and complete limestone calcination. Increasing temperature and nitrogen concentration 

in air are shown to enhance limestone calcination, whereas elevating pressure and CaCO3/gas 

feed ratio hinder sorbent conversion. A design methodology is suggested to determine 

appropriate operating conditions and/or reactor dimensions for this sorbent regeneration 

technology. Potential practical constraints of the process (e.g. safe operation and catalyst 

instability) are also briefly discussed. The thesis examines three potential applications of the 

process: sorbent-enhanced steam methane reforming, ammonia production without air 

separation, and Ca(OH)2/CaCO3 co-calcination. Thermogravimetric analysis is employed to 

assess the effect of sorbent regeneration conditions (especially partial calcination) on the cyclic 

CO2 capture capability of lime-based sorbents. Increasing calcination temperature is shown to 
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reduce sorbent reactivity, while extending calcination duration and exposing limestone to high 

temperature without reaction did not appreciably change sorbent performance. Partially calcined 

sorbents are found to offer smoother CO2 uptake over extended calcination-carbonation cycles. 
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Lay Summary  
 

My work focused on the regeneration of lime-based sorbents for CO2 capture. A novel 

technology is introduced, capable of autothermal synthesis-gas-producing sorbent regeneration at 

relatively mild temperatures. The proposed process also benefits from CO2 utilization, reducing 

greenhouse gas emissions. 
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CHAPTER 1: Background  
 

1.1. Energy Demand and Climate Change 

Population and economic growth have raised the worldôs demand for energy, with traditional 

fossil fuels remaining the dominant source (Figure 1.1). Immense consumption of fossil fuels 

releases substantial amounts of greenhouse gases (especially CO2) into the atmosphere, resulting 

in serious environmental consequences such as global warming, deforestation and acid rain [1,2]. 

International policies and agreements have sought reduction in CO2 emissions, encouraging 

energy-related industries to utilize alternative energy sources, or capture and sequester CO2 [3,4].  

 

Figure  1.1. World primary energy supply by source, 1990-2017. Data adopted from [5] 

Amine scrubbing by alkaline aqueous solutions is a carbon capture technology commonly used 

in industry. However, amine scrubbing processes emit amine solvents into the atmosphere, while 

also requiring high energy input to regenerate the amine [6]. Various environmental-friendly 

energy sources have been proposed to replace and contain the world's growing demand for clean 
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energy, including hydropower, biomass, geothermal, solar, wind and tidal energies [7]. However, 

these processes are geologically limited, and typically suffer from low conversion efficiencies. 

Alternative cost-effective energy sources and carbon capture technologies are imperative to 

diminish the undesired impact of CO2 emission on the environment. 

1.2. Hydroge n  

Hydrogen is a promising fuel gas, also required in major industrial applications such as ammonia 

production, petroleum refining, proton exchange fuel cells, and metal alloying [8ï10]. It has the 

highest gravimetric energy density, and produces steam when combusted. The worldôs demand 

for hydrogen has drastically increased during the past few decades, as shown in Figure 1.2. 

Considerable attention has been given to hydrogen as an eco-friendly alternative of the 

conventional hydrocarbon fuels [11]. However, pure hydrogen does not exist in nature and, 

therefore, must be synthesized from other sources (e.g. water, natural gas, biomass) [12]. 

 

Figure  1.2. Global demand for hydrogen, 1975-2015. Data adopted from [13] 
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1.3. Steam Methane Reforming  

Hydrogen can be produced by several processes, including bio/fossil fuel reforming or partial 

oxidation, biomass gasification, water electrolysis, plasma arc decomposition [14]. Conversion 

of hydrocarbons to hydrogen in the presence of steam was initially introduced during the 19
th
 

century. High-temperature catalytic steam methane reforming (SMR) is currently the most 

common industrial hydrogen production route [14,15]. The main reactions in this process are 

listed in Table 1.1. Note that several other reactions (e.g. methane cracking, Boudouard reaction, 

dry methane reforming) can also occur inside steam methane reformers [16]. Therefore, the 

operating conditions must be precisely controlled to optimize reformer productivity and product 

purity.  

Table  1.1. Main reactions in steam methane reforming [17] 

Reaction Stoichiometry DH25̄ C (kJ.mol
-1

) 

Water-Gas Shift Reaction  -41.2 

Steam Methane Reforming  206.2 

Overall Reaction 

 

165 

Steam methane reforming is an endothermic process, thereby favoured at high operating 

temperatures. On the other hand, increasing the reactor pressure hinders SMR feedstock 

conversion, in agreement with Le Chatelierôs principal. High reactor pressures and low operating 

temperatures are typically desired to facilitate heat recovery, increase energy efficiency, and 

reduce the cost of compression for downstream ammonia and methanol plants [16]. However, 

the thermodynamic equilibrium of the SMR reactions limits feedstock conversion, requiring 

temperatures >900̄C to achieve suitable feedstock conversion. Such high temperatures can 

result in carbon formation and, consequently, catalyst deactivation by coke deposition [12].  

2 2 2H O CO H CO+ +

4 2 23CH H O H CO+ +

4 2 2 22 4CH H O H CO+ +
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Steam methane reforming gaseous products contain appreciable amounts of H2 and steam, as 

well as some amounts of CO2, CO and unreacted CH4. The dry off-gas hydrogen concentration 

of the SMR process is typically below 80 vol%, mainly due to CO2 generation inside the reactor 

(see Table 1.1). Downstream water-gas shift (WGS) reactor and pressure-swing adsorption 

(PSA) columns are then required if higher H2 concentrations are needed, as shown schematically 

in Figure 1.3.  

 

Figure  1.3. Hydrogen production by a conventional steam methane reforming plant 

Recent studies have shown that in situ removal of H2 and CO2 can significantly enhance the 

performance of steam methane reformers at moderate reactor temperatures [9,12,15,17ï20]. 

Removing H2 and CO2 from the reformer gas results in shifting the SMR thermodynamic 

equilibrium toward higher feedstock conversion and, consequently, enhanced hydrogen 

productivity. Further discussion is provided in Sections 1.4 and 1.5. 



5 
 

1.4. Membrane -Assisted Steam Methane Reforming  

Hydrogen perm-selective membranes have been studied extensively to remove hydrogen from 

the reformer gaseous mixture [21ï24]. This has been shown [9,16,17,19,25,26] to help shifting 

the reforming thermodynamic equilibrium, resulting in enhanced methane conversion at 

moderate reactor temperatures. A highly-concentrated hydrogen stream can then be withdrawn 

from the permeate side, to be used further in many downstream applications, especially proton-

exchange fuel cells.  

Palladium-based membranes are the most studied materials for high-temperature hydrogen 

removal [21ï24]. Despite their high hydrogen selectivity and moderate permeability, Pd-based 

membranes are relatively expensive, and tend to lose their selectivity and mechanical stability at 

temperatures above 550-620̄ C [22,23]. Membrane swelling at low temperatures (e.g.<300C̄) is 

another challenge attributed to Pd-based metallic membranes [11]. These membranes are also 

highly sensitive to poisoning when contacting species such as CO and sulfur compounds [27ï

30]. Alternative hydrogen-selective membrane materials, including nickel, cermet/cement and 

Vb metals, have been also studied for hydrogen separation at elevated temperatures [22,31ï36]. 

However, these membranes typically suffer from low hydrogen permeability, low hydrogen 

selectivity, unfavourable reactivity (with other syngas species) and low mechanical stability [22]. 

1.5. Sorbent -Enhanced Steam Methane Reforming  

The performance of steam methane reformers can be improved by in situ CO2 removal from the 

reactor gaseous mixture. The improvement is due to enhanced methane conversion because of 

equilibrium shift (i.e., Le Chatelierôs principal) by removing a large portion of the reforming 
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byproduct (CO2). Sorbent enhancement can also reduce the required reforming temperature, 

thereby decreasing coke-formation and heat losses within the reactor [12]. 

Calcium-looping (CaL) is a promising high-temperature CO2 separation technology, applicable 

for post-combustion carbon capture, biomass gasification and steam methane reforming 

[10,26,37ï41]. This process utilizes calcined limestone (i.e., lime) as a CO2 sorbent, removing 

carbon dioxide via reversible solid-gas lime carbonation (Table 1.2). Abundance, simplicity and 

low cost are the key advantages of lime particles as CO2-acceptor sorbents [4,37,42ï44]. In 

addition, exothermic carbonation of CaO-based sorbents can supply a large portion of the heat 

required for the endothermic SMR reactions, resulting in nearly autothermal reforming at mild 

operating temperatures [15]. Carbonated lime can then be calcined in a separate reactor, 

completing a loop for multi-cyclic operation. 

Table  1.2. Reversible lime carbonation and limestone calcination reactions 

Reaction Stoichiometry DH25̄ C (kJ.mol
-1

) 

CaO Carbonation/CaCO3 Calcination  -178 

Conventional sorbent-enhanced steam methane reforming (SE-SMR) features two interconnected 

fluidized bed reactors: one as the limestone calciner and the other for methane reforming/lime 

carbonation (Figure 1.4). The CaO/CaCO3 thermodynamic equilibrium is depicted in Figure 1.5. 

Lime carbonation benefits from mild operating temperatures and high CO2 concentrations, 

whereas limestone calcination is favoured by elevated temperatures and CO2-dilute gaseous 

media [10,26,37,38,40,41]. Ideally, a hydrogen-enriched gas leaves the SE-SMR reactor, while a 

concentrated CO2 stream is desired from the limestone calciner. Note that the high concentration 

of the calciner off-gas is crucial for the next steps of CO2 storage and sequestration [45].  

2 3( ) ( ) ( )CaO s CO g CaCO s+
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Figure  1.4. Schematic of the SE-SMR process in dual fluidized bed reactors 

 

Figure  1.5. Thermodynamic equilibrium of CaO/CaCO3  

Temperature-swing (TS) is the typical sorption/desorption cyclic route in the CaL process, where 

the limestone calcination occurs at elevated temperatures (e.g. 850-920̄ C) [17]. Although TS 

provides rapid and complete calcination of spent sorbents, the high temperature in the calciner 

commonly changes the pore structure of the sorbents by shrinking the micro-pores, called 
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sintering. This reduces the active surface area of the sorbent, leading to a sharp decay in sorbent 

utilization during the first few calcination-carbonation cycles [4,43,46,47]. Various measures, 

including sorbent modification (e.g. by steam reactivation, doping and adding inert materials) 

and synthetic sorbents (e.g. Li2ZrO3), have been tested to prevent the decay of sorbent utilization, 

while enhancing CO2 capture capability [4,47ï50]. However, these modified/reactivated/ 

synthetic sorbents are generally expensive compared to natural limestone, and are economically 

viable only if they show stable and high performance over many cycles (e.g. >10,000 cycles for 

Li 2ZrO3) [37,41].  

The pore evolution of lime-based sorbents depends strongly on the limestone calciner operating 

conditions. For instance, increasing the calciner temperature can significantly boost the rate of 

pore sintering, consequently accelerating decay of sorbent utilization [51,52].  Some studies [53ï

56] have shown that the porous structure of calcined limestone can also be affected by the 

gaseous medium (e.g. air, steam, CO2). Further investigations are imperative to determine the 

optimal calciner operating conditions (temperature, calcination extent, and gaseous medium) for 

the CaL process. 

1.6. Limestone Calcination  

1.6.1. Background  

Limestone calcination is an endothermic reaction, requiring elevated reactor temperatures (e.g. > 

800̄ C). The performance of limestone calciners depends strongly on operational factors, 

including the heating supply, operating pressure, CO2 partial pressure and reactor temperature. 

The energy required for calcination thermal processing can be supplied by burning fuels inside 

(direct) or outside (indirect) the reactor. Direct heating is typically preferred to decrease heat 
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losses, heat transfer resistance, temperature gradients, and reactor size. However, in situ burning 

of carbonaceous fuels (e.g. natural gas or coal) increases the CO2 concentration within the 

reactor, inhibiting limestone calcination (see Figure 1.5). Similarly, elevating calciner pressure 

leads to higher CO2 concentration within the reactor and therefore, lower calcination rate and 

extent. Note that high CO2 concentration and reactor pressure are typically desired to reduce the 

cost of CO2 purification and compression for carbon storage [37,57]. Although increasing the 

operating temperature can potentially enhance the rate of limestone calcination, it imposes 

several operational challenges (e.g. more sorbent sintering [51,52]).   

Figure 1.6 summarizes the main criteria for the limestone calciners, as well as advantages and 

challenges associated with each individual factor. Limestone calciners are normally preferred to 

operate autothermally at high pressures, low temperature and high CO2 concentrations. However, 

thermodynamics and kinetics of limestone calcination do not allow one to meet all these criteria 

simultaneously.  

 

Figure  1.6. Main criteria for limestone calciners 
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1.6.2.  Gaseous Media for Limestone Calcination 

1.6.2.1. Inert and Oxidant Gases 

Most fundamental studies have used air or N2 as the calcination gaseous medium. This includes 

laboratory (e.g. thermogravimetric analysis, electrically heated foil and magnetic suspension 

balance [58ï65]) and bench-scale (e.g. rotary kiln, fixed bed and fluidized bed reactors 

[59,66,67]) experimental setups. As mentioned above, the rate of limestone calcination depends 

heavily on the CO2 concentration within the reaction zone [68]. Non-CO2 sweeping gases can 

potentially dilute the reactor CO2 concentration, thereby enhancing limestone calcination [4]. 

Therefore, operating in the presence of inert gases may offer satisfactory limestone calcination at 

relatively low reactor temperatures. Note that the positive impact of non-CO2 gas-sweeping is 

directly a function of the CaCO3/gas feed ratio, with more improvement achieved at higher inlet 

gas flow rates [69].  

Limestone calcination in inert gases produces a dilute CO2 off-gas, which must be purified prior 

to CO2 sequestration. However, separating CO2 from air and nitrogen is energy-intensive, 

imposing an energy penalty on the system. Alternatively, helium can be used as the calcination 

gaseous medium, and then removed by membrane separation (Figure 1.7). The separated helium 

can then be compressed and recycled into the limestone calciner, minimizing the helium required 

for continuous operation [58,70]. Higher thermal conductivity and CO2 diffusivity in helium can 

also enhance limestone calcination at mild reactor temperatures [58]. Note that the energy 

required for calcination in these scenarios should be supplied by burning fuels, or by solar-

concentrated power [58,70,71]. However, indirect heating by fuel combustion suffers from low 

thermal efficiency (e.g. more heat loss and temperature gradient), whereas the solar-concentrated 
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power supply is geographically limited, and needs specific considerations for overnight 

operations. 

 

Figure  1.7. Limestone calcination in helium with solar-concentrated power 

Some studies [72ï75] have proposed integrating the CaL process with chemical looping 

combustion (CLC) systems, providing the limestone calcination energy by in situ metal (e.g. Ni 

and Cu) oxidation. The performance of the combined CaL-CLC process depends strongly on the 

oxygen carrier (OC), and the oxidation/calcination gaseous medium (air, steam, CO2 or O2). Air 

calcination/oxidation generates a dilute CO2 off-gas, whereas metal oxidation can be 

endothermic in the presence of steam and CO2 [74]. Instead, pure oxygen (in stoichiometric 

ratio) can be used to achieve autothermal operation and high off-gas CO2 concentration 

simultaneously. However, excess oxygen is typically required to achieve satisfactory OC 

oxidation, as well as averting reactor failure by defluidization. This imposes an additional energy 

penalty on the system, mainly due to low energy efficiency of the cryogenic air separation units 

(25 kJele per mole of O2 [76]). 

Limestone calcination can be also integrated with the exothermic CuO reduction (Table 1.3) in 

the presence of methane [72]. This potentially eliminates the need for downstream CO2 
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separation, as methane oxidation generates mostly steam and CO2. However, the high CO2 

concentration within calciner/reducer inhibits limestone calcination, implying the need for high 

reactor temperature. Note that this process (Figure 1.8) typically needs an additional air reactor 

to ensure satisfactory OC oxidation for multi-cyclic operation. The air reactor should preferably 

operate at mild temperatures, averting release of CO2 (by limestone calcination) into the depleted 

air. Given the substantial decay of lime CO2 carrying capacity over calcination-carbonation 

cycles, a significant limestone make-up flow would be required to maintain continuous 

operation. This implies the need for effective Cu/CaO separation in order to prevent purging of 

OC particles along with spent sorbents. More investigations are crucial to optimize the CaL-CLC 

process for practical applications. 

Table  1.3. Main reactions involved in CaL-CLC process with Cu-based oxygen carrier 

Reaction Stoichiometry DH25̄ C (kJ.mol
-1

) 

Limestone Calcination [18] CaCO3 ᵶ CaO + CO2 178 

CuO Reduction [72] 4CuO + CH4 ᵶ 4Cu + CO2 + 2H2O -156 

Cu Oxidation [72] 2Cu + O2 ᵶ 2CuO  -178 

 

Figure  1.8. CaL-CLC process with Cu-based oxygen carrier [72] 
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1.6.2.2. CO2 

One alternative to conventional inert-gas calcination is to decompose the limestone in the 

presence of CO2. This results in a highly-concentrated CO2 off-gas, which can eliminate the need 

for downstream gas separation. In addition, a portion of the calciner off-gas can be cooled 

(integrated with heat recovery facilities, e.g. heat exchangers), compressed, and recycled to the 

limestone calciner [77]. However, increasing the CO2 concentration inside the reactor reduces 

the limestone calcination rate and extent [3,62,67,78]. Therefore, higher reactor temperatures 

(e.g. > 900-950̄ C) than those for calcination in inert-gas  (e.g. > 850̄C) are required if CO2 is 

the calcination gaseous medium [67]. The presence of CO2 in the calciner can also promote loss 

of CaO surface area by pore sintering [53ï56]. Given also the indirect heating requirement, CO2 

calcination may not be attractive for industrial limestone calciners. 

1.6.2.3. Steam 

Steam has been proposed to maintain a low CO2 concentration within the reactor, while also 

producing a CO2-concentrated stream after condensing the steam content of calciner off-gas. The 

presence of steam in the calciner also accelerates the rate of limestone decomposition by 

enhancing solid-gas heat transfer [79], weakening the CaO-CO2 chemical bond [62,80,81], and 

forming a surface bicarbonate intermediate [58,82]. Enhanced limestone calcination rate can 

potentially reduce the required reactor temperature for satisfactory limestone calcination [62]. 

However, weaker sorbent structures in the presence of steam may lead to increased particle 

attrition and fragmentation, resulting in greater solid loss by entrainment [83]. Recent studies 

[58] have shown that the injection of steam at low concentrations (e.g. 1.25%) can notably 

enhance the rate of limestone calcination, without a negative impact on the mechanical strength 

of calcined limestone.   
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Morphological changes associated with limestone calcination in steam may also affect the 

performance of calcined limestone for successive carbon and sulfur capture. Rong et al. [84] 

found that adding steam during calcination slightly increased pore sintering, consequently 

reducing the cyclic carbon capture capability of calcined particles. Accelerated loss of surface 

area due to steam is similar to findings by Borgwardt [53]. In contrast, several studies have 

shown that steam injection during calcination can enhance the cyclic CO2 and sulfur carrying 

capacity of calcined limestone [56,80,85,86]. The positive impact of steam has been linked to the 

creation of larger pore diameters (~50 nm) and reduced pore blockage by carbonation [85]. 

Champagne et al. [86] concluded that increasing the steam concentration in a limestone calciner 

results in both enhanced pore sintering and a shift of pore size toward larger diameters. This 

result was supported by detailed analysis of the fast and slow stage carbonation regimes at 

different reaction cycles. Enhanced pore sintering adversely affects the sorbent CO2 carrying 

capacity, whereas larger pore diameter leads to lower diffusional resistance in the CaCO3 product 

layer.  

The effect of steam on the morphology of the calcined particles may also depend on the 

limestone impurities and particle size. Donat et al. [85] observed that different limestones behave 

differently during limestone calcination in steam, and explained this by means of different solid 

impurities. Rong et al. [84] claimed particle size to be a key factor for explaining observed 

contradiction between different experimental results. Chou et al. [87] showed that cyclic carbon 

capture capability of fine particles (4.3 vs. 217 mm) is more enhanced when injecting steam into 

calciner. In contrast, Champagne et al. [86] found that the performance of lime-based sorbents 

was independent of particle size (45-106 vs. 250-425 mm).  
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In summary, operation in the presence of steam can offer rapid limestone calcination at reduced 

temperatures. Injection of steam into a calciner may also enhance the carrying capacity of the 

calcined limestone for capture of CO2 and SO2. Nevertheless, steam generation is energy-

consuming, imposing additional energy penalty on the system. Limestone calcination in steam is 

also endothermic, requiring indirect heating from the reactor wall. For some applications, 

metallic catalyst is fed into the calciner along with limestone particles (e.g. sorbent-enhanced 

methane reforming and water-gas shift reaction). High temperature steam in these processes can 

undesirably oxidize metallic catalysts, implying the need for catalyst regeneration and/or make-

up flow. From a practical prospective, limestone calcination in steam would be attractive only if 

the calciner were to be used for non-catalytic processes (e.g. cement industry and post-

combustion carbon capture), and if the steam could be supplied from a side process (e.g. a steam 

cycle). 

1.6.2.4. CO2-Utilizing Media 

CO2 utilization refers to the production of commercially attractive chemical compounds from 

carbon dioxide. Integration of limestone calcination with in situ CO2 utilization can potentially 

preserve low CO2 emissions, while generating a valuable byproduct. In addition, in situ CO2 

utilization can favourably reduce the CO2 concentration within the reactor, enhancing the 

limestone calcination rate and reducing the reactor temperature.  

Reller et al. [88] found that limestone calcination in the presence of hydrogen can substantially 

reduce the required calcination temperature (by at least 150C̄), while also producing a gaseous 

mixture composed of methane and carbon monoxide. Similar observations were reported later by 

Jagadeesan et al. [89], who found co-production of lime and syngas (CO2, CO, H2, and CH4) 

during limestone calcination in hydrogen. The use of a transition metal can accelerate limestone 
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decomposition, as well as catalyzing CO2 conversion toward different gases. Jagadeesan et al. 

[89] reported 100% methane production by Co/CoO/CaO particles, and C1-C3 hydrocarbons 

generation in the presence of Fe-based transition metals [90]. Note that the performance of this 

process can also depend on the hydrogen partial pressure, with the CO and CH4 selectivity 

decreasing and increasing with increasing hydrogen partial pressure, respectively [91].  

Despite its advantages, hydrogen is not practically attractive as a calcination gaseous medium 

given its cost. Alternatively, methane can be applied in order to utilize the released CO2 (from 

limestone calcination) for syngas production via dry methane reforming. A general schematic of 

the process is presented in Figure 1.9, with its main reactions listed in Table 1.4. A 

thermodynamic analysis by Nikulshina et al. [92] demonstrated that this process can be initiated 

at 1000 K, while temperatures > 1200 K are required for reaction completion. However, slow dry 

methane reforming inhibits the methane conversion in practice, and temperatures close to 2000 K 

are needed to achieve complete feedstock conversion. The authors claimed that increasing 

temperature, reducing gas inlet flow rate, elevating methane feed concentration and use of a 

catalyst can potentially enhance gaseous feedstock conversion during limestone calcination in 

presence of methane.  

Kim et al. [93] studied the combined limestone calcination and methane dry reforming with a 

nickel-based catalyst under fluidization conditions. They obtained a moderate H2/CO syngas 

molar ratio (~1.04-1.06) for dilute (720̄C, balanced with nitrogen) and pure (900C̄) methane 

feedstock. Coke formation was observed at mild reactor temperatures, which can eventually 

deactivate catalysts during continuous operation. Formation of coke at mild calciner 

temperatures was also reported by Dang et al. [94]. Catalyst deactivation by carbon deposition is 

a major challenge for industrial applications, requiring fresh catalyst make-up or costly 
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regeneration processes. Elevating the reactor temperature (e.g. to >900C̄), fabrication of catalyst 

with high oxygen storage capacity, bimetallic catalyst and limiting the operating time to 

calcination completion have been suggested to avoid coke formation during  limestone 

calcination in presence of methane [93].  

 

Figure  1.9. Schematic of calcination in methane 

Table  1.4. Main reactions involved in calcination in methane 

Reaction Stoichiometry DH25̄ C (kJ.mol
-1

) 

Limestone Calcination [18] CaCO3 ᵶ CaO + CO2 178 

Dry Methane Reforming [95] CO2 + CH4 ᵶ 2CO + 2H2 247 

Methane Calcination
*
 CaCO3 + CH4 ᵶ CaO + 2CO + 2H2 425 

*
 Standard heat of reactions were calculated by summing the heats of reactions 

Motivated by limited natural gas supply and non-uniform distribution of reserves, Dang et al. 

[96] studied the integration of limestone calcination with dry reforming of ethanol/glycerol 

mixtures. Crude glycerol is an attractive hydrogen donor which can be obtained as a byproduct 
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of biodiesel production. Although ethanol is not a major impurity in the crude glycerol, a mixture 

of glycerol and ethanol may be achieved during bioconversion of crude glycerol to ethanol. 

Table 1.5 demonstrates the main reactions involved in the limestone calcination combined with 

ethanol/glycerol dry reforming. Similar to limestone calcination in methane, Dang et al. [96] 

found that limestone decomposition in ethanol/glycerol mixture can offer a moderate H2/CO 

syngas ratio (e.g. 1.2) in the presence of nickel-based catalysts. Nickel outperforms other metals 

(e.g. Co, Fe, Cu, Rh, Ru, and Pt), while its performance is similar to that for Pd-based catalyst. 

The authors did not observe any limestone calcination at temperatures below 700C̄, and selected 

765̄ C as the optimal operating temperature. Note that coke formation was also detected at low 

reactor temperatures. This could be avoided by increasing reactor temperature and/or limiting the 

reaction time. In addition, the variation of feedstock (glycerol + ethanol) concentration did not 

appreciably change the generated syngas quality. However, increasing ethanol concentration was 

shown to enhance the glycerol conversion within the reactor. Note that elevating the glycerol 

feed concentration substantially increases the feedstock viscosity, imposing several operating 

challenges on the system.  

Table  1.5. Main reactions involved in calcination in ethanol/glycerol 

Reaction Stoichiometry DH25̄ C (kJ.mol
-1

) 

Limestone Calcination [18] CaCO3 ᵶ CaO + CO2 178 

Glycerol Decomposition [97]   C3H8O3 ᵶ 3CO + 4H2  251.18 

Water-Gas Shift Reaction [97] H2 + CO2 ᵶ CO + H2O 41.17 

Ethanol Dry Reforming [97] C2H5OH + CO2 ᵶ 3CO + 3H2 296.7 

Glycerol Calcination 
*
  CaCO3 + C3H8O3 ᵶ CaO + 4CO + 3H2 + H2O 470.35 

Ethanol Calcination 
*
 CaCO3 + C2H5OH ᵶ CaO + 3CO + 3H2 474.4 

*
 Standard heat of reactions were calculated by summing the heats of reaction of the reactions involved. 
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Although the concept of integrating limestone calcination with in situ CO2 utilization is very 

attractive, more investigations are required to optimize these technologies for practical 

applications. The currently proposed processes are either highly endothermic (e.g. calcination in 

methane and ethanol/glycerol) or utilize costly gaseous feedstock (hydrogen). The required 

energy for thermal processing of these technologies should be supplied by a parallel oxy-fuel 

combustor, or by utilizing solar-concentrated power. Oxy-fuel combustors require an upstream 

air separation unit, while solar-concentrated power systems have not been fully developed, and 

suffer from low solar-to-chemical energy conversion efficiency (e.g. 7-10% [92]). Coke 

formation is another significant challenge in these processes, which must be avoided by 

controlling the gas inlet flow rate, reaction time or reactor temperature. Given the dynamic 

variation of solid composition in fluidized bed reactors, it would be practically difficult to 

eliminate coke formation by dynamically controlling the gas inlet flow rate or reaction time. 

Increasing the reactor temperature also imposes additional thermal penalty on the system, while 

also increasing the rate of pore sintering during cyclic operations.  

1.6.2.5. Oxy-Fuel Calciners 

Nearly 35-50% of the energy demand for post-combustion CaL carbon capture is attributed to 

the sorbent regeneration in the limestone calciner [98,99]. This includes energy input for: 

¶ Increasing the feed (solid and gas) temperature  

¶ Conducting highly endothermic limestone calcination  

Indirect reactor heating can increase the heat loss and temperature gradient, while also enlarging 

the calciner to provide adequate heat transfer area. Instead, limestone calcination can be 

conducted in the presence of oxy-fuel feedstock, burning hydrocarbon fuels (e.g. coal and natural 
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gas) with oxygen inside the reactor. This eliminates the need for external heating supply, while 

also generating highly-concentrated CO2 for carbon storage [99ï102]. To date, most pilot-scale 

CaL systems are integrated with oxy-fuel limestone calciners [103ï106]. Oxy-fuel calciners have 

also been studied for quick lime production in rotary kilns [107]. From a practical prospective, 

oxy-fuel calciners are most likely to be employed in emerging CaL technology, including post- 

and pre-combustion carbon capture processes.  

One key challenge in oxy-fuel limestone calciners is the high energy penalty required for oxygen 

production via air separation units [108]. The power generation efficiency in coal-based power 

plants with post-combustion CaL carbon capture (depicted in Figure 1.10) is around 38.8%, with 

the CO2 product compression and air separation being the main sources of efficiency penalty 

[102]. Therefore, it is desirable to minimize fuel burning inside the calciner, decreasing the 

process oxygen requirement and CO2 productivity. One plausible approach is to recover the 

high-quality heat carried by the calciner solid and gas products, as shown in Figure 1.10. This 

can be achieved by different heat exchanger configurations (e.g. gas-gas and gas-solid), and by 

recycling a portion of the calciner off-gas into the reactor [108,109]. Flue gas recycle can also 

control the flame temperature spike, which occurs due to fuel combustion at high oxygen 

concentrations [107]. The heat carried by the calciner gas and solid products may also be used 

for preheating and/or high-pressure steam generation, with the produced steam being further 

used in steam cycles and electricity generation [99,108ï111]. Note that ñPowerò and ñHeatò 

labels in Figure 1.10 are complementary, with appropriate heat integration enhancing the power 

generation efficiency of the process. 
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Figure  1.10. Schematic of coal-based power plant with post-combustion CaL carbon 

capture 

The performance of oxy-fuel limestone calciners may depend strongly on the type of fuel applied 

for in situ heat generation. Coal and natural gas have been studied mostly, owing to their 

relatively low market price and wide geographical distribution [99,100,102ï106,108ï112]. 

Instead, biomass can be used to achieve ñnegative CO2 emissionsò within the system. However, 

biomass resources are limited, and cannot support the worldôs growing demand for clean energy 

[59,77,102]. Another alternative is to burn hydrogen outside or inside the reactor, with the 

former case eliminating the need for an energy-intensive air separation unit [77]. Nevertheless, 

hydrogen is a precious gas, and burning it for energy production is not economically or 

environmentally attractive. 

Despite its abundance and low cost, coal contains considerable impurities (e.g. S and Cl) which 

can adversely affect CaL performance. Both lime and limestone are highly favoured to be 

sulfated in the calciner range of operating conditions. This produces a CaSO4 layer on the 

particle/pore surface, inhibiting limestone calcination by creating additional diffusional 

resistance to CO2 evolution. Sulfated sorbents also lose their reactivity toward carbon capture, 

imposing the need for considerable sorbent make-up/purge flows [104,112,113]. Similarly, a 
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significant amount of HCl can be released by burning coal in power plants and oxy-fuel 

calciners. Nearly complete HCl removal can be achieved in the lime carbonator, with the 

chloride sorbent being fully regenerated in the calciner. This increases the HCl concentration 

within the calciner, resulting in equipment corrosion and failure if not addressed properly [59]. 

Ash deposition is another challenge linked to the coal-based oxy-fuel calciners, reducing sorbent 

reactivity for multi-cyclic operations. Coal ash can also agglomerate inside the calciner, leading 

to defluidization and reactor failure [106].  

Compared to coal, natural gas is a cleaner fuel with no ash and very low sulfur content [109]. 

Lower CO2 content of the flue gas in natural gas combustion can also offer lower calcination 

temperatures than in coal-based oxy-fuel calciners. However, the natural gas market price is 

currently higher than coal, and further economic analysis is required to assess economic 

feasibility. 

In general, oxy-fuel calcination can eliminate the need for external heating supply, consequently 

increasing process thermal efficiency. Further enhancement can be achieved by utilizing 

alternative clean fuels (e.g. natural gas and biomass) and applying appropriate heat integration. 

Note that oxy-fuel calciners typically operate at higher reactor temperatures (e.g. >900C̄ at 

ambient pressure [102,106]) than those for calcination in inert-gases and steam. This is due to 

considerable CO2 release by the fuel combustion, inhibiting limestone calcination at mild reactor 

temperatures. Elevating the calciner temperature adversely affects CO2 capture capability of the 

calcined limestone, while also imposing an additional thermal penalty on the system. Several 

studies have suggested steam injection to reduce the CO2 concentration within oxy-fuel calciners 

[101ï103,105]. However, steam generation is energy-consuming, thereby steam dilution would 

only be preferred if steam comes from an available side-process (e.g. steam cycle [103]). Oxy-
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fuel calciners may also operate with excess oxygen to ensure complete fuel combustion inside 

the reactor. This potentially dilutes the off-gas CO2 concentration, while also resulting in catalyst 

oxidation/deactivation for some applications (e.g. sorbent-enhanced steam methane reforming).  

1.7. Thesis Scope and Objectives 

Limestone calciners are typically preferred to operate autothermally at reduced reactor 

temperatures, elevated pressures (depending on the carbonator pressure), and high CO2 

concentrations (or with CO2 utilization). However, current technologies are incapable of meeting 

all these criteria simultaneously. The overarching objective of this thesis is to introduce a novel 

sorbent regeneration technology for low-temperature limestone calcination in calcium-looping.  

In addition, this project sought to investigate the effect of sorbent regeneration conditions, 

particularly partial limestone calcination, on the cyclic carbon capture capability of lime-based 

sorbents.  

The effects of calcination temperature, duration, and extent (e.g. partial calcination) on the cyclic 

carbon capture capability of lime-based sorbents are examined in depth in Chapter 2 utilizing 

thermogravimetric analysis. Particular attention is given to the impact of partial/incomplete 

limestone calcination, where there is a major gap in prior scientific research. Some additional 

tests are also conducted to evaluate effects of heating rate and steam reactivation on the CO2 

capture capability of sorbents. However, these experiments could not be completed by the time 

of writing this thesis for reasons beyond the control of the author. The limited experimental 

results are therefore summarized and discussed in Appendices. 

A novel sorbent regeneration technology is proposed in Chapter 3, combining methane 

reforming, combustion and limestone calcination (e.g. methane concentrated oxy-fuel 
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calcination) in a single reactor. Aspen Plus simulation is employed to evaluate the 

thermodynamic equilibrium of the proposed process at different operating conditions. It is shown 

that methane-concentrated oxy-fuel calciners can offer autothermal, coke-free and complete 

limestone calcination under certain circumstances. The proposed process also generates a highly 

valuable byproduct (syngas), utilizing a portion of the CO2 released during limestone calcination.  

Reactor simulations are carried out in Chapter 4, evaluating the kinetic performance of methane-

concentrated oxy-fuel fluidized bed limestone calciners. The effects of operating conditions are 

assessed, and the results are compared to those for conventional steam calciners. A simple, yet 

effective, methodology is then suggested to determine the proper range of operating conditions 

and/or reactor dimensions for limestone calcination with this novel sorbent regeneration 

technology. 

The performance of sorbent-enhanced steam methane reformers, integrated with steam and 

methane-concentrated oxy-fuel calciners, is evaluated in Chapter 5 for different operating 

conditions. The potential system performance is also assessed when hydrogen perm-selective 

membranes are installed inside the reformer. The methane-concentrated oxy-fuel calciner is 

shown to benefit from lower reactor temperature, higher hydrogen production yield and lower 

CO2 emissions.  

Additional thermodynamic/kinetic simulations are performed in Chapters 6 and 7 to shed light 

on some potential applications of this novel limestone calcination technology. In particular, 

Chapter 6 introduces an advanced lime hydration configuration, utilizing saturated steam as the 

sorbent reactivating reagent and direct-heat-removal medium. This enables controlling the lime 

hydrator temperature without internal heat-removal facilities, while also producing substantial 
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superheated steam as a by-product. The equilibrium performance of the methane-concentrated 

oxyfuel calciners is then extensively studied for co-calcining limestone and slaked-lime at 

different operating conditions. 

Chapter 7 studies the equilibrium and kinetic performance of methane-concentrated air-fuel 

limestone calcination at elevated reactor pressures (up to 25 bars). The process syngas is shown 

to be mainly composed of H2, CO, and N2, which can be further used for ammonia synthesis 

without air separation. The equilibrium performance of the process is evaluated at different 

reactor pressures, operating temperatures, feeding ratios and air oxygen concentrations. A kinetic 

model is also employed to assess the system performance in turbulent fluidized bed reactors. 

Chapter 8 summarizes the overall conclusions from this study and proposes some 

recommendations. 
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CHAPTER 2: Effects of Calcination Temperature and Extent on 

CO2 Carrying Capacity of Lime -Based Sorbents 
 

2.1. Introduction  

One of the key challenges in calcium-looping technology is sorbent deactivation over multiple 

cycles. This leads to a significant reduction of CO2 carrying capacity in the first few calcination-

carbonation cycles, requiring substantial sorbent make-up flow for continuous operation. Sorbent 

utilization decay of lime-based sorbents is linked to the pore evolution (e.g. pore sintering) 

during limestone calcination [46ï48,114ï116]. Previous studies [51,52] have shown that 

increasing calcination temperature (e.g. to 850-1200̄ C) can accelerate pore sintering and sorbent 

deactivation in the first few reaction cycles. On the other hand, there have been contradictory 

observations regarding the effect of the duration of calcination on the cyclic performance of 

lime-based sorbents. Grasa and Abanades [51] observed no differences when calcination 

conditions were extended after reaction completion. In contrast, Manovic et al. [52] reported 

enhanced sorbent utilization when the duration of calcination was long (up to 4 h). Sun et al. [46] 

showed that extending the calcination period resulted in enhanced pore sintering, thereby, 

accelerating sorbent deactivation.  

To date, there has not been a systematic study of the effect of incomplete (partial) limestone 

calcination on the cyclic performance of lime-based sorbents. Partial calcination is most likely to 

occur when there is limited sorbent residence time and a progressive increase of CO2 

concentration within a calciner. This chapter addresses cyclic (up to 100 cycles) performance of 

naturally-derived lime-based sorbents at different calcination temperatures and for various 

durations. A semi-empirical method is also introduced to estimate the fast-stage carbonation 
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extent as a function of the number of calcination-carbonation cycles, calcination temperatures, 

and calcination extent.  

2.2. Experimental  Details  
 

Cyclic calcination-carbonation tests were conducted experimentally for two limestones 

(Strassburg from eastern USA, and Cadomin from western Canada), both screened to 500-710 

ɛm. The tests were carried out in a TA Instruments SDT-Q600 thermogravimetric analyzer 

(TGA) in the department of Chemical and Biological Engineering. Approximately 15 mg of 

limestone particles was thinly spread on a ceramic pan for each test. The sweep gas flow rate was 

maintained at 300 ml (STD)/min in order to reduce the external mass transfer resistance around 

the sorbent particles and to decrease the time needed to switch the gas medium. Each test was 

initiated by 15-min of sorbent dehydration (initial pretreatment) at 105̄C, and 90-min of 

secondary pretreatment (to decompose the MgCO3 impurity of the limestone samples) at 450C̄, 

both in a pure CO2 atmosphere. The temperature was next raised quickly to the target calcination 

temperature. Calcination-carbonation cycles were then achieved by periodically varying the 

chamber gaseous medium and the operating temperature. Heating and cooling rates were 

maintained at 20̄C/min, unless otherwise specified. Nearly pure (>99.5%: Praxair) CO2 and N2 

were used to conduct the carbonation and calcination, respectively. This was to facilitate the 

performance evaluation and data interpretation when sorbents are partially calcined. The gaseous 

feed stream was switched as soon as the system reached the target reaction temperature. 

Some limestone samples were reduced to the optimum grain-size range for quantitative X-ray 

analysis (<10 mm) by grinding under ethanol in a vibratory McCrone Micronizing Mill for 10 

minutes. Continuous-scan X-ray powder-diffraction data were collected over a range of 3-80Á2ɗ 
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with CoKŬ radiation on a Bruker D8 Advance Bragg-Brentano diffractometer, equipped with a 

Fe filter foil, 0.6 mm (0.3°) divergence slit, incident- and diffracted-beam Soller slits, and a 

LynxEye-XE detector, located in the department of Earth, Ocean and Atmospheric Sciences, 

UBC. The long fine-focus Co X-ray tube was operated at 35 kV and 40 mA, using a take-off 

angle of 6°. The X-ray diffractograms were analyzed using the International Centre for 

Diffraction Database PDF-4 and Search-Match software by Bruker. X-ray powder-diffraction 

data of the samples were then refined with Rietveld program Topas 4.2 (Bruker AXS). The 

Rietveld-refined XRD results are presented in Table 2.1.  

Table  2.1. XRD measurement results for different limestones 

Limestone Mineral Phase Formula wt%  

Strassburg 

Calcite CaCO3 97.4 

Dolomite CaMg(CO3)2 2.0 

Quartz SiO2 0.6 

Cadomin 

Calcite CaCO3 91.1 

Dolomite CaMg(CO3)2 7.0 

Quartz SiO2 1.5 

Pyrite FeS2 0.1 

K-Feldspar  KAlSi 3O8 0.3 

The dynamic variation of sorbent conversion was calculated as:  

0

0

( )
( )

0.44

tm m
X t

m

-
=  

( 2.1) 

where m0 is the weight of the limestone after the secondary pretreatment, and m(t) is the 

instantaneous weight of the solid at time t during the reaction. Note that Equation (2.1) is based 
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on a 100% CaCO3 sample after the secondary pretreatment, considering minor sorbent impurities 

(e.g. MgO, ~1 and 3 wt% for the Strassburg and Cadomin limestones, respectively) as inactive 

inert. The carbonation reaction was conducted at 650C̄ for 15 minutes, unless otherwise 

specified. The calcination temperature and duration were varied, with a summary of tested 

conditions presented in Table 2.2. These test conditions are governed by the factors investigated 

in this chapter, including effects of calcination temperatures (runs # 1-5), extended calcination 

duration (runs # 1, 3, 5, 7-9), exposing limestone to high temperature without reaction (runs # 8 

and 10), partial limestone calcination (runs # 1, 6, 11-13), and the type of limestone sorbent (runs 

# 14-17). The extent of the fast reaction-controlled carbonation regime in each cycle was 

determined by: 

1. Locating 1

max

(min )
dX

dt

- and its corresponding time, max(min);t  

2. Plotting ( )max max

max

( ) 0.3 ( )
dX

X t t t X t
dt

å õ
æ ö= - - +
æ ö
ç ÷

 versus time;  

3. Finding intersection of the experimental data and X  as the fast-stage carbonation extent. 

Note that the 0.3 minutes offset was selected based on 2% of the carbonation duration in each 15 

min cycle, similar to that typically applied for defining the offset of yield stress. Some tests were 

repeated to ensure reproducibility of the experimental results, as indicated in Table 2.2. Figure 

2.1 confirms the reproducibility of the TGA test results, with very low standard deviations 

achieved by three-time repetition of a single cyclic test (run #3 in Table 2.2). Note that blue 

intervals in Figure 2.1 show +/- standard deviation at each calcination-carbonation cycle, 

calculated using the Excel built-in STDEV function. 
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Table  2.2. Summary of experimental conditions tested. (Measurement accuracy = +/- 5 C̄) 

Test # Limestone 
Calcination 

Temperature (̄ C) 

Calcination 

Time (min)
*
 

# of Cycles # of Test Repetitions 

1 Strassburg 800 15 100 
2 

(Repeated for 20 cycles) 

2 Strassburg 825 15 100 1 

3 Strassburg 850 15 100 
3 

(Repeated for 20 cycles) 

4 Strassburg 875 15 100 1 

5 Strassburg 900 15 100 
2 

(Repeated for 20 cycles) 

6 Strassburg 800 6 100 
2 

(Repeated for 20 cycles) 

7 Strassburg 800 30 20 1 

8 Strassburg 850 6 20 1 

9 Strassburg 900 6 20 1 

10 Strassburg 850 6 
10 TS cycles in CO2 

+ 18 regular cycles 
1 

11 Strassburg 800 

10 cycles at 4 min 

10 cycles at 6 min 

30 cycles at 15 min 

50 1 

12 Strassburg 800 

10 cycles at 6.5 min 

10 cycles at 6 min 

10 cycles at 6.5 min 

10 cycles at 7 min 

40 1 

13 Strassburg Same as Run 11 with 30̄C/min cooling ramp 1 

14 Strassburg 
Same as Run 3 except for carbonation 

temperature of 850̄C 
40 1 

15 Strassburg 
Same as Run 14 except for calcination 

duration of 5 minutes 
40 1 

16 Cadomin Same as Run 14 1 

17 Cadomin Same as Run 15  1 

* Time = 0 corresponds to when calcination temperature was reached. 
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Figure  2.1. Reproducibility of the cyclic thermogravimetric analysis results. For test 

conditions, see run 3 in Table 2.2. Red points are the average sorbent 

utilization achieved by three-time repetition of the cyclic TGA test. Blue error 

bars show plus and minus the calculated standard deviation at each 

calcination-carbonation cycle. 

Note that the range of limestone calcination temperature in Table 2.2 (800-900̄ C) was selected 

based on the typical range of sorbent regeneration temperature in calcium-looping processes. In 

fact, limestone calcination can be slow at temperatures <800C̄, while temperatures >900̄C are 

not practically attractive owing to the significant loss of sorbent utilization (i.e., high thermal 

pore sintering), high cost of material of construction, and low reactor thermal efficiency. On the 

other hand, the duration of limestone calcination (6-30 min, see Table 2.2) was chosen based on 

the preliminary tests to achieve complete, partial, and extended-duration (after completion) 

sorbent regeneration at different conditions. 

2.3. Results and Discussion 

2.3.1 Effect of Calcination-Carbonation Cycling  

A typical sorbent conversion and temperature profile, obtained during the TGA experiments, is 

depicted in Figure 2.1. The stars in Figure 2.1(b) identify the sorbent conversion at the end of the 
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initial reaction-controlled carbonation stage, referred to henceforth as sorbent utilization. 

Calcined limestone rapidly lost its reactivity during the first few cycles, with utilization decay 

then decelerating with further calcination-carbonation cycling. This decay in sorbent utilization 

can be attributed to thermal pore sintering, a well-known phenomenon in calcium-looping 

processes [46ï48,114ï116]. Note that the transition from carbonation-to-calcination (by 

temperature swing, TS) was conducted in CO2 to avert limestone calcination before reaching the 

target reaction temperature, at which the gas was switched to nitrogen. This led to a sudden jump 

in sorbent conversion (during the TS period), probably owing to enhanced CO2 diffusion through 

the CaCO3 product layer as the temperature increased. Similarly, the calcination-to-carbonation 

transition was conducted in N2, preventing lime carbonation prior to reaching the target 

carbonation temperature. Therefore, limestone calcination progressed slowly during the TS 

period, especially if the isothermal calcination stage did not provide complete sorbent 

regeneration. 

 

Figure  2.2. Typical sorbent conversion and temperature profile during cyclic calcination-

carbonation tests.  Stars show the fast-stage carbonation extent in each cycle. 

For test conditions, see run 3 in Table 2.2. 
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Both carbonation and calcination followed sigmoidal curves with respect to reaction time, as 

depicted in Figure 2.2. The existence of an induction period (time to start reaction) has been 

previously linked to the nucleation process on the particle surface [117]. In addition, the slow 

rate of gas replacement around sample particles might be responsible for the late initiation of 

reactions in TGA. This potentially explains the longer induction period observed for the 

limestone calcination than for lime carbonation; as the gaseous medium must be varied further to 

surpass the CaCO3/CaO thermodynamic equilibrium. Note that Figure 2.2(a) plots the limestone 

calcination extent, normalized by the carbonate produced during the previous cycle: 

( )Carb,N-1 Calc,N

Calc,Norm,N

Carb,N-1

1X X
X

X

- -
=  ( 2.2) 

where XCalc,Norm,N represents the normalized limestone calcination extent at cycle N, XCarb,N-1 is 

the lime fast-stage carbonation extent at cycle N-1 relative to fully calcined particles, and XCalc,N 

is the limestone calcination extent at cycle N relative to fully carbonated particles. The deviation 

of the ultimate normalized calcination extent from unity at the higher numbers of cycles (Figure 

2.2(a)) could be due to the sensitivity of Equation (2.2) at low carbonation extents. The CaCO3 

molar fraction profile during limestone calcination (Figure 2.3) confirms that nearly complete 

sorbent regeneration was achieved in all cycles of this TGA experiment. 
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Figure  2.3. Normalized (a) calcination; and (b) carbonation profiles at different 

calcination-carbonation cycles. For test conditions, see run 3 in Table 2.2. 

 

 

Figure  2.4. CaCO3 molar fraction time variation during limestone calcination after 

different numbers of calcination-carbonation cycles.  For test conditions, see 

run 3 in Table 2.2. 

The limestone calcination rate appears to have increased over calcination-carbonation cycles, 

while the rate of fast-stage carbonation remained nearly independent of cycling. This can be 

observed from Figure 2.2, as well as from the dynamic variation of the reaction rates for different 
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cycles (Figure 2.4). It is widely accepted that pore sintering reduces active surface area within 

the sorbent, therefore decreasing the carbonation extent during cycling [46ï48,114ï116]. This 

leads to lower carbonate formation (mostly on the sorbent particle surface) during carbonation 

and, accordingly, less resistance for CO2 outward diffusion during calcination. Thus, the rate of 

limestone calcination increases with increasing number of reaction cycles, with less increase in 

the calcination rate observed at higher numbers of cycles (Figures 2.2(a) and 2.4(a)). On the 

other hand, the rate of fast-stage lime carbonation appears to be independent of the number of 

reaction cycles, whereas the reaction-controlled carbonation extent substantially decreased 

during cycling. This could be attributed to the fact that the rate of fast-stage carbonation is 

dominated by the intrinsic reaction rate, while the fast-stage carbonation extent relies on the 

available surface area within the sorbent. Similar findings were also observed in other tests 

conducted for total calcination conditions (e.g. tests 1-5 in Table 2.2.). 

 

Figure  2.5. Normalized (a) calcination; and (b) carbonation rate profiles with different 

calcination-carbonation cycles.  For test conditions, see run 3 in Table 2.2. 
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2.3.2 Effect of Calcination Temperature  

Elevating the calcination temperature accelerates the sorbent utilization decay in the first few 

cycles, as shown in Figure 2.5(a). However, the residual sorbent utilization (after many cycles) at 

all calcination temperatures nearly approached zero. This observation is contrary to earlier 

studies where a non-zero sorbent utilization was observed [46,51]. The discrepancy may come 

from different applied carbonation temperatures, as well as different methodologies employed to 

determine the lime carbonation extent in each cycle. The present work determines the maximum 

sorbent conversion in the fast reaction-controlled carbonation regime, while previous studies 

mostly took the highest sorbent conversion at the end of each cycle. Note that the latter approach 

can depend highly on the reaction time, and may lead to sorbent being converted through both 

carbonation regimes. Accordingly, it may be concluded that the reaction-controlled carbonation 

extent nearly approaches zero after many cycles, while diffusion-controlled carbonation becomes 

dominant for highly sintered particles.  

Raising the calcination temperature substantially enhanced the rate of limestone decomposition 

(Figure 2.5(b)) by increasing both the reaction rate constant and the driving force [118,119]. In 

addition, raising the calcination temperature led to a shorter induction period, confirming our 

earlier hypothesis on the significance of switching gaseous medium around sorbent particles. In 

fact, limestone can decompose at higher CO2 partial pressures at elevated temperatures. 

Therefore, the composition of gaseous medium in the reaction chamber should vary less to 

initiate limestone calcination, corresponding to shorter induction periods at higher calcination 

temperatures. 
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Figure  2.6. Effect of calcination temperature on: (a) cyclic sorbent (Strassburg) utilization; 

and (b) first-cycle calcination rate. Test conditions correspond to runs 1-5 in 

Table 2.2. Every third experimental data points is plotted in (a) for clearer 

presentation of the data. 

2.3.3 Effect of Calcination Duration  

The effect of the duration of calcination on the cyclic performance of the lime-based sorbent is 

depicted in Figure 2.6. Extending the calcination time from 6 to 15 minutes did not affect the 

sorbent performance at 850 and 900̄C. Similarly, increasing the calcination duration from 15 to 

30 minutes did not appreciably change the cyclic sorbent utilization at 800C̄. It should be noted 

that the sorbent particles were fully calcined after 6 min at 850 and 900C̄, as well as after 15 

min at 800̄C. Clearly, extending the calcination time after reaction completion had negligible 

impact on the sorbent cyclic performance, in agreement with findings of Grasa and Abanades 

[51]. On the other hand, reducing the duration of calcination from 15 to 6 minutes greatly altered 

the sorbent cyclic utilization at 800̄C (Figure 2.6(b)). This was due to incomplete limestone 

calcination, leaving a portion of the sorbent uncalcined before entering the next carbonation 

stage.  Note that the sorbent utilization in this case does not represent the CO2 carrying capacity 
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of the sorbent since the uncalcined inner portion of the sorbents has not participated appreciably 

in capturing carbon. 

 

Figure  2.7. Effects of calcination temperature and duration on the cyclic performance of 

Strassburg sorbents. For test conditions, see runs 1, 3 and 5-9 in Table 2.2. 

Two prolonged cyclic tests (100 cycles, runs 1 and 6 in Table 2.2) were conducted to evaluate 

the effect of partial calcination during extended calcination-carbonation cycles. A lower rate of 

sorbent utilization decay was achieved after partial calcination (Figure 2.7(a)), possibly due to 

gradual utilization of uncalcined sorbent when cycling. This can be confirmed by the progressive 

increase in limestone calcination extent with increasing number of cycles, as demonstrated in 

Figure 2.7(b). Note that the limestone calcination would have remained constant if there had 

been no decay in sorbent utilization. However, the loss of sorbent reactivity led to less sorbent 

re-carbonation and, consequently, the uncalcined portion of the sorbent being partially calcined 

during the next regeneration stage. Gradual utilization of the uncalcined sorbent is promising 

since it may offer a more stable CO2 capture performance during multiple-cycle operation. 

Lower calciner temperatures and sorbent residence times are also needed for partial limestone 
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calcination, enhancing both the cyclic performance of the sorbent and the overall thermal 

efficiency of the process.  

 

Figure  2.8. Effect of partial calcination on cyclic: (a) carbonation; and (b) calcination 

extents. For test conditions see runs 1 and 6 in Table 2.2. Every third 

experimental data point is plotted for better viewing. 

Gradual utilization of the uncalcined sorbent would only be attractive if the preserved uncalcined 

portion maintains high CO2 carrying capacity after being calcined. In other words, high operating 

temperatures should not adversely affect the reactivity of the uncalcined portion of the sorbent 

during cycling. As verification, a single test was conducted where sorbents were initially 

exposed to 10 successive temperature swing cycles in CO2 (run 10 in Table 2.2, referred to 

henceforth as CO2 pre-treatment). This virtually averted limestone calcination, while exposing 

the carbonated sorbent to high temperature. The carbonated sorbents were observed to maintain 

their reactivity after being exposed to a high operating temperature, as shown in Figure 2.8. Note 

that the small deviation could be due to slight variation of solid sample composition in the two 

tests, as well as minor limestone calcination during the CO2 pre-treatment period. Sorbent 

utilization decay may be explained by means of pore evolution via three possible mechanisms: 
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1. Sintering of CaCO3 before calcination 

2. Pore sintering because of calcination 

3. Sintering of CaO after calcination 

Figures 2.6 and 2.8 clearly indicate that sintering of CaCO3 and CaO (before and after 

calcination) did not appreciably affect the sorbent cyclic performance. Instead, pore sintering 

during limestone calcination is dominant, confirming that the sorbent utilization decay is 

predominantly due to material chemical and physical changes during limestone calcination. 

Therefore, partial limestone calcination remains helpful, since uncalcined sorbent, upon being 

calcined, behaves in a manner similar to freshly calcined sorbents. 

 

Figure  2.9. Effect of CO2 pre-treatment on the cyclic performance of Strassburg sorbent. 

For test conditions, see runs 8 and 10 in Table 2.2. 

As discussed above, sorbent utilization profiles alone cannot provide sufficient knowledge on the 

CO2 carrying capacity of partially calcined sorbents. To address this, the CO2 carrying capacity 

of partially calcined sorbents at different calcination extents may be calculated by  
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( ), ,Single-Cycle Carbon Capture 1Carb N Calc NN
X X= - -  ( 2.3) 

Figure 2.9 compares the single-run and cumulative carbon capture capability of lime-based 

sorbents under partial and total calcination conditions (test conditions identical to those in Figure 

2.7). These results show that partial calcination offers lower carbon capture capability for the 

first few cycles, but its results surpass those for total calcination at around the 17
th
 cycle. This is 

due to progressive utilization of uncalcined sorbent, leading to a relatively stable performance 

from the 17
th
 to the 40

th
 cycle. The CO2 carrying capacity of the partially calcined sorbents then 

slowly decreases, approaching that obtained for totally calcined particles. The higher CO2 

carrying capacity of the partially calcined sorbents (after 17 cycles) led to a faster increase in 

cumulative carbon capture, which eventually surpassed fully calcined particles at around the 50
th
 

cycle. Note that a portion of the sorbents in partial calcination tests was regenerated during the 

carbonation-to-calcination transition periods. This may also have led to enhanced sorbent 

utilization since a portion of the sorbent is calcined at reduced temperatures. Further discussion 

is provided in the next section. 
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Figure  2.10. Effect of partial and total calcination on: (a) single-cycle; and (b) cumulative 

CO2 capture capacity of Strassburg sorbent. For test conditions see runs 1 

and 6 in Table 2.2. Every third experimental data point is plotted for better 

viewing. 

2.3.4 Cyclic Sorbent Utilization in Equation Form  

Grasa and Abanades [51] applied a 2
nd

-order surface reduction model to predict sorbent 

utilization as a function of the number of calcination-carbonation cycles: 
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where kd represents the surface reduction constant, SN is the active surface area at cycle N, S0 is 

the initial active surface area, Sr is the residual active surface area after many cycles, XCarb,N is 

the sorbent utilization at cycle N, and Xr is the residual sorbent utilization after many cycles. A 
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similar approach is employed here to estimate the sorbent cyclic performance for the complete 

calcination scenario. Equation (2.5) is rearranged to  
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( 2.6) 

where dN is the normalized sorbent utilization decay. This normalizes the sorbent utilization 

decay with respect to lime carbonation from the previous cycle, simplifying performance 

evaluation when incomplete limestone calcination occurs during operation. Note that the 

reaction-controlled carbonation extent nearly approaches zero as the calcination-carbonation 

cycling proceeds. Therefore, the ñresidual sorbent utilization (Xr)ò introduced by Grasa and 

Abanades [51] equals zero for the normalized sorbent utilization decay factor (dN) in Equation 

(2.6). 

Equation (2.6) is employed to fit the experimental data for the total calcination tests at different 

calcination temperatures. Curve fitting was conducted by maximizing the coefficient of 

determination (R
2
) in each test. The surface reduction constant (kd) was fitted by an Arrhenius 

relationship with respect to the absolute calcination temperature (Equation (2.7)), as seen in 

Figure 2.10. The cyclic sorbent utilization profile at each temperature can then be calculated by 

means of Equations (2.6) and (2.7). The predictions of the empirical equation are compared with 

experimental results in Figure 2.11, showing good agreement for all conditions investigated.  
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Figure  2.11. Arrhenius-type fitting of surface reduction constants (k) at different 

calcination temperatures.   

 

 

Figure  2.12. Comparison of experimental data for totally calcined Strassburg sorbents with 

predictions of Equations (2.6) and (2.7) at different calcination temperatures. 

Every third experimental data point is plotted to give clearer plots. 

The Grasa and Abanades [51] equation (Equation (2.5)) is limited to calcium-looping systems 

with complete sorbent regeneration prior to each lime recarbonation stage. Accordingly, 

Equation (2.5) is not capable of predicting sorbent cyclic performance under partial calcination 
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conditions. Incomplete sorbent calcination can produce different regimes with different reaction 

history and cycling age for each sorbent particle. Therefore, a new equation is developed which 

considers the sorbent to be a mixture of CaCO3 and CaO, with the CaO being composed of 

several sub-parts with different ages. The normalized sorbent utilization decay (dN) in each CaO 

sub-part is assumed to be identical to those for total calcination (Equations (2.6) and (2.7)), 

neglecting possible mutual impact of CaO sub-parts on each other:  
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Equations (2.6)-(2.8) were used together to predict the sorbent cyclic utilization in run 6 (Table 

2.2). The calcination extent in each cycle was read directly from the experimental data in Figure 

2.7(b). Fair agreement is achieved between the predictions and experimental results, with more 

deviations observed as the number of calcination-carbonation cycles increased, as shown in 

Figure 2.12. This could be due to progressive limestone calcination during temperature transition 

periods, enhancing the sorbent utilization by calcining a portion of the sorbent at milder 

temperatures. A similar conclusion can be derived from the sensitivity analysis in Figure 2.12, 

where the predictions for 750̄C calcination show better agreement with the experimental results 

than for limestone calcination at 800̄C. 
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Figure  2.13. Comparison of experimental data with the predictions of Equations (2.6)-(2.8) 

for run 6. Every third experimental data point is plotted for clearer 

presentation.  

Two cyclic tests (runs 11 and 12) were conducted next to evaluate the predictive method by 

periodically changing the calcination duration while cycling. It can be seen from Figure 2.13 that 

the predictions are in line with the experimental results, although there are some deviations at 

higher numbers of calcination-carbonation cycles. This could again be due to progressive 

limestone calcination during calcination-carbonation transition periods. To confirm this 

hypothesis, run 11 was repeated by increasing the cooling rate during the calcination-carbonation 

transition period. Better agreement was then observed between the predictions and experimental 

results, supporting our hypothesis regarding the impact of limestone calcination during the 

temperature swing period.    
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Figure  2.14. Comparison of experimental data and Equation (2.8) predictions for cyclic 

tests with periodically changing calcination duration during cycling (test 

conditions: (a) runs 11 and 13 (b) run 12 in Table 2.2). Every second 

experimental data point is plotted for better clarity. 

The partial limestone calcination during the temperature swing (TS) transition period can be 

averted by using CO2 as the gaseous medium during transition periods. However, this initiates 

lime carbonation above the target temperature, leading to inconsistency between testing 

conditions. Alternatively, isothermal calcination-carbonation cycling can be employed to 

eliminate the temperature swing transition period, thereby ensuring that limestone calcination 

occurs solely at the intended temperature. Two additional tests (runs 14 and 15 in Table 2.2) 

were conducted at isothermal calcination-carbonation cycling (850̄C) to evaluate the method 

accuracy when the TS transition period does not exist. This also enables investigation of the 

sorbent performance at different carbonation temperatures, as the other tests conditions were 

identical to those for run 3 in Table 2.2.  

Figure 2.14(a) indicates that increasing the carbonation temperature considerably enhanced the 

sorbent utilization in the reaction-controlled carbonation regime. Similar observations have been 

reported for cyclic lime carbonation at reaction temperatures of 450-725̄ C [120]. This could be 
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due to enhanced CO2 diffusion through the CaCO3 product layer, with reduced diffusional 

resistance, thereby impeding the transition to the slow carbonation regime. Given the significant 

impact of lime carbonation temperature on the surface reduction constant, kd, Equation (2.7) is 

not capable of predicting the surface reduction constant for run 14. Therefore, experimental 

results for run 14 (total calcination) were directly used to normalize the utilization decay in each 

calcination-carbonation cycle (Equation (2.6)). The normalized utilization decay profile was then 

used in conjunction with experimentally measured calcination extents after each cycle of run 15, 

predicting the cyclic sorbent utilization during partial calcination conditions (Equation (2.8)). 

Figure 2.14(b) shows that the predictions are in good agreement with the experimental results for 

run 15, confirming the ability of Equation (2.8) to predict sorbent cyclic utilization at different 

calcination extents. This also supports the earlier hypothesis on the source of deviations between 

the predictions and experimental results in temperature swing cyclic tests (Figures 2.12 and 

2.13). Accordingly, it may be concluded that partial calcination does not enhance the carbon 

capture capability of the lime-based sorbents, but offers stable performance during extended 

cycles. 
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Figure  2.15. (a) Effect of carbonation temperature on the Strassburg sorbent cyclic 

performance; (b) Comparison of method predictions and experimental 

results for partial calcination during isothermal cycling (test conditions: (a) 

runs 3 and 14; (b) run 15 in Table 2.2). 

To test the proposed predictive method further, isothermal calcination-carbonation tests were 

repeated for another naturally-derived limestone, Cadomin. Figure 2.15(a) indicates that the 

cyclic sorbent utilization of Cadomin and Strassburg limestones are similar when complete 

sorbent regeneration is achieved prior to all recarbonation stages. Note that the small deviations 

observed during the first few cycles could be due to slight differences in the compositions of 

these two sorbents (see Table 2.1).  

The experimental results for totally calcined Cadomin particles (Figure 2.15(a)) were used in 

Equation (2.8) to predict the sorbent cyclic performance under partial calcination conditions (run 

17 in Table 2.2). It can be seen from Figure 2.15(b) that the predictions are in good agreement 

with the experimental results, confirming the utility of the predictive method for an alternative 

limestone. Therefore, Equation (2.8) appears to be capable of predicting sorbent utilization for 

different calcination-carbonation cycles and calcination extents, with the model parameter (dN) 

depending on the calcination and carbonation temperatures. Note that the sorbent utilization 
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alone does not represent the CO2 carrying capacity of partially calcined sorbents. The proposed 

method should be used in conjunction with Equation (2.3) to estimate the overall CO2 capture 

capability of lime-based sorbents at different conditions. 

 

Figure  2.16. (a) Comparing cyclic performance of Strassburg and Cadomin limestones; (b) 

Comparing predictions and experimental results for partial calcination during 

isothermal cycling of Cadomin Limestone. (Test conditions: (a) runs 14 and 

16; (b) run 17 in Table 2.2.) 

2.4. Conclusion 

Thermogravimetric analysis was employed to study the effect of calcination temperature, 

duration and extent on the performance of lime-based sorbents over prolonged cycling. 

Increasing the calcination temperature considerably accelerated the decay of sorbent utilization 

in the initial few cycles. On the other hand, extending the duration of calcination and exposing 

carbonated sorbents to high temperature did not greatly affect the sorbent performance. This 

indicates that the sorbent utilization decay is predominantly related to material physical and 

chemical changes during limestone calcination, which are further linked to the loss of active 

surface area due to thermal pore sintering. 
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Several tests were conducted to evaluate the sorbent performance when incomplete sorbent 

regeneration occurs during calcination-carbonation cycling. It was observed that uncalcined 

sorbents, upon being calcined, provide fresh CaO inside the sorbent and, hence, offer stable CO2 

capture capability over extended numbers of cycles. This could be promising since lower 

calcination temperatures would be required to achieve incomplete sorbent regeneration, resulting 

in enhanced sorbent performance in practical applications. A semi-empirical predictive method 

was introduced to determine the sorbent performance after different numbers of calcination-

carbonation cycles, calcination temperatures and extents. This predictive method worked well 

with various testing procedures for two naturally-derived limestones.  
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CHAPTER 3: Combined Methane Reforming, Combustion and 

Limestone Calcination ɀ Thermodynamic Analysis  
 

3.1. Introduction  

Limestone calcination is a highly endothermic reaction. It is typically conducted at low operating 

pressures and high reactor temperatures [3,37,98,118,119,121]. The energy required for 

calcination can be supplied by burning fuels in situ (direct) or ex situ (indirect) [122,123]. Direct 

heating is typically preferred by industry in order to enhance the system thermal efficiency (e.g. 

less heat losses and temperature gradient) and to reduce the reactor size. However, in situ oxy-

combustion of carbonaceous fuels (e.g. coal and methane) increases the CO2 concentration 

within the reactor, thereby reducing the rate and extent of limestone calcination. Oxyfuel 

calciners are normally operated at high temperatures (~900̄ C [123]) to ensure appropriate 

limestone calcination in a short solid residence time. However, increasing the calciner 

temperature promotes undesirable pore sintering of solids, imposing additional capital (more 

expensive material of construction) and operational (e.g. more sorbent make-up flow) costs on 

the system [4,43,46,47].  

Alternatively, methane-concentrated oxyfuel feedstock can be used to achieve autothermal 

limestone calcination at reduced reactor temperatures. The gaseous feedstock of this calciner 

configuration is composed of methane and enriched-air (e.g. > 95% oxygen), with the methane 

feed concentration exceeding the combustion stoichiometric molar ratio (CH4/O2 > 0.5).  Oxygen 

then becomes the combustion-limiting reactant, resulting in excess methane after initial rapid 

combustion. The excess methane then participates in endothermic dry and wet methane 

reforming, generating considerable syngas (H2 and CO) inside the reactor. Simultaneously, 
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limestone calcination releases substantial CO2 into the reactor gas, a portion of which reacts with 

the formerly-generated hydrogen (via the reverse water-gas shift reaction). This in situ CO2 

utilization feature of the process can potentially reduce the CO2 concentration within the reactor, 

thereby decreasing the required calcination temperature. 

A summary of the main reactions involved in combined methane reforming, combustion and 

limestone calcination (henceforth referred as MRC-CAL process) is depicted in Figure 3.1. This 

process can be operated autothermally if the heat released by the exothermic methane 

combustion can provide the energy needed for the endothermic methane reforming and limestone 

calcination. Therefore, the methane feed concentration plays a significant role in minimizing the 

absolute reactor heat duty and controlling the CO2 concentration within the reactor. The MRC-

CAL process can also produce a highly valuable byproduct (syngas), which can be used in 

various downstream applications (e.g. for methanol and ammonia production). 

 

Figure  3.1. Reactions involved in the MRC-CAL process 
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This chapter evaluates the thermodynamic feasibility of autothermal syngas-producing limestone 

calcination based on the MRC-CAL process. Aspen Plus simulation is employed to investigate 

the effect of operating conditions (temperature, pressure and feeding ratios) on the equilibrium 

performance of isothermal MRC-CAL reactors. The simulation results are then used to develop 

an empirical correlation to estimate the gaseous feed concentrations required for autothermal, 

coke-free and complete limestone calcination. The variation of sorbent conversion, reactor heat 

duty, methane conversion and hydrogen yield with different operating conditions are also 

assessed and discussed. The system is then simulated under adiabatic conditions, demonstrating 

the non-isothermal performance of the MRC-CAL process for near-equilibrium operations. 

3.2. Aspen Plus Simulation Setup  

Aspen Plus
TM

 software (V10.0, Peng-Robinson thermodynamic packages) was employed to 

evaluate the effect of operating conditions on the sorbent conversion, reactor heat duty, methane 

conversion and hydrogen yield of the MRC-CAL process. Figure 3.2 demonstrates the Aspen 

Plus simulation flowsheet, including gas mixer and splitter, solid and gas preheaters, calcination 

reactor and a solid-gas separator (cyclone). Note that RGibbs reactor was employed in Aspen 

Plus simulations, evaluating the process thermodynamic equilibrium by minimizing the Gibbs 

free energy. This enabled assessing the reactor performance without specifying the reactions 

involved, thereby considering all thermodynamically favoured reactions in the simulation. The 

gaseous feed flow rate to the reactor was fixed (via a splitter) at 0.2 mol.s
-1

, while the system 

performance was assessed by varying the reactor pressure, temperature, and molar feed ratios 

(CaCO3/total gas and CH4/enriched-air). A minimum CH4/enriched-air molar feed ratio of 0.5 

was specified for all simulation runs, maintaining oxygen as the limiting reactant for methane 

combustion. 
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Figure  3.2. Aspen Plus process flow sheet for simulating the MRC-CAL process. Block and 

stream properties are listed below in Tables 3.1 and 3.2 

Note that a pure oxygen stream is typically required to avoid diluting the MRC-CAL off-gas. 

However, cryogenic production of pure O2 is extremely costly, affecting the economic viability 

of the process. Therefore, an enriched-air stream of 95% O2 (balance nitrogen) was used to 

reduce both the production cost and the gas inert content. Such an oxygen concentration can be 

typically achieved via low-cost pressure-swing adsorption (PSA) process [124]. Tables 3.1 and 

3.2 indicate the properties of the feed streams and blocks in the Aspen Plus simulation, 

respectively. Note that reactant streams were set to enter the system at the reactor pressure. A 

similar process flowsheet was employed to conduct adiabatic simulations, assuming MRC-CAL 

reactors with zero heat duty. 

Table  3.1. Stream properties for Aspen Plus simulations 

Stream Temperature (̄ C) Flow Rate (mol.s
-1

) Composition 

CH4 25 0.075-0.3 100% CH4 

EnAir 25 0.15 95% O2  + 5% N2 

ColdGas 25 0.2 CH4/Enriched-Air: 0.5-2 

CaCO3 25 0.01 - 0.3
*
 100% CaCO3 

*Corresponding to CaCO3/gas molar ratio of 0.05-1.5.    
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Table  3.2. Block properties in Aspen Plus simulations 

Unit  Configuration & Notes Temperature (̄ C) Pressure (bars) 

Mixer Mixing Air and CH4 25 1-5 

Splitter Provide 0.2 mol.s
-1

 Gas Feed Flow 25 1-5 

HX1  Electrical Heater To Calciner Temperature 1-5 

HX2 Electrical Heater To Calciner Temperature 1-5 

MRC-CAL Gibbs reactor 750-900 1-5 

Cyclone Separator (for solid) Calciner Temperature 1-5 

 

3.3. Results and Discussion 

3.3.1. Preliminary Performance Analysis  

The effect of gaseous feed concentration on the sorbent conversion and reactor heat duty of the 

MRC-CAL process is depicted in Figures 3.3(a)-(e). Increasing the methane feed concentration 

results in a higher proportion of methane converted by endothermic dry/steam methane 

reforming and, hence, higher reactor heat duty. On the other hand, reactor temperature (with 

complete calcination) has negligible impact on the MRC-CAL off-gas concentration (Figure 

3.3(f)) and thermal behaviour. Note that the kinks in these figures are due to a transition from 

incomplete to complete limestone calcination, resulting in abrupt slope changes in reactor heat 

duty.  

Figures 3.3(a)-(e) also indicate that complete limestone calcination can be achieved at all studied 

methane feed concentrations (CaCO3/total gas molar feed ration =0.5, reactor pressure = 1 bars) 

if the reactor temperature exceeds 825C̄. The minimum required methane feed concentration for 

complete limestone calcination then increases with decreasing reactor temperature below 825̄C. 

This is due to lower calcination driving force at reduced temperatures, requiring higher methane 
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feed concentrations (thus less methane combustion) to surpass the CaCO3/CaO thermodynamic 

equilibrium. Given also the higher reactor heat duty (more endothermicity) at elevated methane 

feed concentrations, complete and autothermal limestone calcination can only occur by 

exceeding a certain reactor temperature (e.g. 775̄C for the operating conditions tested in Figures 

3.3(a)-(e)).  



58 
 

 

Figure  3.3. (a)ï(e) Effect of temperature and feed concentration on MRC-CAL heat duty 

and sorbent conversion; (f) Effect of temperature on MRC-CAL off -gas H2 and 

CO concentration. (All results are for atmospheric pressure and CaCO3/total 

gas molar feed ratio of 0.5. Panel (f) is for a methane-to-air feed ratio of 1.21.)   

The effect of methane feed concentration on the MRC-CAL heat duty is shown in Figure 3.4 for 

different CaCO3/total gas molar feed ratios. Increasing the CaCO3/total gas molar feed ratio (e.g. 

by increasing the sorbent feed flow rate) increases the energy required for limestone calcination, 
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thereby increasing the reactor heat duty. Hence, the required methane feed concentration for 

autothermal operation of the MRC-CAL process decreases with increasing CaCO3/total gas 

molar feed ratio. Note that the observed kinks in Figure 3.4(a) are due to incomplete limestone 

calcination at low operating temperatures with high CaCO3/total gas molar feed ratios. Further 

discussion is provided in Section 3.3.3. 

 

Figure  3.4. Effect of methane feed concentration on MRC-CAL heat duty at different 

CaCO3/gas feed ratios and at: (a) 800̄C; (b) 850̄ C.  

 

3.3.2. Correlation for  Autothermal MRC-CAL Operation 

Extensive simulation runs were employed next to determine the gaseous feed concentrations 

required for autothermal and complete limestone calcination by the MRC-CAL process. The 

MRC-CAL process combines exothermic methane combustion with endothermic methane 

reforming (steam and dry) and limestone calcination. Therefore, lower methane feed 

concentrations (more oxygen) would be needed if more energy were to be required within the 

reactor. Increasing the CaCO3/total gas molar feed ratio (e.g. by increasing the sorbent feed flow 

rate) can potentially increase the energy required for the calcination. Therefore, the required 
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methane feed concentration for autothermal MRC-CAL must decrease with increasing 

CaCO3/total gas molar feed ratio. This is in agreement with the simulation results in Figure 3.5, 

demonstrating a sharp reduction in the methane/enriched-air molar feed ratio (b) with increasing 

CaCO3/total gas molar feed ratio (a). Note that increasing the CaCO3/total gas molar feed ratio 

also promotes reverse water-gas shift reaction between the CO2 released by the limestone 

calcination and the hydrogen generated by methane reforming [119]. Although the latter 

potentially enhances the rate and extent of limestone calcination, the endothermicity of the 

reverse water-gas shift reaction suggests that further energy needs to be supplied to the reactor.  

 

Figure  3.5. Required CH4/Enriched-air molar feed ratio for autothermal MRC -CAL at 1-5 

bars and 800-900̄ C (Maximum error of ± 0.4%) 

Equation (3.1) shows an empirical correlation used to estimate the gaseous feed concentrations 

required by the MRC-CAL process for autothermal and complete limestone calcination. This 

correlation is achieved by fitting the Aspen Plus predictions (red points in Figure 3.5) with an 

exponential function. Figure 3.5 confirms excellent fitting of the proposed correlation (R
2
 = 

0.982), while inevitable deviations exist for a < 0.3. Increased deviation at reduced a is mainly 
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due to the variation of methane conversion, governed by the steam and dry methane reforming 

thermodynamic equilibrium. In fact, thermodynamic equilibrium of steam and dry methane 

reforming inhibits complete methane conversion, especially at reduced CaCO3/gas molar feed 

ratios (see Section 3.3.4). This amplifies the effects of temperature and pressure on the reactor 

thermal behaviour, consequently reducing the accuracy of the fitted correlation (which is 

independent of reactor temperature and pressure).  Note that steam and dry methane reforming 

are both favoured at reduced reactor pressures and elevated operating temperatures. Therefore, 

greater deviations between the correlation predictions and the Aspen Plus simulation results are 

expected at low operating temperatures and elevated reactor pressures. 
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3.3.3. Critical Limits of MRC-CAL Process 

The overarching objective of the MRC-CAL process is to attain autothermal limestone 

calcination at reduced reactor temperatures. Therefore, it is crucial to determine the range of 

operating conditions to achieve complete and autothermal limestone calcination through this 

novel sorbent regeneration technology. In addition, the MRC-CAL process typically needs 

reforming catalysts (e.g. Ni-based) to ensure rapid methane conversion at practical temperatures. 

Catalyst deactivation by carbon deposition (coke formation) is a major challenge associated with 

methane reforming catalysts. Therefore, it is desirable to conduct the MRC-CAL process within 

a range of operating conditions where: 

¶ reactor heat duty approaches zero; 

¶ limestone fully calcines; and 
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¶ negligible carbon formation occurs. 

As discussed above, lower methane feed concentrations are required to achieve autothermal 

MRC-CAL operation at elevated CaCO3/total gas molar feed ratios (Figure 3.5). However, 

increasing the CaCO3/total gas molar feed ratio (e.g. more CO2 released by calcination) and 

reducing the methane feed concentration (e.g. more methane combustion) lead to higher CO2 

concentrations within the reactor, and consequently lowering the calcination rate and extent. On 

the other hand, increasing the methane/enriched-air molar feed ratio and reducing the 

CaCO3/total gas molar feed ratio can both increase coke formation, especially at mild reactor 

temperatures [119]. This is due to decreased steam and CO2 generation (e.g. lower methane 

combustion and limestone calcination), resulting in lower average CO2/CH4 and H2O/CH4 molar 

ratios within the reactor [12,95,125]. Therefore, autothermal, coke-free and complete limestone 

calcination can be only attainable within a certain range of CaCO3/total gas molar feed ratios. 

Figure 3.6 demonstrates the critical limits for autothermal, complete and coke-free limestone 

calcination in an atmospheric MRC-CAL reactor. The figure is split into three zones: (1) an 

endothermic/incomplete limestone calcination zone; (2) a potentially autothermal, coke-free, and 

complete limestone calcination zone (target zone); and (3) a coke formation zone. The upper 

CaCO3/gas molar feed ratio limit initially increases with increasing operating temperature, as 

shown in Figure 3.6. However, this upper limit nearly stabilizes at a å 1.45 beyond an operating 

temperature of ~837̄ C. Increasing the operating temperature potentially boosts the extent of 

limestone calcination by augmenting the calcination driving force [119]. Consequently, higher 

reactor CO2 concentrations can be tolerated when calcining sorbents at elevated operating 

temperatures. In fact, more CaCO3 can be calcined by a certain amount of gas (e.g. higher a) 
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when increasing the reactor temperature. However, at a temperature of roughly 837C̄, the upper 

a limit reaches a value of nearly 1.45, corresponding to b (methane/enriched-air molar feed 

ratio) close to 0.5 (Figure 3.5). As mentioned above, lower b is required for autothermal and 

complete sorbent regeneration at elevated CaCO3/total gas molar feed ratios. However, reducing 

b to < 0.5 would result in switching the limiting combustion reactant from oxygen to methane, 

thereby reducing heat generation by methane combustion. In this situation, the MRC-CAL 

process reduces to that of conventional oxy-fuel calciners, and hence, the upper CaCO3/total gas 

molar feed ratio limit becomes insensitive to reactor temperature.  

Increasing the methane/enriched-air molar feed ratio (b) and reducing the CaCO3/total gas molar 

feed ratio (a) both result in higher coke formation inside the reactor. This is due to decreased 

steam and CO2 generation (less methane combustion and sorbent calcination), resulting in 

reduced average CO2/CH4 and H2O/CH4 ratios along the bed height [12,95,125]. As discussed 

above, reducing a results in a higher b required for autothermal MRC-CAL operation (Figure 

3.5). Therefore, the chance of carbon formation increases when reducing the CaCO3/total gas 

molar feed ratio. This justifies the existence of a lower a limit to avert coke formation in the 

MRC-CAL process, as depicted in Figure 3.6. Previous studies [31,125] have also shown that 

increasing the operating temperature reduces the coke formation in methane reformers. This is in 

agreement with Figure 3.6, where the lower a limit slightly decreases with increasing reactor 

temperatures [118]. 
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Figure  3.6. MRC-CAL critical limits for atmospheric reactor operation. (Zone 1: 

endothermic/incomplete sorbent regeneration zone; zone 2: potential 

autothermal, coke-free, and complete calcination zone; zone 3: carbon 

generating zone). 

Pressurized limestone calcination is typically preferred by industry to reduce the cost of off-gas 

compression and increase reactor throughput. However, increasing the reactor pressure results in 

a lower calcination driving force and thus a lower rate and extent of limestone calcination [126]. 

The effect of reactor pressure on the critical limits of the MRC-CAL process is shown in Figure 

3.7. Increasing the reactor pressure substantially reduces the upper a limit by decreasing the 

limestone calcination driving force. In addition, coke formation reactions (e.g. Boudouard 

reaction) are normally favoured at high reactor pressures, in agreement with Le Chatelierôs 

principal. Therefore, increasing the reactor pressure narrows the range of applicable CaCO3/total 

gas molar feed ratio for autothermal, coke-free and complete limestone calcination, as depicted 

in Figure 3.7. Higher reactor temperatures and lower CaCO3/gas molar feed ratios are typically 

required to achieve appreciable limestone calcination in pressurized MRC-CAL reactors. 
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Figure  3.7. MRC-CAL critical limits at high reactor pressures 

3.3.4. Performance Analysis for Isothermal Operation  

The effects of reactor pressure and CaCO3/total gas molar feed ratio (a) on the MRC-CAL 

sorbent conversion and heat duty are depicted in Figure 3.8. Note that the gaseous feed 

concentrations for these simulation runs are calculated based on Equation (3.1). These results 

indicate that incomplete limestone calcination can occur by exceeding a certain reactor pressure 

at a > 0.5. In addition, the maximum reactor pressure for complete limestone calcination 

decreases with increasing CaCO3/total gas molar feeding ratio. This is in agreement with the 

results presented in Figure 3.7, confirming the existence of an upper a limit for autothermal and 

complete limestone calcination. Figure 3.8(b) shows that the MRC-CAL heat duty is roughly 

zero when the CaCO3/total gas molar feed ratio is lower than the upper a limit . Larger deviations 

are observed at reduced a, which could be due to low precision of Equation (3.1) at decreased 

CaCO3/total gas molar feed ratios. Note that exceeding the a upper limit results in incomplete 

limestone calcination and hence, less energy consumption within the reactor. Accordingly, 
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isothermal MRC-CAL reactors tend toward exothermicity when the CaCO3/total gas molar feed 

ratio exceeds the upper a limit, as shown in Figure 3.8(b).   

 

Figure  3.8. Effect of operating pressure on: (a) sorbent conversion; and (b) MRC-CAL heat 

duty at fixed temperature of 850̄C and different CaCO3/total gas molar feed 

ratios.  

Figure 3.9 shows the methane conversion and hydrogen yield of the MRC-CAL process at 

operating conditions identical to those applied in Figure 3.8. The MRC-CAL process offers 

relatively high methane conversion, especially at low reactor pressures and high CaCO3/total gas 

molar feed ratios. Increasing the reactor pressure inhibits the thermodynamic equilibrium of the 

steam and dry methane reforming, in agreement with Le Chatelierôs principal. On the other hand, 

higher methane feed concentrations are required to achieve autothermal MRC-CAL operation at 

reduced CaCO3/total gas molar feed ratios (Figure 3.5). This corresponds to lower methane 

combustion within the reactor, and thereby, less initial steam and CO2 generation. Reducing the 

CaCO3/total gas molar feed ratios also reduces the amount of CO2 produced by the limestone 

calcination. Therefore, slightly lower methane conversion is expected when the CaCO3/total gas 

molar feed ratio decreases, as shown in Figure 3.9(a). 
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Figure 3.9(b) shows that increasing the CaCO3/total gas molar feed ratio substantially reduces 

the hydrogen productivity of the MRC-CAL process. This is due to lower methane feed 

concentration at elevated CaCO3/total gas molar feed ratios, as well as more hydrogen 

consumption by the reverse water-gas shift reaction. Note that exceeding the upper CaCO3/total 

gas molar feed ratio limit results in incomplete limestone calcination and consequently, less 

hydrogen consumption by the reverse water-gas shift reaction. This enhances the hydrogen 

productivity of the MRC-CAL process, as shown in Figure 3.9(b). On the other hand, increasing 

the reactor pressure slightly reduces the MRC-CAL hydrogen production yield, which could be 

due to the lower methane conversions at higher reactor pressures (Figure 3.9(a)). 

  

Figure  3.9. Effect of operating pressure at fixed reactor temperature of 850̄C and different 

CaCO3/total gas molar feed ratios on the MRC-CAL: (a) CH 4 conversion; (b) 

H2 yield. 

A portion of the generated hydrogen could be recovered by implementing high-temperature 

hydrogen-selective membranes inside the reactor. The choice of the type of hydrogen-selective 

membranes depends strongly on the perm-selectivity and mechanical stability of the membrane 

material. Palladium-based membranes are known for their relatively high permeability and 
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nearly infinite hydrogen selectivity [22,127]. However, palladium can lose its selectivity and 

mechanical stability at temperatures above 550-620̄ C [22,23]. Nickel-based membranes can 

tolerate higher reactor temperatures, but typically offer lower hydrogen permeability and 

selectivity (e.g. 10 times less permeability compared to palladium) [22]. Further investigations 

are needed to identify alternative high-temperature hydrogen perm-selective membrane materials 

for the MRC-CAL process. 

3.3.5. Performance Analysis for Adiabatic Operation  

The sorbent conversion and off-gas temperature of a well-insulated MRC-CAL reactor are 

depicted in Figure 3.10 for different operating pressures and CaCO3/total gas molar feed ratios. 

The feed streams in these simulations entered the reactor at 850C̄, and the reactor heat duty was 

set to zero. The results show that the MRC-CAL off-gas temperature is roughly similar to the 

feed temperature at CaCO3/gas molar feed ratios below the upper a limit. However, exceeding 

the upper a limit leads to a rapid jump in the reactor off-gas temperature, accompanied by a 

minor reduction in sorbent conversion. Exceeding the upper CaCO3/total gas molar feed ratio 

limit results in a significant reduction of calcination extent and reactor heat duty (e.g. more 

exothermicity) in isothermal reactors. However, the excess energy in adiabatic mode would 

increase the reactor temperature, thereby enhancing the limestone calcination. In fact, the MRC-

CAL process can offer a promising thermal-adaptability, maximizing the limestone calcination 

extent by naturally increasing the reactor temperature.  
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Figure  3.10. Adiabatic and isothermal performance of MRC-CAL at different reactor 

pressures: (a) a=0.7 and (b) a=0.9. (Feed temperature = 850̄C)  

Note that in practice the feed streams enter the limestone calciner at milder temperatures (e.g. 

sorbent circulating from a low-temperature carbonator). In this case, a portion of the MRC-CAL 

off-gas can be burned to supply the required excess energy inside or outside the reactor (Figure 

3.11). The former case potentially inhibits limestone calcination since in situ syngas combustion 

releases CO2 into the reactor gas. On the other hand, indirect heating reduces the system thermal 

efficiency and increases the reactor size.  

 

Figure  3.11. Sankey diagram of MRC-CAL process. 
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3.4. Conclusion  

The performance of a process which combines methane reforming, combustion and limestone 

calcination was evaluated under thermodynamic equilibrium. A single correlation was developed 

to estimate the required gaseous feed concentration for autothermal reactor operation. The 

proposed correlation agrees well with the Aspen Plus simulation results, while larger deviations 

exist at lower CaCO3/total gas molar feed ratios. The applicable ranges of CaCO3/total gas molar 

ratio for autothermal, coke-free and complete limestone calcination were shown to narrow as the 

reactor pressure increases and as the temperature decreases.  

The simulation results show a relatively high hydrogen yield, with higher hydrogen productivity 

at reduced CaCO3/total gas molar feed ratios. The hydrogen yield was also shown to be nearly 

insensitive to the reactor pressure and temperature, unless the critical limits for coke formation 

and/or complete limestone calcination are exceeded. It was also shown that the proposed 

technology can benefit from a promising thermal-adaptivity, maximizing the sorbent conversion 

by naturally increasing the reactor temperature. 
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CHAPTER 4: Simulation of Combined Methane Reforming, 

Combustion and Limestone Calcination in Turbulent Fluidized 

Bed Reactors 
 

4.1. Introduction  

Limestone calcination is conventionally conducted in the presence of air, steam, CO2, or oxy-fuel 

media. Atmospheric air and steam calcination can be operated at temperatures above 850C̄, 

while CO2 and oxy-fuel calciners typically require higher reactor temperatures [122,123]. Higher 

reactor temperature undesirably affects the system thermal efficiency, sorbent cyclic 

performance and the cost of reactor materials of construction. On the other hand, air calcination 

produces a dilute CO2 off-gas, requiring additional separation prior to sequestration. Although 

steam calciners produce a highly-concentrated CO2 dry off-gas, steam generation is energy-

consuming and, consequently, reduces the thermal efficiency of the process.  

A novel configuration for limestone calcination was proposed in Chapter 3, where a methane-

concentrated oxyfuel feedstock (CH4/O2 > 0.5) is fed into the reactor. Accordingly, oxygen 

becomes the combustion-limiting reactant, resulting in incomplete methane conversion by the 

exothermic methane combustion. The remaining methane is then catalytically reformed to 

hydrogen and CO, utilizing the steam and CO2 generated by the methane combustion. 

Simultaneous limestone calcination then releases considerable CO2 into the reactor gas, where a 

portion of this released CO2 reacts with the formerly-generated hydrogen (reverse water-gas shift 

reaction). This potentially enhances the CO2 partial pressure driving force for the limestone 

calcination and thereby, reduces the required calcination temperature.  
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The thermodynamic equilibrium of this combined process (referred as MRC-CAL process) was 

detailed in Chapter 3. A single correlation (Equation (4.1), identical to Equation (3.1)) was 

proposed to estimate the required gaseous feed concentration for autothermal and complete 

limestone calcination at different operating conditions. It was also shown that the MRC-CAL 

off-gas can contain substantial amount of hydrogen and carbon monoxide, to be used further in 

various downstream applications (e.g. chemical looping combustion, ammonia production and 

methanol synthesis). However, the thermodynamic analysis solely cannot provide any 

appreciable information on the process kinetics, and further simulation studies are imperative to 

evaluate the system performance under non-equilibrium conditions. 
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This chapter addresses the kinetic simulation of the MRC-CAL process in turbulent fluidized bed 

reactor. The turbulent fluidization flow regime was selected owing to supreme gas-solid contact, 

high solids hold-up [128], and relatively low solid-to-gas molar feed ratio. The effect of various 

operating conditions (temperature, pressure, CaCO3/total gas molar feed ratio and sorbent 

residence time) on the sorbent conversion, methane conversion and hydrogen yield of the process 

are assessed. The system performance is also compared with conventional steam calciners 

(theoretically representative of any unreactive non-CO2 calcination media), demonstrating 

superior performance of the proposed process under some circumstances. A simple, yet effective, 

design methodology is then introduced to help determine the proper range of operating 

conditions for this novel sorbent regeneration technology. 
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4.2. Simulation Setup  

The steady-state and isothermal performance of the MRC-CAL process under turbulent 

fluidization conditions is investigated with a number of assumptions: 

i. One-dimensional, single phase (i.e. homogeneous without mass transfer 

constraints to separate bubbles/voids [129]) 

ii.  Isothermal operation  

iii.  Steady-state condition 

iv. Axially dispersed plug flow reactor (ADPFR) model for gases [128ï130] 

v. Continuous stirred tank reactor (CSTR) model for non-catalytic solid-gas reaction  

vi. Constant reactor cross-sectional area  

vii.  Constant and homogenous solid properties  

viii.  Constant and homogeneous bed voidage 

ix. Negligible segregation of particles of different species and properties. 

x. Ideal gas behaviour 

xi.  Negligible carbon formation at studied range of conditions [119].  

xii. 100% sorbent activity (feed composed of pure CaCO3). 

Note that some of the applied assumptions are not precisely valid under practical conditions. For 

instance, solid particles can have non-uniform distributions of particle sizes and densities, while 

bed voidage can vary dynamically, axially, and radially within the bed. However, assumptions of 

this kind are helpful to minimize computation time. Also, overall conclusions and trends are 

unlikely to change due to minor divergences from these assumptions. Figure 4.1 demonstrates a 

schematic of the single-phase MRC-CAL reactor model for turbulent fluidized bed reactors. A 

summary of the governing equations, rate expressions and correlations applied are also presented 

in Tables 4.1-4.4. Note that the Xu and Froment kinetic model is employed for the steam 

methane reforming reactions. This model was developed for a Ni-based catalyst, which is 

typically used in industrial high-temperature steam methane reformers. Somewhat different 
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compositions of catalyst might result in minor changes in specific predictions of this chapter, but 

they are unlikely to affect the overall conclusions. Ideal gas law was used to calculate the local 

gaseous mixture densities, while the local gaseous mixture viscosities were estimated by 

averaging values from a linear dependency of the pure components and the Wilke method [12]. 

 

 

Figure  4.1. Schematic of MRC-CAL reactor model in turbulent fluidized bed reactors 
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Table  4.1. Governing equations for kinetic simulations  
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Table  4.2. Reactions considered in kinetic simulations 

Reaction  Stoichiometry Rate Expression 

Dry Methane Reforming (DMR) 

[95,131] 
4 2 22 2CH CO H CO+ +  4 2 4 2 2

4 4 2 2 4 2

2 2

1 ,1 ,1

1
2

,1 ,1 ,1

(1 )
(1 )

CH CO CH CO CO H

CH CH CO CO P CH CO

k K K P P P P
r

K P K P K P P
= -
+ +

 

Reverse Water-Gas Shift 

Reaction (RWGS) [95,131] 
2 2 2H CO H O CO+ +  2 2 2 2 2

2 2 2 2 2 2

2 ,2 ,2

2
2

,2 ,2 ,2

(1 )
(1 )

H CO H CO CO H O

H H CO CO P H CO

k K K P P P P
r

K P K P K P P
= -
+ +

 

Steam Methane Reforming 

(SMR) 1 [132] 
4 2 23CH H O H CO+ +  4 2 2

2

0.5

2

3 3
2.5

3

/
CH H O CO H

H

P P P P
r k DEN

P K

å õ
æ ö= -
æ ö
ç ÷  

SMR 2 [132] 4 2 2 22 4CH H O H CO+ +

 

4 2 2 2

2

2 0.5

2

4 4
3.5

3 4

/
CH H O CO H

H

P P P P
r k DEN

P K K

å õ
æ ö= -
æ ö
ç ÷

 

Methane Combustion [26,133] 4 2 2 22 2CH O H O CO+ ­ +  
25 5 4CH Or k P P=  

Limestone Calcination [18] 3 2CaCO CaO CO+  

( ) 2

3 3 2

2

1.86

2/3

6 6

,

7

,

1 1
1 1

19680
1.826 10 exp( )

( )

Calc Calc CO

Calc

CaCO CaCO Eq CO

Eq CO

dX dX P
r k X

M dt M dt P

P
T K

å õ
æ ö= = = - -
æ ö
ç ÷

-
= ³

 



76 
 

Table  4.3. Rate parameters for reactions considered in kinetic simulations 
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Table  4.4. Correlations and supporting equations applied in kinetics simulations 
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A single-phase axially dispersed plug flow reactor (ADPFR) model was employed for the gas 

mole balances, considering axial flow variation due to both concentration gradient 

(diffusive/dispersive flow) and reaction. This model has been widely accepted for the simulation 

of fluidized bed reactors operating in the turbulent fluidization regime [128ï130]. Danckwerts 

boundary conditions (BCôs) were applied, as suggested by others [128,129,135].  In summary, 

these BCôs assume instant feed dilution by gas back mixing at the reactor entrance (as in a 

CSTR), with no reaction once gas leaves the top of the bed. The Peclet number 

(=USuperficial.LReactor.Da
-1
) in the ADPFR model indicates the ratio of convective to dispersive 

mass flow rates within the reactor. Note that the ADPFR model reduces to CSTR and PFR 

models if the Peclet number approaches zero or infinity, respectively. Therefore, the ADPFR 

reactor model is theoretically capable of simulating a range, from complete (CSTR) to negligible 

(PFR), gas mixing behaviours. Considering that the Peclet number in turbulent fluidized bed 

reactors is roughly of order of magnitude 10 [135], appreciable gas axial dispersion is expected 

within the turbulent fluidized bed reactors.  

The non-catalytic solid-gas limestone calcination was simulated using a continuous stirred tank 

reactor (CSTR) model. This corresponds to a uniform sorbent conversion within the bed, in 

agreement with previous studies on the simulation of lime-based solid-gas reactions in both 

reformers and calciners [17,98]. Accordingly, the mean sorbent conversion in each simulation 

run was based on the average calcination rate, calculated using the average CO2 partial pressure 

within the reactor. The total desorbed CO2 flow rate was then obtained using the limestone inlet 

flow rate and the calculated mean sorbent conversion. Simultaneously, the desorbed CO2 enters 

the reactor gas, indicating the need for a desorbed gas distribution function. As the simplest 

approach, the desorbed CO2 flow could be dispersed linearly, resulting in uniform CO2 addition 
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into the reactor gas. However, the linear distribution approach would assume a constant 

calcination driving force throughout the reactor, while the CO2 partial pressure varies along the 

bed height. Accordingly, the local CO2 partial pressure calcination driving force in each node 

was used to develop a driving-force-weighted desorption distribution factor (0 < Gz (PCO2,z) = 

FCO2,des,z/ FCO2,des,Total < 1, with ×Gz, = 1), as illustrated in Figure 4.1 and Table 4.1. The local 

desorbed CO2 flow rate was then calculated by means of the total desorbed CO2 flow rate and the 

local desorption distribution factor.  

The single-phase ADPFR reactor model consists of a number of 2
nd

 order two-point boundary 

value ordinary differential equations (TPBVDE). Accordingly, the ADPFR model was initially 

reduced to a system of 1
st
 order ODEôs, replacing dFi/dh by a new parameter, arbitrary called Gi. 

The shooting method was then employed to solve the 1
st
 order TPBVDE problem by iteratively 

modifying the species flow profiles using the Newton-Raphson method. This numerical solution 

technique requires an initial guess for the species flow profiles, with the convergence 

time/possibility strongly dependent on the precision of the applied initial guess. Accordingly, 

larger computation time is expected when the ADPFR model is applied than is required for the 

initial boundary value problem of the simpler PFR model [16].  

A schematic diagram of the applied simulation algorithm for numerically solving the ADPFR 

kinetic model is depicted in Figure 4.2. The MRC-CAL reactor was discretized into 101 nodes, 

and the kinetic model was solved via the shooting method, programmed in MATLAB, with a 

minimum resolution of 10
-4

 mol.s
-1

. Note that an orthogonal collocation technique could also be 

employed to solve this numerical problem [136]. Initial model assessments revealed that the 

shooting method is highly sensitive to the initial guess of the componentsô flow profiles, 

resulting in rapid divergence if the initial guess is imprecise. Accordingly, a reactivity coefficient 
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factor (l) was considered for all calculated reaction rates (e.g. rj =l ri,calculated from rate expressions) to 

ensure the convergence of the numerical solution. A l of 10
-14

 and constant species flow profiles 

(equal to the components feed flow rates) were used to initiate each simulation run, while the 

resulting flow profiles (after solving the system with the initial l) were used as the initial guess 

for the reactor simulation when l reaches 10 times larger. The progressive calculation was then 

continued upon achieving a reactivity coefficient factor of unity.  

 

Figure  4.2. Simulation algorithm for kinetic simulation 

Node independency was tested (up to 1001 nodes) and validated for the number of mesh points. 

Sensitivity analysis was also performed on some critical model parameters (CaO density, CaCO3 

density and average particle diameter) and no significant effect was observed on the reactor 

performance. The results of sensitivity analysis are briefly shown in Appendix C. Table 4.5 

introduces some metric parameters which have often been employed to evaluate the MRC-CAL 
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performance in this chapter. Table 4.6 demonstrates the base inputs applied for the kinetic 

simulation of MRC-CAL process in turbulent fluidized bed reactor. 

Table  4.5. Metrics for evaluating the MRC-CAL performance 

Metric  Sorbent Conversion Methane Conversion H2 Yield 

Definition  
3 3

3
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,Calciner Feed

CaCO CaCO
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F

-
 

4 4

4
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4

,Calciner Off-Gas

,Calciner Feed

H

CH

F
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Table  4.6. Base inputs for kinetics simulations 

Parameter/Variable Values  Units 

Reactor Diameter 0.1 m 

Operating Temperature 850  C̄ 

Sorbent Residence Time 10 min 

Superficial Gas Velocity
*
 0.9 m/s 

CaCO3/Total Molar Gas Ratio 0.5 - 

Catalyst/Solid Bed Mass Ratio  0.1 - 

CaCO3Density [15] 2200 kg/m
3
 

CaO Density [15]  1850 kg/m
3
 

Particle Diameter 200 mm 

Enriched-Air Composition 95% O2 + 5% N2  

*Calculated at reactor operating temperature and pressure 

4.3. Results and Discussion 

4.3.1. Simulation Results in Base Inputs 

The gases axial flow profiles for the base input data in Figure 4.3 show a substantial reduction in 

O2 and CH4 flow rates at the bottom of the reactor. This is in line with the predictions of an 

earlier PFR reactor model [119], corresponding to rapid methane combustion and reforming near 

the gas distributor. The hydrogen flow rate then decreases moderately along the bed, which could 

be due to enhanced reverse-water gas shift reaction (RWGS) by the limestone calcination. In 
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fact, limestone calcination releases considerable CO2 into the reactor gas and consequently, shifts 

the RWGS reaction toward more hydrogen consumption. This also explains the moderate 

increase of the steam and CO flow rates along the bed height. Note that the remaining fraction of 

the desorbed CO2 enters the reactor gas and consequently, increases the CO2 flow rate within the 

reactor. 

 

Figure  4.3. Simulated gases axial flow profiles at base input data in Table 4.6 

4.3.2. Effect of Operating Temperature  and Pressure 

The effects of operating temperature and pressure on the sorbent conversion in the MRC-CAL 

and steam calcination units are shown in Figure 4.4. Note that steam in this study can 

theoretically be represented by other unreactive non-CO2 calcination media such as air, argon 

and nitrogen. Increasing operating pressure in both calciner configurations results in lower 

sorbent conversion. On the other hand, more calcination can be achieved at elevated reactor 

temperatures. These observations can be explained by the effect of reactor pressure and 

temperature on the calcination rate and driving force. Increasing the reactor pressure leads to a 

lower calcination driving force, while elevating temperature enhances both the calcination rate 
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and the driving force. Accordingly, a higher reactor temperature is required to achieve a given 

sorbent conversion at elevated operating pressures. Note that these simulation results suggest that 

the MRC-CAL process offers faster sorbent regeneration only if the sorbent conversion exceeds 

roughly 20%. In fact, the initial combustion and reforming stages generate undesired CO2 in the 

MRC-CAL gaseous medium and consequently, inhibiting limestone decomposition. However, 

the undesired impact of the initial CO2 generation is alleviated at high sorbent conversions, 

owing to the promising in situ CO2 utilization feature of the MRC-CAL process.  

 

Figure  4.4. Effects of temperature and pressure on sorbent conversion in: (a) MRC-CAL 

process; and (b) STEAM-CAL units. Other input data are identical to those in 

Table 4.6 

Overlaying the conversions shown in Figure 4.4 for MRC-CAL and STEAM-CAL identifies the 

sorbent conversions at which the MRC-CAL and steam calciner coincide, as exemplified in 

Figure 4.5. This ñcritical conversionò in each scenario was determined by finding the intercepts 

between the sorbent conversion in the MRC-CAL and STEAM-CAL reactors. The MRC-CAL 

process offers faster limestone calcination only if sorbent conversion exceeds this critical 

conversion. The resulting critical conversions plotted in Figure 4.6(a) indicate that increasing the 
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operating pressure at fixed CaCO3/total gas molar feed ratio (a) does not significantly affect the 

critical conversion (~ 19.5% ± 1%). However, the temperature required to achieve the critical 

conversion increases with increasing the reactor pressure, in agreement with the results presented 

in Figure 4.4. Note that Equation (4.1) is developed based on the MRC-CAL operating 

temperature of 800-900̄ C.  However, the temperatures at which MRC-CAL and steam calciners 

show nearly identical sorbent conversion are lower than 800C̄ for pressures below 2 bars, and 

therefore, are omitted from Figure 4.6(a). 

Figure 4.6(b) compares the critical conversion at fixed operating temperature and different 

CaCO3/total gas molar feed ratios (a). Increasing the operating pressure results in lowering the 

calcination extent in both the MRC-CAL and steam calcination reactors. Consequently, lower 

critical conversion is expected at elevated reactor pressures and fixed operating temperature. In 

addition, lower a is needed to achieve a given sorbent conversion at higher reactor pressures (see 

Section 4.3.3). Figure 4.6 suggests that the critical conversion depends mostly on the 

CaCO3/total gas molar feed ratio (a), with a values less than the critical value resulting in faster 

calcination by the MRC-CAL process (see Figure 4.5(b)). The latter can be explained by means 

of Equation (4.1), where the gaseous feed composition varies only with the solid to gas molar 

feed ratio. Note that incomplete limestone calcination in the MRC-CAL reactor may result in 

increasing the bed temperature, thereby further enhancing the calcination extent [137]. 

Accordingly, a well-insulated MRC-CAL reactor might show faster sorbent calcination than a 

steam calciner, even at a exceeding the critical value.  
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Figure  4.5. Determination of ñcritical conversionò at reactor pressure of 3 bars: (a) 

CaCO3/total gas molar feed ratio (a) = 0.5; and (b) reactor temperature of 

850̄ C. Other input data are identical to those in Table 4.6 

 

 

Figure  4.6. Effect of operating pressure on the ñcritical conversionò at: (a) CaCO3/total gas 

molar feed ratio (a) = 0.5; and (b) reactor temperature of 850̄C. Other input 

data are identical to those in Table 4.6 

The variation of methane conversion with operating temperature at different MRC-CAL 

pressures is depicted in Figure 4.7(a). It is seen that increasing the operating temperature results 

in higher methane conversion, while boosting the reactor pressure could reverse the behaviour. 
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These observations are consistent with Le Chatelierôs principal for both reforming and 

calcination reactions. Note that the observed kinks at high reactor pressures are due to initiation 

of limestone calcination (Figure 4.4(a)), resulting in enhanced methane conversion by shifting 

the thermodynamic equilibrium of dry methane reforming.  

Figure 4.7(b) compares the MRC-CAL hydrogen yield for operating conditions identical to those 

applied in Figure 4.7(a). The results show that the hydrogen yield decreases with increasing 

operating temperature at low reactor pressures. This is due to enhanced limestone calcination at 

elevated temperatures (Figure 4.4(a)), resulting in higher flow rates of released CO2 and, 

consequently, increased in situ H2 consumption via the reverse water-gas shift reaction. On the 

other hand, increasing the operating temperature at elevated reactor pressures initially increases 

the hydrogen yield, but exceeding a certain temperature results in a sharp reduction in hydrogen 

yield with further increasing in temperature. This may be due to the initiation of sorbent 

conversion, as illustrated in Figure 4.4(a). In fact, the hydrogen yield of the pressurized MRC-

CAL reactors initially increases with increasing operating temperature since methane conversion 

is enhanced by increasing the reactor temperature (Figure 4.7(a)). However, initiating sorbent 

calcination (at a certain temperature for each pressure) results in substantial hydrogen 

consumption by the RWGS reaction, significantly diminishing the hydrogen production yield of 

the process. Note that the hydrogen yield for all operating pressures tested tends to a value of 

roughly 1.2 when the reactor temperature approaches 900C̄. This observation is in line with the 

results in Figure 4.4(a), where the sorbent conversion was observed to be less sensitive to the 

reactor pressure at elevated temperatures. Accordingly, it can be concluded that the MRC-CAL 

hydrogen yield mostly relies on the sorbent conversion, with little influence of the operating 

temperature and pressure on hydrogen productivity. 
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Figure  4.7. Effects of operating temperature and pressure on the MRC-CAL for: (a) 

methane conversion; and (b) hydrogen yield. Other input data are identical 

to those in Table 4.6 

4.3.3. Effect of CaCO3/Total Gas Molar Feed Ratio 

Figure 4.8 compares the sorbent conversion of the MRC-CAL and steam calciner units at fixed 

operating temperature and different CaCO3/total gas molar feed ratios (a). The simulations 

predict that increasing a results in substantial reduction of the sorbent conversion for both 

calciner configurations. In fact, increasing a (e.g. by increasing the CaCO3 inlet flow rate) leads 

to a higher CO2 flow rate entering the reactor gas. This increases the CO2 partial pressure within 

the reactor and, consequently, inhibits limestone calcination. In addition, more methane 

combustion (due to enriched-air feed concentration, see Equation (4.1)) is required to maintain 

autothermal limestone calcination at elevated CaCO3/total gas molar feed ratios, producing more 

initial CO2 within the reactor gas (MRC-CAL only). Consequently, the CO2 partial pressure 

calcination driving force decreases with increasing a, resulting in lower sorbent conversion in 

both calciner configurations. Note that the MRC-CAL process reduces to a stoichiometric oxy-

fuel calciner as the CaCO3/total gas approaches a value of roughly 1.45. Accordingly, increasing 
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a can substantially increase the required temperature at which a given sorbent conversion can be 

achieved by this novel sorbent regeneration process. Figure 4.8 also shows that increasing the 

reactor pressure leads to less limestone decomposition, as was also observed in Figure 4.4.  

 

Figure  4.8. Effects of CaCO3/total gas molar feed ratio and reactor pressure on the sorbent 

conversion in: (a) MRC-CAL; and (b) STEAM -CAL units. Other input data 

are identical to those in Table 4.6 

As mentioned above, the MRC-CAL process offers faster sorbent conversion than steam 

calciners for certain operating conditions. Figure 4.6(b) shows that increasing the reactor 

pressure leads to lower sorbent conversion and also lower corresponding a for identical 

calcination extent by the MRC-CAL and steam calciner units. The MRC-CAL offers faster 

sorbent regeneration only if the CaCO3/total gas molar feed ratio is less than the ñcritical valueò 

in Figure 4.6(b). As the sorbent conversion increases with decreasing a, it can be concluded that 

the MRC-CAL is only preferred for high extents of limestone calcination.  

Figure 4.9 demonstrates the effect of CaCO3/total gas molar feed ratio (a) on the methane 

conversion and hydrogen yield of the MRC-CAL process. Increasing a results in more CO2 

release into the reactor gas, and therefore, higher methane conversion due to enhanced dry 
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methane reforming. In addition, increasing a leads to lower methane/enriched-air molar feed 

ratio (see Equation (4.1)) and consequently, more methane conversion toward rapid and 

exothermic methane combustion. This also increases the initial CO2 and steam generation, 

shifting the reforming thermodynamic equilibrium toward higher feedstock conversion. On the 

other hand, increasing the reactor pressure reduces the methane conversion, as discussed above 

with respect to Figure 4.7(a). Therefore, greater variation of the methane conversion with 

increased CaCO3/total gas molar feed is expected at higher reactor pressures, as confirmed by 

Figure 4.9(a). 

Figure 4.9(b) shows that increasing the CaCO3/total gas molar feed ratio leads to lower hydrogen 

yield. This is due to increasing the in situ hydrogen consumption by the RWGS reaction (more 

CO2 is added to the reactor gas) and lower methane conversion toward reforming (more oxygen 

fed, see Equation (4.1)). The simulation results also show that the MRC-CAL hydrogen yield at 

different reactor pressures approaches a similar value when the CaCO3/total gas molar feed ratio 

is substantially high or low. This observation is similar to those for the sorbent conversion in 

Figure 4.8(a). Accordingly, it can be concluded that the hydrogen yield of the MRC-CAL 

process is nearly independent of the reactor pressure, as also concluded from Figure 4.7(b). 

Instead, the hydrogen yield of the MRC-CAL process depends mainly on the CaCO3/total gas 

molar feed ratio and the sorbent conversion, with increases in both reducing the hydrogen yield. 
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Figure  4.9. Effects of CaCO3/total gas molar feed ratio and reactor pressure on MRC-

CAL: (a) methane conversion; (b) hydrogen yield.  Other input data are 

identical to those in Table 4.6 

4.3.4. Effect of Sorbent Residence Time 

The effect of sorbent residence time on the MRC-CAL sorbent conversion at different reactor 

pressures in Figure 4.10(a) demonstrates that higher sorbent residence time is required to achieve 

a given sorbent conversion at elevated reactor pressures. Increasing the sorbent residence time 

was also observed to have a less positive impact at higher operating pressures. This could be due 

to the reduction of calcination driving force at elevated reactor pressures. In addition, the 

variation of sorbent conversion with residence time decreases with increasing sorbent 

conversion. These results suggest that a sorbent residence time of 5-10 min could be optimal for 

the MRC-CAL process.  

Figure 4.10(b) compares the required reactor length to achieve different sorbent residence times 

at operating pressures of 1 to 5 bars. As expected, greater bed height is needed to achieve higher 

sorbent residence times. In addition, increasing the reactor pressure at a constant superficial gas 

velocity leads to a higher gas molar inlet flow. Given a fixed CaCO3/total gas molar feed ratio, 
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the CaCO3 inlet flow rate must increase with increasing reactor pressure, resulting in a lower 

sorbent residence time at elevated pressures. Thus, increasing the reactor pressure requires a 

larger reactor to achieve a given sorbent residence time. Larger reactors would therefore be 

needed to obtain a given sorbent conversion at elevated reactor pressures. 

 

Figure  4.10. Effects of sorbent residence time and reactor pressure on: (a) sorbent 

conversion in MRC-CAL; and (b) reactor length.  Other input data are 

identical to those in Table 4.6 

4.3.5. Design Methodology 

The performance of the MRC-CAL process has been shown to depend strongly on the reactor 

pressure, operating temperature and CaCO3/total gas molar feed ratio (a). It was also observed 

that a sorbent residence time of 10 minutes is optimal, with further increases in reactor length 

barely enhancing the sorbent conversion. In theory, a higher operating temperature, lower reactor 

pressure and smaller a are required to maximize the sorbent regeneration. However, increasing 

the calciner temperature results in serious operational challenges, including increased sorbent 

sintering, more thermal inertia and higher reactor cost. On the other hand, elevated reactor 

pressures are often preferred by industry due to higher reactor throughput and reduced need for 
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compression of the product. Fluidized bed sorbent-enhanced steam methane reformers (with or 

without in situ hydrogen perm-separation) are likely to be pressurized, resulting in a complicated 

solid circulation system when integrated with atmospheric calciners (e.g. for pressure swing 

adsorption). The CaCO3/total gas molar feed ratio is the most flexible influential factor, 

adjustable by varying the solid circulation rate, gas velocity and/or reactor cross-sectional area. 

In practice, larger CaCO3/total gas molar feed ratios are of interest to minimize the reactor size 

and gas requirement. Therefore, it is vital to simultaneously investigate the influential factors for 

the process, providing the lowest operating temperature and highest CaCO3/total gas molar feed 

ratio to achieve the desired sorbent conversion at the target reactor pressure. 

Hence, the simulation results were extended to introduce a simple MRC-CAL design 

methodology for operating temperatures of 800-900̄ C and reactor pressures of 1-5 bars. Figures 

4.11(a) and 4.12(a)-(d) were obtained, each demonstrating the variation of sorbent conversion 

(with limits of 50% - 100% for a 10 minute sorbent residence time) with CaCO3/total gas molar 

feed ratio at different operating temperatures and fixed reactor pressure. These figures can be 

further used for preliminary design of the MRC-CAL sorbent regenerators for calcium-looping 

technology. Figure 4.11(b) shows a schematic diagram of the MRC-CAL design methodology. 

The inputs, calculation methods and design outputs are summarized briefly in Table 4.7.  
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Figure  4.11. (a) MRC-CAL graph for determination of design parameters at 1.1 bars; (b) 

MRC-CAL reactor design steps (t = 10 min). 

 

Table  4.7. MRC-CAL design methodology 
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Figure  4.12. MRC-CAL graphs for determination of design parameters at: (a) 2 bars; (b) 3 

bars; (c) 4 bars; and (d) 5 bars (t = 10 min.) 

These results suggest that lower CaCO3/total gas molar feed ratio and higher operating 

temperature are required to achieve a given sorbent conversion at elevated reactor pressures, as 

also shown earlier in this chapter. The proposed design methodology can be employed to 

generate a rough estimate of the operating conditions and/or reactor dimensions for the MRC-
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CAL process. Note that the MRC-CAL process should ideally operate autothermally, without the 

need for additional heating supply. However, the process thermal behaviour in practical 

applications may differ from the ideal scenario owing to: 

1. Incomplete sorbent regeneration 

2. Low gaseous feed temperature (normally preheated to 300-400̄ C) 

3. Low solid circulation temperature (entering the calciner at reformer/carbonator 

temperature) 

4. Low sorbent make-up flow temperature (normally fed at room temperature) 

5. Heat losses through insulation 

Note that solid attrition and pore sintering are major challenges in practical operation, requiring 

considerable sorbent make-up for continuous operation. This imposes additional energy penalty 

on the system, attributed to energy loss by solid replacement.  Therefore, minor supply of heat 

may be required to maintain the reactor temperature in practical applications. A portion of the 

MRC-CAL higher heating value off-gas can be used as process fuel, providing the required 

excess energy inside (e.g. additional enriched-air feeding) or outside (e.g. fuel burning in the 

reactor shell) of the reactor. The additional enriched-air in the former case should preferably be 

fed above the gas distributor to burn syngas rather than methane. This would potentially reduce 

the temperature spike near the gas distributor, while more energy can be obtained by burning 

syngas, rather than methane (minimizing extra enriched-air flow). In addition, in situ syngas 

combustion reduces the hydrodynamic variations compared to mole-balanced methane 

combustion. In fact, reforming and calcination both increase the molar flow, thereby increasing 

the gas superficial velocity within the reactor. However, syngas combustion is mole-consuming 

and therefore, slightly reduces hydrodynamic variation within MRC-CAL reactors. Note that in 

situ combustion of syngas releases undesired CO2 into the calciner gaseous medium. This can 
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potentially reduce the limestone calcination driving force, rate and extent. Accordingly, slightly 

higher temperature than predicted in the absence of heat loss may be required if a portion of 

syngas is burned inside the reactor. 

The remaining MRC-CAL off-gas is mainly composed of H2, CO, CO2 and steam, with minor 

constituent of nitrogen and unreacted methane. This can be further used in various applications, 

such as power generation, metal oxide reduction, Fischer-Tropsch processes and liquid fuel 

production. Note that certain H2/CO ratios might be required for some of these processes, while 

the MRC-CAL syngas composition could vary based on the calciner operating conditions. An 

additional water-gas shift reactor (with excess steam) could be of interest to adjust the MRC-

CAL off-gas composition prior to the next post-processing steps. Given the moderate 

temperature of the water-gas shift (WGS) reaction, palladium-based membranes may be 

implemented inside the reactor, shifting the thermodynamic equilibrium of the WGS reaction 

toward higher hydrogen production.  

A relatively high methane conversion (e.g. >90%) can be achieved by the MRC-CAL process, as 

shown above in Figures 4.7(a) and 4.9(a). This is important as methane is considerably more 

potent as a greenhouse gas than carbon dioxide. Note that a pure methane feedstock was assumed 

in this work for simplicity. However, practical applications would use natural gas, which, 

although typically >95 % methane, contains minor constituents of H2S, ethane, CO2 and other 

trace gases. These impurities may adversely affect the system thermal behaviour, syngas 

composition, and the reactivity of calcined limestone for CO2 capture. At a minimum, removal of 

almost all of the H2S and other sulphur-containing compounds would be required to minimize 

degradation of the catalyst. Methane leakage could be another major challenge in the MRC-CAL 

process, resulting in serious environmental consequences if not addressed properly. Before the 
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process could be adopted commercially, comprehensive long-term performance and life cycle 

analyses would be imperative to assess and compare the economic and environmental impacts of 

the MRC-CAL process to other similar technologies. 

The design parameters in this chapter (Figures 4.11(a) and 4.12) were obtained by assuming pure 

CaCO3 feeding into the MRC-CAL reactor. However, the sorbent particles leaving the 

carbonator/reformer are likely to be only partially carbonated (mostly towards the outer surface) 

owing to the two-stage carbonation mechanism (fast stage reaction-controlled step, followed by 

the slow-stage diffusion-controlled carbonation) and thermal pore sintering [4,43,46,47]. This 

corresponds to an enhanced calcination rate compared to those for fully calcite particles. 

Therefore, higher sorbent conversion than predicted by the design methodology could be 

expected for sorbents circulating between the reformer and calciner.  

Note that the methane feed concentration in the autothermal MRC-CAL process varies between 

33 and 69%, corresponding to methane/enriched-air molar feed ratios of nearly 0.5-2.2 [137]. 

This slightly exceeds the methane upper flammability limit (UFL) in the oxy-fuel feedstock 

(~61% at 1 atm and 20̄C [138]). However, increase in the operating temperature and pressure 

raise the UFL [139] and, hence, the MRC-CAL gaseous feedstock remains within the methane 

flammability limits. Appropriate reactor design and configuration would therefore be essential to 

ensure safe unit operation.  

4.4. Conclusion  

A kinetic reactor model is employed to compare the performance of combined methane 

reforming, combustion and limestone calcination with conventional steam calciners in isothermal 

turbulent fluidized bed reactors. This novel sorbent regeneration technique can offer faster 
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sorbent calcination under certain circumstances, especially if high sorbent regeneration extent is 

needed. This is due to favourable in situ CO2 utilization behaviour of the proposed process, 

maintaining a high limestone calcination driving force within the reactor. In addition, this 

process can ideally be operated autothermally without external heating. Given the endothermicity 

of calcination, incomplete sorbent conversion results in increased bed temperature, thereby 

enhancing the sorbent calcination rate and extent. The proposed process is capable of adapting its 

thermal behaviour to maximize sorbent conversion, a promising feature for practical 

applications.  

The effects of key operating factors on the reactor performance were investigated, with the 

results showing higher sorbent conversion at lower reactor pressure, higher operating 

temperature and lower CaCO3/total gas molar feed ratios. Increasing the sorbent residence time 

also enhances the sorbent conversion, with 5-10 minutes sorbent residence time being optimal. 

The process produces higher heating values off-gas (syngas, H2 + CO), with the hydrogen yield 

mostly dependent on the sorbent conversion and CaCO3/gas molar feed ratio.  

A design methodology is introduced for MRC-CAL units operating at 800-900̄ C and 1-5 bars 

pressure. This novel sorbent regeneration process has potential for pressurized limestone 

calcination in a practical range of operating temperatures. The proposed design methodology can 

be further used to determine the calciner range of operating conditions and reactor dimensions in 

calcium looping technology.  
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CHAPTER 5: Simulation of Sorbent -Enhanced Steam Methane 

Reforming and L imestone Calcination in Dual Turbulent 

Fluidized Bed Reactors  
 

5. 1. Introduction  

Catalytic steam methane reforming (SMR) is the most important industrial hydrogen production 

route [140]. However, the thermodynamic equilibrium of the reversible SMR reactions prevents 

complete feedstock conversion, thereby limiting hydrogen production yield and product purity 

[141]. Previous studies have shown that in situ H2 and CO2 removal can favourably shift the 

thermodynamic equilibrium of the SMR reactions toward higher feedstock conversions 

[9,12,15,17ï20]. In situ hydrogen removal can be achieved by installing hydrogen-permselective 

membranes (usually Pd-based) inside the reactor. Steam methane reforming can instead be 

integrated with calcium-looping technology, with lime-based sorbents assisting in capturing 

high-temperature CO2 and in producing hydrogen [17,20,26,142,143]. 

Sorbent-enhanced steam methane reforming (SE-SMR) combines three major reactions; methane 

reforming, water-gas shift and lime carbonation. These reactions depend strongly on various 

factors, resulting in a complex system. The effects of different operating conditions on each 

individual reaction of the SE-SMR process are summarized in Table 5.1. The variation of SE-

SMR performance with these operating conditions depends on their competitive effects for each 

individual reaction. Therefore, comprehensive performance analysis is crucial to determine the 

operating conditions in which optimal SE-SMR performance can be achieved. 
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Table  5.1. Effects of operating conditions on the reactions involved in the SE-SMR process 

Reaction SMR
*
 WGS

*
 Carbonation

*
 

Temperature ¬ ¬ ® ® 

Pressure ¬ ® - ¬ 

Steam-to-Methane Feed Ratio ¬ ¬ ¬ - 

Sorbent/Methane Feed Ratio ¬ - - ¬ 

Membrane Addition ¬ ¬ ¬ - 

* Upward and downward arrows indicate favourable and unfavourable, respectively. 

Conventional SE-SMR processes consist of two interconnected fluidized bed reactors (FBRôs), 

maintaining cyclic operation by circulating sorbent and catalyst particles back and forth between 

the reformer and calciner [41,144]. Ideally, hydrogen-enriched gas leaves the reformer, while a 

concentrated CO2 stream is obtained from the sorbent calciner. The CO2 concentration of the 

calciner off-gas depends mainly on the applied gaseous medium, with air, steam, CO2, and oxy-

fuel feedstock studied most in the literature. However, these processes suffer from several 

operational challenges, including external heating supply, dilute CO2 off-gas, low thermal 

efficiency and high reactor temperature [118]. Alternatively, a methane-concentrated oxy-fuel 

calciner (MRC-CAL, detailed in Chapters 3 and 4) can be used to achieve autothermal syngas-

producing sorbent regeneration at reduced reactor temperatures. A general schematic of the SE-

SMR/MRC-CAL process in dual fluidized bed reactors is depicted in Figure 5.1, demonstrating 

the solid circulation and input/output of gaseous components, with gases in brackets representing 

minor constituents. 
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Figure  5.1. General schematic of integrated SE-SMR/MRC-CAL process in dual FBRôs 

Previous studies have mostly focused on the simulation of the SE-SMR process in fixed, 

bubbling and fast fluidized bed reactors [10,17,18,41,145ï148]. However, industrial fluidized 

bed reactors often operate in the turbulent fluidization flow regime, owing to improved solids 

hold-up and gas-solid contact. This chapter addresses the steady-state simulation of the SE-SMR 

process in isothermal turbulent fluidized bed reactors. The variation of reformer performance is 

investigated for different operating conditions, in the presence and absence of hydrogen-

permselective membranes. The effects of solid attrition and sorbent utilization decay are not 

included to avoid excessive simulation complexity. The required limestone calcination 

conditions are determined and compared for a SE-SMR reactor, integrated with steam and MRC-

CAL sorbent regenerators. 

5. 2. Simulation Setup  

The methodology for kinetic simulation of the MRC-CAL process in turbulent fluidized bed 

reactors is detailed in Chapter 4. A similar approach is employed here, with minor modifications 






























































































































































































