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Abstract

Greenhouse gas emissions (mostly,C8ave resulted from massive fuel consumption over
recent decades, with devastating effects on humans, clirmate,wildlife. Costeffective
environmentallyfriendly energy sources and carbon capture are required to diminish the
destructive effects of CQemissions. CalciuAboping, a process based on reversible spéid
carbonation and calcination, utilizing linsed sorbents to capture £@t elevated
temperatures, is an emerging carbon capture technology, also applicable for enhanced hydrogen
production. A key challenge in this continuous process is the high temperature needed for
cyclical sorbent regeneratior(via limestone calcination). This adversely affects the
thermal/energy efficiency of the process, while also leading to sorbent deactivation during first
calcinationcarbonation cycles. Investigations are required to enhance current knowledge on
limestone calcination conditions in calcitooping, while also identifying alternative lew
temperature technologies for sorbent regeneration.

This thesis proposes a novel methanacentrated oxyuel calciner, combining methane
combustion, reforming and limestone calcination in a single reactor. The process is shown to be
capable of autothermal syngasbducing sorbent regeneration with situ CO, utilization,
reducing the C@ concentration within the reactor, thereby decreasing the calcination
temperature. The thermodynamic and kinetic performances of the process are evaluated by
means of reactor simulations. Appropriate ranges of conditi@ndetermined for autothermal,
cokefree and complete limestone calcination. Increasing temperature and nitrogen concentration
in air are shown to enhance limestone calcination, whereas elevating pressure an&aCO
feed ratio hinder sorbent conversioA. design methodology is suggested to determine
appropriate operating conditions and/or reactor dimensions for this sorbent regeneration
technology. Potential practical constraints of the process (e.g. safe operatidrcatalyst
instability) are alsdoriefly discussedThe thesis examines three potential applications of the
process: sorbergnhanced steam methane reforming, ammonia production without air
separation, and Ca(OMaCQ co-calcination. Thermogravimetric analysis is employed to
assess theffect of sorbent regeneration conditions (especially partial calcination) on the cyclic

CO, capture capability of limbased sorbents. Increasing calcination temperature is shown to



reduce sorbent reactivity, while extending calcination duration and iegplimestone to high
temperature without reaction did not appreciably change sorbent performance. Partially calcined

sorbents are found to offer smoother Ptake over extended calcinatioarbonation cycles.



Lay Summary

My work focused on the regeneration of I#ibased sorbents for GCcapture. A novel
technology is introduced, capable of autothermal syntgasiproducing sorbent regeneration at
relatively mild temperatures. The proposed process also benefits fromti£ation, reducing

greenhouse gas emissions.



Preface

At the time of writing this thesisthree articles have beepublished,two othess havebeen
acceptedand are awaiting publicationand two others are under preparation. In addition, the

authoris scheduled tgive research talks at two internationahference the future

The author proposed the idea of metlsaancentrated oxjuel calcination carried out all stages
of the research described in the published and submitted papers, prepared responses to the
reviewes, and handled correspondenceahwihe journal editors. The ethors supervised the

work and madeppropriateevisions.

The author proposestudyingthe effect of partial limestone calcination on the carbon capture
capability of lime-based sorbentand conducted ast of the thermogravimetric analysiests.
Two fellow studentsJohn Zezhong Li and Jun YoungnK helped in carrying outxperiments
and analyzing the results. The author pregathe first draft of the papewhich was slightly
modified bythese two student§ he other co-authors supervised the work and maequired

revisionson the manuscript

The author proposed writing a review papaithe limestone calcination, and managed the work
load distribution between four participating students. The paper is cyrterder preparation,
and will be submitted to an approprigieerreviewedjournal. Part of this future paper, solely

written by the author, is presented in Chapter thafthesis.

Below is he list of journal publicationgorrespondingo the chaptes of this thesis:

CHAPTER 1

1 A. Ebneyamini, Z.J. Li, B.L. Cheng, J.Y. KimJ.R. Grace, C.J. Lim, N. Ellis, Limestone
Calcination Review, Under Preparation

Vi



CHAPTER?

1 A. Ebneyamini, , Z.J. Li, J.R. Grace, J.Y. Kim, C.J. Lim, N. Ellis, Effeof calcination
temperature and extent on the L£€arrying capacity of limdased sorbentd)nder
Preparation.

CHAPTER 3

1 A. Ebneyamini, B.L. Cheng, J.Y. Kim, Z.J. Li, J.R. Grace, C.J. Lim, N. Ellis,
Equilibrium analysis of the pressurized sorbent regeneration using combined methane
reforming, combustion and calcination process, acceptgatésentation and inclusion in
the proceeding of hd3" fint ernati onal Conference 1 n FI
Vancouver 2027).

1 A. Ebneyamini, J.R. Grace, C.J. Lim, N. Ellis, S.S.E.H. Elnashaie, Simulation of
limestone calcination for calcium looping: Potential for autothermal and hydrogen
producing sorbent regeneratioil,] n d uBng rnieaelr i ng Ch e nbB 018)y Re s €
8636 8655.https://doi.org/10.1021/acs.iecr.9b00668

1 A. Ebneyamini, J.R. Grace, C.J. Lim, N. Ellis, S.S.E.H. ElnashaieMahechaBotero,
Simulation of autothermal hydroggmoducing limestone calcination for calcium looping
in turbulent fluidized bed reactoréy Ch e mi ¢ a | Engi 212 (@020) b1§3535 ci enc
https://doi.org/https://doi.org/10.1016/j.ces.2019.115353

CHAPTER 4

1 A. Ebneyamini, J. Grace, N. Ellis, C.J. Lim, Toward autothermal and hydrogen
producing sorbent regeneration for calclonping, acceptedor publication inMarch,
2020 in ACanadian Jour nal of Chemi gal l
https://doi.org/10.1002/cjce.23847

Vil


https://doi.org/10.1021/acs.iecr.9b00668
https://doi.org/https:/doi.org/10.1016/j.ces.2019.115353
https://doi.org/10.1002/cjce.23847

CHAPTER 5

1 A. Ebneyamini, J. Grace, N. Ellis, C.J. Lim, Simulation of sorbenthanced steam
methane reforming and limestone calcination in dual turbulent fluidized bed reactors,
AEnergy and Fuels https://doi.org/10.1021/acs.energyfuels.0c01093

CHAPTER 6

1 A. Ebneyamini, J.Y. Kim, Z.J. Li, J. Grace, N. Ellis, C.J. LimSorbent steam
reactivation and metharmncentrated calcination for calcidiooping carbon capture:
Compatibilities andimitations, AJournal ofIndustriala nd Engi neer 8hg Che
(2020)40-45. https://doi.org/10.1016/j.jiec.2020.03.012

CHAPTERY

1 A. Ebneyamini, Z.J. Li, J.Y. Kim, J. Grace, N. Ellis, C.J. Lim, @ooduction of lime

and syngas for ammonia synthesis without air separation, submitted

viii


https://doi.org/10.1021/acs.energyfuels.0c01093
https://doi.org/10.1016/j.jiec.2020.03.012

Table of Contents

FN 6] 1 = T SO PO PP PPPPPPPPPPPPPRPY i
LAY SUMIMIETY ...ttt een st e e e e e e e e et et e ammns s e e e e e e eeeeeeeeennnnnnnns] V.
[ (=] £= o PP PPPPPPPPPPPPPPPPPR Vi
Table Of CONIENTS ... ereea bbb e e e et e e e e s emer e e e e e e e e e e aeeeeens IX
LISt Of TADIES ..ot e e e XV
LIST Of FIQUIES... .o er e e e e e e e e e e e e e e amaes s s e e e e e e eaaeaaeeeenens XVii
NOMENCIALUIE ... eeea e e e e e ek e et e e e e s mm e e e e e e e e e nnnnees XXVi
ADDIEVIATIONS ...ttt ettt et et e e e e eeer e et e e e e e e e e eaaeas XXXIi
ACKNOWIBAGMENTS. ...t e e e et e e e e e e e e e amme e e e e e e eeaeens XXXiil
[D7=To [[or= i o] o PSP PP PPPPPPPPP XXXIV
CHAPTER 1. BacCKQrOUNG..........coooiiiiiiiiiiiiccmee ettt emeaa e e e e e e e e e e e e e e e e anen s 1
1.1. Energy Demand and Climate Change...........cccceviiiiiicceciiiiiiiee e 1
1.2. [ 17 [ £ [T o SO 2
1.3. Steam Methane Reforming..........cccuuuiiiiiiiieeeiiiiiiiiiee e 3
1.4. MembraneAssisted Steam Methane Reforming..............ceevvvvvvieeciviiieenenn. 5
1.5 SorbemEnhanced Steam Methane Reforming.............coovvvvviiceciiiiiieeeeennnnns 5
1.6. Limestone CalCiN@ALION ..........uuuiiiiiiiiiiie e 8
1.6.1. BaCKgrOUNG........ccooiiiiiiii et emme e e et e e e e renne e e raa s 8



1.6.2. Gaseous Media for Limestone CalCination ..........c.vvueeeiiniieceeeeeee e 10

1.6.2.1.

1.6.2.2.

1.6.2.3.

1.6.2.4.

1.6.2.5.

1.7.

CHAPTER 2:

Inert and OXIdant GASES........ccooviiiiiiiiieeee e 10
O PR PP TRPPPPPI 13
STAIM.....ciiiiiiiiei e 13
(@(@ e U 1] 4] g To T 1Y/ [T [ - USRS 15
OXYFUEI CaICINEIS ... 19
Thesis Scope and ODJECHIVES..........ooviiiiieeee e 23

Effects of Calcination Temperature and Extent on CQ Carrying

Capacity of Lime-Based SOrDENTS..........cooiiiiiiiiiieee e 26
2.1. pLigoTe [FTol1[o] o NPT TP PRI 26
2.2. Experimental Detalls............coooiiiiiii et 27
2.3. ReSUILS and DISCUSSIQMN.......cceiiiiiiiiiieieiiete et mmee e 31

2.3.1 Effect of CalcinatiorCarbonation Cycling.............cccuuviiiiiiiiieemiiiiiiiieeeeeeeeee 31
2.3.2 Effect of Calcination TeMPEratUIE..........coooviiiiiiiiiiccceee e 36
2.3.3  Effect of Calcination DUFAtION.............ceeieiiiiiiiieeeiiiee et ee e 37
2.3.4 Cyclic Sorbent Utilization in Equation FOrm..........cccceeeeeiieeiiiceciiiccieeeeeeeeeen. 42
2.4. CONCIUSION. ...ttt e e rmmne e e 50

CHAPTER 3:

Combined Methane Reforming, Combustion and Limestone Calcinatioi

ThermodynamiC ANAIYSIS ........ooiiiiiiiiii it eee et et e e e e e e e e e e e s e ammne e e e e 52

3.1.

[aY (o]0 1§ e} 1 (0] o NPUTEUTET TR T TR 52



3.2. Aspen Plus Simulation SetUp..........ooooiiiiiiiiiiiieee e 54

3.3. RESUILS aNd DISCUSSIQMN.......ccviiiiiiiiieeeiiiet et mmme e 56
3.3.1. Preliminary Performance ANalySiS............couuiiiiiiiiiimmmieeeeeeeeeieiiisee e smeeenees 56
3.3.2. Correlation for Autothermal MREAL Operation..............cccevvvvevvvvimeneeeneennnn. 59
3.3.3.  Critical Limits of MRGCAL PrOCESS..........couttiiiiiiiiiiiieeeeee et 61
3.3.4. Performance Analysis for Isothermal Operation..............cccoevveviccceeeeeeeeie 65
3.3.5. Performance Analysis for Adiabatic Operation..................eeeeeveeeeeivvernnneeeeen. 68

3.4. (@70] 0 [ 11 5] o] o F TP PP PP PP PP PPPPPN 70

CHAPTER 4. Simulation of Combined Methane Reforming, Combustion and Limestone

Calcination in Turbulent Fluidized Bed REACIOIS..........ccoiiuviiiiieeiiiicemiiiieee e 71
4.1. pLigoTe [ETol1[o] o NP PTP P PPPR PP 71
4.2. SIMUIATION SETUR ...ttt e e e e e e e e e e e e e e 73
4.3. ReSUISANA DISCUSSION.......ceiiiiiiiiiiiiei et 80

4.3.1. Simulation Results in Base INPULS...........cccuuuiiiiiiireeiiiiiiiieiee e 80
4.3.2. Effect of Operating Temperature and PresSsure...............ovvvvvvieemeeeeveeeeennnnnnnd 81
4.3.3. Effect of CaC@Total Gas Molar Feed RatiQ.........coccvvveviiiiiieeeeeeeeeeeeieeenn, 86
4.3.4. Effect of Sorbent Residence TIMe.........ccccuiiiiiiiiieeeiiiieee e 89
4.3.5. DesSign MethodOlOgY.......ccuuuiiiiiiiiiiii e 90
4.4. (@] o[ 11 5] o] o H PP PPPP P PP PP PPPPP 96

Xi



CHAPTER 5: Simulation of SorbentEnhanced Steam Methane Reforming and

Limestone Calcination in Dual Turbulent Fluidized Bed Reactors...............cccccvviiiviieenee. 98
5. 1. INEFOAUCTION......eieiieieee e n e 98
5. 2. SIMUIAION SELUR......eeiiiiiiiici e eeeer s e e e e e e e e e e eeaeannes 100
5.3. ReSUItS and DISCUSSIQN........ccuuiiiiiieeiiiermiir et e e smmee e e 103

5.3.1. Hydrodynamic, Base Input Data and Performance Metrics........................ 103
5.3.2. Simulation Results for Base INput Data.............cc.euveeiiieemieiiiiiiiiiieeieeeeeeeeenn 105
5.3.3. Effects of Operating Temperature and PreSSUre..........ccceceeeeeesveeevvennnnnnnnns 106
5.3.4. Effect of Gaseous Feed Concentration..............ooovieeiiicmee e eeesseeiiiiinee. 108
5.3.5. Effect of CaO/Methane Feed RatiQ.............c.cceeeiiiiimmniiiiiiieeiiieeee e 110
5.3.6. Effect of Membrane ImplementatiQn...............cccooiiiieeciiiiiiiiiiiie e 113
5.3.7. Selection of the SEMR Operating ConditionS...............euveeeeriiimeeiiviiniennnnee. 116
5.3.8. Design of Sorbent REgENErator............ccocuuuuiiimerreieeciiii e 119
5. 4. (070] o[ 11 5] o] o F PP PP PP PP PP P PP 125

CHAPTER 6: Sorbent Steam Reactivation and Methan€oncentrated Calcination for

Calcium-Looping Carbon Capture: Compatibilities and Limitations ................cccceeeennn.. 127
6.1. INEFOAUCTION. ...ttt 127
6.2. SIMUIALION SETUR....coiiiiiii e e 129
6.3. ReSUItS and DISCUSSIQMN.......cciiiiiiiiieieii i mmee e 130

6.3.1.  SOrbent HYdrator.............uuuiiiiiiiiiiiieeeiiiiee e 130

Xii



6.3.2. MRG-CAL Sorbent Regeneration..............ccoooiieeieeeciiiiieeee e eeeeeeens 131
6.4. (©0] o Tod 11810 o PP 136

CHAPTER 7:  Co-Production of Lime and Syngas for Ammonia Synthesis without Air

SEPAIALION i ——————————— e en———— s 137
7.1. INEFOTUCTION.....eeieee et 137
7.2. Correlation Development and Performance Metrics............ccoeevvvvveeeenn. 140
7.3. SIMUIALION SETUR ... ettt 141

7.3.1. Thermodynamics SIMUlatiOn.............ccooeriiiiiicc e 141
7.3.2.  KiINELIC SIMUIALION......eviiiiiiiiiiiiiiie e 143
7.4. ReSUItS and DiSCUSSIQN........icuuviiiiieeiiieemiiie et e e ammee e e e 144
7.4.1. Performance Analysis under Thermodynamic Equilibrium........................ 144
7.4.2. Kinetic Performance Analysis in Turbulent Fluidized Bed Reactars.......... 151
7.5. CONCIUSIONS. ...t e e e e e e e e e e eeeneees 155

CHAPTER 8:  Conclusions and Recommendations................eeeeeieiiieemiiienieeeeeeeeeeeenns 156
8.1. CONCIUSIONS. ...ttt eeeee et e e e et e e e e e e eeeneees 157
8.2. RECOMMENUALIONS ... ...eiiiiiiiiiiie et e e 161

BIDHOGIapNY ... e e —————— e aaaan 167

FaY o] 01T 1o [0t S PP 187
Appendix A: Effect ofHeating Rate on Cyclic CQCapture of LimeBased Sorbents......187

Xiii



Appendix B: Effect of Steam Reactivation on Cyclic ¢€QCapture of LimeBased

0] 0= 1 (= I PP 188
Appendix C:Sensitivity Analysis of ADPFR Reactor Model.............cccoviiiieeninneennns 190
Appendix D:Supplementary Results for SBMR/Calciner Simulation............................ 192

Appendix E: General Comparison and Suggested Range of Operating Conditions for MRC

L@ A I 0 o = 194

Xiv



List of Tables

Tablel.1.

Tablel.2.

Tablel.3.

Tablel.4.

Tablel.5.

Table2.1.

Table2.2.

Table3.1.

Table3.2.

Table4.1.

Table4.2.

Table4.3.

Table4.4.

Table4.5.

Table4.6.

Table4.7.

Table5.1.

Table5b.2.

Table5.3.

Table5.4.

Tableb.5.

Main reactions in steam methane reforming.[17]..........ooovriiiiccceiiiiiin, 3
Reversible lime carbonation and limestone calcination reactians...................... 6
Main reactions involved in CACLC process with Gibased oxygen carrier......... 12
Main reactions involved in calcination in methane............ccccvevvvieeeciiivivieneeeen. 17
Main reactions involved in calcination in ethanol/glyceral...................c.vveeeee... 18
XRD measurement results for different Imestanes.......cccccceveeeiieeeieiiineeneeennn. 28
Summary of experimental conditions tested. (Measurement accuracy €)t/....30

Stream properties for Aspen Plus simulations..............ooovvvveenie e 55
Block properties in Aspen Plus SimulatiQnS.............eiiiieniieeciiiiiiineee e 56
Governing equations for KiNneBBMUIAtIONS...............eeviiiiiiiiiiceeiiiee e 75
Reactions considered in kinetic SIMUIations.............cccovvieiiieeciiiniiiinnee e, 75
Rate parameters for reactions considered in kinetic simulations..................... 76
Correlations and supporting equations applied in kinetics simulations............ 76
Metrics for evaluating the MRCAL performance............c.eeeevvvveiiiieesineeeeeeeneenn. 80
Base inputs for kinetics SimulatiQnS...........cooooriiiiiccc e 80
MRGCAL design methodology...........oooeviiiiiiiiiiieeeeeeeece e 92
Effects of operating conditions on the reactions involved in thR@\BE process.. 99

Governing equations for kinetic simulatians...............cccevvevieeer e, 101
Correlations and supporting equation applied for kinetics simulatians.......... 102
Rateexpressions for lime carbonation and hydrogen permeation.................. 102
Base input data and ranges considered in kisiatiglations...................ccoevvvvnne 104

XV



Table5.6. Metrics applied for SEMR performance evaluation..................c.couvvvcccieeennnn. 105

Table5.7. Simulated SESMR performance at selected operating conditions.................. 119
Table5.8. Performance of MRC AL and steam cal.c.i.ne.r..f.d22
Table7.1. Metrics applied for SEMR performance evaluation...............ccccoeeeevieeeeeenennn. 141
Table7.2. Base inputs for kinetics SimulatiQns.............ouuuvuiiiiionnreeeieiiiiiieee e 144
Table D.1. Summary of Aspen Plus and kinetic simulation results for reformers.......... 192
Table D.2. SummaryfdAspen Plus and kinetic simulation results for calciners............... 193

Table E.1. Suggested range of operating conditions for oXyeiMRC-CAL processes...194

XVi

dual



List of Figures

Figurel.1l. World primary energy supply by sourt8902017. Data adopted from [5].......... 1

Figurel.2. Global demand for hydrogen, 192615. Data adopted from [13]...............c....e. 2
Figurel.3. Hydrogen production by a conventional steam methane reforming.plant........ 4
Figurel.4. Schematic of the SEMR process in dual fluidized bed reactars....................... 7
Figurel.5. Thermodynamic equilibrium of CaO/Ca@O..............ccceeiviiiiiieeeiiiecie e, 7
Figurel1.6. Main criteria for limestone CalCINerS...............oooviiiiiimee e 9
Figurel.7. Limestone calcination in helium wislolarconcentrated powetr................ccccue... 11
Figurel1.8. Cal-=CLC process with Gilnased oxygen carrier [72].......ccccceeveeeeeeiiiiieeeieeeeennn. 12
Figurel.9. Schematic of calcination in methane...............ccovvviee e 17

Figurel1.10. Schematic of codllased power plant with pesbmbustion CaL carbon captur@1
Figure2.1. Reproducibility of the cyclic thermogravimetric analysis results. For test conditions,
see run 3 in Table 2.2. Red points are the average sorbent utilization achieved {ynthree
repetition of the cyclic TGA test. Blue error bars show plus and mheigdlculated standard
deviation at each calcinatiararbonation Cycle................coooiiiime 31
Figure 2.2. Typical sorbent conversion and temperatprefile during cyclic calcination
carbonation tests. Stars show the-&age carbonation extent in each cycle. For test conditions,
SEE TUN 3N TADIE 2.2, e eeee e e e e e e e e et e e e eeerennees 32
Figure 2.3. Normalized (a) calcination; and (b) carbonation profiles at different calcination
carbonation cycles. For test conditions, see run 3 in Table.2.2...............vvvvvicceeveveeeninnnns 34
Figure 2.4. CaCQ molar fraction time variation during limestone calcination after different

numbers of calcinatienarbonation cycles. For test conditions, see run 3 in Table.2.2...34

Xvii



Figure 2.5. Normalized (a) calcination; and (b) carbonation rate profiles with different
calcinationcarbonation cycles. Féest conditions, see run 3 in Table 2.2......................... 35
Figure 2.6. Effect of calcination temperature on: (a) cyclic sorbent (Strassburgatibiti; and

(b) first-cycle calcination rate. Test conditions correspond to ruhisniTable 2.2. Every third
experimental data points is plotted in (a) for clearer presentation of the.data................. 37
Figure 2.7. Effects of calcination temperature and duration on the cyclic performance of
Strassburg sorbents. For test conditions, see runs 1, 3&amdTable 2.2.............ccccvvvennnnn. 38
Figure 2.8. Effect of partial calcination on cyclic: (a) carbonation; and (b) calcination extents.
For test conditions see runs 1 and 6 in Table 2.2ryBerd experimental data point is plotted

FOr DT VIEWING.. ... 39
Figure2.9. Effect of CQ preitreatment on the cyclic performance of Strassburg sorbent. For test
conditions, see runs 8 and 10 iN TADIE .2.2.......oouuiieeiii e e eaa e 40
Figure2.10. Effect of partial and total calcination on: (a) sirgyele; and (b) cumulative GO
capture capacity of Strassburg sorbent. For test conditions see runs 1 and 6 in Table 2.2. Every
third experimental data point is plotted for better Viewing...............ooovoiiiicce s 42
Figure 2.11. Arrheniudype fitting of surface reduction constants (k) at different calcination
LEST 00T 01T = LU PP 44
Figure 2.12. Comparison of experimental data for totally calcined Strassburg sorbents with
predictions of Equations (2.6) and (2.7) at different calmnatemperatures. Every third
experimental data point is plotted to give clearer plotS..........cccceeiiiiiiieceeiiciiiee e 44
Figure 2.13. Comparison of experimen@dta with the predictions of Equations (2(8)8) for

run 6. Every third experimental data point is plotted for clearer presentation.................. 46

XVili



Figure2.14. Comparison of experimental data and Equation (2.8) predictions for cyclic tests with
periodically changing calcination duration during cycling (test conditions: (a) runs 11 and 13 (b)
run 12 in Table 2.2). Every second experimental gdatat is plotted for better clarity........... 47
Figure2.15. (a) Effect of carbonation temperature on the Strassburg sorbentpeytdicnance;

(b) Comparison of method predictions and experimental results for partial calcination during
isothermal cycling (test conditions: (a) runs 3 and 14; (b) run 15 in Table.2.2)...............49

Figure 2.16. (a) Comparing cyclic performance of Strassburg and Cadomin limestones; (b)
Comparing predictions and experimental results for partial calcination during isothermal cycling
of Cadomin limestone. (Test conditions: (a) runs 14 and 16; (b) run 17 in Table.2.2)...50
Figure3.1. Reactions involved in the MRCAL ProCESS..........cooiiiiiiiiiiiiieees s 53

Figure 3.2. Aspen Plus process flow sheet for simulating the MIAC process. Block and
stream properties are listed below in TB@B.1 and 3.2..........oovviiiiiiiiiiiiee e 55

Figure 3.3. (a) (e) Effect of temperature and feed concentration on MIRC heat duty and
sorbent conversion; (fieffect of temperature on MRCAL off-gas B and CO concentration.

(All results are for atmospheric pressure and C#o@l gas molar feed ratio of 0.5. Panel (f) is

for a methando-air feed ratio Of 1.21.)......cccciiiiiiiiiiie et ieeeee e e e e e e 58
Figure3.4. Effect of methane feed concentration on MBAL heat duty at different CaCf{gas

feed ratios and at: () 80D; (D) 850 C. .......uuiiiiiiiee e rreee e 59

Figure 3.5. Required CHEnNrichedair molar feed ratio for autothermal MRCAL at 1-5 bars

and 808900 C (Maximum error Of £ 0.4%0)..........ccceeiiiiiiuiiiieeee e e e e eeeereeeeeeeeees 60

Figure 3.6. MRGCAL critical limits for atmospheric reactor operatior(Zone 1:
endothermic/incomplete sorbent regeneration zone; zone 2: potential autbifvekefree, and

complete calcination zone; zone 3: carbon generating ZONne)............cevvvevveeeeeeeeeeeeeeneess 64

Xix



Figure3.7. MRGCAL critical limits at highreactor preSSureS...........coooevvveveviieeen e 65
Figure3.8. Effect of operating pressure on: (a) sorbent conversion; and (bYy3MARteat duty

at fixed temperare of 850C and different CaCgtotal gas molar feed ratias..................... 66

Figure 3.9. Effect of operating pressure at fixed reactor temperature ofc8&0d different
CaCQy/total gas molar feed ratios on the MiAL: (a) CH, conversion; (b) Hyield. ........... 67
Figure3.10. Adiabatic and isothermal performance of MBEL at different reactor pressures:
(@)a=0.7 and (bp=0.9. (Feed temperature = 88 ..........ceeeeiiiiiiiiiiiicee e 69
Figure3.11. Sankey diagram of MRCAL PrOCESS........ccooiviiiiiiiiiiiiiemme e 69
Figure4.1. Schematic of MRECAL reactor model in turbulent fluidized bed reactors........74
Figure4.2. Simulation algorithm for kinetic simulation....................ovviiee e, 79
Figure4.3. Simulated gases axial flow profiles at base input data in Table.4.6............... 81
Figure4.4. Effects of temperature and pressure on sorbent conversion in: (aCMR@rocess;

and (b) STEAMCAL units. Other input data are identical to thos@able 4.6..................... 82
Figure4 . 5. Det e rcrnticahcarntvarsmm af feactor presgowar e of
gas molar feedatio @) = 0.5; and (b) reactor temperature of 850 Other input data are
identical to those In Table 4.6.........cooori e 84

Figure 4.6. Effect ofo per at i ng p rciétisasaonversiom n a t h e {tdtgdl ga€a CO
molar feed ratiod) = 0.5; and (b) reactor temperature of 8500ther input data are identical to
thOSE IN TADIE 4.6... ..ttt 84

Figure 4.7. Effects of operating temperature and pressure on the-@¥Cfor: (a) methane

conversion; and (b) hydrogen yield. Other input data are identical to those in Table.4.686

XX



Figure 4.8. Effects of CaCghotal gas molar feed ratio and reactor pressure on the sorbent
conversion in: (a) MRECAL; and (b)STEAM-CAL units. Other input data are identical to those

1 I 1=V o[ PP 87
Figure4.9. Effects of CaCehtotal gas molar feed ratio amdactor pressure on MRCAL: (a)
methane conversion; (b) hydrogen yield. Other input data are identical to those in Tab894.6
Figure4.10. Effects of sorbent residence time and reactor pressure on: (a) sorbent conversion in
MRC-CAL; and (b) reactor length. Other input data are identical to those in Table.4.6.90
Figure4.11. (a) MRGCAL graph for determination of design parameters at 1.1 bars; (b)-MRC
CAL reactor design StEPE £ 10 MIN)...uiiiiiiiiiiiiiiiiiiiee e mmne e 92
Figure4.12. MRGCAL graphs for determination of design parameters at: (a) 2 bars; (b) 3 bars;
(c) 4 bars; and (d) 5 bars£ 10 MIN.)......cooiiiiiiie e 93
Figure5.1. General schematic of integrated SER/MRGCAL pr oces s ....n00d u a |
Figure5.2. Boundaries of turbulent fluidization regime: (a) gas superficial velocity; (b) gas inlet
flow rate for a reactor diameter of 75 MM.........oooiiiiiiiiiiiee e 104
Figure 5.3. (a) Gas flow rate axial profiles in SHMR reactor; (b) Reformer performance
metrics, as defined in Table 5.6, in the presenceatsgnce of lime sorbents. Input data are
identical to those in Table 5.5 ... 106
Figure 5.4. Effects of reactor temperature and pressun conversion of: (a) methane; and (b)
sorbent in SESMR reactor. The other input data are identical to those in Table.5.5......107
Figure5.5. Effects of reactor temperature and pressure on: (a) hydrogen yield; and (b} dry off
gas hydrogen molar fraction in SEBMR reactor. The other input data are identical to those in

L1 o] (SR T TP T UT TP PR TR RTRUPRN 108

XXi



Figure 5.6. Effects of steam/methane ratio and operating pressure on: (a) methane conversion;
(b) sorbent conversion in SEMR reactor. The rest of the input data are identicah¢sd in

JLIE= o (S T8 TP 109
Figure5.7. Effects of steam/methane and operating pressure on: (a) hydrogen yield; and (b) dry
off-gashydrogen molar fraction in SEMR reactor. The other input data are identical to those in
JLIE= o (S T8 TP 110

Figure 5.8. Effects of Ca®iethane molar feed ratio and operating pressure on: (a) methane
conversion; and (b) sorbent conversion in theSBER reactor. The other input data are identical

10 thoSE IN TaADIE 5.5, .. e e e e e e e e e as 112
Figure5.9. Effects of CaO/methane and operating pressure on: (a) hydrogen yield; and (b) dry
off-gas hydrogen molar fraction in SEMR reactor. Other input data are identical to those in
JLIE= o (S T8 T PR 113
Figure5.10. Effect of membrane addition on conversion of: (a) methane; and (b) sorbent in MA
SE-SMR reactor. The other inpuath are identical to those in Table 5.5............ccccceennn. 114

Figure 5.11. Variation of hydrogen recovery with number of membrane tubes and reactor
pressure. Other input data are identical to those in Table.5.5...........ccoovvvvieeere e 114
Figure5.12. Effect of membranes on: (a) hydrogen yield; andd(p off-gas hydrogen molar
fraction in MA-SE-SMR reactor. The other input data are identical to those in Table.5.315
Figure5.13. Effect of steam/methane molar feed ratio ofSMR: (a) hydrogen yield and dry
off-gas hydrogen molar fraction; (b) hydrogen production rate, with P = 3 bars, T €,650

Fcaoin= 0.21 mol.g. Other input data are identical to those in Table.5.5..........c.c..o.c....... 118

XXii



Figure5.14. Effect of steam/methane molar feed ratio ofE8R hydrogen production index (P

= 3 bars, T = 65@C, Reaoin= 0.21mol.s%). Other input data are identical to those in Table 5.5.

Figure5.15. MRGCAL (a) design parameters [69]; and (b) critical limits [137] at 3 barsl21

Figure 5.16. (a) Hydrogen yield; and (b) G@mission of the SMR and SEMR processes,
integrated with MRGCAL and STEAMCAL units. Reformer and calciner operating conditions

are identical to those in Tables 5.7 and 5.8, respectively.........cccccoeeeeevieecciciiiii e, 125

Figure 6.1 Schematics of calcium looping with sorbent hydrator/reactivation: (a) -Three
integratedreactors calcium looping; (b) Sorbent hydrator with steam superheater; and (¢) MRC
CAL for CaCQ/Ca(OH) Co-CalCiNatioN..............coeviiiiiiiiiicmr e 128

Figure 6.2. Effects of water/CaO molar feed ratio on the hydratogas$f temperature at: (a)
different solid feed temperatures and fixed reactor pressure of 1 bar; and (b) different pressures
for a fixed solid feed temperature of 6AD............cceeeiiiiiiiiiiiicc e 131
Figure6.3. (a) Required gaseous feed composition for the autothermal@GMDperation with

unary solid feed; and (b) Comparison of the Aspen Plus simulation results and Equation (6.3)
[SL=T0 103 1o 0 £ TP PP PP TTTPP 133

Figure 6.4. Criticala limits for (a) Ca(OH); and (b) CaC@ decomposition via MREAL
0o 3 PR 134
Figure6.5. Effect of solid feed composition on the MRIAL: (a) critical operation limits; and

(b) H, and CO production yields (Reactor Pressure: 3 bars, Operating Temperatu@e 800

Solid/total gas molar feed ratio: 0.5 for panel (b), Gas feed composition calculated by Equation

Figure7.1. General schematic of a conventional ammonia plant..............ccccceeeeecvvvnnnnee. 138

XXili



Figure7.2. Schematic of the proposed ammonia plant...........cccoooiiiieeciiiiiiiiineeeeee, 139
Figure7.3. Process flowsheet for the Aspen Plus simulation...........cccccooevieeeiiiinennnenn. 142
Figure7.4. Flow chart of the applied calculation procedure in Aspen Plus simulation...143
Figure 7.5. Variation of the MRECAL heat duty at (a) 900C, 15 bars, 21% i@ air and
differenta” (b) 900C, 21% @in air and different pressures aad(c) 15 bars, 21% £in air and
different temperatures” (d) 900C, 15 bars aral = 0.5 and different @level in air. Panels (b)
(d) are limited to complete and cekee limestone calcination conditions........................ 145
Figure7.6. Effects of reactor temperature and pressure on the: (a) upper; and (b8 Itimés
for complete and coki&ree limestone calcination (21% @ air)...........ccceevvvvviviviiiiieeneeeeen. 146
Figure7.7. Effect of air oxygen concentration on the MR@&L critical a” limits at 5 bars.. 147
Figure 7.8. Effects of: (a) reactor pressure (at T=@)0 and (b) reactor temperature (at P=3
bars) on syngas vyield of the direl MRC-CAL process atdifferent CaCQ@CH, molar feed
ratios, fOr 21 VOIY0 @IN AIF.......eiiiiiiiiiiiii e eeee et emmme e e e e e as 148
Figure7.9. Effects of: (a) reactor pressure; and (b) redetaperature on syngas/@O0 ratio of

the airfuel MRC-CAL process at different CaG@H, molar feed ratios. Other operating

Figure7.10. Effects of: (a) reactor pressure; and (b) reactor temperature on syfigasfHhe
air-fuel MRC-CAL process at different CaG(@H, molar feed ratios. Other operating conditions
are identical to thOSE IN FIQUIE 7.8........uuiii it eaeens 150
Figure7.11. Effects of: (a) react@ressure; and (b) reactor temperature on required air oxygen
concentration to achieve the syngas quality for the HBbesch process. Other operating

conditions are identical to those in FIQUIe 7..8...........coooiiiiiiiiiceeie e 151

XXIV



Figure7.12. Effects of reactor temperature and pressure on the sorbent conversion of the MRC
CAL process at air oxygen concentration of: (a) 21 vol%; and (b) 40 vol%. Other inpatrelata
identical to those IN Table 7.2.......coo e 152
Figure7.13. Effects of reactor temperature and pressure on the sypgsoHdthe MRGCAL
process at air oxygen concentration of: (a) 21 vol%; and (b) 40 vol%. Other input data are
identical to those iN Table 7.2.......coo e 153

Figure A.1. Effect of heating rate on the cyclic carbon capture capability oblased sorbents.
Other tests conditions are identical to that for run 3 in Chapter.2........ccccccoviiiieannnnnl 187

Figure B.1. Effects of: (a) hydration temperature; and (b) steam concentration on the cyclic
carbon capture capability of Strassburg limestane................iiiiircceeviiiiiiiie e 189

Figure B.2. Effects of: (a) hydration temperature; and (b) steam concentration on the cyclic
sorbent hydration of Strassburg limestone..............ccoier e 189

Figure C.1. Effect of CaO density on the MRIAL off-gas concentration and sorbent

(00 1= £ [ o 190

Figure C.2. Effect of CaC{xlensity on the MRE&CAL off-gas molar concentration and sorbent

(00 1= £ [ o 190

Figure C.3. Effect of the average particle diameter on the M@RC off-gas molar
concentration and SOrbent CONVErSIAN.............ooeviiiiiirii e 191

Figure E.1. Comparison of different gaseous media for limestone calcination.............. 194

XXV



Nomenclature

A)cc, Mem

Ar

A?eactor
A?eactor,z

@)

=}

O

@

O
o)
Re)

O
it

O

T
~

Inlet- Gas

Knudser

Molecular

2 U U U O
5 T
3

=z

Particle

o O o o

Reactor

T

CaCQq;,Calciner Feet

F

CaCQ;,Calciner Out

F

CaO,Reformer Feet

F

CaO,Reformer Ou

F

CH,,Calciner Fue

Crosssectional area occupied by membrane tubé} (
Archimedes NUMbEF oy Free Gas'( Joid el Ga) 9 e ()
Reactor crossectional areanf’)

Reactor freemembrane crossectional areanf’)
Specificheat(J.kg*.K?)

Axial dispersion coefficient of gasf.s?)
Moleculardiffusivity of CO, (nf.s?)

Effective CQ diffusivity in sorbent §.s?)

Molecular diffusivity of H (n’.s™)

Molecular diffusivity of inlet gasr(?.s")
Knudsendiffusion coefficient of CQin sorbent if*.s %)
Molecular diffusion coefficient of C@in sorbent if.s™)
CO, diffusivity in CaCQ product laye(n?.s?)
Membrangubediameter )

Normalized utilization decay factor at cy®an TGA tests {)
Particle diametem()

Reactor diametemny)

CaCQ feed flow rate for calciner (mol$

CaCQ flow rate incalcineroutlet (mol.§")

CaO feed flow rate for reformer (mot)s

CaO flow rate in reformer outlet (mols

Methane fueflow rate for calciner (moly

XXVi



=

CH,,Reformer Fue

F

CQ,,Calciner Fue

F

CG,, Des Total

F

CO,, Des z

F

CO, ,Reformer Fue

F

CGO,, Sorh Total

F

CO,,Sorh z

F

Gas, Calciner Fee

F

Gas, Reformer Fee

F

H,,Permeatec

F

F

i,Calciner Feec

F

i,Calciner Off-Gas

F

i,GasMixi

iin

F

i, Reformer Feel

F

i,Reformer Off-Gas

FReformer Off-Gas

g
h

h

Mem

Hy.z

i,.SMR

Methane fuel flow rate for reformer (mot)s

CO, flow rate from fuel combustion for calciner (maf)s
Total flow rate of CQreleased by calcinatiompl.s*)
Local flow rate of CQreleased by calcinatiompl.s?)
CO, flow rate from fuel combustion for reformer (maf)s
Total flow rate of C@removed by carbonatiompl.s%)
Local flow rate of C@removed by carbonatiompl.s*)
Total calciner inlet gas flow rate (mot)s

Total reformer inlet gas flow ra{enol.s")

Hydrogen permeate flow rate for membrae®rmer(mol.s?)
Molar flow rate of componerit(mol.s*)

Flow rate of componeritin the calcinefeedgas (mol.8)

Flow rate of componeiitin calciner offgas (mol.3)

Flow rate of componentin stream GasMix1 in Aspeplus

simulations (mol.3)

Flow rate of strearhas a feed for AspeRlussimulations (mol.3)
Flow rate of componeiitin the reformefeedgas (mol.8)
Flow rate of componeritin reformer offgas (mol.3)

Total reformer offgas flow rate (mol:$
Acceleration of gravityr(i.s?)

Dimensioness reactor length coordinatez. L., (-)
Convective heat transfer coefficient in membrane titerf.K™)
Hydrogen permeation flux in embranes (mah®.s)
Adsorption constant for componarih reactionj (units vary

Adsorption constant for compondnh SMR reactions, (units vary

XXVil



Ki
Kp,i
Ky

K

g,Mem

K

g, Particle

K

h,Mem

rr‘n,SoIid

My
N

N

Mem

Nu

Mem
P
P(2)

Feo,

PCOZ,Z

Pe

P

Eq,CG

Equilibrium constant for reactign(bar’)

Equilibrium constants for reactigr{unit varie9

Surface reduction constanj (

External mass transfer coefficient for membrane tuives')
External mass transfer coefficient &orbentparticles (n.s?)
Thermal conductivity of membrane tub&¥.m'.K™)
Reaction rate constanfunits vary

Membrane lengthng)

Reactor lengthr()

CaCQ molecular weight (§.mol%)

CaO molecular weight kmol®)

Molecular weight of componeng mole")

Instantaneous weight of samteTGA Tests ()

Inlet mass flow rate of solid catalyst, CaO, CaC§{kg.s")
Total mass flow rate of solidkg.s")

Weight of sample aftesecondary pretreatment TTGA Tests )
Number of cycles-§

Number of membrantibes )
Nusselt number for membrane tubeb, .. L K ven ()

Pressure (bars)

Local reactor pressurédrs)

Average CQ partial pressure in reactdrdrs)
Local CQ partial pressure in reactdrdrs)

-1
Peclet numberU SuperficiaI'LRe actorD a (_)

Partial pressure of GOn equilibrium with lime/limestoneatm)

XXVili



R, fim 2 Local partialpressure of hydrogen in membrane filoais)

P, permeate Partial pressure of hydrogen in membrane permeatelsads (

P, Reformer 2 Local partial pressure of hydrogen in reformarg)

P Partial pressure of componer{bars)

Prem Prandtl number for single membrane tubeg, C..K; ', ()

R Gas constantl(mol*.K™)

Re. Reynolds number based @h. = g, U 0, e @)

ReMem Reyn0|dS number fOf Sir@ItUbe: Fﬂet- Gas'U Superficiald Mern _met Ge (_)

ReParticIe Reyn0|dS number fOf particle rnlet- Gas'U Super‘ficiard Particle _met- Ga (-)

Re,, Reynolds number based th,, = g, U d e 0 ()

I Rate of reactio (unit varie9

Moore Mean sorbent pore diameten)(

S Active surface arearf)

S Initial active surface arean()

S Residual active surface arew’)

SG et Schmidt number at reactor infetm... c.cDitet.cae et .ca ()

SGem Schmidt number fomembrangubes= m..D};. & (-)

SC.,icke Schmidt number for particles @ Deg. & ()

Shyem Sherwood number for single membrane talsg,..d e D‘é )

Shice Sherwood number for single membrane tabig . dpaice D'Clq )

T Operating temperature (K°C if specified elsewhere)

t Time (min- sif specified elsewhere)

U Transition velocity for bubbling/turbulent fluidization flow regimes
¢ (m.sY)

U gas mixture - Local gas velocity inside the reactm.(él)

Ug, Transition velocity foturbulent/fast fluidization flow regimes (s

XXIX



U superticia Superficial gas velocitynf.s")

Ve eocior Reactor volumer(®)

Veaco, bed Volume fraction of CaC®in solid bed ¢)

Vii Stoichiometric number of componérih reaction

X Sorbent conversion)(

X(t) Instantaneousorbent molar utilization/conversion in TGésts {)
X cae Sorbent calcinationxent ¢)

Xcaen Calcination extent at cycld in TGA tests {)

X caleNomN Normalized calcination extent at cy®en TGA tests )
Xcarb Sorbent carbonation Exte)

Xcam.n Carbonation extent at cyci¢in TGA tests )

X, Residual sorbent molar utilization/conversien (
Xcaco, CaCQ mole fraction in solid feed)

YH,,Dry Reformer Off-Gas Dry reformer offgas hydrogen molar fractior) (

Y, Mole fraction of componeritin off-gas €)

Yo, air Molar fraction of oxygen in air-{

yO2 ,Enriched Air

yO2 ,Target

z

Molar fraction of oxygen in enricheair (-)

Target molar air oxygen molar fraction in Asgelussimulations <)

Reactor length coordinaten)

Greek Letters

Q

SRS

CaCQ-to-total gas molar feed ratie)(
CaCQ-to-CH4 molar feed ratio-{

Methaneto-enrichedair molar feed ratio-§

95% of CH-to-oxygen molar feed ratic)(

XXX



G...(2) Desorption distribution factor)

Geon(2) Sorptiondistribution factor <)

DH,.c Standard enthalpy of reaction af @5kJ.mol")

d Active thickness of membrane tube)(

€ed Bed voidage-

€ore SorbentPorosity €)

K, pa Hydrogen permeability in palladiwimased rembranesrfiol.m*.s*.bar®?)

I Reactivity coefficient in ADPFR model solution

Mbas Gas mixtureviscosity Pa.9

Mhet- Gas Inlet gas vscosity Pa.9

I caco, bed Limestone bed concentratiokg(n®)
oo Molar density of CaOngol.m°)

I Cat,bed Catalyst bed concentratiokg,m°)

I Gas Gas mixture density (kg.1)

T inlet- Gas Inlet gasdensity kg.n?®)

I Soiig Average solid (CaO, CaGQCatalyst) densityk@.m3)
t Sorbent residence timen(n)

T Sorbent tortuosity factor)
Subscripts

Calc Calcination

Cat Catalyst

Carb Carbonation

Eq Equilibrium

in Inlet

min Minimum

0 Value at reactor entrance (z = 0)

XXXi



Abbreviations

ADPFR
CaL

CLC
CSTR
DMR

FBR

HPI
MA-SESMR
MA-WGS
MRC-CAL
oC

PFR

PSA
RWGS
SESMR
SMR

STD
STEAM-CAL
TGA
TPBVDE
TS

UFL
WGS
XRD

Axially Dispersed Plug Flow Reactor
CalciumLooping

Chemical Looping Combustion

Continuous Stirred Tank Reactor

Dry Methane Reforming

Fluidized Bed Reactor

Hydrogen Production Index

MembraneAssisted SorberiEnhanced Steam Methane Reforming
MembraneAssisted WatefGas Shift

Combined MethanBeforming Combustiorand Limestone Calcination
OxygenCarrier

Plug Flow Reactor

Pressure Swing Adsorption

Reverse WateGas Shift Reaction
SorbertEnhanced Steam Methane Reforming
Steam Methane Reforming

Standard

Limestone Calcination in Steam
Thermogravimetric Analyzer

Two-Point Boundary Value Differential Equation
Temperature Swing

Upper Flammability Limit

WaterGas Shift Reaction

X-Ray Diffraction

XXXii



Acknowledgment s

First and foremost, | would like texpress my deepest appreciation to my beloved parents, Jalil

Ebneyamini and Shahnaz Etminan, for their endless love, support and motivation throughout my
life. | also want to express my sincere gratitude to my dear brother, Armin, for his constant
supportand kindness. | would not be the person | am today without their presence and

encouragement.

Special thanks are owed to my supervisors, Dr. John Grace, Dr. Naoko Ellis, and Dr. Jim Lim,
for giving me the opportunity of working in their research groups fandall the skills and
knowledge | have gained throughout flD. program. It would absolutely not be possible to

complete this thesis without their continuous support, insights and help.

| am sincerely grateful to my supervisory committee, Dr. Andres eldladiBotero and Dr.
Fariborz Taghipour, whose penetrating questidimected me tcaddressknowledge gaps and
their potential solutions. | also would like to thank Dr. Said Elnashaie for his help and

encouragemerior reactor modeling.

| wish to show my gatitude to Dr. Dennis Lu and Dr. Robin Hughes fQjiving me the

opportunity of visitingCanmetEnergyOttawg and ugng their facilities.

| thank my colleagues and friends JatgzhongLi, Bill Long Cheng, and Jun Young Kim for
their sincere friendshipgonstant presence and help which was truly valuable to make this

research journey a very enjoyable experience.

| express my appropriation to Compute Canada for the opportunity to use a Cedar

supercomputer.

| also acknowledge the financial support of thetuda Science and Engineering Research
Council of Canada (NSER®@)a their CREATE and Discovery Grant programs.

XXXili



Dedication

To my family for their endless love, support and
motivation throughout myife

XXXIV



CHAPTER 1. Background

1.1. Energy Demand and Climate Change

Popul ation and economic growth have raised
fossil fuels remaining the dominant source (Figure 1.1). Immense consumption of fossil fuels
releases substantial amounts of greenhouse gases (Bg[i&0 into the atmosphere, resulting

in serious environmental consequences such as global warming, deforestation and HGR).rain
International policies and agreements have sought reduction (ne@d3sions, encouraging
energyrelated industries to utilize alternative energy sources, or capture and seque$g&41CO
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Figure 1.1. World primary energy supply by source, 199€2017. Data adopted fron{5]

Amine scrubbing by alkaline aqueous solutions is a carbon capture technology commonly used
in industry. However, amine scrubbing processes emit amine solvents into the atmosphere, while
also requiring high energy input to regenerate the an@iheVarious environmentdtiendly

energy sourceBave been proposed to replace and contain the world's growing demand for clean

t



energy, including hydropower, biomass, geothermal, solar, wind and tidglesjéf. However,
theseprocesses are geologically limited, and typically suffer from low conversion efficiencies.
Alternative costeffective energy sources and carbon capture technologies are imperative to

diminish the undesired impact of @&mission on the environment.

1.2. Hydrogen

Hydrogen is a promising fuel gas, also required in major industrial applications such as ammonia
production, petroleum refining, proton exchange fuel cells, and metal all@Bjiag]. It has the

hi ghest gravimetric energy density, and produ
for hydrogen has drasticallynéreased during the past few decades, as shown in Figure 1.2.
Considerable attention has been given to hydrogen as affriezwdly alternative of the
conventional hydrocarbon fue[d1]. However, pure hydrogedoes not exist in nature and,

therefore must be synthesized from other sources (e.g. water, natural gas, bid2phss)
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Figure 1.2. Global demand for hydrogen, 19758015. Data adopted fron{13]



1.3. Steam Methane Reforming

Hydrogen can be produced by several processes, includiffigdsil fuel reforming or partial
oxidation, biomass gasification, water electrolysis, plasma arc decompd&diprConversion

of hydrocarbons to hydrogen in the presence of steam was initially ineodling the 19
century. High-temperature catalytisteam methane reforming (SMR) is currently the most
common industrial hydrogen production ro(ilel,15] The main reactions in this process are
listed in Table 1.1. Note that several other reactions (e.g. mettracking, Boudouard reaction,
dry methane reforming) can also occur inside steam methane refddb6g&rd herefore, the

operating conditions must be precisely controlled to optimize reformer productivity and product
purity.

Table 1.1. Main reactions in steam methane reformind17]

Reaction Stoichiometry DH2s (kJ.mol ™)
WaterGas Shift Reaction H,0+CO= H, +CQ -41.2
Steam Methane Reformin CH,+H,0=3H, +CO 206.2

Overall Reaction CH,+2H,02 4H, CQ, 165

Steam methane reforming is an endothermic process, thereby favoured at high operating
temperatures. On the other hand, increasing the reactor pressure hinders SMR feedstock
conversion, in agreement with Le GCdwapgesting er 6 s
temperatures are typically desired to facilitate heat recovery, increase energy efficiency, and
reduce the cost of compression for downstream ammonia and methanol[Jéntdowever,

the thermodynamic equilibrium of the SMiRactions limits feedstock conversion, requiring
temperatures >90C to achieve suitable feedstock conversion. Such high temperatures can

result in carbon formation and, consequently, catalyst deactivation by coke defd@gition



Steam methane m@fming gaseous products contain appreciable amounts ahé steam, as
well as some amounts of GACO and unreacted GHThe dry offgas hydrogen concentration

of the SMR process is typically below 80 vol%, mainly due t@ Géheration inside the reactor
(see Table 1.1). Downstream waggs shift (WGS) reactor and pressavang adsorption
(PSA) columns are then required if higherdéncentrations are needed, as shown schematically

in Figure 1.3.

H,+ H,0 TN

(CO +CO,)
72 ¥
______ é —> CO,
N
g H, + H,0+ CO, )
N H,+ CO,
v
[ Condenser ]—
H,0
CH, + Steam

Figure 1.3. Hydrogen production by a conventional steam methane reforming plant

Recent studies have shown tliatsitu removal of H and CQ can significantly enhance the
performance of steam methane reformers at moderate reactorraamg®9,12,15,1720].
Removing H and CQ from the reformer gas results in shifting the SMR thermodynamic
equilibrium toward higher feedstock conversion and, consequently, enhanced hydrogen

productivity. Further discussion is providedSections 1.4 and 1.5.



1.4. Membrane -Assisted Steam Methane Reforming

Hydrogen perrrselective membranes have been studied extensively to remove hydrogen from
the reformer gaseous mixtuf2li 24]. This has been show#,16,17,19,25,26%0 help shifting

the reforming thermodymaic equilibrium, resulting in enhanced methane conversion at
moderate reactor temperatures. A higbbycentrated hydrogen stream can then be withdrawn
from the permeate side, to be used further in many downstream applications, especially proton

exchangedel cells.

Palladiumbased membranes are the most studied materials fortdrigberature hydrogen
removal[21i 24]. Despite their high hydrogen selectivity and matle permeability, Rthased
membranes are relatively expensive, and tend to lose their selectivity and mechanical stability at
temperatures above 5820 C [22,23] Membraneswelling at low temperatures (e.g.<3Q0) is

another challenge attributed to-Pdsed metallic membrangtl]. These membranes are also
highly sensitive to poisoning when contacting species such as CO and sulfur comj2dunds

30]. Alternative hydrogesselective membrane materials, including nickel, cermet/cement and
Vb metals, have been also studied for hydrogen separation at elevated tempgatBiie36].
However, these membranes typically suffer from low hydrogen permeability, low hydrogen

selectivity, unfavarable reactivity (with other syngas species) and low mechhbsiability[22].

1.5. Sorbent-Enhanced Steam Methane Reforming

The performance of steam methane reformers can be improvadsiiy CO, removal from the

reactor gaseous mixture. The improvement is due to enhanced methane conversion because of

A

equilibrium shift iie,Le Chatel i erds principal) by removi



byproduct (CQ). Sorbent enhancement can also reduce the required reforming temperature,

thereby decreasing cofermation and heat losses within the rea¢i@.

Calciumlooping (Cal) is a promising higlemperature C@separation technology, applicable

for postcombustion carbon capture, biomass gasification and steam methane reforming
[10,26,37 41]. This process utilizes calcined limestone (ilene) as a C@ sorbent, removing
carbon dioxidevia reversible soliegas lime carbonation (Table 1.2). Abundance, simplicity and
low cost are the key advantages of lime particles ag-dCeptor sorbentg}, 37,42 44]. In
addition, exothermic carbonation of Cdil@sed sorbents can supply a large portion of the heat
required for the endothermic SMR reactions, resulting in nearly autothermal reforming at mild
operating temperaturefl5]. Carbonated lime can then be calcined in a separate reactor,

completng a loop for multicyclic operation.

Table 1.2. Reversible lime carbonation and limestone calcination reactions

Reaction Stoichiometry DH2s (kJ.mol ™)

CaO Carbonation/CaGalcination CaQ(9+ CQ( 9= CaCd ) -178

Conventional sorbergnhanced steam methane reforming-&H#R) featureswo interconnected
fluidized bed reactors: one as the limestone calciner and the other for methane reforming/lime
carbonation (Figure 1.4The CaO/CaCe@thermodynamic equilibrium is depicted in Figure 1.5.
Lime carbonation benefits from mild operating temperatures and high cG@rentrations,
whereas limestone calcination is favoured by elevated temperatures ardil@® gaseous
media[10,26,37,3840,41] Ideally, a hydrogerenriched gas leaves the -SIBR reactor, while a
concentrated CfOstream is desired from the limestone calciner. Note that the high concentration

of the calciner ofigas is crucial for the next steps of £5forage and sequestrati@ib].



H, + H,0 CO, + Calciner Gas

CaCOQ; + Catalyst

[ B
=

> £
wn >
: =

% CaOQ + Catalyst U

CH, + Steam Calciner Gas

(e.g. steam, air, CO,)
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Figure 1.5. Thermodynamic equilibrium of CaO/CaCO3

Temperatureswing (TS) is the typical sorption/desorption cyclic route in the CaL process, where
the limestone calcination occurs at elevated temperatures (e-268D) [17]. Although TS
provides rapid and complete calcination of spent sorbents, the high temperature in the calciner

commonly changes the pore structure of the sorbents by shrinking the-poresy called



sintering. This reduces the active surface area of tiiees leading to a sharp decay in sorbent
utilization during the first few calcinatiecarbonation cycle$4,43,46,47] Various measures,
including sorbent modification (e.g. by steam reation, doping and adding inert materials)

and synthetic sorbents (e.gZiO3), have been tested to prevent the decay of sorbent utilization,
while enhancing C@ capture capability[4,47i50]. However, these modified/reactivated/
synthetic sorbents are geakly expensive compared to natural limestone, and are economically
viable only if they show stable and high performance over many cycles (e.g. >10,000 cycles for

Li»ZrOs) [37,41]

The pore evolution of limbased sorbents depends strongly on the limestone calciner operating
conditions. For instance, increasing the calciner temperature can significantly boost the rate of
pore sintering, consequently accelerating decay of sorbematith[51,52] Some studieb3i

56] have shown that the porous struetwof calcined limestone can also be affected by the
gaseous medium (e.g. air, steam, JC@urther investigations are imperative to determine the
optimal calciner operating conditions (temperature, calcination extent, and gaseous medium) for

the CaL procss.

1.6. Limestone Calcination

1.6.1. Background
Limestone calcination is an endothermic reaction, requiring elevated reactor temperatures (e.g. >
800 C). The performance of limestone calciners depends strongly on operational factors,
including the heating supplypperating pressure, G@artial pressure and reactor temperature.
The energy required for calcination thermal processing can be supplied by burning fuels inside

(direct) or outside (indirect) the reactor. Direct heating is typically preferred to decreatse h



lossesheat transfer resistandemperature gradientand reactor size. Howeven, situ burning

of carbonaceous fuels (e.g. natural gas or coal) increases theddCentration within the
reactor, inhibiting limestone calcination (see Figure 1Sknilarly, elevating calciner pressure
leads to higher COconcentration within the reactor and therefore, lower calcination rate and
extent. Note that high GQ&oncentration and reactor pressure are typically desired to reduce the
cost of CQ purification and compression for carbon stord@&,57] Although increasing the
operating temperature can potentially enhance the rate of limestone calcination, it imposes

several operational challenges (e.g. more sorbent sin{éirsR).

Figure 1.6 summarizes the main criteria for the limestone calciners, as well as advantages and
challenges associated with each indisdtfactor. Limestone calciners are normally preferred to
operate autothermally at high pressures, low temperature and hjgto@¢2ntrations. However,
thermodynamics and kinetics of limestone calcination do not allow one to meet all these criteria

simultaneously.

( Low Temperature \ ( High Pressure \
v Low cost of material of construction v Low cost of off-gas compression
Low change of solid properties ~ freoeeerees 1 prassssassisy 4 High reactor throughput

Enhanced thermal efficiency
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v
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Low temperature gradient rrr— | HA—
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\X Requires high temperature ) \X Requires high temperature /

Figure 1.6. Main criteria for limestone calciners



1.6.2. Gaseous Media for Limestone Calcination

1.6.2.1. Inert and Oxidant Gases
Most fundamental studies have used air gl the calcination gaseous medium. This includes
laboratory (e.g. thermogravimetric analysis, electrically heated foil and magnetic suspension
balance [58i 65]) and benckscale (e.g. rotary kiln, fixed bed and fluidized bed reactors
[59,66,67) experimental setups. As mentioned above, the rate of limestone calcination depends
heavily on the C@concentration within the reaction zof@8]. Non-CO, sweeping gases can
potentially dilute tle reactor C@ concentration, thereby enhancing limestone calcingdgn
Therefore, operating in the presence of inert gases may offer satisfactory limestone calcination at
relatively low reactor temperatures. Note that the positive impact oC@rgassweeping is
directly a function of the CaC{yas feed rdo, with more improvement achieved at higher inlet

gas flow rate$69].

Limestone calcination in inert gases produces a diluted@@yas, which must be purified prior

to CO, sequestration. However, separating ;,Citom air and nitrogen is energgtensive,
imposing an energy penalty on the system. Alternatively, helium can be used as the calcination
gaseous medium, and then removed by membrane separation (Figure 1.€parhted helium

can then be compressed and recycled into the limestone calciner, minimizing the helium required
for continuous operatiofb8,70]. Higher thermal conductivity and Gdiffusivity in helium can

also ehance limestone calcination at mild reactor temperati5®@s Note that the energy
required for calcination in these scenarios should be supplied by burning fuels, or by solar
concentrated powgb8,70,71] However, indirect heating by fuel condtion suffers from low

thermal efficiency (e.g. more heat loss and temperature gradient), whereas tcersméatrated
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power supply is geographically limited, and needs specific considerations for overnight

operations.
CO, + He { Membrane J—> Co,
CaO Calciner CaCOy

Figure 1.7. Limestone calcination in helium with solarconcentrated power

Some studieq72i 75] have proposed integrating the CalL process with chemical looping
combustion (CLC) systems, providing the limestone calcination energy $itu metal (e.g. Ni

and Cu) oxidation. The performance of the combined-ChC process depends strongly on the
oxygen carrier (OC), and the oxidation/calcination gaseous medium (air, stearar Ofp. Air
calcination/oxidation generates a dilute L£Off-gas, whereas metal oxidation can be
endothermic in the presence of steam and (7@]. Instead, pure oxygen (in stoichiometric
ratio) can be used to achieve autothermal operation and highga®filCQ concentration
simultaneously. However, excesxygen is typically required to achieve satisfactory OC
oxidation, as well as averting reactor failure by defluidization. This imposes an additional energy
penalty on the system, mainly due to low energy efficiency of the cryogenic air separation units

(25 ke per mole of Q[76]).

Limestone calcination can be also integrated with the exothermic CuO reduction (Table 1.3) in

the presenceof methane[72]. This potentially eliminates the need for downstream, CO
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separation, as methane oxidation generates mostly steam gndHG@ever, the high CO
concentration within calciner/reducer inhibits limestone calcination, implying the need for high
reactor temperature. Note that this process (Figure 1.8) typically needs an additional air reactor
to ensure satisfactory OC oxidation for muaijiclic operdion. The air reactor should preferably
operate at mild temperatures, averting release of(BYJlimestone calcination) into the depleted

air. Given the substantial decay of lime £€arrying capacity over calcinatigzarbonation

cycles, a significant limstone makep flow would be required to maintain continuous
operation. This implies the need for effective Cu/CaO separation in order to prevent purging of
OC particles along with spent sorbents. More investigations are crucial to optimize t@tCalL

process for practical applications.

Table 1.3. Main reactions involved in Cal-CLC process with Cu-based oxygen carrier

Reaction Stoichiometry DH o5 (kJ.morl)
Limestone CalcinatiofiL8] CaCQz CaO +CQ 178
CuO Reductiorfi72] 4CuO+ CHs 2z 4Cu + CQ + 2H,0 -156
Cu Oxidation[72] 2Cu+ O,z 2CuO -178
CO, + H,0 CO, Lean Gas Depleted Air

Calciner
Reducer

Carbonator Air Reactor

CH4 COZ + Nz + 02 + HzO Air

CaCoO,
CuO

Figure 1.8. CaL-CLC process with Cubased oxygen carrief72]
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1.6.2.2. CQ
One alternative to conventional ingis calcination is to decompose the limestone in the
presence of C® This results in a hightgoncentrated C¢off-gas, which can eliminate the need
for downstream gas separation. In addition, a portion of the calcingiasftan be cooled
(integrated with heat recovery facilities, e.g. heat exchangers), compressed, and recycled to the
limestone calcinef77]. However, increasing the G@oncentration inside the reactor reduces
the limestone calcination rate and exté$62,67,78] Therefore, higher reactor temperatures
(e.g. > 908950 C) than those for caleation in inertgas (e.g. > 85Q) are required if CQis
the calcination gaseous medij&Y]. The presence of COn the calciner can also promote loss
of CaO surface area by pore sinterfB8i 56]. Given alsahe indirect heating requirement, €O

calcination may not be attractive for industrial limestone calciners.

1.6.2.3. Steam
Steam has been proposed to maintain a low @Mcentration within the reactor, while also
producing a C@concentrated stream after condegdime steam content of calciner-ggis. The
presence of steam in the calciner also accelerates the rate of limestone decomposition by
enhancing soligyas heat transfdi79], weakening the Ca@0O, chemical bond62,80,81] and
forming a surface bicarbonate intermedifi8,82] Enhanced limestone calcination rate can
potentially reduce theequired reactor temperature for satisfactory limestone calcinggijn
However, weaker sorbent structures in the presenceeamsmay lead to increased particle
attrition and fragmentation, resulting in greater solid loss by entrainf@8htRecent studies
[58] have shown that the injection of steam at low concentrations (e.g. 1.25%) can notably
enhance the rate of limestone calcination, without a negative impact on the mechanical strength

of calcined limstone.
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Morphological changes associated with limestone calcination in steam may also affect the
performance of calcined limestone for successive carbon and sulfur capture. Ron[B4it al.
found that adding steam during calcination slightly increased pore sintering, consequently
reducing the cyclic carbon capture capability of calcined particles. Accelerated loss of surface
area due to steam is similar to findings by Borgwds®j. In contrast, several studies have
shown that steam injection during calcination can enhance the cycli@a@Dsulfur carrying
capacity of calcined limestor}{66,80,85,86] The positive impact of steam has been linked to the
creation of larger poreiameters {50 nm) and reduced pore blockage by carbond@h.
Champagne et aJ86] concluded that increasing the steam concentration in a limestone calciner
results in both enhanced pore sintering and a shift of pore size toward larger diameters. This
result was supported by detailed analysis of the fast and slow stage carbonation regimes at
different reaction cycles. Enhanced pore sintering adversely affects the sorbenar@ing
capacity, whereas larger pore diameter leads to lower diffusional resistance in thepGadLot

layer.

The effect of steam on the morphology of the calcined particles may also depend on the
limestone impurities and particle size. Donat ef&4] observed that different limestones behave
differently during limestone calcination in steam, and explaitinis by means of different solid
impurities. Rong et al[84] claimed particle size to be a key factor for explaining observed
contradiction between ddfent experimental results. Chou et[&F] showed that cyclic carbon
capture capability of fine particles (4.3 vs. 2tm) is more enhanced when injecting steam into
calciner. In contrast, Champagne et[&86] found that the performance of linteased sorbents

was independent of particle size {4166 vs. 250425 nmm).
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In summary, operation ithe presence of steam can offer raprdestone calcination at reduced
temperatures. Injection of steam into a calciner may also enhance the carrying capacity of the
calcined limestone for capture of g@nd SQ. Nevertheless, steam generation is energy
consuming, imposing additional energynpty on the system. Limestone calcination in steam is
also endothermic, requiring indirect heating from the reactor wall. For some applications,
metallic catalyst is fed into the calciner along with limestone patrticles (e.g. sentdeniced
methane refoning and wategas shift reaction). High temperature steam in these processes can
undesirably oxidize metallic catalysts, implying the need for catalyst regeneration and/er make
up flow. From a practical prospective, limestone calcination in steam woultiraetive only if

the calciner were to be used for ncatalytic processes (e.g. cement industry and- post
combustion carbon capture), and if the steam could be supplied from a side process (e.g. a steam

cycle).

1.6.2.4. CQ-Utilizing Media
CQO, utilization refersto the production of commercially attractive chemical compounds from
carbon dioxide. Integration of limestone calcination viittsitu CO, utilization can potentially
preserve low C@emissions, while generating a valuable byproduct. In additiosjtu CO,
utilization can favourably reduce the g@oncentration within the reactor, enhancing the

limestone calcination rate and reducing the reactor temperature.

Reller et al.[88] found that limestone calcination in the presence of hydrogen can substantially
reduce the required calcination temperature (by at leastC}5®hile also producing a gaseous
mixture composed of methane and carbon monoxide. Similar observations were reported later by
Jagadeesan et 489], who found ceproduction oflime and syngas (COCO, H, and CH)

during limestone calcination in hydrogen. The use of a transition metal can accelerate limestone
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decomposition, as well as catalyzing £éonversion toward different gases. Jagadeesan et al.
[89] reported 100% methane production by Co/CoO/CaO particles, ar@3Clydrocarbons
generation in the presence of-Based transition metaJ80]. Note that the performance of this
process can also depend on the hydrogen partial pressure, with the GCHasdlectivity

decreasing and increasing with increasing hydrogen partial pressure, respg&iively

Despite its advantages, hydrogen is not practically attractive as a calcination gaseous medium
given its cost. Altenatively, methane can be applied in order to utilize the releasedf@m
limestone calcination) for syngas productioa dry methane reforming. A general schematic of

the process is presented in Figure 1.9, with its main reactions listed in Tabl& 1.4.
thermodynamic analysis by Nikulshina et[@R] demonstrated that this process can be initiated

at 1000 K, while temperatures > 1200 K are required for reaction completion. Howevedrglow
methane reforming inhibits the methane conversion in practice, and temperatures close to 2000 K
are needed to achieve complete feedstock conversion. The authors claimed that increasing
temperature, reducing gas inlet flow rate, elevating methane faszbmtration and use of a
catalyst can potentially enhance gaseous feedstock conversion during limestone calcination in

presence of methane.

Kim et al. [93] studied the combined limestone calcination and methane dry reforming with a
nicketbased catalyst under fluidization conditions. They obtained a modes&Z® Hyngas

molar ratio ¢1.041.06) for dilute (720C, balanced with nitrogen) and pure (90D methane
feedstock. Coke formation was observed at mild reactor temperatures, which can eventually
deactivate catalysts during continuous operation. Formation of coke at mild calciner
temperatures was also reported by Dang ¢94]. Catalyst deactivation by carbon deposition is

a major challenge for industrial applications, requiring fresh catalyst -oaker costly
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regeneration processes. Elevgtthe reactor temperature (e.g. to >90)) fabrication of catalyst
with high oxygen storage capacity, bimetallic catalyst and limiting the operating time to
calcination completion have been suggested to avoid coke formation during limestone

calcination n presence of methai@3].

Limestone Calcination

-

-~
\/ \

Dry Methane Reforming

Lo

/7 ~

/ N
é/

Figure 1.9. Schematic of calcination in methane

Table 1.4. Main reactions involved in calcination in methane

Reaction Stoichiometry DHo5¢ (kJ.moI'l)
Limestone Calcinatiofil8] CaCQz CaO +CQ 178
Dry Methane Reformin¢f5] CO+CHsz 2CO +2hH 247
Methane Calcination CaCQ+ CH,z CaO +2CO +2H 425

" Standard heat of reactions were calculated by summing the heats of reactions

Motivated by limited natural gas supply and narform distribution of reserves, Dang et al.
[96] studied the integration of limestone calcination with dry reforming of ethanol/glycerol

mixtures. Crude glycerol is an attractive hydrogen donor which can be obtained as a byproduct
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of biodiesel prodction. Although ethanol is not a major impurity in the crude glycerol, a mixture

of glycerol and ethanol may be achieved during bioconversion of crude glycerol to ethanol.
Table 1.5 demonstrates the main reactions involved in the limestone calcinatioimedmwith
ethanol/glycerol dry reforming. Similar to limestone calcination in methane, Dang [86Hl.

found that limestone decomposition in ethanol/glycerol mixture can offer a mode¥&® H
syngas ratio (e.g. 1.2) in the presence of niblesded catalysts. Nickel outperforms other metals
(e.g Co, Fe, Cu, Rh, Ru, and Pt), while its performance is similar to that foastatl catalyst.

The authors did not observe any limestone calcination at temperatures bel@y it selected

765 C as the optimal operating temperature. Note that coke frarmais also detected at low
reactor temperatures. This could be avoided by increasing reactor temperature and/or limiting the
reaction time. In addition, the variation of feedstock (glycerol + ethanol) concentration did not
appreciably change the genehsyngas quality. However, increasing ethanol concentration was
shown to enhance the glycerol conversion within the reactor. Note that elevating the glycerol
feed concentration substantially increases the feedstock viscosity, imposing several operating

chdlenges on the system.

Table 1.5. Main reactions involved in calcination in ethanol/glycerol

Reaction Stoichiometry DHo5¢ (kJ.morl)
Limestone Calcinatiofil8] CaCQz CaO +CQ 178
Glycerol Decompositiof97] C3sHgOs 2 3CO +4h 251.18
WaterGas Shift Reactiof97] H,+CO,z CO +HO 41.17
Ethanol Dry Reforming97] C,HsOH + CGQ, 2z 3CO + 3H 296.7
Glycerol Calcination CaCQ + CsHgO3z CaO + 4CO + 3b+ H,0O 470.35
Ethanol Calcination CaCQ + CHsOHz CaO + 3CO + 3H 474.4

" Standard heat of reactions were calculated by summing the heats of reaction of the reactions involved.
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Although the concept of integrating limestone calcination wtlsitu CO, utilization is very
attractive, more investigationare required to optimize these technologies for practical
applications. The currently proposed processes are either highly endothermic (e.g. calcination in
methane and ethanol/glycerol) or utilize costly gaseous feedstock (hydrogen). The required
energy fo thermal processing of these technologies should be supplied by a paraifaklbxy
combustor, or by utilizing solazoncentrated power. Oxyiel combustors require an upstream

air separation unit, while sok@oncentrated power systems have not beew @idveloped, and

suffer from low solato-chemical energy conversion efficiency (e.g1®6 [92]). Coke
formation is another significant challenge in these processes, which must be avoided by
controlling the gas inlet flow rate, reaction time or reactor temperature. Given the dynamic
variation of solid composition in fluidized bed reactors, it wohlkl practically difficult to
eliminate coke formation by dynamically controlling the gas inlet flow rate or reaction time.
Increasing the reactor temperature also imposes additional thermal penalty on the system, while

also increasing the rate of pore siimig during cyclic operations.

1.6.2.5. OxyFuel Calciners
Nearly 3550% of the energy demand for pastmbustion CalL carbon capture is attributed to

the sorbent regeneration in the limestone cald¢®®©9]. This includes energy input for:

1 Increasing the feed (solid and gas) temperature

1 Conducting highly endothermic limestone calcination

Indirect reactor heating can increase the heat loss and temperature gradient, while also enlarging
the calciner to provide adequate heat transfer area. Instead, limestone calcination can be

conducted irthe presence of oxfpel feedstock, burning hydrocarbon fuels (e.g. coal and natural
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gas) with oxygen inside the reactor. This eliminates the need for external heating supply, while
also generating highlgoncentrated Cofor carbon storagfQ9i 102]. To date, most pilescale

CaL systems are integrated with efxel limestone calcinefd 03i 106]. Oxy-fuel calciners have

also been studied for quick lime production in rotary K[t@7]. From a practical prospective,
oxy-fuel calciners are most likely to be employed in emerging CaL technology, including post

and precombustion carbon capture processes.

One key challenge in gxfuel limestone calciners is the high energy penalty required for oxygen
productionvia air separation unitfL08]. The power generation efficiency in cdmsed power
plants with postombustion CaL carbon capture (depicted in Figure 1.10) is around 38.8%, with
the CQ product compression and air separation being the main sources of efficiency penalty
[102]. Therefore, it is desirableo minimize fuel burning inside the calciner, decreasing the
process oxygen requirement and ZQ@oductivity. One plausible approach is to recover the
high-quality heat carried by the calciner solid and gas prodastshown in Figure 1.10his

can be ahieved by different heat exchanger configurations (e.gggasand gasolid), and by
recycling a portion of the calciner effas into the reactdd08,109] Flue gas recycle can also
control the flame temperature spike, which occurs due to fuel combustion at high oxygen
concentration$107]. The heat carried by the calciner gas and solid products may also be used
for preheating and/ohigh-pressure steam generation, with the produced steam being further
used in steam cycles and electricity generaf@i$ 108 111]. Not e t hat MRaweér 0 ¢
labels in Figure 104 arecomplementarywith appropriate heat integration enhancing the power

generation efficiencyf the process
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Figure 1.10. Schematic of coalbased power plant with postcombustion CalL carbon
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The performance of oxfuel limestone calciners may depend strongly on the type of fuel applied

for in situ heat generation. Coal and natural gas have been studied mostly, owing to their
relatively low market price and wide geographichstribution [99,100,102106,108112].

|l nstead, bi omass can bege nuissesd otnos 0a cwhiitehvien Tfitnheeg a
bi omass resources are | imited, and cannot sup
[59,77,102] Another alternative is to burn hydrogen outside or inside the reactor, with the
former case eliminaig the need for an energytensive air separation urif7]. Nevertheless,

hydrogen is a precious gas, and burning it for energy production is not economically or

environmentallyattractive.

Despite its abundance and low cost, coal contains considerable impurities (e.g. S and CI) which
can adversely affect CaL performance. Both lime and limestone are highly favoured to be
sulfated in the calciner range of operating conditions. Phaxluces a CaSQOayer on the
particle/pore surface, inhibiting limestone calcination by creating additional diffusional
resistance to CfOevolution. Sulfated sorbents also lose their reactivity toward carbon capture,

imposing the need for considerablertsant makeup/purge flows[104,112,113] Similarly, a
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significant amount of HCI can be released by burniogl dn power plants and oxyel
calciners. Nearly complete HCI removal can be achieved in the lime carbonator, with the
chloride sorbent being fully regenerated in the calciner. This increases the HCI concentration
within the calciner, resulting in equignt corrosion and failure if not addressed propgg}.

Ash deposition is another challenge linked to the-baskd oxyfuel calciners, reducing sorbent
reactivity for multicyclic operations. Coal ash can also agglomerate inside the calciner, leading

to defluidizaton and reactor failurgl06].

Compared to coal, natural gas is a cleaner fuel with no ash and very low sulfur ¢bd®&gnt
Lower CQ content of the flue gas in natural gas caostipn can also offer lower calcination
temperatures than in cebhsed oxyfuel calciners. However, the natural gas market price is
currently higher than coal, and further economic analysis is required to assess economic

feasibility.

In general, oxyfuel calcination can eliminate the need for external heating supply, consequently
increasing process thermal efficiency. Further enhancement can be achieved by utilizing
alternative clean fuels (e.g. natural gas and biomass) and applying appropriate hesioimtegr
Note that oxyfuel calciners typically operate at higher reactor temperatures (e.g. G300
ambient pressurgl02,106) than those for calcination in ineghses and steam. This is due to
considerable C@release by the fuel combustion, inhibiting limestone calcinadtomild reactor
temperatures. Elevating the calciner temperature adversely affegtsa@@re capability of the
calcined limestone, while also imposing an additional thermal penalty on the system. Several
studies have suggested steam injection to rethec€Q concentration within oxjuel calciners

[101i 103,103. However, steam generation is eneogywsumingtherebysteam dilution would

only be preferred if steam comes from an available-gideess (e.g. steam cydB03]). Oxy-
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fuel calciners may also operate with excess oxygen to ensure complete fuel combustion inside
the reactor. This potentially dilutes the-gis CQ concentration, while also resulting in catalyst

oxidation/deactivatin for some applications (e.g. sorbenhanced steam methane reforming).

1.7. Thesis Scope and Objectives

Limestone calciners are typically preferred to operate autothermally at reduced reactor
temperatures, elevated pressures (depending on the carbonaseurg@ye and high CO
concentrations (or with CQutilization). However, current technologies are incapable of meeting
all these criteria simultaneously. The overarching objective of this tisesisntroduce a novel
sorbent regeneration technology fowktemperature limestone calcination in calciouping.

In addition, this project sought to investigate the effect of sorbent regeneration conditions,
particularly partial limestone calcination, on the cyclic carbon capture capability ebhsex

sorbents.

The effects of calcination temperature, duration extent (e.g. partial calcination) on the cyclic
carbon capture capability of lirfeased sorbents are examined in depth in Chapter 2 utilizing
thermogravimetric analysis. Particular attention is given to the impact of partial/incomplete
limestone calcin&n, where there is a major gap in prior scientific research. Some additional
tests are also conducted to evaluate effects of heating rate and steam reactivation on the CO
capture capability of sorbents. However, these experiments could not be complétedtime

of writing this thesis for reasons beyond the control of the author. The limited experimental

results are therefore summarized and discussed in Appendices.

A novel sorbent regeneration technology is proposed in Chapter 3, combining methane

reforming, combustion and limestone calcination (e.g. methane concentratefuebxy
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calcination) in a single reactor. Aspen Plus simulation is employed to evaluate the
thermodynamic equilibrium of the proposed process at different operating conditionsoliis sh

that methaneoncentrated oxjuel calciners can offer autothermal, cdkee and complete
limestone calcination under certain circumstances. The proposed process also generates a highly

valuable byproduct (syngas), utilizing a portion of the,@Beaed during limestone calcination.

Reactor simulations are carried out in Chapter 4, evaluating the kinetic performance of methane
concentrated oxfuel fluidized bed limestone calciners. The effects of operating conditions are
assessed, and the results aompared to those for conventional steam calciners. A simple, yet
effective, methodology is then suggested to determine the proper range of operating conditions
and/or reactor dimensions for limestone calcination with this novel sorbent regeneration

tecmology.

The performance of sorbeahhanced steam methane reformers, integrated with steam and
methaneconcentrated oxjuel calciners, is evaluated in Chapter 5 for different operating
conditions. The potential system performance is also assessed whegemygerrrselective
membranes are installed inside the reformer. The mettmmeentrated oxjuel calciner is
shown to benefit from lower reactor temperature, higher hydrogen production yield and lower

CO, emissions.

Additional thermodynamic/kinetic simulations are performed in Chapters 6 and 7 to shed light
on some potential applications of this novel limestone calcination technology. In particular,
Chapter 6 introduces an advanced lime hydration configuration,ingilsaturated steam as the
sorbent reactivating reagent and difeeatremoval medium. This enables controlling the lime

hydrator temperature without internal heamoval facilities, while also producing substantial
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superheated steam as afrgduct. Theequilibrium performance of the methaoencentrated
oxyfuel calciners is then extensively studied forcadcining limestone and slakdiche at

different operating conditions.

Chapter 7 studies the equilibrium and kinetic performance of metiaeentragd airfuel
limestone calcination at elevated reactor pressures (up to 25 bars). The process syngas is shown
to be mainly composed of HCO, and N, which can be further used for ammonia synthesis
without air separation. The equilibrium performance of pnecess is evaluated at different
reactor pressures, operating temperatures, feeding ratios and air oxygen concentrations. A kinetic

model is also employed to assess the system performance in turbulent fluidized bed reactors.

Chapter 8 summarizes the oakr conclusions from this study and proposes some

recommendations
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CHAPTER 2. Effects of Calcination Temperature and Extent on
CQO Carrying Capacity of Lime -Based Sorbents

2.1. Introduction

One of the key challenges @alciumlooping technology is sorbent deactivation over multiple
cycles. This leads to a significant reduction of,@@rrying capacity in the first fewalcination
carbonatiorcycles, requiring substantial sorbent maigeflow for continuous operation. 8eent
utilization decay of limeébased sorbents is linked to the pore evolution (e.g. pore sintering)
during limestone calcinatioj46i 48,114 116]. Previous studied51,52] have shown that
increasing calcination temperature (e.g. to-8300 C) can accelerate pore sintering and sorbent
deactivation in the first feweactioncycles. On the other hand, there have been contradictory
observations regarding the effect of the duration of calcination on the cyclic performance of
lime-based sorbents. Grasa and Abanaffdy observed no differeces when calcination
conditions were extended after reaction completion. In contrast, Manovic [&2hteported
enhanced sorbent utilization when the duration of calcination was long (up t84nhgt al[46]
showed that extending the calcination period resuitec@nhanced pore sintering, thereby,

accelerating sorbent deactivation.

To date, there has not been a systematic study of the effect of incomplete (partial) limestone
calcination on the cyclic performance of lishased sorbents. Partial calcination is tligely to

occur when there is limited sorbent residence time and a progressive increase; of CO
concentration within a calciner. This chapter addresses cyclic (up to 100 cycles) performance of
naturallyderived limebased sorbents at different calcinatimmperatures and for various
durations. A sermempirical method is also introduced to estimate the-dtagje carbonation
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extent as a function of the number of calcinattanbonation cycles, calcination temperatures,

and calcination extent.

2.2. Experimental Details

Cyclic calcinatiorcarbonation tests were conducted experimentally for two limestones
(Strassburg from eastern USA, and Cadomin from western Canada), both scregd@d 10

em. The tests were carried out in a TA Instruments SI5D0 thermogravimetric analyzer
(TGA) in the department of Chemical and Biological Engineerisgproximately 15 mg of
limestone particles was thinly spread on a ceramic pan for each test. The swéap gate fvas
maintained at 300 ml (STD)/min in order to reduce the external mass transfer resistance around
the sorbent particles and to decrease the time needed to switch the gas medium. Each test was
initiated by 15min of sorbent dehydration (initial @ireatment) at 10€, and 96min of
secondary pretreatment (to decompose the Mg@purity of the limestone samples) at 460

both in a pure C@atmosphere. The temperature was next raised quickly to the target calcination
temperature. Calcinatiecarboration cycles were then achieved by periodically varying the
chamber gaseous medium and the operating temperature. Heating and cooling rates were
maintained at 2@/min, unless otherwise specifigdearly pure (>99.5%: Praxair) G@nd N

were used to condti the carbonation and calcination, respectivélyis was to facilitate the
performance evaluation and data interpretation when sorbents are partially cdlbmeadseous

feed stream was switched as soon as the system reached the target reactiotutempera

Some limestone samples were reduced to the optimum-gizgrange for quantitative -y
analysis (<10mm) by grinding under ethanol in a vibratory McCrone Micronizing Mill for 10

minutes. Continuouscan X%ray powderdiffraction data were collected over a range & 8 A 2 d

27



with CoKU

ation

0 n-Brentar® difirkcidometei) &quiphetiwia n c e

Fe filter foil, 0.6 mm (0.3°) divergence slit, incidersind diffracteebeam Soller slits, and a

LynxEye-XE detectoy located inthe department of Earth, Ocean and Atmospheric Sciences

UBC. The long finefocus Co Xray tube was operated at 35 kV ar@l @A, using a takeff

angle of 6°. The Xay diffractograms were analyzed using the International Centre for

Diffraction Database PDE and SearciMatch software by Bruker. Xay powderdiffraction

data of the samples were then refined with Rietveld pragfopas 4.2 (Bruker AXS). The

Rietveldrefined XRD results are presented in Tahle

Table 2.1. XRD measurement results for different limestones

Limestone Mineral Phase Formula wt%
Calcite CaCQ 97.4
Strassburg Dolomite CaMg(CQ). 2.0
Quartz SiO, 0.6
Calcite CaCQ 91.1
Dolomite CaMg(CQ), 7.0
Cadomin Quartz SIO, 1.5
Pyrite FeS 0.1
K-Feldspar KAISi30g 0.3
The dynamic variation of sorbent conversion was calculated as:
X (1) = m, - M)
0.44m, (2.1)

where mp is the weight of the limestone after the secondary pretreatmentmé@hds the

instantaneous weight of the solid at tin#uring the reaction. Note that Equatidhl( is based
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on a 100% CaC¢sample after the secondary pretreatmensideringminor sorbenimpurities

(e.g. MgO,~1 and 3 wt% for the Strassburg and Cadomin limestones, respectisatgctive

inert The carbonation reaction was conducted at &0or 15 minutes, unless otherwise
specified. The calcination temperature and duration were varied, with a summary of tested
conditions presented in Taki??. These test conditiorsre governed by the factarsvestigated

in this chapter, including effects of calcination temperatures (run$)# éxtended calcination
duration (runs # 1, 3, 5-9), exposing limestone to high temperature without reaction (runs # 8
and 10), partial limestone calcination (runs #,11513), andthetype of limestone sorbent (runs

# 1417). The extent of the fast reactiwontrolled carbonation regime in each cycle was

determined by:

dXx
1. Locating—| (min"‘)and its corresponding timg,., (Min);
d max
o adx 0 _
2. PlottingX (t) =ae— gnw 0.3) Xit,,,) Versus time;
?dt max

3. Finding intersection of the experimental data Fnds the fasstage carbonation extent.

Note that the 0.3 minutes offset was selected based on 2% of the carbonation duratiod%n each
min cycle, similar to that typically applied for defining the offset of yield stress. Some tests were
repeated to ensure reproducibility of the experimental results, as indicated i2Palblgure

2.1 confirms the reproducibility of the TGA test resultsthwwery low standard deviations
achieved by threéme repetition of a single cyclic test (run #3 in Table 2NMte that blue
intervals in Figure 2.1 show -+/standard deviation at each calcinatzarbonation cycle,

calculated using the Excel buitt STDEV function.
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Table 2.2. Summary of experimental conditions tested(Measurement accuracy =+/- 5 C)

. Calcination Calcination "
Test #] Limestone e () e (i) # of Cycles # of Test Repetitions
2
1 Strassburgl 800 15 100 (Repeated for 20 cycles
2 | strassburg| 825 15 100 1
3
3 Strassburg 850 15 100 (Repeated for 20 cycles
4 | strassburg| 875 15 100 1
2
5 Strassburg 900 15 100 (Repeated for 20 cycles
2
6 Strassburg 800 6 100 e o HeEEs)
7 | strassburg| 800 30 20 1
8 | Strassburg] 850 6 20 1
9 Strasshurg] 900 6 20 1
10 Strassburgl 850 6 10 TS cycles in C& 1
+ 18 regular cycles
10 cycles at 4 min
11 Strassburgj 800 10 cycles at 6 min 50 1
30 cycles at 15 min
10cycles at 6.5 mir
10 cycles at 6 min
12 Strassburgj 800 10 cycles at 6.5 miN 40 1
10 cycles at 7 min
13 Strassburg| Same as Run 11 with 30/min cooling ramp 1
| Same as Run 3 except for carbonatio
14 Strassburg _ 40 1
temperature of 85C
15 Strassburg| Same as Ruh 14 excefpt calcination 40 1
duration of 5 minutes
16 Cadomin Same as Run 14 1
17 Cadomin Same as Run 15 1

* Time = 0 corresponds to when calcination temperature was reached.
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Figure 2.1. Reproducibility of the cyclic thermogravimetric analysis results For test
conditions, see run 3 in Table 2.2Red points are the average sorbent
utilization achieved by threetime repetition of the cyclic TGA test. Blue error
bars show plus and minusthe calculated standard deviation at each
calcination-carbonation cycle.

Note thatthe range of limestone calcination temperaturd able 2.2(800-900 C) wasselected
based on the typical range of sorbent regeneration temperatakimmlooping proceses In
fact, limestone calcination can be slow at temperatures €3Qthile temperatures >900 are
not practically attractive owing tthe significant loss of sorbent utilization (i.ehigh thermal
pore sintering), high cost of material of construction, andrkeactorthermal efficiency. On the
other handthe duration ofimestone calcination (80 min, see Table 2.&aschoserbased on
the preliminary tests to achievaomplete, partialand extendeduration (after completion)

sorbent regeneratiaat differentconditions

2.3. Results and Discussion
2.3.1 Effect of Calcination-Carbonation Cycling
A typical sorbent conversion and temperature profile, obtained during the TGA experiments, is

depicted in Figur@.1. The stars in Figur2 1(b) identify the sorbent conversion at the end of the
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initial reactioncontrolled carbonation stageeferred to heceforth as sorbent utilization
Calcined limestone rapidly lost its reactivity during the first few cycles, with utilization decay
then decelerating with further calcinatioarbonation cycling. This decay in sorbent utilization
can be attributed to thermal pore sintering, a ‘kedwn phenomenon in calciuiooping
processes[46i 48,114 116]. Note that the transition from carbonatimAcalcination (by
temperature swing, TS) was conducted in,@Davert limestone calcination before reaching the
target reaction temperature, at which the gas svatched to nitrogen. This led to a sudden jump

in sorbent conversion (during the TS period), probaling to enhanced Cg&xiffusion through

the CaCQ product layer as the temperature increased. Similarly, the calcktatt@mbonation
transition wasconducted in B preventing lime carbonation prior to reaching the target
carbonation temperature. Therefore, limestone calcination progressed slowly during the TS
period, especially if the isothermal calcination stage did not provide complete sorbent

regeneration.

1 1 - 850
=] T - 800
£ 08 g 08 -
@ 7 - 750 @
5 5 2
Z 0.6 2 0.6 : 700
S - / S 650
"é 0.4 :':). 0.4 | 600 @
i J o ey
< < 550 A
o | 3 S’
S 02 & 0.2
1 R %
0 T T T O T+ T 77 450
0 200 400 o600 800 1000 0 20 40 60 80 100 120 140
Time (min) Time (min)
(a) (b)

Figure 2.2. Typical sorbent conversion and temperature profile during cyclic calcination
carbonation tests. Stars show the fasistage carbonation extent in each cycle.
For test conditions, see run 3 in Tabl@.2.
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Both carbonation and calcination followed sigmoidal curves with respect tooreditie, as
depicted in Figure .2. The existence of an induction period (time to start reaction) has been
previously linked to the nucleation process on the particle suffddg. In addition, the slow

rate of gas replacement around sample particles might be responsible for the late initiation of
reactionsin TGA. This potentially explains the longer induction period observed for the
limestone calcination than for lime carbonation; as the gaseous medium must be varied further to
surpass the CaG{aO thermodynamiequilibrium. Note that Figure.2(a) plots the limestone

calcinationextent, normalized by the carbonate produced during the previous cycle:

RS (1 _XCaIc,N) (2.2)

Calc,Norm,N — X

X

Carb,N-1

where Xcaic.normnTEPresents the normalized limestone calcination extent at cyckeNa1 is
the lime faststage carbonation extent at cyclelNelative to fully calcined particles, ad@acn
is the limestone calcination extent at cycle N relative to fully carbonated parifibkesleviation
of the ultimate normalized calcination extentnfrainity at the rgher numbers of cycles (Figure
2.2(a)) could be due to the sensitivity of Equati@2) at low carbonation extents. The CaCO
molar fraction profile durindimestone calcination (Figure.® confirms that nearly complete

sorbent regenerian was achieved in all cycles of this TGA experiment.
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Figure 2.3. Normalized (a) calcination; and (b) carbonation profiles at different
calcination-carbonation cycles. For test conditions, see run 3 in Tabi2.

1 [~ —_—
. — - ¥ Cycle
§ 1 \ | 21 Cycle
'5 0.8 . = - = 34 Cycle
= {770 - — - 20" Cycle
= ' . — 100% Cycle
o 06 .
= 1 Yo
S N
= 0.4 o
) i v \
8 0.2 n \‘\ '\ \‘ \
[ERNESEEN
O T 71 T
0 3 6 9 12 15
Time (min)

Figure 2.4. CaCO; molar fraction time variation during limestone calcination after
different numbers of calcination-carbonation cycles. For test conditions, see
run 3 in Table 2.2.

The limestone calcination rate appears to have increased over calegabonationcycles,
while the rate of fasstage carbonation remained nearly independent of cyclinig. Cém be

observed from Figure.2, as well as from the dynamic variation of the reactiors fatedifferent
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cycles (Figure 2). It is widely accepted that porenring reduces active surface area within

the sorbent, therefore decreasing the carbonation extent during ci8ird8,114 116]. This

leads to lower carbonate formation (mostly on the sorbent particle surface) during carbonation
and, accordingly, less resiatee for CQ outward diffusion during calcination. Thus, the rate of
limestone calcination increases with increasing number of reaction cycles, with less increase in
the calcination rate observed at lig numbers of cycles (Figures 2.2(a) and(&). On the

other hand, the rate of fastage lime carbonation appears to be independent of the number of
reaction cycles, whereas the reacteamtrolled carbonatio extent substantially decreased
during cycling. This could be attributed to the fact that the oftéaststage carbonation is
dominated by the intrinsic reaction rate, while the-fage carbonation extent relies on the
available surface area within the sorbent. Similar findings were also observed in other tests

conducted for total calcination catidns (e.g.tests 15 in Table 2.2.).
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Figure 2.5. Normalized (a) calcination; and (b) carbonation rate profiles with different
calcination-carbonation cycles. For test conditions, see run 3 in TabRk2.
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2.3.2 Effect of Calcination Temperature
Elevating the calcination temperature accelerates the sorbent utilization decay in tfeavfirst
cycles, as shown in Figure5Za). However, the residual sorbent utilizat{efter many cyclg at
all calcination temperatures nearly approached zero. This observation is contrary to earlier
studies where a nerero sorbent utilization was observigh,51] The discrepancy may come
from different applied carbonation temperatures, as well as different methodologies employed to
determine the lime carbonation extent in each cycle. The present work determines the maximum
sorbent conversh in the fast reactienontrolled carbonation regime, while previous studies
mostly took the highest sorbent conversion at the end of each cycle. Note that the latter approach
can depend highly on the reaction time, and may lead to sorbent being cotimertegh both
carbonation regimes. Accordingly, it may be concluded that the reaidrolled carbonation
extent nearly approaches zero after many cycles, while difiesiotroled carbonatiorbecomes

dominant for highly sintered particles.

Raising tle calcination temperature substantially enhanced the rabmegtbne decomposition
(Figure 25(b)) by increasing both the reaction rate constant and the driving[idr8d.19] In
addition, raising the calcinatiolemperature led to a shorter induction period, confirming our
earlier hypothesis on the significance of switching gaseous medium around sorbent particles. In
fact, limestone can decompose at higher,Qgrtial pressures at elevated temperatures.
Therefore,the composition of gaseous medium in the reaction chastauld vary less to

initiate limestone calcination, corresponding to shorter induction periodgtatrhcalcination

temperatures.
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Figure 2.6. Effect of calcination temperature on: (a) cyclic sorbent (Strassburg) utilization;
and (b) first-cycle calcination rate. Test conditions correspond to runs-% in
Table 2.2. Every third experimental data points is plotted in (a) for clearer
presentationof the data.

2.3.3 Effect of Calcination Duration
The effect of the duration of calcination on the cyclic performance of thebasedsorbent is
depicted in Figure .B. Extending the calcination time from 6 to 15 minutes did not affect the
sorbent performancat 850 and 90@. Similarly, increasing the calcination duration from 15 to
30 minutes did not appreciably change the cyclic sorbent utilization a€8aGhould be noted
that the sorbent particles were fully calcined after 6 min at 850 andC9@8 wé as after 15
min at 800C. Clearly, extending the calcination time after reaction completion had negligible
impact on the sorbent cyclic performance, in agreement with findin@gasa and Abanades
[51]. On the ober hand, reducing the duration of calcination from 15 to 6 minutes greatly altered
the sorbent cyclic utilization at 800 (Figure 26(b)). Thiswas due to incomplete limestone
calcination, leaving a portion of the sorbent uncalcined before enteringeitecarbonation

stage. Note that the sorbent utilization in this case does not represent,tbarydg capacity

37



of the sorbent since the uncalcined inner portion of the sorbents has not participated appreciably

in capturing carbon.
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Figure 2.7. Effects of calcination temperature and duration on the cyclic performance of
Strassburg sorbents. For test conditions, see runs 1, 3 aned5n Table 2.2.

Two prolonged cyclic tests (100 cycles, runs 1 and 6 in T2Rlewere conducted to evaluate

the effect of partial calcination during extended calcinatiarbonation cycles. A lower rate of
sorbent utilization decay was achievedeafpartial calcinatior{Figure 27(a)), possibly due to
gradual utilization of uncalcined sorbent when cycling. This can be confirmed by the progressive
increase in limestone calcination extent with increasing number tésgyes demonstrated in
Figure 27(b). Note that the hhestone calcination would have remained constant if there had
been no decay in sorbent utilization. However, the loss of sorbent reactivity led to less sorbent
re-carbonation and, consequently, the uncalcined portion of the sdr&egtpartially calcined

during the next regeneration stage. Gradual utilization of the uncalcined sorbent is promising
since it may offer a more stable €©apture performance during multiptgcle operation.

Lower calciner temperatures and sorbent residence times are alsd faedartial limestone
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calcination, enhancing both the cyclic performance of the sorbent and the overall thermal

efficiency of the process.
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Figure 2.8. Effect of partial calcination on cyclic: (a) carbonation; and (b) calcination
extents. For test conditions see runs 1 and 6 in Tabl22. Every third
experimental data point is plotted for better viewing.

Gradual utilization of the uncalcined sorbent Yebonly be attractive if the preserved uncalcined
portion maintains high C{xarrying capacity after being calcined. In other words, high operating
temperatures should not adversely affect the reactivity of the uncalcined portion of the sorbent
during cycing. As verification, a single test was conducted where sorbents were initially
exposed to 10 successive temperature swing cycles in(@® 10 in Table2.2, referred to
henceforth as COpretreatment). This virtually averted limestone calcination, while exposing

the carbonated sorbent to high temperature. The carbonated sorbents were observed to maintain
their reactivity after being exposed to a high operagmgpierature, as shown ingre 28. Note

that the small deviation could be due to slight variation of solid sample composition in the two
tests, as well as minor limestone calcination during the @@treatment period. Sorbent

utilization decay may be explained by means of peadugion via three possible mechanisms:
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1. Sintering of CaC@Dbefore calcination
2. Pore sintering because of calcination

3. Sintering of CaO after calcination

Figures 2.6 and .8 clearly indicate that sintering of Cag@nd CaO (before and after
calcination) did ot appreciably affect the sorbent cyclic performance. Instead, pore sintering
during limestone calcination is dominant, confirming that the sorbent utilization decay is
predominantly due to material chemical and physical changes during limestone caicinatio
Therefore, partialimestonecalcination remains helpfusince uncalcined sorbent, upon being

calcined, behaves in a manner similar to freshly calcined sorbents.
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Figure 2.9. Effect of CO, pre-treatment on the cyclic performance of Strassburg sorbent.
For test conditions, see runs 8 and 10 in Tab22.

As discussed above, sorbent utilization profiles alone cannot provide sufficient knowledge on the
CO, carrying capacity of partially calcined sorbents. To address this, the&@ing capacity

of partially calcined sorbents at different calcination extents may be calculated by
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Single-Cycle Carbon Captie= Xcoy {  Keacn) (23)

Figure 29 compares the singlen and cumulative carbon capture capability of Hoased
sorbents under partial and total calcination conditions (test corglitientical to those in Figure
2.7). These results shotkat partial calcination offers lower carbon capture capability for the
first few cycles, but its results surpass those for total calcination at aroundtbgcle. This is

due to progressive utilization of uncalcined sorbent, leading to a relatiadlle gierformance
from the 17 to the 48 cycle. The C@carrying capacity of the partially calcined sorbents then
slowly decreases, approaching that obtained for totally calcined particles. The higher CO
carrying capacity of the partially calcined sartse (after 17 cycles) led to a faster increase in
cumulative carbon capture, which eventually surpafiggdcalcined particles at around the™50
cycle. Note that a portion of the sorbents in partial calcination tests was regenerated during the
carbonatiorto-calcination transition periods. This may alkave led to enhanced sorbent
utilization since a portion of the sorbent is calcined at redteragperatures. Further discussion

is provided in the next section.
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Figure 2.10. Effect of partial and total calcination ort (a) singlecycle; and (b) cumulative
CO, capture capacity of Strassburg sorbent. For test conditions see runs 1
and 6 in Table2.2. Every third experimental data point is plotted for better
viewing.

2.34 Cyclic Sorbent Utilization in Equation Form
Grasa and Abanadd&1] applied a ¥-order surface reduction model to predict sorbent

utilization as a function of the number of calcinatearbonation cycles:

a 0
daeavg 8S,- S < 24
B 8 S-S (24)
dN s !
1
XCarb,N:l— +xr 25
+k,N (2.5)
1- X

whereky represents the surface reduction constagis the active surface area at cycleQljs
the initial active surface are§; is the residual active surface area after many cy&legs,n is

the sorbent utilization at cycle N, aXdis the residual sorbent utilization after many cyckes.
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similar approach is employed here to estimate the sorbent cyclic performance for theteeomp

calcination scenario. EquatioR.%) is rearranged to

XCarb, N-1" xCarb, N kd

dN = = N B Xr G xCarb,O (26)
XCarb, N-1 1+ kd N

wheredy is the normalized sorbent utilization dec@is normalizes the sorbent utilization

decay withrespect to lime carbonation from the previous cycle, simplifying performance
evaluation when incomplete limestone calcination occurs during operation. Note that the
reactioncontrolled carbonation extent nearly approaches zero as the calcicatimmatio
cycling proceeds. Therefor ®)othet ricdwdead alby s
Abanaded51] equals zero for the normalized sorbent utilization decay faddrirf Equation

(2.6).

Equation 2.6) is enployed to fit the experimental data for the total calcination tests at different
calcination temperatures. Curve fitting was conducted by maximizing the coefficient of
determination ) in each test. The surface reduction constijtwas fitted by amrrhenius
relationship with respect to the absolute calcination temperature (EquaifQ)) &s seen in
Figure2.10. The cyclic sorbent utilization profile at each temperature can then be calculated by
means of Equation® ) and 2.7). The predictionsf the empirical equatioare compared with

experimental results in Figu&l1l, showing good agreement for all conditions investigated.

a -15678
k, =10° 3exppe———

a_ (K) 1073—%alcination K( ) ¢11 (27)
C " calcination

-1-O:0: Ot
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Figure 2.11. Arrhenius-type fitting of surface reduction constants (k) at different
calcination temperatures.
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Figure 2.12. Comparison of experimental data for totally calcinedStrassburg sorbents with
predictions of Equations @.6) and @.7) at different calcination temperatures.
Every third experimental data point is plotted to give clearer plots.

The Grasa and Abanadfsl] equation ([uation .5)) is limited to calciurdooping systems
with complete sorbent regeneration prior to each lime recarbonation gtagerdingly,

Equation 2.5) is not capable of predicting sorbent cyclic performance uradiapcalcination
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conditions.Incomplete sorbent calcination can produce different regimes with different reaction
history and cycling age for each sorbent particle. Therefore, a new equation is developed which
considers the sorbent to be a mixture of Oa@nd CaO, with the CaO being composed of
several sulparts with different ages. The normalized sorbent utilization degyn each CaO
subpart is assumed to be identical to those for total calcination (Equad)sapd R.7)),

neglecting possible mutual impact of CaO-gatots on each other:

N . A
Xean.n :(l “Xecar N) égxcﬁﬂci XCaIcil)(O szl i(1 di)) S Xaco 0 (2.8)

Equations 2.6)-(2.8) were used together to predict the sorbent cyclic utilization in run 6 (Table
2.2). The calcination extent in each cycle was read directly from the experimental data in Figure
2.7(b). Fair agreement is achieved between the predictions and experimental results, with more
deviations observed as the number of calcinatemvonation cgles increased, as shown in
Figure2.12. This could be due to progressive limestone calcination during temperature transition
periods, enhancing the sorbent utilization by calcining a portion of the sorbent at milder
temperatures. A similar conclusion che derived from the sensitivity analysis in Fig@ré&2,

where the predictions for 750 calcination show better agreement with the experimental results

thanfor limestone calcination at 800.
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Figure 2.13. Comparison of experimental data with the predictions of Equations2.6)-(2.8)
for run 6. Every third experimental data point is plotted for clearer

presentation.

Two cyclic tests (runs 11 and 12) were conducted next to evaluate the predictive method by
periodically changing the calcination duration while cycling. It can be seen from Rddréhat

the predictions are in line with the experimental results, although there are some deviations at
higher numbers of calcinatiezarbonation cycles. This couldgain be due to progressive
limestone calcination during calcinaticarbonation transition periods. To confirm this
hypothesis, run 11 was repeated by increasing the cooling rate during the caldadtmmation
transition period. Better agreement wiaen observed between the predictions and experimental

results, supporting our hypothesis regarding the impact of limestone calcination during the

temperature swing period.
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Figure 2.14. Comparison of experimental data and Equation 2.8) predictions for cyclic
tests with periodically changing calcination duration during cycling (test
conditions: (a) runs 11 and 13 (b) run 12 in Table2.2). Every second
experimental data point is plotted for better clarty.

The partial limestone calcination during the temperature swing (TS) transition period can be
averted by using Cfas the gaseous medium during transition periods. However, this initiates
lime carbonation above the target temperature, leading to inconsistency between testing
conditions. Alternatively, isothermal calcinatioarbonation cycling can be employed to
eliminate the temperature swing transition period, thereby ensuring that limestone calcination
occurs solely at the intended temperature. Two additional tests (runs 14 and 15 i2.Zgable
were conducted at isothermal calcinatzarbonation cycling (85C) to evaluate the method
accuracy when the TS transition period does not exist. This also enables investigation of the
sorbent performance at different carbonation temperatures, as the other tests conditions were

identical to those for run 3 in Takk?2.

Figure 2.14(a) indicates that increasing the carbonation temperature considerably enhanced the
sorbent utilization in the reactiesontrolled carbonation regime. Similar observations have been

reported for cyclic lime carbonation at reaction temperatures®#25 C [120]. This could be
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due to enhaced CQ diffusion through the CaC{QOproduct layer, with reduced diffusional
resistance, thereby impeding the transition to the slow carbonation regime. Given the significant
impact of lime carbonation temperature on the surface reduction corngtdbquation 2.7) is

not capable of predicting the surface reduction constant for run 14. Therefore, experimental
results for run 14 (total calcination) were directly used to normalize the utilization decay in each
calcinationcarbonation cycle (Equatio.6)). The normalized utilization decay profile was then
used in conjunction with experimentally measured calcination extents after each cycle of run 15,
predicting the cyclic sorbent utilization during partial calcination conditions (Equaki8y).(
Figure2.14(b) shows that the predictions are in good agreement with the experimental results for
run 15, confirming the ability of Equatio2.8) to predict sorbent cyclic utilization at different
calcination extents. This also supports the earlier hypothesiee@ource of deviations between

the predictions and experimental results in temperature swing cyclic tests (R2gl2eand

2.13). Accordingly, it may be concluded that partial calcination does not enhance the carbon
capture capability of the limkasedsorbents, but offers stable performance during extended

cycles.
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Figure 2.15. (a) Effect of carbonation temperature on the Strassburg sorbent cyclic
performance; (b) Comparison of method predictions and experimental
results for partial calcination during isothermal cycling (test conditions: (a)
runs 3 and 14; (b) run 15 in Table2.2).

To test the proposed predictive method further, isothermal calciraitionation tests were
repeated for another naturaflierived limestone, Cadomin. Figugl5(a) indicates that the
cyclic sorbent utilization of Cadomin and Strassburg limestaressimilar when complete
sorbent regeneration is achieved ptio all recarbonation stagdsote that the small deviations
observed during the first few cycles could be due to slight differences in the compositions of

these two sorbents (see TaBlg).

The experimental results for totally calcined Cadomin particles (Figlisa)) were used in
Equation 2.8) to predict the sorbent cyclic performance under partial calcination conditions (run
17 in Table2.2). It can be seen from FiguBel5(b) that thepredictions are in good agreement
with the experimental results, confirming the utility of the predictive method for an alternative
limestone. Therefore, EquatioB.§) appears to be capable of predicting sorbent utilization for
different calcinatiorcarbaation cycles and calcination extents, with the model parander (

depending on the calcination and carbonation temperatures. Note that the sorbent utilization
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alone does not represent the £Lfarrying capacityof partially calcined sorbent3he proposa

method should be used in conjunction with Equat@B8)(to estimate the overall GQ@apture

capability of limebased sorbents at different conditions.
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Figure 2.16. (a) Comparing cyclic performance of Strassburg and Cadomin limestones; (b)
Comparing predictions and experimental results for partial calcination during
isothermal cycling of Cadomin Limestone. (Test conditions: (a) runs 14 and

16; (b) run 17 in Table2.2.)

2.4. Conclusion

Thermogravimetric analysis was employed to study the effect of calcination temperature
duration and extent on the performance of limleased sorbents over prolonged cycling.
Increasing the calcination temperature considerably acceleratel®dhyg of sorbent utilization

in the initial few cycles. On the other hand, extending the duration of calcination and exposing
carbonated sorbents to high temperature did not greatly affect the sorbent performance. This
indicates that the sorbent utilizati decay is predominantly related to material physical and

chemical changes during limestone calcination, which are further linked to the loss of active

surface area due to thermal pore sintering.
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Several tests were conducted to evaluate the sorbent mparfoe when incomplete sorbent
regeneration occurs during calcinaticarbonation cycling. It was observed that uncalcined
sorbents, upon being calcined, provide fresh CaO inside the sorbent and, hence, offer stable CO
capture capability over extended nuemb of cycles. This could be promising since lower
calcination temperatures would be required to achieve incomplete sorbent regeneration, resulting
in enhanced sorbent performance in practical applications. Aemapirical predictive method

was introducedo determine the sorbent performance after different humbers of calcination
carbonation cycles, calcination temperatures and extents. This predictive method worked well

with various testing procedures for two naturalbrived limestones.
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CHAPTER 3: Combined Methane Reforming, Combustion and
Limestone Calcination z Thermodynamic Analysis

3.1. Introduction

Limestone calcination is a highly endothermic reaction. It is typically conducted at low operating
pressures and high reactor temperatufes87,98,118,119,121]1The energy required for
calcination can be supplied by burning fuelsitu (direct) orex situ(indirect)[122,123] Direct
heating is typically preferred by industry in order to enhance the system thermal effi@enc

less heat losses and temperature gradient) and to reduce the reactor size. Howiuexy-
combustion of carbonaceous fuels (e.g. coal and methane) increases tlenCentration
within the reactor, thereby reducing the rate and extent aésbome calcination. Oxyfuel
calciners are normally operated at high temperatur®90(C [123]) to ensure appropriate
limestone calcination in a short solid residence time. However, incredkagcalciner
temperature promotes undesirable pore sintering of solids, imposing additional capital (more
expensive material of construction) and operational (e.g. more sorbentumdlosv) costs on

the systeni4,43,46,47]

Alternatively, methaneoncentrated oxyfuel feedstock can be used to achieve autothermal
limestone calcination at reduced reactor temperatures. The gaseous feedstock of this calciner
configuration is composed of methaaed enrichegir (e.g. > 95% oxygen), with the methane

feed concentration exceeding the combustion stoichiometric molar rati@@£H0.5). Oxygen

then becomes the combustilimiting reactant, resulting in excess methane after initial rapid
combustion The excess methane then participates in endothermic dry and wet methane

reforming, generating considerable syngas é@dd CO) inside the reactor. Simultaneously,

52



limestone calcination releases substantia} @@ the reactor gas, a portion of which rsawgith
the formerlygenerated hydrogervi@ the reverse wategas shift reaction). Thig situ CO,
utilization feature of the process can potentially reduce theoBxentration within the reactor,

thereby decreasing the required calcination temperature

A summary of the main reactions involved in combined methane reforming, combustion and
limestone calcination (henceforth referred as MBRAL process) is depicted in Figure 3.1. This
process can be operated autothermally if the heat released by thermaiotheethane
combustion can provide the energy needed for the endothermic methane reforming and limestone
calcination. Therefore, the methane feed concentration plays a significant role in minimizing the
absolute reactor heat duty and controlling the; G@hcentration within the reactor. The MRC

CAL process can also produce a highly valuable byproduct (syngas), which can be used in

various downstream applications (e.g. for methanol and ammonia production).

- ->| Methane Combustion (AH<0) |~ -
[
| |
| I
1 I
: .
1 I
|= - ->| Steam Methane Reforming (AH>0) |— -—
1 I
! I
CH, + Enriched-Air |- == :
1 I
- -
- Dry Methane Reforming (AH=0) -
1 I CO,
| .
| I
1 I
L - —)I Reverse Water-Gas Shift Reaction (AH>0) l— -
I
I
I
: Ca0
I
I
|
CaCO; I— ----- >| Limestone Calcination (AH>0) |— -=

Figure 3.1. Reactions involved in the MRCGCAL process
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This chapter evaluates the thermodynamic feasibility of autothermal sgngiscing limestone
calcination based on the MRCAL process. Aspen Plus simulation is employed to ingatsi

the effect of operating conditions (temperature, pressure and feeding ratios) on the equilibrium
performance of isothermal MRCAL reactors. The simulation results are then used to develop
an empirical correlation to estimate the gaseous feed coaten$ required for autothermal,
cokefree and complete limestone calcination. The variation of sorbent conversion, reactor heat
duty, methane conversion and hydrogen yield with different operating conditions are also
assessed and discussed. The systahers simulated under adiabatic conditions, demonstrating

the nonisothermal performance of the MRCTAL process for neagquilibrium operations.

3.2. Aspen Plus Simulation Setup

Aspen Plu§” software (V10.0 PengRobinson thermodynamic packapjesas employed to
evaluate the effect of operating conditions on the sorbent conversion, reactor heat duty, methane
conversion and hydrogen yield of the MRIAL process. Figure 3.2 demonstrates the Aspen
Plus simulation flowsheet, including gas mixer aplitter, solid and gas preheaters, calcination
reactor and a solidas separator (cyclone)lote that RGibbs reactor was employed in Aspen
Plus simulations, evaluating the process thermodynamic equilibrium by minimizing the Gibbs
free energy. This enableakssessing the reactor performance without specifying the reactions
involved, thereby considering all thermodynamically favoured reactions in the simulBtien.
gaseous feed flow rate to the reactor was fixed (via a splitter) at 0.2'mehie the systm
performance was assessed by varying the reactor pressure, temperature, and molar feed ratios
(CaCQytotal gas and CHenrichedair). A minimum CH/enrichedair molar feed ratio of 0.5

was specified for all simulation runs, maintaining oxygen as thdidignreactant for methane

combustion.
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Figure 3.2. AspenPlus process flow sheet for simulating the MRGCAL process Block and
stream properties are listed below in Tables 3.1 and 3.2

Note that a pur@xygen stream is typically required to avoid diluting the MREL off-gas.
However, cryogenic production of pure 3 extremely costly, affecting the economic viability

of the process. Therefore, an enricla@dstream of 95% ©(balance nitrogen) was ubdo

reduce both the production cost and the gas inert coilgeoh anoxygen concentrationan be
typically achievedvia low-costpressureswing adsorption (PSA) procegk?4]. Tables 3.1 and

3.2 indicate the properties of the feed streams and blocks in the Aspen Plus simulation,
respectively.Note thatreactant streams were set to enter the system at the reactor pr&ssure
similar process flowsheet was employed to conduct adiabatic simulations, assumirGALRC

reactors with zero heat duty.

Table 3.1. Stream properties for Aspen Plus simulations

Stream Temperature (C) | Flow Rate (mol.s%) Composition

CH, 25 0.0750.3 100% CH,

EnAir 25 0.15 95% Q@ +5% N
ColdGas 25 0.2 CHJ/EnrichedAir: 0.5-2
CaCQ 25 0.01-0.3 100% CaCQ

*Corresponding to CaC{yyas molar ratio of 0.0%.5.
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Table 3.2. Block properties in Aspen Plus simulations

Unit Configuration & Notes Temperature (C) Pressure (bars)
Mixer Mixing Air and CH;, 25 1-5
Splitter Provide 0.2 mol:$ Gas Feed Flow 25 1-5
HX1 Electrical Heater To CalcinerTemperature 1-5
HX2 Electrical Heater To Calciner Temperature 1-5
MRC-CAL Gibbs reactor 750900 1-5
Cyclone Separator (for solid) Calciner Temperature 1-5

3.3. Results and Discussion

3.3.1.  Preliminary Performance Analysis
The effect of gaseous feed concentration on the sorbent conversion and reactor heat duty of the
MRC-CAL process is depicted in Figures 3.3(@). Increasing the methane feed concentration
results in a higher proportion of methane converted by endothedngisteam methane
reforming and, hence, higher reactor heat duty. On the other hand, reactor temperature (with
complete calcination) has negligible impact on the MRAL off-gas concentration (Figure
3.3(f)) and thermal behaviour. Note that the kinks sthfigures are due totransition from
incomplete to complete limestone calcination, resulting in abrupt slope changes in reactor heat

duty.

Figures 3.3(aje) also indicate that complete limestone calcination can be achieved at all studied
methane feedoncentrations (CaCflotal gas molar feed ration =0.5, reactor pressure = 1 bars)
if the reactor temperature exceeds &5The minimum required methane feed concentration for
complete limestone calcination then increases with decreasing reactor temepeetw 825C.

This is due to lower calcination driving force at reduced temperan@@siring higher methane
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feed concentrations (thus less methane combustion) to surpass theg/ @G @hermodynamic
equilibrium. Given also the higher reactor heat datpre endothermicity) at elevated methane
feed concentrations, complete and autothermal limestone calcination can only occur by
exceeding a certain reactemperature (e.g. 776 for the operating conditions tested in Figures

3.3(a}(e)).
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Figure 3.3. (a)i (e) Effect of temperature and feed concentration on MRECAL heat duty
and sorbent conversion; (f) Effect of temperature on MRGCAL off -gas H and
CO concentration. (All results are for atmospheric pessure and CaCQ/total
gas molar feed ratio of 0.5. Panel (f) is for a methar®-air feed ratio of 1.21.)

The effect of methane feed concentration on the MEXC heat duty is shown in Figure 3.4 for
different CaCQ'total gas molar feed ratiogcreasing the CaCflotal gas molar feed ratio (e.g.

by increasing the sorbent feed flow rate) increases the energy required for limestone calcination,
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thereby increasing the reactor heat duty. Hence, the required methane feed concentration for
autothermh operation of the MRECAL process decreases with increasing Cgt@l gas
molar feed ratio. Note that the observed kinks in Figure 3.4(a) are due to incomplete limestone
calcination at low operating temperatukeh high CaCQ/total gas molar feed rais. Further

discussion is provided in Section 33.
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Figure 3.4. Effect of methane feed concentration on MRECAL heat duty at different
CaCOs/gas feed ratios and at: (a) 80(; (b) 850 C.

3.3.2.  Correlation for Autothermal MRC-CAL Operation
Extensive simulation runs were employed next to determine the gaseous feed concentrations
required for autothermal and complete limestone calcination by the-@¥WCprocess.The
MRC-CAL process combines exothermic methar@mbustion with endothermic methane
reforming (steam and dry) and limestone calcination. Therefore, lower methane feed
concentrations (more oxygen) would be needed if more energy were to be required within the
reactor. Increasing the Ca@@tal gas molafeed ratio (e.g. by increasing the sorbent feed flow

rate) can potentially increase the energy required for the calcination. Therefore, the required

59



methane feed concentration for autothermal MBAL must decrease with increasing
CaCQ/total gas molar feetatio. This is in agreement with the simulation result§igure 3.5,
demonstrating a sharp reductiontie methane/enrichesmir molar feed ratiol) with increasing
CaCQytotal gas molar feed rati@). Note that increasinthe CaCQ@/total gas molar fed ratio

also promotes reverse watgas shift reaction between the C@leased by the limestone
calcination and the hydrogen generated by methane reforfait@]. Although the latter
potentially enhances the rate and extent of limestone calcination, the endothermicity of the

reverse wategas shift reaction suggests that further energy needs to be supplied to the reactor.

® ¢ ¢ASPEN Simulation
Fitting

B (FCH4,in /FEnriched-Air,in)

0 0.3 0.6 0.9 1.2 1.5
o (FCaCOinl /FTotal Gas,in)

Figure 3.5. Required CH4/Enriched-air molar feed ratio for autothermal MRC -CAL at 1-5
bars and 806900 C (Maximum error of + 0.4%)

Equation 8.1) shows an empirical correlation used to estimate the gaseous feed concentrations
required by the MRECAL process for autothermal and complete limestone calcinafiois.
correlationis achievedby fitting the Aspen Plus predictions (redintsin Figure 3.5 with an
exponential functionFigure 3.5 confirms excellerfitting of the proposed correlation {R:

0.982), while inevitable deviations exist far< 0.3.Increasedleviationat reduced is mainly
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due to the variation of methane conversion, governed by the steam and dry methane reforming
thermodynamic equilibriumin fact, thermodynamic equilibrium of steam and dry methane
reforming inhibits complete methane conversiespecially at reduce@aCQ/gas molar feed

ratios (seeSection 3.3.% This amplifies theeffectsof temperature and pressure on the reactor
thermal behaviour, consequently reducing the accuractheffitted correlation (which is
independent ofeactortemperature and pressure)lote that steam and dry methane reforming

are both favoured at reduced reactor pressures and elevated operating temperatures. Therefore,
greater deviations between the correlation predictions and the Aspen Plus simulation results are

expected at low opelag temperatures and elevated reactor pressures.

b =0.275 +1.90@ /071 80C T¢ 90C & 1 Bar: (3.1)

3.3.3.  Critical Limits of MRC-CAL Process
The overarching objective of the MRCAL process is to attain autothermal limestone
calcination at reduced reactor temperatures. Therefore, it is crucial to determine the range of
operating conditions to achieve complete and autothermal limestone caltittatbugh this
novel sorbent regeneration technology. In addition, the MIAC process typically needs
reforming catalysts (e.g. Miased) to ensure rapid methane conversion at practical temperatures.
Catalyst deactivation by carbon deposition (coke foionais a major challenge associated with
methane reforming catalysts. Therefore, ilésirableto conduct the MRECAL process within

a range of operating conditions where:

1 reactor heat duty approaches zero;

1 limestone fully calcines; and
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1 negligiblecarbon formation occurs.

As discussed above, lower methane feed concentrations are required to achieve autothermal
MRC-CAL operation at elevated CaG/dtal gas molar feed ratiog-igure 3.5) However,
increasing the CaCfotal gas molar feed ratio (e.giore CQ released by calcination) and
reducing the methane feed concentration (e.g. more methane combustion) lead to higher CO
concentrations within the react@nd consequently lowiaig thecalcination rate and extent. On

the other hand, increasing thmethane/enrichedir molar feed ratio and reducing the
CaCQytotal gas molar feed ratio can both increase coke formation, especially at mild reactor
temperatureg119]. This is due to decreased steam and G€neration (e.g. lower methane
combustion and limestone calcination), resulting in lower averagéGOEpand HO/CH, molar

ratios within the reactql2,95,125] Therefore, autothermalpkefree and complete limestone

calcination can be only attainable within a certain range of G&G&l gas molar feed ratios.

Figure 3.6 demonstrates the critical limits for autothermal, complete anefreekémestone
calcination in an atmospheric MRCAL reactor. The figure is split into three zones: (1) an
endothermic/incomplete limestone calcination zone; (2) a poterdialbthermal, cokéree, and
complete limestone calcination zone (target zone); and (3) a coke formation zone. The upper
CaCQ/gas molar feed ratio limit initially increases with increasing operating temperature, as
shown in Figure 3.6. However, this uppienit nearly stabilizesaad 1. 45 beyond an
temperature of-837 C. Increasing the operating temperature potentially boosts the extent of
limestone calcination by augmenting the calcination driving f¢td®]. Consequently, higher

reactor CQ concentrations can be tolerated when calcining sorbents at elevated operating

temperatures. In fact, more Cag€an be calcined by a certain amount of ¢@g. highera)
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when increasing the reactor temperature. However, at a temperature of rougklyt8&7upper

a limit reaches a value of nearly 1.45, correspondindp tonethane/enrichedir molar feed
ratio) close to 0.5 (Figure 3.5). As mentioned abdower b is required for autothermal and
complete sorbent regeneration at elevated G&G@AlI gas molar feed ratios. However, reducing

b to < 0.5 would result in switching the limiting combustion reactant from oxygen to methane,
thereby reducing heat generation by methane combustion. In this situation, theCMRC
process reduces to that of conventional-tuel calciners, and hence, the up@aCQy/total gas

molar feed ratio limit becomes insensitive to reactor temperature.

Increasing the methane/enrichad molar feed ratiok) and reducing the CaGf@otal gas molar

feed ratio &) both result in higher coke formation inside the reactor. Ehdue to decreased
steam and C@generation (less methane combustion and sorbent calcination), resulting in
reduced average G@H, and HO/CH, ratios along the bed heigfit2,95,125] As discussed

above, reducin@ results in a higheb required for autothermal MRCAL operation(Figure

3.5). Therefore, the chance of carbon formation increases when reducing the/tc&CQas

molar feed ratio. This justifies the existence of a loadimit to avert coke formation in the
MRC-CAL process, as depicted in Figure 3.6. Previous sty8ie425] have also shown that
increasing the operating temperature reduces the coke formation in methane reformers. This is in
agreement with Figure 3.6, where the loweelimit slightly decreaes with increasing reactor

temperaturefl18].

63



=
=)

@

E 1

B

L

S 1.2

z 1]

= -

w0

3 0.6-

= : = Upper Limit
5@ 0.4 4 p - - Lower Limit

0.2 -

0 L) ' L) ' L) ' L) ' L) '
800 820 840 860 880 900
Operating Temperature (° C)
Figure 3.6. MRC-CAL critical limits for atmospheric reactor operation. (Zone 1:
endothermic/incomplete sorbent regeneration zone; zone 2: potential

autothermal, cokefree, and complete calcination zone; zone 3carbon
generating zone).

Pressurized limestone calcination is typically preferred by industry to reduce the cosgas$ off
compression and increase reactor throughput. However, increasing the reactor pressure results in
a lower calcination driving forcend thus a lower rate and extent of limestone calcindfiaf].

The effect of reactor pressure on the critical limits of the MEAL process is shown in Figure

3.7. Increasing the reactor pressure substantially reduces the aufip@t by decreasing the
limestone calcination driving force. In addition, coke formation reactions (e.g. Boudouard
reaction) are normally favoured at high reactor pressures, agr ee me nt wi t h
principal. Therefore, increasing the reactor pressure narrows the rfamgelioable CaCégltotal

gas molar feed ratio for autothermal, cdkee and complete limestone calcination, as depicted

in Figure 3.7. Higher reactor temperatures and lower Ga@® molar feed ratios are typically

required to achieve appreciable limegt@alcination in pressurized MRCAL reactors.
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Figure 3.7. MRC-CAL critical limits at high reactor pressures
3.3.4. Performance Analysis for Isothermal Operation

The effects of reactor pressure and Cg@@al gas molar feed ratioa) on the MRCGCCAL
sorbent conversion and heat duty are depicted in Figure 3.8. Note that the gaseous feed
concentrations for these simulation runs are calculated based on Eq@dtjorTiiese results
indicate that incomplete limestercalcination can occur by exceeding a certain reactor pressure
at a > 0.5. In addition, the maximum reactor pressure for complete limestone calcination
decreases with increasing Cagtotal gas molar feeding ratio. This is in agreement with the
results pesented in Figure 3.7, confirming the existence of an ugpienit for autothermal and
complete limestone calcination. Figure 3.8(b) shows that the K8RLC heat duty is roughly

zero when the CaCfdotal gas molar feed ratio is lower than the ugpémit. Larger deviations

are observed at reduced which could be due to low precision of Equati@il) at decreased
CaCQytotal gas molar feed ratios. Note that exceedingathupper limit results in incomplete

limestone calcination and hence, less energysamption within the reactor. Accordingly,

65



isothermal MRCCAL reactors tend toward exothermicity when the Cg@@al gas molar feed

ratio exceeds the upparlimit, as shown in Figure 3.8(b).
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Figure 3.8. Effect of operating pressure on: (a) sorbent conversion; and (b) MRCAL heat
duty at fixed temperature of 850C and different CaCQOs/total gas molar feed
ratios.

Figure 3.9 shows the methane conversion and hydrogen yield of theQMWRCprocess at

operaing conditions identical to those applied in Figure 3.8. The MEXL process offers

relatively high methane conversion, especially at low reactor pressures and higkitG@aC@das

molar feed ratios. Increasing the reactor pressure inhibitdémmodynamic equilibrium of the
steam and dry methane reforming, i n agreement
higher methane feed concentrations are required to achieve autothermaCMR@peration at

reduced CaCeghotal gas molar feedatios (Figure 3.5). This corresponds to lower methane
combustion within the reactor, and thereby, less initial steam andy€@ration. Reducing the
CaCQytotal gas molar feed ratios also reduces the amount efp@iduced by the limestone
calcination. herefore, slightly lower methane conversion is expected when the L&iataOgas

molar feed ratio decreases, as shown in Figure 3.9(a).
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Figure 3.9(b) shows that increasing the Cag/@tal gas molar feed ratio substantially reduces
the hydrogen productivityof the MRGCAL process. This is due to lower methane feed
concentration at elevated Cagltotal gas molar feed ratios, as well as more hydrogen
consumption by the reverse watgas shift reaction. Note that exceeding the upper Gaaial

gas molar feedatio limit results in incomplete limestone calcination and consequently, less
hydrogen consumption by the reverse wa@s shift reaction. This enhances the hydrogen
productivity of the MRGCAL process, as shown in Figure 3.9(b). On the other hand, siogea
the reactor pressure slightly reduces the MRAL hydrogen production yield, which could be

due to the lower methane conversions at higher reactor pressures (Figure 3.9(a)).
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Figure 3.9. Effect of operating pressure at fixed reactor temperature of 85(C and different
CaCOgftotal gas molar feed ratios on the MRGCAL: (a) CH 4 conversion; (b)
H, yield.

A portion of the generated hydrogen could be recovered by implementingehigierature
hydrogenselective membranes inside the reactor. The choice of the type of hydsetgstive
membranes depends strongly on the psetectivity and mechanical stability of the membrane

material. Palladiunbased membranes are known for their relatively high permealihd
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nearly infinite hydrogen selectivitj22,127] However, palladium can lose its selectivity and
mechanical stability at temperatures above-680C [22,23] Nickelbased membranes can
tolerate higher reactor temperatures, but typically offer lower hydrogen permeability and
selectivity (e.g. 10 times less permeability compared to palladig®j) Further investigations

are needed to identify alternative higgmperature hydrogen perselective membrane aterials

for the MRGCAL process.

3.3.5. Performance Analysis for Adiabatic Operation
The sorbent conversion and -gfis temperature of a wetisulated MRGCAL reactor are
depicted in Figure 3.10 for different operating pressures and g@@Dgas molar feedatios.
The feed streams in these simulations entered the reactor &, &6l the reactor heat duty was
set to zero. The results show that the MBAL off-gas temperature is roughly similar to the
feed temperature at Ca@/@as molar feed ratios below thppera limit. However, exceeding
the uppera limit leads to a rapid jump in the reactor -glis temperature, accompanied by a
minor reduction in sorbent conversion. Exceeding the upper gatd gas molar feed ratio
limit results in a significant redtion of calcination extent and reactor heat duty (e.g. more
exothermicity) in isothermal reactors. However, the excess energy in adiabatic mode would
increase the reactor temperature, thereby enhancing the limestone calcination. In fact, the MRC
CAL proces can offer a promising thermadlaptability, maximizing the limestone calcination

extent by naturally increasing the reactor temperature.
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Figure 3.10. Adiabatic and isothermal performance of MRGCAL at different reactor
pressures: (a)a=0.7 and (b)a=0.9. (Feed temperature = 85(C)

Note that in practice the feed streams enter the limestone calciner at milder temperatures (e.g.
sorbent circulating frona low-temperature carbonator). In this case, a portion of the {GRC

off-gas can be burned to supply the required excess energy inside or outside the reactor (Figure
3.11). The former case potentially inhibits limestone calcination snsiku syngas combustion
releases C@into the reactor gas. On the other hand, indirect heating reduces the system thermal

efficiency and increases the reactor size.

“H, + CO (+ CO, + Steam + CH,)

Pre-

CH, Heating <
Pre- \ Off-Gas”
Enriched-Air Heating MRC-CAL CaO + Syngas
[
Condenser CO,

Water

Figure 3.11. Sankey diagram of MRGCAL process.
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3.4. Conclusion

The performance of a process which combines methane reforming, combustion and limestone
calcination was evaluated under thermodynamic equilibrium. A single correlation was developed
to estimate the required gaseous feed concentréiorautothermal reactor operation. The
proposed correlation agrees well with the Aspen Plus simulation results, while larger deviations
exist at lower CaCghtotal gas molar feed ratios. The applicable ranges of @&a& gas molar

ratio for autothermalkokefree and complete limestone calcination were shown to narrow as the

reactor pressure increases and as the temperature decreases.

The simulation results show a relatively high hydrogen yield, with higher hydrogen productivity
at reduced CaCfiotal ga molar feed ratios. The hydrogen yield was also shown to be nearly
insensitive to the reactor pressure and temperature, unless the critical limits for coke formation
and/or complete limestone calcination are exceeded. It was also shown that the proposed
technology can benefit from a promising therradhptivity, maximizing the sorbent conversion

by naturally increasing the reactor temperature.
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CHAPTER 4. Simulation of Combined Methane Reforming,
Combustion and Limestone Calcination in Turbulent Fluidized
Bed Reactors

4.1. Introduction

Limestone calcination is conventionally conducted in the presence of air, stearor 63+fuel

media. Atmospheric air and steam calcination can be operated at temperatures abGye 850
while CG, and oxyfuel calciners typicallyequire higher reactor temperatuf&22,123] Higher

reactor temperature undesirably affects the system thermal efficiency, sorbent cyclic
performance and the cost of reactor materials of construction. On the other hand, air calcination
produces a dilute CQoff-gas, requiring additional separation prior to sequestration. Although
steam calciners produce a higitgncentrated COdry off-gas, seam generation is energy

consuming and, consequently, reduces the thermal efficiency of the process.

A novel configuration for limestone calcination was proposed in Chapter 3, where a methane
concentrated oxyfuel feedstock (@8, > 0.5) is fed into theeactor. Accordingly, oxygen
becomes the combustidimiting reactant, resulting in incomplete methane conversion by the
exothermic methane combustion. The remaining methane is then catalytically reformed to
hydrogen and CO, utilizing the steam and ,C@ererated by the methane combustion.
Simultaneous limestone calcination then releases considerablmi©@he reactor gas, where a
portion of this released GQ@eacts with the formerbgenerated hydrogen (reverse wagas shift
reaction). This potentiallenhances the COpartial pressure driving force for the limestone

calcination and thereby, reduces the required calcination temperature.
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The thermodynamic equilibrium of this combined process (referred as-GMRCprocess) was
detailed in Chapter 3. Ainde correlation (Equation4(l), identical to Equation (3.1)was
proposed to estimate the required gaseous feed concentration for autothermal and complete
limestone calcination at different operating conditions. It was also shown that theQMRC
off-gascan contain substantial amount of hydrogen and carbon monoxide, to be used further in
various downstream applications (e.g. chemical looping combustion, ammonia production and
methanol synthesis). However, the thermodynamic analysis solely cannot prawde a
appreciable information on the process kinetics, and further simulation studies are imperative to

evaluate the system performance underequilibrium conditions.

b =0.275 +1.90@ #/°"16 80C T¢ 9C & 1 $5are 4.1)

This chapter addresses the kinetic simulation of the MIC process in turbulent fluidized bed
reactor. The turbulent fluidization flow regime was selected owing to suprensaighsontact,

high solids holeup [128], and relatively low solido-gas molar feed ratio. The effect of various
operating conditions (temperature, pressure, G#G@I gas molar feed ratio and sorbent
residence time) on the sorbent conversion, methane conversion and hydrogen yield of the process
are assessed. The system performance is also compared with conventional steam calciners
(theoretically representative of any unreactive -@@% calcination medi), demonstrating
superior performance of the proposed process under some circumstances. A simple, yet effective,
design methodology is then introduced to help determine the proper range of operating

conditions for this novel sorbent regeneration technolog
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4.2. Simulation Setup

The steadystate and isothermal performance of the MBREL process under turbulent
fluidization conditions is investigated with a number of assumptions:

i.  Onedimensional, single phase (i.e. homogeneous without mass transfer
constraintsd separate bubble®ids[129])
ii. Isothermabperation
iii.  Steadystatecondition
iv.  Axially dispersed plug flow reactor (ADPFR) model for ggd&8i 130]
v. Continuous stirred tank reactor (CSTR) model for-natalytic solidgas reaction
vi.  Constant reactor crosectional area
vii.  Constant and homogenous solid properties
viii.  Constant and homogeneous bed voidage
iXx.  Negligible segregation of particles of different species and properties.
X. ldeal gas behavio
xi.  Negligible carbon formation at studied range of condit{@i9].
xii.  100% sorbent activity (feed composed of pure CgCO

Note that some ahe appliedassumptionsarenot precisely valid under practical conditioR®r
instance, solid particles can haverruniform distributions oparticle sizes and densities, while
bed voidage camary dynamically, axially, and radially within the bedowever, assumptions of

this kind are helpful to minimize computation time. Also, overall conclusions and trends are
unlikely to changealue to minor divergencdsom these assumptionBigure 4.1 demonstrates a
schematic of thesinglephaseMRC-CAL reactormodelfor turbulent fluidized bed reactors. A
summary of the governing equations, rate expressions and corretgiiesiare also presented

in Tables 4.14.4. Note that the Xu and Froment kinetic model is employed for the steam
methane reforming reaotis. This model was developed forNa-based catalyst, which is

typically used in industrial higkemperature steam methane reformersm&what different
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compositions of catalyst might result in minor changes in specific predictions ahtipter but
they are unlikely to affect the overall conclusiorded! gas law was used to calculate the local
gaseous mixture densities, while the local gaseous mixture viscosities were estimated by

averaging values from a linear dependency of the pure componenteaMilke method12].
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Figure 4.1. Schematic of MRGCAL reactor model in turbulent fluidized bed reactors
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Table 4.1. Governing equations for kinetic simulations
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Table 4.2. Reactions considered in kinetic simulations
Reaction Stoichiometry Rate Expression
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Table 4.3. Rate parameters for reactions considered in kinetic simulations

Reaction Reaction Rate Parameters
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Table 4.4. Correlations and supporting equations applied in kinetics simulations
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A singlephaseaxially dispersed plug flow reactor (ADPFR) model was employed for the gas
mole balances, considering axial flow variation due to both concentration gradient
(diffusive/dispersive flow) and reaction. This model has been widely accepted for the simulation
of fluidized bed reactorsperating inthe turbulent fluidization regim¢128 130]. Danckwerts
boundary conditions (BCO0s) M283129,135]plpdumneady, as
t h e s s asBu@é instant feed dilution by gas back mixing at the reactor enteenae g
CSTR) with no reaction once gas leaves the top of the bed. The Peclet number
(:USupemcia;LReacto,Da'l) in the ADPFR model indicates the ratio of convective to dispersive
mass flow rates within the reactor. Note that the ADPFR model reduces to CSTR and PFR
models if the Peclet numbeapproachezero or infinity, respectively. Therefore, the ADPFR
reactor nodel is theoretically capable of simulating a range, from complete (CSTR) to negligible
(PFR), gas mixing behawios. Considering that the Peclet numlerturbulentfluidized bed
reactors is roughly of order of magnitude [135], appreciable gas axial dispersion is expected

within the turbulent fluidized bed reactors.

The noncatalytic solidgas limestone calcinanh was simulated using a continuous stirred tank
reactor (CSTR) model. This corresponds to a uniform sorbent conversion within the bed, in
agreement with previous studies on the simulation of-tiaed solicgas reactions in both
reformers and calcineffd7,98]. Accordingly, the mean sorbent conversion in each simulation
run was based on the average calcination rate, calculated using the avesgget@pressure

within the reactor. The total desorbed {Ow rate was then obtained using the limestone inlet
flow rate and the calculated mean sorbent conversion. Simultaneously, the desosledeCO

the reactor gas, indicating the need for a desorbed gas distribution function. As the simplest

approach, tb desorbed C£flow could be dispersed linearly, resulting in uniform £a@dition
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into the reactor gas. However, the linear distribution approach would assume a constant
calcination driving force throughout the reactor, while the, @&rtial pressure vags along the

bed height. Accordingly, the local G@artial pressure calcination driving force in each node
was used to develop a drivifigrceweighted desorption distribution factor (0G; (Pcoz2,) =
Fcozdest FcozdesTota< 1, @ F fL)has ilustrated in Figure 4.1 and Table 4.1. The local
desorbed Coflow rate was then calculated by means of the total desorbed@Orate and the

local desorption distribution factor.

The singlephaseADPFR reactor model consists of a number fdder wo-point boundary

value ordinary differential equations (TPBVDE). Accordingly, the ADPFR model was initially
reduced to asystemof'db r d er OD E ddf/dh by & mew pacinateg arbitrary called

The shooting method was then employed to soleelitorder TPBVDE problem by iteratively
modifying the species flow profiles using the Newiaphson method. This numerical solution
technique requires an initial guess for the species flow profiles, with the convergence
time/possibility strongly depende on the precision of the applied initial guess. Accordingly,
larger computation time is expected when the ADPFR model is applied than is required for the

initial boundary value problem of the simpler PFR model [16].

A schematic diagram of the appliednsilation algorithm for numerically solving the ADPFR
kinetic model is depicted in Figure 4.2. The MRBL reactor was discretized into 101 nodes,
and the kinetic model was solved via the shooting method, programmed in MATLAB, with a
minimum resolution of @* mol.s*. Note that an orthogonal collocation technique could also be
employed to solve this numerical probld@86]. Initial model assessments revealed that the
shooting method is highly sensitive to the initial guess of the compdnionis profiles,

resulting in rapid divergence if the initial guess is imprecise. Accordingly, a reactivity coefficient
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factor () was considered for all calculated reaction rates (e=d). If caiculated from rate expressign{O
ensure the convergence of tmemerical solution. A of 10™* and constant species flow profiles
(equal to the components feed flow rates) were @seditiate each simulation run, while the
resulting flow profiles (after solving the system with the initiphwere used as the iratiguess

for the reactor simulation whdnreaches 10 times larger. The progressive calculation was then

continued upon achieving a reactivity coefficient factor of unity.

Read Input
I T! Pin’ a, USuperﬁcial’ LReaclon dllenctor! h;]ﬂ—M
44 Solve Kinetics Model |
Initial Gas Flow Rate Profile Generation | ﬂ
) - | Revise Inlet Gaseous Flow Rates
dReac
PinUsuperficiat (Tf %) ﬂ
F. = A
Total Gas,in RT |Solve Kinetics Mm:lel\ Feo,in = Feo,in = Fryin = Fiyom = 0
FCaCOS,in = aFrotar Gas,in ﬂ
s
B = 0.275+ 1.903e0.716
Fci-u,in = mFToraLcas _— Hh =1 =
0.95 v
Og.in = = Frotat.Gas | © l ﬂ
1+p —
A new =1
0.05 NEW
FNz,in = mFTnml,Gas : l]»
Feoyin = Feoin = Fuyin = Fu,0,im = 0.001 X Frorar gas | Solve Kinetics Model |
Fiz = Fim _ ﬂ'

Figure 4.2. Simulation algorithm for kinetic simulation

Node independency was tested (up to 1001 nodes) and validated for the number of mesh points.
Sensitivity analysis was also performed on some critical model parameters (CaO density, CaCO
density and average particle diameter) andsigmificant effect was observed on the reactor
performance. The results of sensitivity analysis are briefly shown in Appé&hdibable 4.5

introduces some metric parameters which have often been employed to evaluate t@&AMRC
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performance in this chapteffable 4.6 demonstrates the base inputs applied for the kinetic

simulation of MRGCAL process in turbulent fluidized bed reactor.

Table 4.5. Metrics for evaluating the MRC-CAL performance

Metric Sorbent Conversion Methane Conversion H, Yield
. I:CaCQ,CaIciner Feed FCaCQ ,Calciner Ou I:CH4,Calciner Feed I:CH4 ,Calciner Off-Ga I:Hz,CaIciner Off-Gas
Definition
FCaCQ,CaIciner Feed I:(:H4,Calciner Feed I:CH4,CaIciner Feed

Table 4.6. Base inputs for kinetics simulations

Parameter/Variable Values Units
Reactor Diameter 0.1 m
Operating Temperature 850 C
Sorbent Residence Time 10 min
Superficial Gas Velocity 0.9 m/s
CaCQ/Total Molar Gas Ratio 0.5 -
Catalyst/SoliBBed Mass Ratio 0.1 -
CaCQpDensity[15] 2200 kg/m®
CaO Densityj15] 1850 kg/m®
Particle Diameter 200 mm
EnrichedAir Composition 95%0, + 5% N,

*Calculated at reactor operating temperature and pressure

4.3. Results and Discussion

4.3.1. Simulation Results in Base Inputs
The gases axial flow profiles fone base input data in Figure 430w a substantial reduction in
O, and CH flow rates at the bottom of the reactor. This is in line with the predictions of an
earlier PFR reactor modgl19], corresponding to rapid methane comtian and reforming near
the gas distributor. The hydrogen flow rate then decreases moderately along the bed, which could

be due to enhanced revemsater gas shift reaction (RWGS) by the limestone calcination. In
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fact, limestone calcination releases cdesable CQinto the reactor gas and consequently, shifts

the RWGS reaction toward more hydrogen consumption. This also explains the moderate
increase of the steam and CO flow rates along the bed height. Note that the remaining fraction of
the desorbed C{enters the reactor gas and consequently, increases thito@@ate within the

reactor.
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Figure 4.3. Simulated gases axial flow profiles at base input data in Table 4.6
4.3.2.  Effect of Operating Temperature and Pressure
The effects of operating temperature and pressure on the sorbent conversion in H@AMRC
and steam calcination units are shown in Figure 4.4. Note that steam in this study can
theoretically be represented by other unreactive @O calcindion media such as air, argon
and nitrogen. Increasing operating pressure in both calciner configurations results in lower
sorbent conversion. On the other hand, more calcination can be achieved at elevated reactor
temperatures. These observations can Xgamed by the effect of reactor pressure and
temperature on the calcination rate and driving force. Increasing the reactor pressure leads to a

lower calcination driving force, while elevating temperature enhances both the calcination rate
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andthe driving force. Accordingly, a higher reactor temperature is required to achieve a given
sorbent conversion at elevated operating pressures. Note that these simulation results suggest that
the MRGCAL process offers faster sorbent regeneration only if the sodoewersion exceeds

roughly 20%. In fact, the initial combustion and reforming stages generate undesyedtf®©
MRC-CAL gaseous medium and consequently, inhibiting limestone decomposition. However,
the undesired impact of the initial G@eneration is leeviated at high sorbent conversions,

owing to the promisingn situ CO, utilization feature of the MR&AL process.
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Figure 4.4. Effects of temperature and pressure on sorbent conversion in: (a) MRCAL

process; and (b) STEAMCAL units. Other input data are identical to those in
Table 4.6

Overlaying the conversions shown in Figure 4.4 for MBAL and STEAMCAL identifiesthe
sorbent conversions at which the MRIAL and steam calciner coincide, as exenmuifin
Fi gur e <4ritical.conversiols iin each scenari o was deter mi
between the sorbent conversion in the MBBL and STEAMCAL reactors. The MRE&AL
process offers faster limestone calcination only if sorbent conveestoaeds thiscritical

conversion The resultingritical conversionglotted in Figure 4.6(a) indicate that increasing the
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operating pressure at fixed Caglotal gas molar feed rati@) does not significantly affect the
critical conversion(~ 19.5%+ 1%). However, the temperature required to achievectitieal
conversionncreases with increasing the reactor pressure, in agreement with the results presented
in Figure 4.4. Note that Equatiort.l]) is developed based on the MRXAL operating
temperatire of 800900 C. However, the temperatures at which MRBL and steam calciners

show nearly identical sorbent conversion are lower than@@r pressures below 2 bars, and

therefore, are omitted from Figure 4.6(a).

Figure 4.6(b) compares theritical conversionat fixed operating temperature and different
CaCQytotal gas molar feed ratioa). Increasing the operating pressure results in lowering the
calcination extent in both the MRCAL and steam calcination reactors. Consequently, lower
critical conversionis expected at elevated reactor pressures and fixed operating temperature. In
addition, lowera is needed to achieve a given sorbent conversion at higher reactor pressures (see
Section 4.3.3). Figure 4.6 suggests that tleitical conversion depends mostly on the
CaCQ/total gas molar feed rati@), with a values less than th&itical valueresulting in faster
calcination by the MRECAL process (see Figure 4.5(b)). The latter can be explained by means
of Equation 4.1), where the gaseous feeongposition varies only with the solid to gas molar
feed ratio.Note that incomplete limestone calcination in the MBEL reactor may result in
increasing the bed temperature, thereby further enhancing the calcination E3€éht
Accordingly, a weHinsulated MRGCAL reactor might show fastelodent calcination than a

steam calciner, even atexceeding theritical value
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Figure 4.5. Determination of ficritical conversiord at reactor pressure of 3 bars: (a)
CaCO4ltotal gas molar feed ratio &) = 0.5; and (b) reactor temperature of
850 C. Other input data are identical to those in Table 4.6
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Figure 4.6. Ef fect of oper ariticalrconvemsiore sa ur e (s/mtpl gaB & € O i
molar feed ratio (a) = 0.5; and (b) reactor temperature of 850C. Other input
data are identical to those in Table 4.6

The variation of methane conversion with operating temperature at different-GARC
pressures is depicted in Figure 4.7(a). It is seen that incgets operating temperature results

in higher methane conversion, while boosting the reactor pressure could reverse the behaviour.
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These observations ar e consistent wi t h Le
calcination reactions. Note that tbbserved kinks at high reactor pressures are due to initiation
of limestone calcination (Figure 4.4(a)), resulting in enhanced methane conversion by shifting

the thermodynamic equilibrium of dry methane reforming.

Figure 4.7(b) compares the MRCAL hydrogen yield for operating conditions identical to those
applied in Figure 4.7(a). The results show that the hydrogen yield decreases with increasing
operating temperature at low reactor pressures. This is due to enhanced limestone calcination at
elevated temgratures (Figure 4.4(a)), resulting in higher flow rates of releaseg D@,
consequently, increasen situ H, consumptiorvia the reverse wategas shift reaction. On the

other hand, increasing the operating temperature at elevated reactor pressailtgsnoreases

the hydrogen yield, but exceeding a certain temperature results in a sharp reduction in hydrogen
yield with further increasing in temperature. This may be due to the initiation of sorbent
conversion, as illustrated in Figure 4.4(a). Intfdlbe hydrogen yield of the pressurized MRC

CAL reactors initially increases with increasing operating temperature since methane conversion
is enhanced by increasing the reactor temperature (Figure 4.7(a)). However, initiating sorbent
calcination (at a atain temperature for each pressure) results in substantial hydrogen
consumption by the RWGS reaction, significantly diminishing the hydrogen production yield of
the process. Note that the hydrogen yield for all operating pressures tested tends tooh value
roughly 1.2 when the reactor temperature approache<90dWis observation is in line with the
results in Figure 4.4(a), where the sorbent conversion was observed to be less sensitive to the
reactor pressure at elevated temperatures. Accordinglyn ibeaoncluded that the MRCAL
hydrogen yield mostly relies on the sorbent conversion, with little influence of the operating

temperature and pressure on hydrogen productivity.
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Figure 4.7. Effects of operating temperature and pressure on the MRGCAL for: (a)
methane conersion; and (b) hydrogen yield.Other input data are identical
to those in Table 4.6

4.3.3.  Effect of CaC@Total Gas Molar Feed Ratio
Figure 4.8 compares the sorbent conversion of the MRC and steam calciner units at fixed
operating temperature and different Cai@al gas molar feed ratiof). The simulations
predict that increasin@ results in substantial reduction of the sorbent conversion for both
calciner configurations. In fact, increasiage.g. by increasing the CaGlet flow rate) leads
to a higher C@flow rate entering the reactor gas. This increases thep@gal presure within
the reactor andconsequently, inhibdt limestone calcination. In addition, more methane
combustion (due to enrichadr feed concentration, see Equatidril]) is required to maintain
autothermal limestone calcination at elevated C#o@l cgas molar feed ratios, producing more
initial CO, within the reactor gas (MRCAL only). Consequently, the GQpartial pressure
calcination driving force decreases with increasmgesulting in lower sorbent conversion in
both calciner configurations. Nethat the MRGCAL process reduces to a stoichiometric -oxy

fuel calciner as the CaGfotal gas approaches a value of roughly 1.45. Accordingly, increasing
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a can substantially increase the required temperature at which a given sorbent conversion can be
achieved by this novel sorbent regeneration process. Figure 4.8 also shows that increasing the

reactor pressure leads to less limestone decompositisasadso observed in Figure 4.4.
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Figure 4.8. Effectsof CaCOs/total gas molar feed ratio and reactor pressure on the sorbent
conversion in: (a) MRC-CAL; and (b) STEAM -CAL units. Other input data
are identical to those in Table 4.6

As mentioned above, the MRCAL process offers faster sorbent conversion tiségam

calciners for certain operating conditions. Figure 4.6(b) shthat increasing the reactor
pressure leads to lower sorbent conversion and also lower correspandiog identical
calcination extent by the MRCAL and steam calciner units. The MRZAL offers faster

sorbent regeneration only if the CagQt ot a l gas mol ar fcétieadvaluedat i o i
in Figure 4.6(b). As the sorbent conversion increases with decregsingan be concluded that

the MRGCAL is only preferred for high extents of limestone calcination.

Figure 4.9 demonstrates the effect of Cal@fal gas molar feed ratica) on the methane
conversion and hydrogen yield of the MRIAL process. Increasing results in more C®
release into the reactor gas, and therefore, higher methane conversion due to enhanced dry
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methane reforming. In addition, increasiagleads to lower methane/enrichanl molar feed

ratio (see Equation4(l)) and consequently, moreethane conversion toward rapid and
exothermic methane combustion. This also increases the initiala@@® steam generation,
shifting the reforming thermodynamic equilibrium toward higher feedstock conversion. On the
other hand, increasing the reactor puesgeduces the methane conversion, as discussed above
with respect to Figure 4.7(a). Therefore, greater variation of the methane conversion with
increased CaC#ltotal gas molar feed is expected at higher reactor pressures, as confirmed by

Figure 4.9(a).

Figure 4.9(b) shows that increasing the Cal@fal gas molar feed ratio leads to lower hydrogen
yield. This is due to increasing tlre situ hydrogen consumption by the RWGS reaction (more
CQO, is added to the reactor gas) and lower methane conversiordtosfarming (more oxygen

fed, see Equatiord(l)). The simulation results also show that the MB&L hydrogen yield at
different reactor pressures approaches a similar value when the@dal@as molar feed ratio

is substantially high or low. This obsetion is similar to those for the sorbent conversion in
Figure 4.8(a). Accordingly, it can be concluded that the hydrogen yield of the-G/MRC
process is nearly independent of the reactor pressure, as also concluded from Figure 4.7(b).
Instead, the hydramn yield of the MRGCAL process depends mainly on the Ca@@al gas

molar feed ratio and the sorbent conversion, with increases in both reducing the hydrogen yield.
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Figure 4.9. Effects of CaCQy/total gas molar feed ratio and reactor pressure on MRC
CAL: (a) methane conversion; (b) hydrogen yield. Other input data are
identical to those in Table 4.6

4.3.4.  Effect of Sorbent Residence Time
The effect of sorbent residence time on the MBAL sorbent conversion at different reactor
pressures in Figure 4.10(a) demonstrates that higher sorbent residence time is required to achieve
a given sorbent conversion at elevated reactor pressures. ingrées sorbent residence time
was also observed to have a less positive impact at higher operating pressures. This could be due
to the reduction of calcination driving force at elevated reactor pressures. In addition, the
variation of sorbent conversion itiv residence time decreases with increasing sorbent
conversion. These results suggest that a sorbent residence tind@ ofib could be optimal for

the MRGCAL process.

Figure 4.10(b) compares the required reactor length to achieve different sorimariaesimes
at operating pressures of 1 to 5 bars. As expected, greater bed height is needed to achieve higher
sorbent residence times. In addition, increasing the reactor pressure at a constant superficial gas

velocity leads to a higher gas molar inletw. Given a fixed CaCeghtotal gas molar feed ratio,
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the CaCQ inlet flow rate must increase with increasing reactor pressure, resulting in a lower
sorbent residence time at elevated pressures. Thus, increasing the reactor pressure requires a
larger reactor to achieve a given sorbent residence time. Larger reaotdds therefore be

needed to obtain a given sorbent conversion at elevated reactor pressures.
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Figure 4.10. Effects of sorbent residence time and reactor pressure on: (a) sorbent
conversion in MRC-CAL; and (b) reactor length. Other input data are
identical to those in Table 4.6

4.3.5. Design Methodology
The performance of the MRCAL process has been shown to depend strongly on the reactor
pressure, operating temperature and C#to@l gas molar feed rati@). It was also observed
that a sorbent residence time of 10 minutes is optimal, with fuinlbezasesn reactor length
barely enhancing the sorbent conversion. In theory, a higher operating temperature, lower reactor
pressure and smaller are requiredd maximize the sorbent regeneration. However, increasing
the calciner temperature results gariousoperational challenges, including increased sorbent
sintering, more thermal inertia and higher reactor cost. On the other hand, elevated reactor

pressuresre often preferred by industry due to higher reactor throughput and reduced need for
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compression of the product. Fluidized bed sorasitanced steam methane reformers (with or
withoutin situhydrogen permsseparation) are likely to be pressurized, r@sglin a complicated

solid circulation system when integrated with atmospheric calciners (e.g. for pressure swing
adsorption). The CaCfotal gas molar feed ratio is the most flexible influential factor,
adjustable by varying the solid circulation ratas gelocity and/or reactor cressctional area.

In practice, larger CaCflotal gas molar feed ratios are of interest to minimize the reactor size
and gas requirement. Therefore, it is vital to simultaneously investigate the influential factors for
the pocess, providing the lowest operating temperature and highests@ai@gas molar feed

ratio to achieve the desired sorbent conversion at the target reactor pressure.

Hence, the simulation results were extended to introduce a simple-GMRCdesign
methoalogy for operating temperatures of 8800 C and reactor pressures ebbars. Figures

4.11(a) and 4.12(ad) were obtained, each demonstrating the variation of sorbent conversion
(with limits of 50%- 100% for a 10 minute sorbent residence time) wilCQy/total gas molar

feed ratio at different operating temperatures and fixed reactor pressure. These figures can be
further used for preliminary design of the MRZAL sorbent regenerators for calcitlooping
technology. Figure 4.11(b) shows a schematigidm of the MRECAL design methodology.

The inputs, calculation methods and design outputs are summarized briefly in Table 4.7.
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Table 4.7. MRC-CAL design methodology
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Figure 4.12. MRC-CAL graphs for determination of design parameters at: (a) 2 bars; (b) 3
bars; (c) 4 bars; and (d) 5 barst(= 10 min.)

These results suggest that lower Cagltotal gas molar feed ratio and higher operating

temperature are required ashieve a given sorbent conversion at elevated reactor pressures, as

also shown earlier in this chapter. The proposed design methodology can logeeimp

generate a rough estimatéthe operating conditions and/or reactor dimensions for the MRC
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CAL process. Note that the MRCAL process should ideally operate autothermally, without the
need for additional heating supply. However, the process #hebmhaviour in practical

applications may differ from the ideal scenario owing to:

1. Incomplete sorbent regeneration

2. Low gaseous feed temperature (normally preheated tdG0Q)

3. Low solid circulation temperature (entering the calciner raformer/carbonator
temperature)

4. Low sorbent makeip flow temperature (normally fed at room temperature)

5. Heat losses through insulation

Note that solid attrition and pore sintering are major challenges in practical operation, requiring
considerable sorbembakeup for continuous operation. This imposes additional energy penalty
on the system, attributed to energy loss by solid replacentdrdrefore, minor supply of heat

may be required to maintathe reactor temperature in practical applications. A porif the
MRC-CAL higher heating value offjas can be used as process fuel, providing the required
excess energy inside (e.g. additional enriehiedeeding) or outside (e.g. fuel burning in the
reactor shell) of the reactor. The additional enriehigdn the former case should preferably be

fed above the gas distributor to burn syngas rather than methane. This would potentially reduce
the temperature spike near the gas distributor, while more energy can be obtained by burning
syngas rather than methan@minimizing extra enrichedir flow). In addition,in situ syngas
combustion reduces the hydrodynamic variations compared to-bat@eced methane
combustion. In fact, reforming and calcination both increase the molar flow, thereby increasing
the gas supécial velocity within the reactor. However, syngas combustion is roolesuming

and therefore, slightly reduces hydrodynamic variation within MEXL reactors. Note thah

situ combustion of syngas releases undesired @@ the calciner gaseous mediuirhis can
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potentially reducehe limestone calcination driving force, rate and extent. Accordingly, slightly
higher temperature than predicted in the absence of heat loss may be required if a portion of

syngas is burned inside the reactor.

The remaining MR-CAL off-gas is mainly composed of,HCO, CQ and steamwith minor
constituent of nitrogen and unreacted methdinés can be further used in various applications,
such as power generation, metal oxide reduction, Fisbtogrsch processes and liquid ffue
production. Note that certain, O ratios might be requirefdr some of these processes, while
the MRGCAL syngas composition could vary based on the calciner operating conditions. An
additional wateigas shift reactor (with excess steam) could be tefrést to adjust the MRC

CAL off-gas composition prior to the next pgsbcessing steps. Given the moderate
temperature of the watgas shift (WGS) reaction, palladiubased membranemay be
implemented inside the reactor, shifting the thermodynamidilequim of the WGS reaction

toward higher hydrogen production.

A relatively high methane conversion (e.g. >90%) can be achieved by theQWR@rocess, as

shown above in Figures 4.7(a) and 4.9(a). This is important as methane is considerably more
potentas a greenhouse gas than carbon dioxide. Note that a pure methane feedstock was assumed
in this work for simplicity. However, practical applications would use natural gas, which,
although typically >95 % methane, contains minor constituents,8f ethaneCO, and other

trace gases. These impurities may adversely affect the system thermal behaviour, syngas
composition, and the reactivity of calcined limestone fop €4pture. At a minimum, removal of

almost all of the K5 and other sulphtoontaining compomds would be required to minimize
degradation of the catalydflethane leakage could be another major challenge in the-GIRIC

process, resulting in serious environmental consequences if not addressed pebertythe
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process could be adopted commdlgjacomprehensive lonterm performance and life cycle
analyses would be imperative to assess and compare the economic and environmental impacts of

the MRGCAL process to other similar technologies.

The design parameters in this chapter (Figures 4.1t¢b}# 42) were obtained by assuming pure
CaCQ feeding into the MRECAL reactor. However, the sorbent particles leaving the
carbonator/reformer are likely to be only partially carbonated (mostly towards the outer surface)
owing to the twestage carbonatiomechanism (fast stage reacticontrolled step, followed by

the slowstage diffusiorcontrolled carbonation) and thermal pore sintef#h@3,46,47] This
corresponds to an enhanced caléoratrate compared to those for fully calcite particles.
Therefore, higher sorbent conversion than predicted by the design methodology could be

expected for sorbents circulating between the reformer and calciner.

Note that the methane feed concentration in the autothermal®RCprocess varies between

33 and 69%, corresponding to methane/enriciednolar feed ratios of nearly 052 [137].

This slightly exceeds the methane upper flammability limit (UFL) in thefogl feedstock
(~61% at 1 atm and 2@ [138]). However, increase irhé operating temperature and pressure
raise the UFLJ139] and hence, the MRE&AL gaseous feedstock remains wittthe methane
flammability limits. Appropriate reactor design and configuration would therefore be essential to

ensure safe unit operation.

4.4. Conclusion

A kinetic reactor model is employed to compare the performance of combined methane
reforming, combustioand limestone calcination with conventional steam calciners in isothermal

turbulent fluidized bed reactors. This novel sorbent regeneration technique can offer faster
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sorbent calcination under certain circumstances, especially if high sorbent regerextainis

needed. This is due to favourabie situ CO, utilization behaviour of the proposed process,
maintaining a high limestone calcination driving force within the reactor. In addition, this
process can ideally be operated autothermally without external heating. Given the endothermicity
of calcination, itomplete sorbent conversion results in increased bed temperature, thereby
enhancing the sorbent calcination rate and extent. The proposed process is capable of adapting its
thermal behaviour to maximize sorbent conversion, a promising feature for practical

applications.

The effecs of key operating factors on the reactor performaweee investigated, with the
results showing higher sorbent conversion at lower reactor pressure, higher operating
temperature and lower Ca@@tal gas molar feed ratios. Inaseng the sorbent residence time
also enhances the sorbent conversion, wifl Bninutes sorbent residence time being optimal.
The process produces higher heating valuegadf (syngas, H+ CO), with the hydrogen yield

mostly dependent on the sorbentwersion and CaC4gas molar feed ratio.

A design methodology is introduced for MREZAL units operating at 80000 C and 15 bars
pressure. This novel sorbent regeneration process has potential for pressurized limestone
calcination in a practical range operating temperatures. The proposed design methodology can
be further used to determine the calciner range of operating conditionsaatardimensions in

calcium looping technology.
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CHAPTER 5: Simulation of Sorbent -Enhanced Steam Methane
Reforming and Limestone Calcination in Dual Turbulent
Fluidized Bed Reactors

5. 1. Introduction

Catalytic steam methane reforming (SMR) is the most important industrial hydrogen production
route[140]. However, the thermodynamic equilibrium of the reversible SMR reactions prevents
complete feedstock conversion, thereby limiting hydrogen production yield and product purity
[141]. Previous studies have shown tivatsitu H, and CQ removal can favourably shift the
thermodynamic equilibrium of the SMR reactions toward higher feedstock conversions
[9,12,15,1720]. In situhydrogen removal can be achieved by installing hydrgzgmselective
membranes (usually Hubsed) inside the reactor. Steam methane reforming can instead be
integrated with calciurfiooping technology, with liméased sorbents assisting in capturing

high-temperature C@and in producing hydroggi7,20,26,142,143]

Sorbemntenhanced steam methane reforming-@#R) combines three major reactions; methane
reforming, watemgas shift and lime carbonation. These reactions depend strongly on various
factors, resulting in a complex system. The effadtglifferent operating conditions on each
individual reaction of the SEMR process are summarized in Table 5.1. The variation of SE
SMR performance with these operating conditions depends on their competitive effects for each
individual reaction. Therefer comprehensive performance analysis is crucial to determine the

operating conditions in which optimal SEVIR performance can be achieved.
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Table 5.1. Effects of operating conditions on the reactionsvolved in the SESMR process

Reaction SMR™ | WGS | Carbonation
Temperatures A ® ®
Pressures ® - -

Steamto-Methane Feed Ratie

Sorbent/Methane Feed Ratio

Membrane Additiom

-

-

* Upward and downward arrows indicate favourable ami@vourable, respectively

Conventional SEMR pr ocesses

consi

st

of

t

W o

ntercont

maintaining cyclic operation by circulating sorbent and catalyst particles back and forth between

the reformer and calcing41,144] Ideally, hydrogerenriched gas leaves the reformer, while a

concentrated COstream is obtained from the sorbent calciner. The €idcentrationof the

calciner offgasdepends mainly on the applied gaseous medium, with air, steagnar@Ooxy

fuel feedstock studied most in the literature. However, these processes suffesefreral

operational challenges, including exterriedating supply, dilute COoff-gas, low thermal

efficiency and high reactor temperatyfel 8]. Alternatively, a methanreoncentrated oxjuel

calciner (MRGCAL, detailed in Chapters 3 and 4) can be used to achieve autothermalsyngas

producing sorbent regeneration at reduced reactor temperatures. A general schemat8Eof

SMR/MRGC-CAL process in dual fluidized bed reactors is depicted in Figure 5.1, demonstrating

the solid circulation and input/output of gaseous components, with gases in brackets representing

minor constituents.
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Figure 5.1. General schematic of integrated SEMR/MRC-CAL process in dual

Previous studies have mostly focused on the simulatioth@fSEESMR process in fixed,
bubbling and fast fluidized bed reactqi®,17,18,41,145148]. However industrial fluidized

bed reactors often operate the turbulent fluidization flow regime, owing to improved solids
hold-up and gasolid contact. This chapter addresses the ststadg simulation of the SEMR
process in isothermal turbulent fluidized bed reactors. The variation of reformer perfoisiance
investigated for different operating conditions, in the presence and absence of hydrogen
permselective membraneghe effects of solid attrition and sorbent utilization decay are not
included to avoid excessive simulation complexity. The requilietegone calcination
conditions are determined and compared for €88 reactor, integrated with steam and MRC

CAL sorbent regenerators.

5. 2. Simulation Setup

The methodology forkinetic simulation of the MREAL process in turbulent fluidized bed

reactors is deti®d in Chapter 4A similar approach is employed here, with minor modifications
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