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Abstract
Reducing the tar content in the producer gas of biomass gasification processes remains
one of the main challenges in the commercialization of this technology and, hence, the
development of clean and economical tar-removing technologies is becoming
increasingly important. Catalytic tar removal has the advantage of avoiding expensive gas
cleaning systems while maintaining the sensible heat in the producer gas. Commercial
catalysts based on noble metals and metal oxides have shown good activity towards tar
destruction, but are prone to rapid deactivation. This in addition to the high replacement
cost provide the rationale for the development of low-cost alternatives. Red mud, a byproduct from bauxite processing, has received considerable attention in this regard due to
its high iron content in the form of ferric oxide (Fe2O3), high surface area, and its
resistance to sintering and poisoning. However, very few studies have been conducted to
investigate red mud as a potential catalyst for catalytic tar removal.
The aim of this study was to develop a catalyst from red mud for the removal of
naphthalene, as a model compound for gasification tar. Red mud catalyst pellets were
produced from raw red mud slurry, and their properties were investigated by measuring
the chemical composition, surface area, and pore size distribution. Subsequently, the
ability for tar decomposition was studied by passing naphthalene-nitrogen and
naphthalene-hydrogen mixtures through a bed of the catalyst at five space velocities in
the range of 4500-19,000 h-1, and at reactor temperatures of 500, 600, 700 and 800°C.
Catalytic cracking tests confirmed that red mud possesses a very high intrinsic catalytic
activity for naphthalene conversion even at temperatures as low as 500°C and space
velocities as high as 19,000 h-1. Kinetic analysis was also performed to determine the
apparent reaction order, the kinetic rate constants as well as the activation energy of the
reaction. Long term tests of the catalyst showed that the activity of the catalyst
diminished over time when no hydrogen was present in the system; however, in the
presence of H2 the activity was found to remain > 90% for 14 h.
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Chapter 1
Introduction
1.1 Background
According to the 2014 report by the Intergovernmental Panel on Climate Change (IPCC):
“Human influence on the climate system is clear and growing, with impacts observed on
all continents. If left unchecked, climate change will increase the likelihood of severe,
pervasive and irreversible impacts for people and ecosystems.” [1]. The report concludes
that the majority of the world’s energy supplies need to be produced from renewable
sources by 2050 to eventually phase out fossil fuels by the end of the century. This is
while the majority of the world’s current energy needs are supplied through carbon-based
fossil fuels. Development of a reliable and affordable clean energy supply remains a
challenge [2].
Biomass is a promising source of renewable energy due its wide availability and diversity
in terms of feedstock and end-use products. This is especially true in countries such as
Canada with enormous biomass resources that can be transformed into value-added
products such as chemicals, liquid transport fuels and novel biomaterials. Moreover, the
geopolitical advantages of biomass are substantial. Biomass is a locally grown resource
and is relatively free from geopolitical uncertainties.
The two major pathways for biomass conversion include biochemical and
thermochemical processes, among which thermochemical processes are more -effective
for lignocellulosic- feedstock- conversion -since these compounds are- more -resistant -to
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natural degradation processes [3]. Figure 1.1 depicts the three major routes of
thermochemical biomass conversion.
Figure 1.1 has been removed due to copyright restrictions. It was a diagram of the
thermochemical-routes-of-biomass-conversion-[3].

Some of the disadvantages of biomass combustion are related to the high moisture
content of biomass, as well as agglomeration and fouling due to the presence of alkali
compounds. Although both are relatively old technologies, gasification and pyrolysis
have gained renewed interest due to their potential to produce liquid fuels and chemicals
from a wide range of feedstock [4].
Gasification involves the reaction of biomass with sub-stoichiometric amounts of oxygen
at temperatures of 900-1200°C to produce what is commonly referred to as syngas or
product gas, consisting mainly of H2 and CO. The composition ranges of the major gas
components in syngas can be found in Table 1.1. The composition of the gasification
syngas is a strong function of the conditions in the gasifier such as the type of gasifier,
the temperature as well as the gasification agent. The final ratio of H2/CO in the product
gas can be adjusted depending on the desired end use of the produced syngas.
Table 1.1: Concentration of the major gas components in gasification syngas [5]
Gasification
agent

T (°C)

Gas Product (Vol. %)
H2

CO

CO2

CH4

N2

H 2O

42-62

11-34

Air

780-830

5-16

10-22

9-19

2-6

Steam

750-780

38-56

17-32

13-17

7-12

52-60

Steam + O2

785-830

14-32

43-52

14-36

6-8

38-61

Syngas has a wide range of applications. In small, decentralized communities it has the
potential to be used in combined heat and power cycles (CHP) to produce heat and
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electricity. A great example of this is the University of British Columbia’s (UBC)
Bioenergy Research and Demonstration Facility designed so that gasification syngas
could be used in an IC engine to produce ~2 MW of electricity and 4354 kg/h of steam
[6].
Figure 1.2 has been removed due to copyright restrictions. It was a picture of the
Bioenergy Research and Demonstration Facility at UBC. Original source:
http://www.mmal.ca [7].
At larger scales (capacities higher than 50 MW), biomass-fired integrated gasifier
combined cycles (IGCC) seem very promising for heat and electricity generation [8].
Alternatively, syngas can be transformed to liquid fuels via the Fischer-Tropsch process.
Significant research has been focused on the production of bio-based synthetic natural
gas (SNG) from syngas. This is due to the fact that transportation is, and will continue to
be, the primary demand for liquid hydrocarbons.
Syngas can also be used to produce hydrogen. This can be achieved in a number of ways
including: thermo-catalytic decomposition of methane, adsorption-enhanced reforming,
auto-thermal chemical looping reforming, or using a bubbling fluidized bed membrane
reactor with either steam methane reforming or auto-thermal reforming catalysts [3]. One
use of the produced hydrogen could, for instance, be in fuel cells. One of the major
advantages of fuel cells over some of the other technologies is their higher efficiency,
since they can directly convert chemical energy to electrical power. Some of the recent
research projects on combining biomass gasification technologies with fuel cells are:
ProBio, a joint project between the Max Planck Society and the Fraunhofer Research
Institute, and CHRISGAS funded by the European Commission (EC) [9, 10].
One of the major challenges hindering the wide implementation of biomass gasification
systems is the formation of complex, poly-aromatic compounds, commonly known as
tars. These are organic compounds with molecular weights equal to or greater than that
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of benzene (78 kg/kmol). Tar compounds have dew points of ~300°C and can easily foul
on and clog many downstream industrial components such as heat exchangers, internal
combustion engines, pipelines, etc. making syngas utilization extremely challenging.

Figure 1.3: An example of tar condensation on the surface of industrial units (Reprinted
with permission from Energy Research Centre of Netherlands) [11]
Moreover, in applications where the producer gas is cooled below 100°C, in addition to
the tar compounds, the water content of the producer gas also condenses leading to the
formation of a toxic process condensate. This is due to the hazardous nature of tars
formed at temperatures above 800°C. There is especially a great risk of adverse health
effects from the soluble organic tars in the process condensate [12]. In most biomass
gasification processes, the syngas clean-up stage is the largest cost component because of
the stringent requirements of end-use applications [13].
Figure 1.4 has been removed due to copyright restrictions. It was an image of the
multi-stage production process of hydrogen and syngas from biomass gasification
[2].
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Tar mitigation methods can generally be classified as primary and secondary techniques.
Primary techniques refer to measures taken to reduce the production of tars and to destroy
them as they are formed inside the gasifier itself; while, secondary methods refer to gas
cleaning technologies downstream of the gasifier. Although primary measures, such as
matching the gasifier type and operating conditions with the product end-use, are a
fundamental first step, they cannot achieve complete removal of tar compounds. Hence a
combination of primary and secondary measures needs to be adopted (Fig. 1.5) [4].
Figure 1.5 has been removed due to copyright restrictions. It was an image of the
primary and secondary tar removal measures [14].
Secondary tar elimination methods can be further classified as thermal, physical or
catalytic processes. One of the main disadvantages of physical tar removal methods is the
fact that they do not eliminate tars but merely transfer the problem from the gas phase to
a condensed state incurring additional economic and environmental costs [8]. Thermal
processes involve high temperatures of around 1100°C and hence require large energy
inputs and thermally resistant reactor materials. Catalytic cracking methods on the other
hand eliminate tars by converting them into useful product gas components, retain the
thermal energy in syngas and also avoid the generation of an additional waste stream.
Moreover, the tar elimination step, methane reforming (if needed), and CO:H2 ratio
adjustment could all be achieved in a single step.
A number of different reactor configurations can achieve catalytic cracking; however,
using the catalyst in a secondary reactor following the gasifier is preferred since it
maximizes conversion and decreases catalyst deactivtation due to coking and carbon
deposition[8]Fluidized beds allow for temperature and composition uniformity and lower
pressure drops within the reactor, but suffer from attrition of the catalyst. In contrast,
catalysts in fixed bed reactors do not experience attrition but are more prone to coking
[14].
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Commercial catalysts based on noble metals and metal oxides have shown good activity
towards tar destruction. Among group VIII metals, commercial nickel catalysts
conventionally designed for hydrocarbon reforming in the petrochemical industry have
been the predominant focus of hot gas clean-up research [15]. Despite their high tar
removal efficiencies, nickel-based catalysts are prone to rapid deactivation due to coke
formation. Moreover, minute amounts of nitrogen, sulfur and chlorine-containing
compounds in the feed gas can poison the active sites on the catalyst, significantly
reducing its performance. This, in addition to the cost of replacement, provides the
rationale for investigating low-cost alternatives.
Iron-containing catalysts on the other hand are significantly cheaper and are widely used
in the industrial Fischer-Tropsch synthesis and in the water-gas-shift reaction. Tamhankar
et al. [16] were among the first to test iron-based catalysts for tar removal. They
examined the conversion of benzene in the presence of an iron oxide/silica catalyst and
found almost complete tar conversion. Since then numerous recent studies have found
iron-containing catalysts to be effective in reforming gasification and pyrolysis tar [1723].
Red mud is a waste by-product of bauxite processing in the aluminum industry with a
high iron content in the form of iron oxides (Fe2O3). It is produced at an annual rate of 77
million tons [24]. Disposal and management of red mud tailings continues to be one of
the main challenges in the aluminum industry, with the cost of disposal at ~$3 per ton of
alumina produced [25]. Some of the properties of red mud, such as its high surface area,
resistance to poisoning, as well as low cost, make it a great potential alternative to the
existing metal oxide catalysts [26]. Hence developing a catalyst from this by-product is
not only an effective means of value addition to the waste, but also has the advantage of
cost-competitiveness. There have been numerous studies on the activity and performance
of red mud in catalyzing various reactions such as hydrogenation reactions of unsaturated
organic compounds, coal liquefaction, hydrodechlorination reactions, as well as
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degradation of polymeric mixtures and waste plastics into fuels [26]. However, to the
best of my knowledge, Dr. Yanik and her collaborators at Ege University are the only
group to have investigated red mud for steam reforming of tar. The results of their studies
are discussed in more detail in Chapter 2.

1.2 Objectives and Research Questions
The aim of this research project was to investigate the effectiveness of red mud in
catalytic tar removal compared with already existing commercial catalysts. This was
achieved in a bench-scale packed bed reactor at various operating conditions with
naphthalene as the model tar compound (as justified in Section 1.3). Results gained from
naphthalene could be used to develop a predictive tool for other compounds in the future.
Furthermore, these results could be tested at pilot-scale at UBC/Nexterra’s Bioenergy
Research and Demonstration Facility as well as the UBC dual fluidized bed gasifier, both
located at the UBC campus.

Some of the topics addressed in this project include determining:
•

The effectiveness of red mud compared with commercial catalysts in removing
naphthalene.

•

The effect of operating conditions such as space velocity and temperature on the
tar removal performance of the catalyst.

•

The physical and chemical characteristics of the catalyst particles and their
evolution with calcination, catalyst reduction, and exposure to naphthalene.

•

The kinetic parameters of the reaction of naphthalene with red mud as catalyst.

•

The performance of the catalyst in a reducing reaction environment compared
with a N2 environment.
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1.3 Methodology
The activity of the catalyst for tar decomposition is highly dependent on the nature of the
tar compound tested. In general, tar compounds containing aliphatic chains or
heteroatoms (such as pyridine), are converted more easily than those containing pure
aromatic rings [27]. For the initial stage of the project, naphthalene was chosen as the
model tar compound. This is mainly due to the fact that naphthalene is the most difficult
to remove among model compounds of biomass tar, as indicated by several studies in the
literature [28-30].
Before performing extensive tests on the catalyst, it was necessary to gain a basic
understanding of the overall performance of the catalyst. Hence, a few preliminary tests
were conducted to determine the degree of thermal cracking, the performance of the red
mud catalyst compared with an industrial nickel catalyst, as well as to investigate the
effects of temperature and space velocity on the overall reactant conversion.
Once a preliminary knowledge of the catalyst activity was acquired, more extensive
testing was performed. The activity of the catalyst was tested at five space velocities and
four reactor temperatures in a N2 environment over a duration of one hour. The same tests
were repeated in the presence of 13 vol.% H2 with balance N2 to determine whether there
are any changes in the catalytic activity in a reducing environment. This information was
then used to calculate the apparent reaction order, the kinetic constants, as well as the
activation energy of the reaction.
The physical and chemical characteristics of the catalyst were examined before and after
exposure to naphthalene. The effects of calcination and catalyst reduction with H2 were
also investigated separately in order to better track changes that occur in the catalyst as a
result of exposure to the reaction environment. This was achieved by performing
Brunaeur-Emmett-Teller

(BET)

surface

area

measurements,

scanning

electron
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microscopy (SEM), thermogravimetric analysis (TGA), as well as powder X-ray
diffraction (XRD) on the catalyst. Moreover, the bulk and surface composition of the
catalyst were determined by X-ray fluorescence spectroscopy (XRF) and X-ray
photoelectron spectroscopy (XPS).
The project concluded with long-term tests of the catalyst, where the activity was
measured both in the presence and absence of H2 over 14 hours to determine the catalyst
deactivation rate and to investigate whether the presence of H2 results in any changes in
the observed deactivation rate.
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1.4 CREATE Sustainable Synthesis
This project was supported by the Collaborative Research and Training Experience
Program, CREATE Sustainable Synthesis, funded by the Natural Sciences and
Engineering Research Council of Canada (NSERC). This program aims to prepare
industry-ready graduates to contribute to Canadian clean technologies by providing
advanced interdesciplinary training in catalysis research, and providing industrial
experience to trainees to facilitate the transition of new graduates into the Industrial
Chemical Synthesis/Clean Technology sector with a focus on improving sustainable
manufacturing methods.
Catalysis is a key component in providing the technological foundations necessary for
development of sustainable, economic chemical processes with minimal waste/byproduct generation. The work presented in this dissertation aims at developing a catalyst
from an industrial waste product, red mud, to effectively remove tar compounds from
gasification syngas. Every year millions of tons of highly alkaline red mud are produced
and disposed of in reservoirs, potentially leading to many environmental hazards due to
leakage to the sub-soil or resulting in incidents such as the Adjka reservoir accident in
Hungary in 2010 [31]. Development of a catalyst from red mud, will not only contribute
to value-addition to this industrial by-product, but will also help bring down some of the
operational costs involved in gasification systems. Gas clean-up is one of the major costcomponents in gasification systems, and hence development of an economic, yet
effective catalyst is critical. If successful, the project will help make green energy
production via biomass gasification more economically and environmentally attractive.
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Chapter 2
Literature Review
The present chapter includes a summary of the literature related to gasification tar and its
reforming reactions. First a brief overview of gasification reactions, the nature of tar
compounds, and tar sampling methods is provided. This is followed by a more extensive
discussion of the catalysts investigated in the literature for tar reforming.

2.1 Gasification Reactions
Biomass gasification is the reaction of biomass with sub-stoichiometric amounts of
oxygen and involves a complex combination of pyrolysis and oxidation reactions [32].
Figure 2.1 provides an overview of the overall process involved in biomass gasification.

Figure 2.1: Product distribution in the various regimes of the gasification process.
Reprinted with permission from American Chemical Society. Copyright (1987) [33]
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The first stage of biomass gasification is pyrolysis occurring at temperatures of 350550°C, during which biomass is converted to char and volatiles. The produced char is
then gasified and partially oxidised in the presence of a gasification agent (O2, air, steam,
CO2 or a combination) at temperatures of 800-1300°C to form mainly H2, CO, CO2, and
CH4 (syngas) [34]. The main chemical reactions involved in biomass gasification are
summarized below [15].
Volatile matter ⇔ CH4 + C

R2.1

C + 0.5O2 ⇔ CO

R2.2

CO + 0.5O2 ⇔ CO2

R2.3

H2 + 0.5O2 ⇔ H2O

R2.4

C + H2O ⇔ CO + H2

R2.5

C + CO2 ⇔ 2CO

(Boudouard)

R2.7

C + 2H2 ⇔ CH4
CO + 3H2 ⇔ CH4 + H2O
CO + H2O ⇔ CO2 + H2
CO2 + 4H2 ⇔ CH4 + 2H2O

R2.6

(Reverse Reforming)

R2.8

(Water-gas shift)

R2.9
R2.10

2.2 Syngas Contaminants
The resulting syngas from biomass gasification has many impurities. These include [35,
36]:
! Solid impurities: Dust, ash, char
! Inorganic impurities: Nitrogen compounds (NH3, HCN) and sulphur
compounds such as H2S, HCl
! Organic impurities: Tars
! Alkali metals: Na and K compounds
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In downstream syngas processing units, these contaminants can lead to several problems
such as corrosion, erosion, formation of NOx, SOx, fouling and plugging. Hence
following the gasifier, gas cleaning is an important next-step to reduce these
contaminants to levels that comply with regulations and are suitable for the specific enduse application. Some of the gas quality requirements for syngas are listed in Table 2.1
for a few industrial applications.
Table 2.1: Gas quality requirements for syngas utilization [34, 35, 37]
Process

Contaminant

Level

Unit

IC engines

Tars

<10

mg/Nm3

<30

mg/Nm3

NH3

<50

mg/Nm3

Chlorides

<10

mg/Nm3

Total sulfur

<100

mg/Nm3

Particles

<50

mg/Nm3

Alkali metals

<1

mg/Nm3

Particles

<30

mg/Nm3

Alkali metals

0.24

mg/Nm3

CO

<10

ppm

H2 S

<1

ppm

Tars

<0.1

mg/Nm3

CH4

<3

%

NH3

10

ppm

HCN

0.01

ppm

Total sulfur

0.5

ppm

Halides

0.001

ppm

Gas turbines
PEM fuel cells

Methanol synthesis
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The concentrations of the contaminants in the producer gas are strong functions of the
biomass feedstock used, the type of the gasifier, the gasification agent, gasfier
temperature and pressure among other factors. Depending on the concentration of each
contaminant and the end-use application, several gas cleaning techniques could be
utilized. These include cyclones, fabric filters, ceramic filters, electrostatic precipitators
and wet scrubbers.
Although very useful in removing other contaminants, many of these technologies such
as cyclones and fabric filters are not suitable for tar removal. Ceramic filters, such as
quartz and glass fibre filters have shown high tar removal efficiencies of 78-97%;
however, they have not been studied extensively due to their high cost and complexity
[38]. In addition to losing the thermal energy in the produced syngas, a major
disadvantage of wet scrubbers is that they merely transfer the tar molecules from the gas
phase to a liquid phase, requiring additional economic and environmental costs [8].
Due to their complexity, among all contaminants the removal of tars remains one of the
largest barriers in biomass gasification systems. Significant research has been focused on
hot gas clean-up technologies to convert these compounds to useful gas components,
increasing the energy and material value of the produced syngas.

2.3 Tars
Tars are an assortment of condensable hydrocarbons ranging from single to 5-ring
compounds, to complex polynuclear aromatic hydrocarbons (PAH)[39]There are several
definitions for tars in the literature; however, in a EU, IEA, and US-DOE meeting in
1998 it was agreed to define tars as all organic contaminants with molecular weights
greater than or equal to that of benzene [40]. Elliot et al. studied the transition of tar
molecules and their “maturation” as a function of gasification process temperature from
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mixed oxygenates to larger aromatic compounds. This general transition scheme is
depicted in Fig. 2.2 [41].
Figure 2.2 has been removed due to copyright restrictions. It was an image of the
Transition of tar molecules as a function of process temperature [32, 41].
Table 2.2: Various chemical components in gasification tar as a function of process
temperature [32, 41]
Conventioanl Flash

High-temperature

Conventional Steam High-temperature

pyrolysis

Flash pyrolysis

Gasification

Steam Gasification

(450-500°C)

(600-650°C)

(700-800°C)

(900-1000°C)

Acids

Benzenes,

Naphthalenes

Naphthalene

Aldehydes

Phenols

Acenaphthylenes

Acenaphthylene

Ketones

Catechols

Fluorenes

Phenanthrene

Furans

Naphthalenes

Phenanthrenes

Fluoranthene

Alcohols

Biphenyls

Benzaldehydes

Pyrene

Complex oxygenates

Phenanthrenes

Phenols

Acephenanthrylene

Phenols

Benzofurans

Naphthofurans

Benzanthracenes

Guaiacois

Benzaldehydes

Benzanthracenes

Benzopyrenes

Syringols

226 MW PAHs

Complex phenols

276 MW PAHs

Tars can be classified in a number of different ways. If classified based on GC/MS
analysis, they can be divided to five subgroups as depicted in Table 2.3 [42, 43].
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Table 2.3: Classes of tar based on GC/MS analysis [39]
Tar
class
1

Class name

Property

GC-undetectable

2

Heterocycloc
aromatics

Very heavy tars, cannot be detected
with GC.
Tars containing hetero atoms; highly
water-soluble compounds

3

Light aromatics (1
ring)

4

Light
polyaromatic (2-3
rings)
Heavy
polyaromatic (4-7
rings)

5

Usually light hydrocarbons with a
single ring; do not pose a problem
regarding condensability
2 and 3 ring compounds; condense at
low temperatures
Larger than 3-rings, these compounds
condense at high temperatures

Representative Compounds

Pyridine, phenol, cresols,
quinolone, isoquinoline,
dibenzophenol
Toluene, ethylbenzene, xylenes,
styrene
Indene, naphthalene,
methylnaphthalene, biphenyl,
acenaphthylene
Fluoranthene, pyrene, chrysene,
perylene, coronene

Alternatively, Evans et al. [33] suggested another method of tar classification in 1987.
They used molecular beam spectrometry (MBMS) to divide tars into four major groups,
as shown in Table 2.4.
Table 2.4: Classes of tar based on temperature of formation [34]
Tar

Class name

Property

Representative compounds

Primary

Derivates of cellulose, hemicellulose and

Acetol, phenol, guaiacol, furfural

Class
1

lignin comprising relatively simple
organic compounds
2

Secondary

Phenolic and olefins

Phenol, xylene

3

Alkyl tertiary

Mainly methyl derivatives of aromatic

Methylacenaphthalene, toluene,

compounds

methylnaphthalene, indene

PAH (2-6 rings)

Naphthalene, pyrene, anthracene,

4

Condensed
tertiary

phenantrene
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2.4 Tar Reforming Reactions
Tar conversion reactions are similar in concept to the reforming reactions of
hydrocarbons in the oil and gas sectors [44]. The major difference between the two,
however, is in the nature of the compounds being reformed, since tars from biomass
gasification are a mixture of organic molecules with polyaromatic structures and include
heteroatoms (such as O, S, or N). The main reactions involved in tar removal are
represented in R2.11 through R2.16 [13].
!

!

𝐶𝑛𝐻𝑚 + 𝑛𝐻2𝑂 ↔ 𝑛𝐶𝑂 + (𝑛 + ! ) 𝐻2
!

𝐶𝑛𝐻𝑚 + 𝑛𝐶𝑂2 ↔ 2𝑛𝐶𝑂 + ( ! ) 𝐻2
!

𝐶𝑛𝐻𝑚 ↔ 𝑛𝐶 + ( ! ) 𝐻2
𝐶𝑛𝐻𝑚 + (

!"!!
!

) 𝐻2 ↔ 𝑛𝐶𝐻4

2𝐶𝑂 → 𝐶𝑂2 + 𝐶
𝐶𝑂 + 𝐻2𝑂 → 𝐻2 + 𝐶𝑂2

(Steam reforming)

R2.11

(Dry reforming)

R2.12

(Cracking)

R2.13

(Hydrocracking)

R2.14

(Boudouard)

R2.15

(Water-gas shift)

R2.16

Reforming reactions (dry and steam reforming) involve the decomposition of
hydrocarbons to smaller fragments leading eventually to carbon monoxide and hydrogen
in the presence of steam or carbon dioxide. These reactions involve two catalytic
functions: dissociative adsorption of hydrocarbons on metallic sites, and dissociative
adsorption of CO2 and H2O on oxide sites [45]. In the absence of a catalyst, the above
reactions occur at temperatures of around 900°C – with high activation energy of ~250350 kJ/mol [13]. Moreover, depending on the type of the end-use application, reaction
R2.14 may not be very desirable. If the application of the produced syngas is for energy
production, this would be useful as the conversion to CH4 would increase the heating
value of the product gas; however, in applications such as ammonia or methanol
production, this would be undesirable [37, 46].
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2.5 Tar Sampling Methods
Tar sampling methods can be classified as on- and off-line. Off-line methods are based
on trapping the tar molecules by dissolving in organic solvents or condensation on cold
surfaces and filters [39]. Among off-line tar measurement methods, the European tar
protocol and solids surface adsorption (SPA) are more widely used.
The tar protocol is based on collecting tars and moisture in a series of 6 impinger bottles
(Fig. 2.3). The first five bottles are filled with isopropanol, while the last one is kept
empty [39]. As an alternative, the Peterson column, consisting of two jacket-cooled
impinger bottles filled with isopropanol could also be used [47] (Fig. 2.4).
Figure 2.3 has been removed due to copyright restrictions. It was an image of the
suggested apparatus for tar measurement according to the European Tar Protocol
[39].
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Figure 2.4: The Peterson column for tar measurement (Reprinted with permission from
the Energy Research Centre of Netherlands) [47]
Solid phase adsorption involves passing the gas effluent through a solid phase extractor
(SPE) to condense the tar out of the gas stream. This is followed by washing the collected
tar with dichloromethane for the aromatic content, and a 1:1 solution of dichloromethane
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and acetonitrile for the phenolic fraction, which can then be analyzed in a gas
chromatograph [34].
Online tar measurement methods include laser-induced fluorescence (LIF), flame
ionization detection (FID), and photo-ionization detection (PID). These methods,
however, still need to be further developed and improved [34].

2.6 Tar Reforming Catalysts
Figure 2.5 illustrates a number of elements, mostly transition metals, which have been
investigated in the literature as base catalysts and promoters for tar cracking reactions.

Figure 2.5: Various elements investigated as different components of tar cracking
catalysts. Reprinted with permission from American Chemical Society. Copyright (2009)
American Chemical Society [48]
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Some of the characteristics of a good tar reforming catalyst include [15]:
− High tar removal efficiency
− Methane reforming capability (if the desired product is syngas)
− Resistance to deactivation as a results of carbon fouling and sintering
− Easy regenerability
− Cost-effectiveness
Tar cracking catalysts have been classified in a number of different ways in the literature.
In the following discussion, they are categorized in three big sub-groups, namely, acid
catalysts, alkaline earth catalysts, and metal catalysts. Each category is described briefly
below.

2.6.1 Acid Catalysts
Examples of acid catalysts used for tar removal include zeolites and silica-alumina.
Silica-alumina catalysts (SiO2/Al2O3) have an amorphous structure (non-crystalline), with
most of their acid sites located in inaccessible parts of the catalyst, leading to low surface
acidity. The surface acid density of silica/alumina, measured by temperature programmed
desorption (TPD) of ammonia, is around 45 mm2/m2, whereas the surface acidity of
zeolites is typically of the order of 100 mm2/m2 [4]. Hence generally SiO2/Al2O3 catalysts
possess lower catalytic activity compared with zeolites [49-52]. Adjaye et al. [53] for
instance, tested the efficiency of silica/alumina in bio-oil upgrading and found its activity
to be lower than the zeolite catalysts tested. Moreover, the performance of the catalyst
was found to vary with changes in the reaction temperature. In another study Simmel et
al. [54] found that most aluminum silicates lose their catalytic activity at temperatures
above 850°C and act as inert materials. The authors found the following tar removal
activity among the catalysts tested:
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Ni on Al2O3 > dolomite > silica-alumina > silicon carbide (inert)
Zeolites are crystalline frameworks of [SiO4]4- and [AlO4]5- linked through oxygen atoms
with a coordination polyhedral structure. Some of the advantages of zeolite catalysts
include large surface area, well-defined and uniform micropores, and high adsorption
capacity. Moreover, the pore volume, active sites as well as the electronic properties of
zeolites can be controlled and adjusted, allowing for selective design of the catalyst [55].
For instance, addition of dispersed metals makes these catalysts suitable for ring breaking
and hydrogenation reactions involved in tar cracking [4, 37].
Although zeolite catalysts have shown high tar conversions (95-100%), the rapid build-up
of carbon deposits on their surface is a major disadvantage. As can be seen in Fig. 2.6,
the main product of the tar reforming process with these catalysts is char [56].

Figure 2.6: Weight distribution of products formed during tar cracking on LZ-Y82
zeolite catalyst. Reprinted with permission from American Chemical Society. Copyright
(1984) American Chemical Society [56]
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One possible mechanism of hydrogenation of benzene over Bronsted acid sites of zeolites
is proposed by Cairon et al. [57] and is presented here. The heat of adsorption of benzene
on HY zeolites is relatively high (69 kJ/mol at 500K) and hence the reaction of benzene
is assumed to occur in the adsorbed phase. The first step of the reaction is the interaction
of the benzene molecule with a zeolite hydroxyl, creating the adsorbed benzenium ion
(Fig. 2.8). The benzenium ion then reacts with molecular hydrogen leading to 1,3cyclohexadiane. The same process is repeated twice more to first form cyclohexene and
then cyclohexane. Subsequently, the cyclohexane molecule is transformed to
methylcyclopentane by carbocation (Fig. 2.9). The cyclohexane and methylcyclopentane
molecules can further be transformed to smaller aliphatic hydrocarbons or desorb in the
gas flow (Fig. 2.10) [57].

Figure 2.7 has been removed due to copyright restrictions. It was an image of the
structure of alumina-silica [58].

Figure 2.8 has been removed due to copyright restrictions. It was an image of the
suggested mechanism of benzene transformation to cyclohexane [57].

Figure 2.9 has been removed due to copyright restrictions. It was an image of the
proposed mechanism for conversion of cyclohexane to methylcyclopentane on acid
catalysts [59].

Figure 2.10 has been removed due to copyright restrictions. It was an image of the
overall scheme of benzene cracking on acid zeolites [57].
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2.6.2 Alkaline Earth Catalysts
Alkaline earth catalysts such as Na2CO3, K2CO3, and CsCO3 are often added to the
biomass feed – via dry mixing or wet impregnation as a primary catalyst inside the
gasifier. One of the major disadvantages of these catalysts is that they increase the ash
content of the char formed during gasification, making disposal more difficult [4].
Moreover, these catalysts are very difficult to recover after the gasification process
making them less cost-effective [15]. Mckee and Gong [60, 61] have demonstrated that
molten sodium and potassium carbonates as well as oxides and hydroxides of alkali
metals, enhance tar decomposition during the gasification process. The order of the
activity of the alkaline earth catalysts tested [60, 61] was found to be:
K2CO3 > Na2CO3 > Na2H(CO3)2.2H2O > Na2B4O7.10H2O
Huang et al. [62] also found the activity of potassium and sodium to be the highest
among the five metal catalysts tested in gasification of char. Other operational problems
with alkaline earth metals as primary catalysts include sintering and agglomeration of the
catalyst particles [4].
As discussed later, alkali metals are most often added as promoters in commercial metal
catalysts since they enhance the gasification of carbon atoms that deposit on the metal
sites after the C-C bond cleavage, and hence prevent coking [20].
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2.6.3 Metal Catalysts
Metal catalysts based on transition metals such as Rh, Ru, Pd, Pt and Ni have been
reported to significantly reduce tar compounds from biomass gasification. These catalysts
are generally comprised of three components: a metal site which represents the active site
of the catalyst, a support material to enhance the mechanical strength of the catalyst and
to protect it from attrition, and a promoter, such as alkali or alkaline earth metals to
enhance the electronic properties and acid/basic characteristics [35, 48]. Each of these
components is discussed in greater detail in the following sections.
Tar reforming catalysts are dual-functional. In hydrocracking catalysts (R2.14), these
functions are:
− Cracking of aromatic hydrocarbons and C-C bond cleavage
− Hydrogenation of the unsaturated hydrocarbons formed through cracking [45]
A typical hydrocracking catalyst includes a group VIII metal on an acidic support such as
silica/alumina, alumina or acidic zeolite. Hydrocarbon carbocation occurs on the acid
sites, while hydrogenation of the unsaturated hydrocarbons from cracking (coke
precursors) takes place on metallic sites [45]. The efficiency of the coordination between
these two functions requires an optimal level of metal loading. Common hydrogenation
metals include Pt, Ni, Pd, Mo and Co [63].
The second tar-reforming pathway is via the metal catalyzed steam reforming reaction
(R2.11), where the tar molecules and water are dissociatively adsorbed on the catalyst
surface. The hydroxyl groups from water dissociation then react with the hydrocarbon
fragments [64].
Transition metal catalysts can be categorized in two groups. The first group, consisting of
noble metals such as Pt, Rh, and Pd are more sensitive to the support material effects
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[65]. Since the heat of oxygen chemisorption on these metals is relatively low (<400
kJ/mol), they require a support for activating water to hydroxyl groups. In these catalysts,
aromatic tar molecules are chemisorbed on the metal sites, while water is activated on the
support. The rate-determining step of the tar cracking reaction is then the migration of
hydroxyl groups towards metal sites to react with hydrocarbon fragments [65-67]. As can
be seen in Fig. 2.11, in the presence of the first group of transition metal catalysts,
toluene is dissociated to a phenyl and methyl group on the metallic sites; while, water is
dissociated to hydroxyl groups on the acid sites of the support. Transfer of hydrogen from
Bronsted acid sites to the phenyl group results in the formation of benzene, which is
subsequently desorbed from the catalyst surface, and a carbene molecule, which can react
with oxygen in the support or dehydrogenate other hydrocarbons [64, 68].
Figure 2.11 has been removed due to copyright restrictions. It was an image of the
steam reforming of toluene over group 1 transition metals [68].
The second group of transition metal catalysts consists of Ni, Ru, and Co, metals that are
less sensitive to the support material. Since these elements are more oxidizable, having a
high heat of oxygen chemisorption, water molecules and tars are competitively adsorbed
on the metal surface. Although the support material assists with hydroxyl formation and
water adsorption, its main contribution is through metal dispersion and sintering
prevention. Hence, unlike the first group of transition metals, the rate-determining step of
the reaction with these catalysts is not controlled by transportation of oxygen through the
support [65].
The reaction pathway illustrated in Figure 2.12 demonstrates how aromatic rings are
progressively opened by the catalyst in steam reforming reactions, eventually resulting in
a tar molecule with one less ring. As can be seen, the main reactions include:
hydrocarbon cabocation via attachment of Bronsted acids, cleavage of aromatic carbon-
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carbon bonds and hence nucleus degradation, dehydrogenation, and finally dealkylation
of the side chains producing H2 and CO. The size of the alkyl groups on the side chains
can affect the rate of the reaction. For instance, toluene is more readily dealkalized
compared with alkyl-benzenes [68, 69].

Figure 2.12: Steam reforming pathway of aromatic rings. Reprinted with permission
from American Chemical Society. Copyright (2003) American Chemical Society [69]
Among transition metal catalysts, rhodium and nickel exhibit higher catalytic activities
for tar destruction. In a 2002 study, Aupretre et al. tested alumina-supported group VIII
metals, excluding Os, Co and Ir, for ethanol steam reforming and found rhodium and
nickel to have the highest activity among all catalysts [70]. Tomishige et al. investigated
steam reforming of biomass tar and found the order of the catalytic tar removal efficiency
to be [71]:
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Rh > Ni > Pd > Pt > Ru
Sutton et al. evaluated the dry reforming reactions of methane and propane and found
alumina supported nickel to have the highest activity, followed by ruthenium alumina,
and platinum on zirconium dioxide [72]. Assadullah et al. tested several commercial
catalysts and found the carbon-based tar conversion efficiency of G-91 nickel catalyst
and ruthenium to be 89% and 97%, respectively [73]. Simell et al. found alumina
supported nickel catalysts to be effective in complete tar removal, surpassing silicaalumina, silicon carbide, activated alumina and dolomite catalysts at 900°C [54].
Although non-nickel metal catalysts such as platinum and rhodium are very effective in
removing tar compounds and are more resistant to surface coke formation, they are much
more expensive than nickel catalysts. Considering the low economic margins of biomass
gasification units, nickel catalysts are a more viable option. Commercial nickel catalysts
conventionally designed for hydrocarbon reforming in the petrochemical industry have
been the predominant focus of hot gas clean-up research.
Supported nickel catalysts used in industrial steam-reforming processes were originally
designed for paraffinic hydrocarbon reforming and are not suitable for reforming polyaromatic tar components found in the gasification product gas [68]. Some of the more
commonly used support and promoter materials for nickel catalysts are discussed in the
following sections.
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2.6.3.1 Effect of Catalyst Support on Nickel Catalysts
Catalyst support material can improve the catalytic activity by:
− Enhancing the dispersion of the active metal phase;
− Modifying the electronic properties of the metal phase through the electron
donor/acceptor groups in the support; or
− Affecting the acidity/basicity characteristics of the catalyst, which in some
cases will enable the support to intervene in the reaction process and possess a
function necessary in the reaction pathway [48].
Alumina is the most commonly used support for nickel metal catalysts in the industry.
This is mainly due to its unique crystal structure, which translates into high surface area,
great mechanical strength and high metal dispersion capacity, in addition to its costeffectiveness [2]. Sutton et al. tested the tar removal activity of a number of different
nickel catalysts supported on Al2O3, ZrO2, TiO2 and SiO2 and found Ni/TiO2 to have the
highest efficiency, removing 98.1% of the tar compounds. This was followed by Ni/ZrO2
with efficiency of 92%. The tar removal efficiencies of the same support materials in the
absence of nickel particles were found to be 79.5% and 78.4% for TiO2 and ZrO2,
respectively [15, 72]. Miyazawa et al. tested the same nickel-supported catalysts in steam
reforming of tar from wood pyrolysis and found the order of the activity to be [74]:
Ni/Al2O3 > Ni/ZrO2 > Ni/TiO2 > Ni/CeO2 > Ni/MgO at 873K
In order to improve the activity of alumina supported catalysts, Roh et al. [75] evaluated
the addition of 30% MgO to the support. They found a 25% improvement in the activity
of Ni/MgO-Al2O3 compared with the un-promoted nickel-alumina. These findings were
attributed to enhanced metal-support interactions, which were found from temperatureprogrammed reduction analysis [75]. Matsumura et al. found that at 500°C nickel was
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gradually oxidized and deactivated on the Ni/Al2O3 and Ni/SiO2 catalysts; however,
Ni/ZrO2 deactivated at a higher temperature due to stronger metal-support interaction
[76].
Ni catalysts supported on zirconium oxide nanocrystalline exhibited superior activity
levels and coke resistance properties compared with Ni/Al2O3 and conventional Ni/ZrO2
catalysts [77]. One possible explanation for this could be the fact that the metal/oxide
boundary is increased once the particle size is reduced (Figs. 2.13 and 2.14). Since CO2
(for dry reforming) and H2O molecules (for steam reforming) are activated at these
boundaries, reducing the particle size enhances the transfer of oxygen atoms to
carbonaceous deposits and hydrocarbon fragments on the nickel metal sites [78].
Figure 2.13 has been removed due to copyright restrictions. It was an image of TEM
micrograms of nanocrystalline Ni/ZrO2 and conventional Ni/ZrO2 catalysts [77].

Figure 2.14: Increased metal/oxide boundary or perimeter at small particle sizes.
Reprinted with permission from American Chemical Society. Copyright (2003) American
Chemical Society [78]
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Impregnation of nickel particles on a zeolite support is another possibility that has been
explored by a number of researchers. Buchireddy et al. [79] found that the tar reforming
activity of nickel was increased when added to zeolites. It was shown that nickelsupported ZY-30 and ZY-80 achieved naphthalene conversions of 99%. Moreover, the
catalysts exhibited very little loss in activity during a 97-hour test. Inaba et al. tested a
zeolite supported nickel catalyst, promoted with cerium oxide, as a primary catalyst and
found the output tar levels to be significantly lowered. However, since the catalyst was
added directly to the gasifier, a large amount of coke was deposited on the surface of the
catalyst. Moreover, the nickel particles were heavily agglomerated [80].
Li and Hirabayashi [81] prepared a nickel/mayenite (Ca12Al14O33) catalyst and evaluated
its catalytic activity in steam reforming of toluene. Mayenite consists of a calciumaluminate framework. The aluminate ions are linked together by sharing corner oxygen
atoms. The remaining ‘Free’ oxygen is located in micro-pores (cages) of mayenite in the
form of hydroxide, peroxide and superoxide radicals (Fig. 2.15). These superoxide
radicals have the ability to transfer to metallic nickel sites and gasify the deposited
carbon. Moreover, the free oxygen can be substituted by sulphur and hence hinder
catalyst deactivation in the presence of sulphur-containing compounds.
As expected, the toluene conversion efficiency of nickel-mayenite was found to be above
90% at 600°C, with great activity against coke deposition and hydrogen sulphide
poisoning [81].
Figure 2.15 has been removed due to copyright restrictions. It was an image of the
structure of Mayenite [81].
Ni/lanthanum oxide was also found to show high catalytic activity in dry reforming of
methane. The activity of the catalyst was found to be higher than alumina and CaO
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supported nickel catalysts. Moreover, despite significant coking during the Ni/Al2O3
reaction, not much carbon deposition occurred with Ni/La2O3. XPS analysis indicated
that carbon dioxide compounds were selectively adsorbed on the surface of the support,
forming La2O2CO3 which prevented coke formation [48].

2.6.3.2 Effect of Catalyst Promoters on Nickel Catalysts
The significant enhancement in the catalytic activity of nickel catalysts by addition of
alumina demonstrated the importance of surface acidity in tar reforming/cracking
reactions. This led a number of researchers to investigate the effect of addition of alkali
and alkaline earth metals as promoters to metal catalysts, and more specifically to
derermine their effect on metal dispersion, surface acidity and metal-support interactions.
Alkali and alkaline earth cations are electron donors (Lewis bases) and can reduce the
acidity of the catalyst surface. Moreover, in their oxide form they can form bonds with
the acidic sites of the support material and can modify the interactions between the metal
and the support [82].
Juan et al. [83] studied the effect of potassium content on the activity of aluminasupported nickel catalysts for dry reforming of methane. They determined that potassium
enhanced the reducibility of nickel metal sites, leading to very low coke deposition and
high catalytic activity throughout the reaction. TPR analysis of the catalyst surface
suggested that this was through modification of catalyst-support interactions.
Bangala et al. [44] investigated the effect of Cr2O3 addition as a promoter to
nickel/alumina catalysts in naphthalene conversion. They found that to attain the optimal
tar conversion levels while minimizing the degree of coke formation on the catalyst
surface, the Cr loading needs to be around 5 wt.%. XRD analysis of the Cr-doped nickel
catalysts prior to and after use for naphthalene steam reforming led the authors to believe
that Cr alloying geometrically rearranges the nickel crystal planes and consequently the
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electronic properties of the catalyst such that catalyst deactivation due to coke deposition
is minimized.
Group VIII metals are common dopants (promoters). Jeong et al. investigated Ru-doped
nickel catalysts in steam reforming reaction of methane [84]. They found the addition of
Ru to decrease the amount of coke formation on the catalyst surface by supressing the
carbon chain growth through the reduction of nickel-oxides, and stabilization of the
reforming activity. Nikolla et al. tried to find a Sn/Ni bimetallic catalyst that was resistant
to coke formation. Since the energy barrier of carbon diffusion through monometallic
nickel catalyst is very low (0.5 eV), C-C bonds can be readily formed on the carbon
nucleation centers on the catalyst. DFT calculations predicted that the addition of tin to
nickel catalysts would increase the energy barrier of carbon diffusion through the
catalyst, while leaving the oxygen diffusion barrier unchanged. Hence formation of CO
through oxygen diffusion would be more energetically favourable than C-C bond
formation, making the catalyst more resistant to coke formation (Fig. 2.16). This was
later verified experimentally [85].

Figure 2.16: Energy barrier for carbon and oxygen diffusion on the monometallic Ni
catalyst and bimetallic Sn/Ni catalyst. Reprinted with permission from American
Chemical Society. Copyright (2006) American Chemical Society [85]
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2.6.4 Fe-based Catalysts
Iron is one of the most abundant elements on the earth and is well known for catalyzing
many industrial reactions such as the Fischer-Tropsch synthesis, the water-gas-shift
reaction, as well as the ammonia synthesis among other applications [86]. Numerous
recent studies have found iron-containing catalysts to be effective in reforming
gasification tar. Some of these are summarized below.
Tamhankar et al. [16] were among the first to test these catalysts for tar removal. They
examined the conversion of benzene using an iron-oxide/silica catalyst in the presence
and absence of hydrogen gas. At a reaction temperature of 650°C, the authors found the
conversion of benzene to be ~40% in a N2 environment. Complete conversion was
achieved when 9.3 vol.% H2 with balance N2 was added to the system. The authors found
that in the absence of hydrogen, hematite (iron (III) oxide) was only reduced to
magnetite, while in the presence of H2 the magnetite phase was further reduced to
metallic iron. Hence the authors concluded that the latter is the main active phase of the
catalyst in reforming benzene. To further test this effect, they conducted a few more
experiments on pre-reduced iron oxide catalyst particles– again with and without
hydrogen gas in their reaction system. In the original iron-oxide catalyst, the initial
benzene conversion started at 80% and improved to 100% conversion after 2 hours when
hydrogen was used in the system. With the pre-reduced catalyst, however, the authors
found the initial conversion of benzene to be 100% from the beginning regardless of the
presence or absence of hydrogen [16].
There were significant differences in the deactivation rate of the catalyst between the two
reaction environments tested. In the nitrogen environment, the catalyst started to
deactivate within 2 h of experimentation; however, when hydrogen was present in the
system the conversion level stayed high during 9 h of testing. According to the authors,
this was a strong indication that hydrogen was not directly involved in the cracking
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reactions of benzene on the catalyst, but rather in reactions with the intermediate coke
precursors to produce methane. This would hinder catalyst deactivation by keeping the
surface of the catalyst clean from coke. Moreover, methane was the only compound that
could be identified in the product stream. The authors believed that the reaction proceeds
according to the following reaction scheme with the ring destabilization of benzene being
the rate-determining step [16]:
Figure 2.17 has been removed due to copyright restrictions. It was an image of the
reaction scheme of benzene cracking [87].
Polychronopoulou et al. [64] studied the steam reforming reaction of phenols over
supported Fe catalysts. The authors found the phenol conversion to be in the range of
33.8-63.3% for a reaction temperature of 700°C and over a duration of 30 minutes. The
study showed that the catalyst support material contributed significantly to the steam
reforming reaction through water chemisorption, thereby enhancing the gasification of
carbonaceous deposits to CO, CO2 and H2. This was found to be enhanced by increasing
the degree of support basicity. In terms of reaction products, no methane or higher
hydrocarbons other than benzene could be detected. The authors suggested a dual site
mechanism for the reaction where the OH back-spillover from the support to iron oxide
keeps the metal active phase free from coking [64]. A full schematic of the proposed
reaction mechanism is depicted in Figure 2.18.
Figure 2.18 has been removed due to copyright restrictions. It was an image of the
reaction scheme of phenol cracking on supported iron catalysts [87].
Based on these findings, Nordgreen et al. investigated the effectivenss of metallic iron for
catalytic tar reforming in a 2006 study [17, 19]. Their thermodynamic calculations
resulted in a set of operating conditions for optimized performance of iron catalysts in
terms of carbon contamination and oxidation [17]. In another study, the authors tested
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1.7-1.9 mm iron oxide particles in steam reforming of tar from an atmospheric gasifier.
Experiments with FeO, Fe2O4 and Fe3O4 showed that iron oxides did not possess any
catalytic activity in tar cracking. However, when the catalyst was pre-reduced with 40%
hydrogen to metallic iron, very good carbon breaking activity was observed and neither
carbon deposits nor any decline in activity was recorded over the duration of the
experiment (2.5 h) [17].
Azhar Uddin et al. [21] investigated the performance of an iron oxide (Fe2O3) catalyst
with a tar-containing stream from a micro-gasifier. The authors found that the surface
area of the developed iron catalysts played an important role in tar destruction. Morover,
the addition of Al2O3 was found to improve the activity of the catalyst.
Noichi et al. studied the properties of mixed metal oxide catalysts such as iron-alumina,
and iron-zirrconia at 850°C and found the tar conversion level to be between 45 and 75%.
However, the performance of the catalyst was found to decline significantly over time
due to deactivation [88].
In a 2011 study, Nemanova et al. [20] investigated the performance of five iron-based
catalysts with different oxygen contents. Although the authors expected the pure metallic
iron catalyst to exhibit the best performance, the results indicated that the higher oxygen
containing catalysts were in fact more effective at intermediate reaction temperatures
(~800°C). The investigators attributed this finding to a shift from one rate-determining
reaction to another with changes in temperature.
Khelfa et al. studied the gasification and pyrolysis of Miscanthus x Giganteusa biomass
in the presence of hematite as a catalyst. The authors observed a significant increase in
the level of their H2 production with the use of hematite. Moreover, the catalyst was also
active in the breakdown of tar molecules formed during the process, especially light
organic acids and furan derivatives [22].
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Min et al. [89] studied the steam reforming reaction of biomass tar with ilmenite (a
naturally occurring iron ore). Synchronous fluorescence spectroscopy revealed a good
activity of the catalyst, with the tar peak area decreasing by 45 and 76% at temperatures
of 600 and 850°C, respectively. The authors found the catalyst to be more effective in
reforming smaller-ring aromatics compared with larger-ring molecules. Moreover, the
tars mainly transformed to coke at the lower temperatures tested, while at the higher
temperatures they were converted to gaseous products in the presence of sufficient steam.
Koike et al. tested the steam reforming of benzene, toluene and phenol over Ni and Ni-Fe
alloy catalysts. The addition of iron to the nickel catalyst was found to increase the tar
reforming activity, and reduce the carbon deposition levels on the surface. The level of
carbonaceous species formed during the reaction was significantly higher for phenol
conversion compared with toluene and benzene [90].
2.6.4.1 Red Mud
As introduced in Chapter 1, red mud is a by-product of alumina processing via the Bayer
process. The major components of red mud include Fe2O3, Al2O3, SiO2, and TiO2 among
other oxides. The exact chemical composition varies depending on the source of the iron
ore, the chemical process used, etc. Table 2.5 summarizes some of the chemical
compositions reported in the literature for red mud from different regions [25, 91-95].

2 Literature Review
Table 2.5: Chemical composition of red mud from various regions
Component
Region
Wt. %
Aughinish India Jamaica Turkey Germany Canada
Fe2O3
30.4
33.1
42.3
39.84
36.5
31
Al2O3
23.6
18.2
16.4
20.24
23.8
14
SiO2
9.65
8.8
8
15.24
8.5
6
TiO2
17.85
19.6
6
4.15
13.5
23
Na2O
5.3
5.8
4.6
9.43
1.8
CaO
6.4
2.7
9
1.8
5.3
Other
6.8
11.8
13.7
0.48
10.6
15
Reference
[91]
[92]
[25]
[93]
[94]
[95]
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Spain
47.85
20.2
7.50
9.91
8.4
6.22
0
[95]

Red mud has a fine particle size distribution with 90 vol.% below the size of 75 µm with
a BET surface area of 20–30 m2/g [26]. Red mud has been studied for various catalytic
applications, including:
•

Hydrogenation of biomass, coal, and oil shale [96-99]

•

Hydrodechlorination of tetrachloroethylene and C2-chlorohydrocarbonss [100102]

•

Catalytic combustion of methane [103]

•

Recovery of sulphur from sulphurous waste gases [104]

•

Reduction of nitric oxide [105]

•

Conversion of waste oil to fuel [106]

•

Hydrotreating of heavy crude oil [107]

Several research groups [108-114] have reported the main mineralogical phases of red
mud found through powder XRD. These are summarized in Table 2.6.
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Table 2.6: Mineralogical phases of red mud found through powder XRD
Mineral phase

Chemical Formula

Mineral phase

Chemical Formula

Goethite

FeOOH

Antase

TiO2

Hematite

Fe2O3

Bayerite

Al(OH)3

Iron hydroxide

Fe(OH)3

Boehmite

AlO(OH)

Magnetite

Fe3O4

Pervoskite

CaTiO3

Rutile

TiO2

Gibbsite

Al(OH)3

Quartz

SiO2

Calcite

CaCO3

The temperature programmed reduction profile of red mud is depicted in Figure 2.19.
The first peak occurs at lower temperatures (<200°C) and corresponds to the loss of
water. The second peak occurring at 270-400°C corresponds to the reduction of Fe2O3 to
Fe3O4 according to:
3Fe2O3 + H2 " 2Fe3O4 + H2O!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!2.17
The third broader peak observed in the TPR profile, at temperatures of 400-850°C
consists of four unresolved peaks, corresponding to the reduction of Fe3O4 to Fe as well
as to FeO, and the reduction of FeO to metallic Fe [26, 101, 109, 115].
Fe3O4 + H2 " 3FeO + H2O!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!2.18
FeO + H2 " Fe + H2O!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!2.19
Teplov et al. [109] suggest that the fourth and last major peak observed, occurring at
temperatures above 800°C and corresponding to 2.5% of the total weight loss could
correspond to the transformation of Na2O to gaseous Na.
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Figure 2.19 has been removed due to copyright restrictions. It was an image of the
temperature reduction profile of red mud with H2 [109].
Ordonez et al. [101] compared the TPR profile of red mud to that of pure hematite and
found that although the shapes of the observed peaks were different, the transition
temperatures and the number of peaks for both materials were the same. The differences
in the peak shapes were attributed to diffusional differences between red mud and pure
hematite, and it was concluded that the reduction properties of red mud are only affected
by the hematite content.
To the best of my knowledge, Dr. Jale Yanik and her collaborators at Ege University in
Turkey are the only group who have tested red mud in catalyzing tar-reforming reactions.
In a 2014 paper, that group tested red mud and 50% Fe2O3/50% CeO2 catalysts in
reforming tars from gasification of walnut and almond shells. When no catalyst was used
in the system, the thermal tar cracking conversion was found to be 58.6% and ~90% at
temperatures of 600 and 700°C, respectively. While the use of Fe-Ce catalyst improved
the tar conversion level to 94.8% and 100% at these temperatures, the use of the red mud
catalyst was only effective in slightly improving the conversion from 58.6% to 68.3% at
600°C, and did not result in any changes at 700°C compared with thermal cracking [116].
In a second study, the same group tested the activities of red mud and 10% Fe2O3-90%
CeO2 in steam gasification of three types of algal biomass. The authors found Fe-Ce to be
more catalytically effective than red mud in converting tars. For two of the three algae
tested, the authors found the tar conversion level to increase from 70% (for thermal tar
conversion) to ~80% with the red mud catalyst, and to 100% with Fe-Ce. For the third
biomass type, the conversion increased from ~44% to 50% and 70% with red mud and
Fe-Ce, respectively.
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2.7 Catalyst Deactivation
Development of catalysts that are resistant to coking and sulphur poisoning (mainly H2S)
is often performed simultaneously. Some of these methods were touched upon in the
previous sections. Once present in the reaction environment, sulphur atoms can reversibly
or

irreversibly

bind

to

metal

sites

and

form

metal

sulphides.

The three main modes of deactivation in most tar reforming catalysts include:
− Chemical deactivation due to
(i)

Carbon deposition on the surface of the catalyst (coking)

(ii)

Surface poisoning due to sulphur or other inorganic contaminants such as Cl
and P, all of which can decrease the stability of the catalyst

(iii)

Loss of active metal by diffusion in the support matrix [4, 44, 48]

− Mechanical deactivation due to plugging and fouling inside the pores.
− Thermal deactivation as a results of:
(i)

Sintering

(ii)

Phase changes in the catalyst, leading to loss of surface area and activity [68]
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Chapter 3
Experimental
This chapter includes a description of the tar cracking experimental set-up and the
catalyst preparation method, as well as an overview of the reaction process, the
experimental procedure and the sample analysis method. The analytical techniques used
for catalyst characterization are also described in more detail.

3.1 Catalyst Preparation
Red mud was obtained from Rio Tinto Alcan’s Arvida R&D Centre in Jonquiere,
Canada, as a by-product of the extraction of alumina from bauxite. The typical
composition of red mud, its identified surface metal oxide phases, and other physical
properties were provided by the supplier and are presented in Table 3.1. Note, that this
composition varies with the red mud source and the composition of the bauxite itself, but
it is always mainly composed of Fe2O3 and Al2O3 together with other alkali metal oxides.
When the red mud was received, it was approximately 50% (w/w) red clay comprised of
very fine particles (mean 5 µm, with 48 % below 1 µm, and 70% below 10 µm). The
malleable nature of the as-received red mud made forming small catalyst particles
somewhat-difficult.

After attempting various pre-conditioning methods to achieve uniform catalyst particles
on the sub millimeter scale, the following method was selected. The red mud was dried in
an oven at 110°C for 24 h. When dehydrated, the brittle red mud was ground in a mortar
and pestle to generate a powder. 30 g of red mud powder was then mixed with 1 g of
Sesbania powder as a binder. Sesbania gum originates from India and is extracted from
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natural Sesbania plant seeds. 10 mL of distilled water was added together with 2 mL of 1
molar HCl acid, while continuously stirring the powder until a gum-like viscosity was
achieved.
The red mud gum was inserted into a pelletizing machine to produce red mud pellets with
a diameter of 2 mm and a length of 7.5 mm. The final particles were then dried at 120°C
for 4 h to remove the free water and nitric acid. After that, the samples were first dried at
200°C for 2 h to remove chemically absorptive water, then heated to 300°C for 3 h to
remove most of the binder, and finally to 350°C for 1 h to burn the residual binder.
Table 3.1: Typical elementary composition, metal oxides and other physical properties of
the Alcan red mud, provided by the manufacturer
Red mud

wt.%

Al2O3

12-25

Fe2O3

30-40

SiO2

10-20

TiO2

3-8

CaO

1-6

Na2O

5-10

H2O (Chemical)

10

Particle size

10-250 µm

Density (dried)

3.0-3.5 g/cc

Specific surface area

10-40 m2/g

Alkalinity

pH 14

3 Experimental

44

3.2 Experimental Set-up
Bench-scale screening of the red mud catalyst was conducted in the tar cracking unit
(TCU) that had been previously designed and fabricated in the Clean Energy Research
Centre (CERC) high head lab at UBC. Naphthalene was used as the model tar compound
since it is one of the major components in biomass gasification tar at temperatures above
900°C. Due to its low reactivity towards cracking and reforming reactions, naphthalene is
viewed as one of the most difficult tars to destroy.
The tar cracking unit, depicted in Figure 3.1, consisted of a 30 mm ID by 600 mm long
quartz tube reactor (QR) housed in a tubular electrical furnace (TF) that could be heated
to temperatures above 1000°C. The unit inlet port consisted of 3 mass flow controllers to
provide N2 gas for the tar vaporizer (TV) unit, H2 gas, and an additional inflow of N2 to
adjust the desired tar concentration. The temperature was utilized to control the
naphthalene generation rates.
All gas lines following the tar introduction were heated with electrical heating tapes (312
W) to prevent condensation prior to reaching the reactor. The unreacted tar, products of
the reforming reaction, as well as the permanent gases, left the reactor at the bottom. The
reactor exit line was heated to 300°C to prevent tar condensation in the exit line
To simplify the discussion, the setup is divided to four sections. A description of each
section is presented below.
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Naphthalene Saturator

N2

Quartz Reactor

H2

Figure 3.1: Process flow diagram of the tar cracking unit

1 Although a steam line was added to the experimental set-up, it was not used for any of the experiments described in this dissertation.
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Tar vaporizer (TV) unit

The tar vaporizer consisted of a round-bottom flask connected to a condenser. The flask
was half-filled with the model tar compound (naphthalene) and was placed in a hot bath
of glycerol to maintain the temperature at 53°C. The temperature of the flask was
measured with a k-type thermocouple, and the collected temperature data were logged in
the system at intervals of 15 seconds. The vaporized naphthalene was carried from the
flask to the following units with a controlled flow of nitrogen gas entering through the
flask at a rate of 35 mL/min. The amount of tar fed to the reactor needed to be precisely
controlled. Since the feeding system relied on the evaporation rate of naphthalene, the
temperatures of the flask and the condenser attached to it needed to be maintained
carefully in order to avoid any disruption of the system equilibrium. The condenser
temperature was maintained at 90°C by passing hot water from a heating bath through the
outer tube. An additional 350 mL/min of carrier gas was added to the gas stream leaving
the condenser outlet. This carrier gas consisted of pure N2 (purity 4.8) in the inert
catalytic tests, and of 13 vol.% H2 with balance N2 in tests where the effect of catalyst
reduction was investigated.

(a)

(b)

Figure 3.2: a) The tar vaporizer including the round-bottom flask and the condenser; b)
The gas injection panel
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Feed concentration evaluation

After the initial phase of the project, the experimental setup was modified slightly to
allow for direct measurement of the amount of tar evaporated from the TV unit. For the
benchmark tests, the preliminary red mud tests, as well as the thermal cracking tests, the
older version of the setup was used where the theoretical amount of naphthalene feed was
calculated from the equilibrium vapour pressure curve of naphthalene (Appendix A), and
this value was used to calculate the degree of naphthalene conversion.
Before carrying out any of the many catalytic tests, a bypass line was added to the
system, and the experimental procedure was modified slightly: during the first hour of
experimentation, the naphthalene-containing gas stream from the TV unit was passed
through the bypass line without going through the catalyst-containing reactor. This
allowed for direct measurement of the feed concentration prior to every test. To ensure
that the amount of feed remained constant throughout the experiment, the gas stream was
once again passed through the bypass line during the last hour of the experiment. The
temperature of the bypass line was maintained at 300°C to avoid any tar condensation or
reaction.
Due to instabilities in the system, naphthalene concentration during the first and last hour
through the bypass line did not match in some experiments, indicating that the rate of
naphthalene feed had not been constant throughout those tests. Hence, the results of such
experiments had to be disregarded in the final analysis.
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Reactor and furnace
The reactor consisted of a 30 mm ID by 600 mm long quartz tube. This tube was placed
inside a Lindberg M series tubular furnace. The amount of catalyst added to the reactor
was adjusted based on the desired gas space velocity (Table 3.2). For enhanced heat
transfer, inert mesh 12 SiC particles were placed equally below and above the catalyst
to make a total bed height of 90 mm (including the catalyst height).

(a)

(b)

Figure 3.3: a) Reactor vessel and the furnace; b) Reactor vessel with thermocouple
IV.

Tar collection and analysis

The outlet gas from the reactor entered an impinger bottle filled with 200 mL of acetone.
This bottle was placed in dry ice and was cooled to -60°C to condense unreacted
naphthalene as well as other reaction products as the gas bubbled through the acetone.
Every hour, three samples were collected from the impinger bottle. The samples were
then analyzed using gas chromatography coupled with a mass spectrometry detector (GCMS) to determine the concentration of the components condensed in acetone. The GCMS
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used was a Shimadzu model QP-2010S, equipped with a RXI-5MS column and AOC-20i
auto-sampler. The remaining non-condensables, together with the permanent gases
exiting from the bottle, first passed through a mass flow meter to measure the exit gas
flow rate, and were subsequently sent to a Mandel 8610C GC for further analysis. All
connection lines in the system including the reactor exit line were heated to 300°C to
avoid condensation.
The operating conditions used in the tar cracking tests are summarized in Table 3.2.
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Table 3.2: Operating conditions for naphthalene conversion tests
Parameter

Unit

Carrier gas

Value

Value

N2

13 vol.% H2 in N2

Flow MFC1

L/min

0.035

0.035

Flow MFC2

L/min

0.350

0.300

Flow MFC3

L/min

0

0.050

Reactor ID

cm

15

15

Catalyst mass

g

Bed height

1.91

2.13

2.69

3.85

5

1.91

2.69

3.85

5

mm

7

14

20

25

29

7

20

25

29

Space velocity

h-1

18674

9337

6536

5229

4500

4500

6536

5229

4500

Temperatures

°C

500-800

500-800

Feed concentration

g/h

0.014 ± 0.002

0.014 ± 0.002

Experimental time

h

1

1
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3.3 Activity Calculation
The weight of the acetone added to the impinger bottle, as well as all samples taken
during the experiments were recorded. From the measured concentration of naphthalene
in the samples with the GC-MS, the net mass of naphthalene collected in the bottle during
each sampling interval was calculated. This was subsequently used to calculate the
reactant conversion:

!!(%) = 1 − !

!! − ∆!!
!!

∗ 100

where m1 is the mass of naphthalene fed to the system measured through the bypass line
during the 1st hour of the experiment, and Δmi is the net mass of naphthalene condensed
in the impinger bottle during each sampling interval. More details on the naphthalene
conversion calculations can be found in Appendix C.

3.4 Characterization Techniques
When testing with heterogeneous materials such as red mud, characterizing the surface
area, structure and composition of the catalyst is critical in investigating the source of
catalytic effects. The red mud catalyst was thoroughly characterized before and after
preconditioning the raw material, as well as before and after exposure to naphthalene at
temperatures of 500-800°C using the following analytical techniques.

3.4.1 Brunauer–Emmett–Teller (BET)
The surface area and pore size distribution of the catalyst were measured for the asreceived red mud, the prepared red mud pellets, as well as the spent catalyst by means of
nitrogen adsorption-desorption isotherms at 77 K in a Micromeritics AutoChem II 2920
equipment. Prior to measurements, the samples were degassed for 12 h at 250°C. The
amount of nitrogen adsorbed at a relative pressure of p/p0 = 0.01 to p/p0 = 0.98 was used
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to evaluate the total surface area and pore volume, respectively. The surface area was
determined using the Brunauer-Emmett-Teller (BET) theory. The effects of calcination
temperature, as well as catalyst reduction by H2 were also investigated.

3.4.2 Powder X-ray Diffraction (XRD)
This technique was used to provide information about the nature of the constituent
crystalline phases, and to investigate the changes occurring in the red mud after exposure
to naphthalene at the reaction temperatures tested. For this analysis, a Bruker D8
Advance X-ray diffractometer (in Bragg-Brentano configuration) with LynxEye silicon
strip detector and a Ni filter was used. Copper radiation (Cu Kα1 and Kα2) was generated
using a 2.5° soller slit at 40 kV and 40 mA, and the patterns were collected over the
angular range of 5° to 89.9° with a step size of 0.039°. To reduce the detection of
fluorescence, the discrimination lower level was set to 0.19 and the window width was
set to 0.06 for the LynxEye detector.
Before analysis, all samples were dried, ground with a mortar and pestle, and packed in a
shallow well sample holder; crystalline phases were identified with a search-match
procedure using the ICDD PDF-2 database. All XRD measurements were carried out by
the Chemistry Department at the University of British Columbia.

3.4.3 Scanning Electron Microscopy (SEM)
The microscopic structure and the qualitative physical changes of the red mud due to
calcination, acid pre-treatment and catalytic tar cracking were analyzed using a Hitachi
S3000N scanning electron microscope (SEM). The red mud samples were coated in gold
(Edwards S150A sputter coater) for one minute in order to increase the electric
conductivity. The samples were analyzed in a high vacuum environment.
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3.4.4 Thermogravimetric Analysis (TGA)
Thermogravimetric analysis (TGA) was performed using a TA instruments Q600-SDT
thermal analyzer in the Bioenergy and Fuel Research laboratory in the Department of
Chemical and Biological Engineering at UBC. Measurements were carried out in
Shimadzu alumina crucibles. During each run ~15.9 mg of sample was heated from room
temperature to the final target temperature at a rate of 10°C/min under a nitrogen flow of
100 mL/min.

3.4.5 X-ray Photoelectron Spectrometry (XPS)
XPS analysis was performed to determine the composition of the catalyst at the nearsurface region, as well as to determine the oxidation states of the iron oxide present. The
analysis was performed using a Leybold MAX200 instrument. The X-ray source was Al
K-alpha. The area of the analyzed area was 4x7 mm2, and the pass energies used for the
survey scan and narrow scan measurements were 192 and 48 eV respectively. All
measurements were carried out by the Interfacial Analysis and Reactivity-Laboratory-atthe-Department-of-Chemistry-at-UBC.

3.4.6 CHN Analysis
CHN analysis involves the combustion of a pre-determined amount of sample material in
oxygen. The resulting N2, CO2 and water species generated in the process are analyzed by
thermal conductivity detection (TCD), and are compared with known standards
(acetanilide and nitroaniline). The instrument used for the analysis was a Carlo Erba
Elemental Analyzer Model 1106 with a Mettler Toledo UMX2 Analyzer.
The technique adopted is based on a modification of the classical Pregl and Dumas
method. “The samples are held in a lightweight tin container and dropped at preset
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intervals of time into a vertical quartz tube, maintained at 1030°C, through which a
constant flow of helium is run. When the samples are introduced, the helium stream is
temporarily enriched with pure oxygen. Flash combustion takes place, primed by the
oxidation of the container. Quantitative combustion is then achieved by passing the
mixture of gasses over Cr2O3. The mixture of combustion gases is then passed over
copper at 650°C to remove the excess of oxygen and reduce oxides of nitrogen to
nitrogen. It then passes through a chromatographic column of Porapak QS heated to
approximately 100°C. The individual components are then separated and eluted as N2CO2-H2O. They are measured by a thermal conductivity detector, whose signal feeds a
potentiometric recorder and in parallel an integrator with digital printout. The instrument
is calibrated by combustion of standard compounds.”[117]All measurements were
performed by Canadian Microanalytical Service Ltd located in Delta, British Columbia.

3.4.7 X-ray Fluorescence Spectrometry (XRF)
XRF was used to determine the bulk composition of the major oxides in the catalyst. The
analysis was performed using a PanAnlytical Axiosfast WDXRF spectrometer. A
predetermined amount of sample was heated to determine the loss on ignition (LOI). The
sample was then fused in a platinum-gold crucible with a commercial lithium tetraborate
flux. The molten material was cast in a platinum mold and fused discs were analyzed by
XRF. All measurements were carried out by the analytical testing, inspection and
certification

company,

Bureau

Veritas

Canada

located-in-Vancouver,-BC.
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1

Baseline Tests

Chapter 4
Results and Discussion
This chapter presents the experimental results obtained from naphthalene cracking tests
and catalyst characterization. The chapter is divided into two sections: first a summary of
the preliminary test results, including the baseline test, the benchmark test, as well as
preliminary test results with red mud is provided; this is followed by the results from the
extensive tests performed on red mud both under inert conditions and in the presence of
H2 .

Preliminary Test Results
4.1 Baseline Tests
In order to verify that the amount of naphthalene fed to the reaction system remained
constant throughout the testing period, multiple baseline tests were performed prior to
conducting any experiments with the red mud catalyst. Baseline tests were repeated at
various points in the project to ensure the stability of the naphthalene feeding system. The
results from these tests are presented in Fig. 4.1. The net hourly amount of naphthalene
fed remained relatively stable over the testing period in each test; however, due to slight
differences in the system temperature there were small but noticeable differences among
the different tests conducted. From theoretical calculations (Appendix A), a temperature
difference of 0.5 ° C, for instance, results in ~4.2% difference in the amount of
naphthalene evaporated. These differences between the various baseline tests are
reflected in Fig. 4.1. As -mentioned in Section 3.2, to double -check that the -naphthalene

4 Results and Discussion

56

feeding rate remained constant throughout each experiment, a bypass line was added to
the experimental set-up and the first and last hour amounts of naphthalene feed rate were
compared at the end of each experiment as a second check to ensure stability.

Mass of Naphthaelene (g)!

0.06!

Theoretical value at 53C!
Experimental average!

0.05!
0.04!
0.03!
0.02!
0.01!
0!
0!

0.5!

1!

1.5!

2!

2.5!

3!

3.5!

4!

4.5!

Time (h)!
Figure 4.1: Results from the baseline test with naphthalene

The theoretical amount of naphthalene present in the gas phase carried to the reaction
system is calculated from the vapour pressure curve of naphthalene (Appendix A). This
theoretical value is compared with the actual amount of naphthalene measured during the
baseline test in Fig. 4.1.
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4.2 Benchmark Tests
As mentioned in Chapter 1, this project is a collaboration between the Fraunhofer
Institute and UBC with the aim of developing an effective economic catalyst for tar
removal from gasification syngas.
Prior to testing the catalyst, it was crucial to ensure that the experimental setups at UBC
and the partner institutes at Fraunhofer (ISE and UMSICHT) have very similar
performance in order to be able to compare experimental results. Thus, benchmark tests
were performed at all three institutions with an industrial Ni-based catalyst from JohnsonMatthey to ensure that similar results could be obtained from all three experimental units.
The tests were performed for a duration of four hours at a temperature of 850°C and a
space velocity (SV) of 19,000 h-1 for the naphthalene conversion tests, and a space
velocity of 4500 h-1 for the benzene cracking experiments. A summary of the agreed upon
benchmark test parameters can be found in Appendix B. Note, that space velocity (SV) is
defined as the feed volumetric flow rate divided by the volume of the catalyst in the
packed bed reactor:

!" = !

!
… … … … … … … … … … … … … … … !4.1
!!"#

Frauhofer ISE performed benchmark tests using both naphthalene and benzene as their
model tar compound; while, Fraunhofer UMSICHT only tested benzene, and UBC only
naphthalene. The results of the benchmark tests from all three institutions are presented in
Figure 4.2.
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Figure 4.2: Results from the benchmark tests performed at UBC, Fraunhofer ISE and
Fraunhofer Umsicht on an industrial Ni catalyst at 850°C and SV of 19,000 and 4500 h-1
As can be seen, the experimental results obtained by Fraunhofer ISE and UBC for
naphthalene conversion were in good agreement with less than 3% difference in
conversion. On the other hand, the ones from Fraunhofer UMSICHT and ISE for benzene
differed by up to 10% in conversion.

4.3 Thermal Cracking
In order to differentiate between thermal and catalytic cracking, the degree of thermal
naphthalene conversion was determined by feeding the reactant through the empty
reactor column. An inert bed of mesh 12 SiC particles was placed inside the reactor to
assure the same space velocity as for the catalytic cracking tests (SV = 19,000 hr-1). The
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tar concentration (~100 ppmV) and the volumetric flow rate were kept the same as for the
catalytic cracking tests. The temperature in the quartz glass reactor was increased from
650°C to 1050°C in steps of 100°C. Naphthalene conversion was then measured at each
temperature (Fig. 4.3). The results showed almost no thermal naphthalene conversion up
to a temperature of 850°C. This value increased to 15% at 950°C and eventually to 58%
naphthalene conversion at 1050°C. These findings are comparable to the findings of Jess
[118] who found no thermal conversion at temperatures below 900 ° C and 58%
conversion of naphthalene at 1200°C. The difference in findings was most probably due
to a 40% shorter residence time of the feed gas in the heating zone of the set up used by
Jess. Shorter residence times in the cracking zone are known to demand higher
temperatures to decompose tar molecules successfully.
70
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Figure 4.3: Degree of thermal naphthalene conversion in the reactor at temperatures of
650-1050°C at a space velocity of 19,000 hr-1
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The results from the thermal cracking tests further prove that thermal tar removal
processes require high temperatures of above 900°C and indicate the need for a catalyst
to decompose tars at temperatures < 900°C.
All the subsequent catalytic cracking tests were performed in a temperature range of 500–
850°C, for which the degree of thermal cracking is < 5% (Fig. 4.3).

4.4 Preliminary Tests with Red Mud
Once the benchmark and thermal tar cracking results had been completed, the second
phase of the project –red mud catalyst testing was initiated. In order to determine the
bulk chemical composition of the red mud catalyst, X-ray fluorescence analysis (XRF)
was performed on an as-received red mud sample. All measurements were carried out by
Bureau Veritas S.A., and the results are summarized in Fig. 4.4.

Fe2O3
38.60

Al2O3
22.70

SiO2

LOI

10.40

9.58

TiO2

Na2O CaO SO3
P2O5 Cr2O3 MgO
(%)
6.70
6.61 3.12
0.59
0.19
0.14 0.12

Figure 4.4: Bulk composition of red mud catalyst as found by XRF analysis
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As can be seen the major component of the catalyst was iron oxide (38.6%), followed by
aluminum oxide (22.7%) and silicon oxide (10.4%). Moreover, the measured
concentrations of the oxides present in the catalyst are in line with the concentration
values reported by the supplier and fall within the range reported in the literature (see
Section 2.6.4.1). To gain a broad preliminary understanding of the performance of the
catalyst, red mud (RM) pellets were exposed to N2- environment for a duration of 4 hours
and their tar removal activity was compared with that of the industrial benchmark Ni
catalyst which had been tested previously. The tests were carried out at a space velocity
of 19,000 h-1 and temperatures of 850°C and 800°C. From the measured naphthalene
concentration in the gas at the reactor inlet and outlet, the conversion was calculated for
all experimental conditions. This calculated conversion includes both catalytic as well as
the thermal conversion reactions studied previously.
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Figure 4.5: Preliminary tests results: performance of (a) Ni catalyst at 850°C and SV =
19,000 h-1, (b) Ni catalyst at 850°C and SV = 4500 h-1, (c) Ni catalyst at 800°C and SV =
19,000 h-1, (d) Red mud catalyst at 850°C and SV = 19,000 h-1, (e) Red mud catalyst at
800°C and SV = 19,000 h-1

4 Results and Discussion

62

As can be seen in Fig. 4.5, the performance of the red mud catalyst was very similar to
the Ni catalyst at both temperatures tested except for the first-hour performance of red
mud at 800°C which was significantly lower than that of the Ni catalyst. The degree of
naphthalene conversion was comparably better at the higher temperature tested for both
catalysts, with the catalytic activity decreasing over time due to deactivation.
The effect of reactor temperature on the catalyst performance was also investigated at a
space velocity of 19,000 h-1 (Fig. 4.6). As expected there was a strong correlation
between temperature and naphthalene conversion at the reaction conditions tested with an
increase of approximately ~10% in tar conversion for every 100°C increase in reactor
temperature.
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Figure 4.6: Effect of temperature on the performance of RM catalyst at a space velocity
of 19,000 h-1
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Although the performance of the catalyst significantly increased with increasing
temperature, the rate of catalyst deactivation did not seem to be significantly affected by
temperature for the range of conditions studied over the testing period (5 hours).
Once the effect of temperature had been investigated, the next step was to evaluate the
effect of space velocity on the reactant conversion (Fig. 4.7). This was achieved by
testing the catalyst at two distinct space velocities of 4,500 and 19,000 h-1 for a testing
duration of 4 h at four different reactor temperatures. Lowering the space velocity by
increasing the amount of catalyst in the reactor tube significantly increased the
naphthalene conversion at all temperatures tested. This could be due to the fact that the
retention time of the naphthalene feed was higher as the space velocity decreased. This
could have resulted in increased contact time between the reactant and the catalyst, and
hence the tar removal efficiency. A more extensive examination of the long-term activity
of the catalyst is required to determine the effect of space velocity on the catalyst
performance. Catalyst deactivation and regeneration pathway studies were not in the
scope of the current project and would need to be investigated in detail in future
experiments.
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Figure 4.7: Effect of space velocity on the performance of RM catalyst over a testing
period of four hours.
In Fig. 4.7, strong temperature effects can again be observed at both space velocities.
While at a space velocity of 19,000 h-1 and temperature of 550°C, naphthalene conversion
reached an average of 14.4% (in 4 h), this value increased to 59.6% and 74.2% at 650°C
and 750°C, respectively, and reached a maximum of 85.2% at 850°C. These results are in
line with the findings of Wang et al. [119], who investigated tar conversion over Fe2O3
powders mixed with natural dolomite. At a space velocity of 12,000 h-1 they reported a
tar conversion of 44% and 97% for temperatures of 650°C and 850°C, respectively.
These authors attributed the high tar conversion levels to the high amounts of Fe2O3 in
their catalyst. The difference between their and our results could be explained by the
different space velocities used as well as the nature of the catalysts tested.
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Overall, the red mud catalyst showed a very high intrinsic catalytic activity for
naphthalene conversion even at temperatures as low as 550°C and space velocities as
high as 19,000 h-1.

Extensive Tests
Promising preliminary results with the red mud catalyst in the initial testing stage
encouraged us to pursue further investigation of the catalyst to determine its long term
activity and performance in reducing reaction environments such as those encountered
with gasification syngas. The presence of reducing agents such as hydrogen could
potentially have several effects on the performance of the catalyst. This could be due to
the interaction of hydrogen with the catalyst surface, altering the physical and chemical
characteristics by reducing the iron phase of the catalyst and affecting the surface area for
instance. These surface effects are discussed in further detail in the following sections.
Additionally, hydrogen could react with the intermediate reaction products and
potentially change the long-term activity of the catalyst [16]. It could also change the
reaction pathway and affect the kinetics of the reaction. In order to delineate these effects,
all tests were initially performed in an inert nitrogen-environment before being repeated
again with hydrogen. Moreover, extensive surface characterization tests were performed
to better track the physical and chemical changes in the catalyst at various stages of the
experiments. In order to investigate these effects the following tests were conducted:
•

Tests with N2: To determine the kinetics of the tar conversion reactions, the red
mud catalyst was tested at four distinct temperatures and five space velocities for
a duration of one hour in an inert nitrogen- environment.
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Tests with H2: The same tests were repeated in a reducing environment (13 vol.%
H2 with balance N2) at four of the same gas space velocities as before, and the
results were compared.

•

Long-term tests: To determine the long term activity of the catalyst, red mud
pellets were tested for a duration of 14 h in the absence and in the presence of
hydrogen.

Detailed discussion of the findings from these tests is presented in the following sections.

4.5 Tests with N2
4.5.1 Catalytic Activity
In order to determine the reaction kinetics of naphthalene removal, the red mud catalyst
was tested at five space velocities, achieved by increasing the amount of catalyst in the
reactor, at reactor temperatures of 500-800°C for a duration of 1 h. At the end of each
hour, the conversion of the naphthalene was determined and the results were plotted-forall-reaction-conditions-tested-in Fig.-4.8.
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Figure 4.8: Effect of space velocity and temperature on naphthalene conversion in pure
N2-environment at space velocities of 4500-19,000 h -1 and temperatures of 500-800°C
As can be seen, increasing the temperature, and increasing the space velocity both
resulted in an increase in naphthalene conversion, which is consistent with the
preliminary test results. Moreover, it can be seen that the gas space velocity had a less
pronounced effect on improving-the-catalyst-naphthalene removal-activity-at-the highertemperatures tested. At a reactor temperature of 800°C for instance, the same conversion
was achieved at a space velocity of 6536 h-1 as with 4508 h-1.
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4.5.2 Kinetic Analysis
In order to determine the apparent reaction rate constant and the apparent activation
energy of the cracking reaction(s), it was necessary to make several assumptions, such as
steady state conditions, as well as plug flow of the feed in the reactor (Appendix H).
Moreover since the amount of gaseous products formed during the reaction was very
small, the volumetric flow rate in the reactor was assumed to remain unchanged. This is
discussed in more detail in Section 4.8. Since determining the exact reaction path of
naphthalene cracking was not in the scope of the project, the constituents were lumped
into one parameter and fitted to a kinetic model. Considering the design equation of
packed bed reactors, the following equations can be derived for a 1st order reaction with
respect to naphthalene:
!!!
= ! −!. !! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.1!
!!
Substituting for FA and CA:
!! = ! !!! . 1 − ! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.2
!! = ! !!! . 1 − ! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.3
Results in:

!!!

!"
= !!. !!! . 1 − ! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.4
!"
!!! = !!! . !

E4.5

!"
!"#
=
!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.6
(1 − !)
!

4 Results and Discussion

69

ln 1 − ! = !!

!
!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.7
!
!

Defining τ, as the mass of catalyst divided by the volumetric flow rate of the feed ( ):
!

ln 1 − ! = !. ! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.8

If the initial assumption of the reaction being 1st order is correct, a plot of ln(1-X) vs. !
should result in a straight line with a slope of k that passes through the origin. This is
shown to be so in Fig. 4.9. Hence the experimental data were first fitted into the first
order kinetic model for each temperature tested. If the data did not follow the first order
trend, they were fitted to higher or lower order models according to the following
equation scheme:

!!!
= ! −!. !! ! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.9!
!!
Substituting for FA and CA as before:
!! = ! !!! . 1 − ! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.10
!!! = !!! . !!!!!!!!!!! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.11
!! = ! !!! . 1 − ! = ! !!! . !.!(1 − !)!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.12
So that:
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!!!
!"
!!!!
=
. !"!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.13
(1 − !)!
!

For n

1:

!!!
(1 − !)!!! !!!!
=
. !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.14
1−!
!

Rearranging gives:
(!!! . (1 − !))!!! =

!
. !. (1 − !)!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.15
!

Taking the logarithm of both sides leads to:

1 − ! . log !!! . 1 − !

= log(

!
) + log(k . (1 − !))!!!!!!!!!!!!!!!!!!E4.16
!

Defining the following:

! = ! log(

!
!

)!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.17

! = !"# !!! . 1 − ! !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.18
! = log(!. 1 − ! ) !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.19
The equation can be simplified to a simple linear form:
! = 1 − ! . ! − !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.20
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Hence plotting the defined parameter Y vs. Z should result in a line, from the slope of
which the reaction order, n, can be calculated. Data fittings were performed with
commercial software OriginLab® that employs the Levenberg–Mardquardt algorithm.
The resulting regression plots can be found in Appendix D. Once the value of n was
known, the following were defined and calculated:
!−1

!.!!0
! =!
!

!! = !
Substituting in E4.14 leads to:

!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.21

(1 − !)!!!
!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.22
1−!

!! = !!. ! + 1!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.23

Hence plotting Equation E4.23, would result in a straight line with a slope of k that
passes through (0,1) (Figs. 4.9-4.12). The results of this analysis are included below.
Note that the higher order reaction scheme was only investigated for data sets that did not
fit in the first order reaction model.
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Figure 4.9: Kinetic results of N2 tests at 500°C; Fitted to a first order model
(n = 1, k = 26.44 ± 0.73 with 95% confidence)
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Figure 4.10: Kinetic results of N2 tests at 600°C
(n = 1.42 ± 0.06, k = 26724 ± 768)
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Figure 4.11: Kinetic results of N2 tests at 700°C
(n = 1.64 ± 0.08, k = 719414 ± 6949)
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Figure 4.12: Kinetic results of N2 tests at 800°C
(n = 1.35 ± 0.05, k = 29175 ± 667)

As can be seen in Fig. 4.9, the data from the tests performed at 500°C fitted in the first
order kinetics model; however, results from tests at 600-800°C had to be fitted in higher
order reaction schemes. To do so, the raw lab data were first fitted in equation E4.20 by
means of linear regression. From this, the reaction order (n) was found to be 1.42
1.64

1

0.08 and 1.35

0.06,

0.051 for temperatures of 600, 700 and 800°C, respectively

The number of significant figures in the reported values were consulted with professor J. Petkau, in the
Department of Statistics at the University of British Columbia.
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(Appendix D). Having evaluated the reaction order, the average values of naphthalene
conversion were fitted to equation E4.23 using weighted least-square method to further
confirm the accuracy of the calculated reaction orders (Figs. 4.9-4.12). The slope of each
of the lines generated corresponds to the apparent reaction rate constant. Since the
reaction order varied with temperature, it was not possible to fit the kinetics data in the
Arrhenius equation for activation energy evaluation. A summary of the apparent reaction
order and rate constants is provided in Table 4.1.

Table 4.1: Apparent Kinetic Parameters of Inert Tests for Temperatures of 600-800°C
Temperature

Parameter

500°C

n
k

600°C

L1.4.kg-1.h-1.mol-0.4

n
k

800°C

m3.kg-1.h-1

n
k

700°C

Unit

L1.6.kg-1.h-1.mol-0.6

n
k

L1.4.kg-1.h-1.mol-0.4

Estimate

Standard Error

1

-

26.44

± 0.73

1.42,

± 0.06

26724

± 768

1.64

± 0.08

719414

± 6949

1.35

± 0.05

29175

667

The kinetics results become more clear when we consider the physical and chemical
changes taking place on the surface of the catalyst through the various stages of the
reaction. Hence it is important to review these characterization results before proceeding
with discussion of the results.
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4.5.3 Catalyst Characterization
4.5.3.1 Catalyst Surface Area
Literature studies (e.g. [26]), suggest that high calcination temperatures would result in
pronounced sintering in red mud. Hence, it was crucial to investigate this phenomenon to
reveal the temperature at which catalytic cracking could operate without causing a large
decrease in surface area. Therefore, the as-received red mud powder was calcined for 3 h
in air at temperatures between 300 and 950°C and the surface area was determined by
single-point BET. The BET results are depicted in Fig 4.13. It can be seen that a steady
decrease in surface area occurred from 300 to 600°C, followed by a more pronounced
drop between 600 and 900°C indicating severe thermal sintering effects in the catalyst
especially at temperatures > 600°C. Indeed, knowing the melting point of the compound,
it is possible to obtain an approximate temperature where sintering effects begin based on
general sintering theories. The onset of sintering effects in solids is commonly calculated
based on the Tamman and Huttig temperatures of the material [120-123], which are
related to the melting point (Tm) according to:
!!"##"$ = !0.5 ∗ !! … … … … … … … … … … . !4.24
!!"##$% = 0.3 ∗ !! … … … … … … … … … … … . !4.25
Assuming a melting point of 1250°C for red mud [124] this temperature should
approximately be between 375 and 625°C, which visually matches with the experimental
results observed.
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Figure 4.13: Effect of calcination on the surface area of as-received red
mud powder determined by single point BET
In order to determine whether the effect of temperature on the surface area would differ
with the addition of a binder to the red mud powder and the pelletization of the catalyst,
the same tests were repeated for the prepared red mud catalyst pellets, where the particles
were calcined for 2 h in air and the effect of temperature on the BET surface area was
examined with multipoint BET.
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Figure 4.14: Effect of calcination on surface area of pelletized red mud catalyst with
multipoint BET
Due to limited resources, the tests could only be performed once. Hence differences that
could arise due to batch-to-batch variability or standard errors in the measurement are not
reflected in the reported values. Moreover, an important parameter that could be studied
in future tests is the effect of calcination time on the surface area, which was not
investigated in the current study.
As can be seen in Fig. 4.14, the effect of calcination temperature on the surface area
seemed to follow the same trend as before where most of the sintering in the catalyst
occurred at temperatures > 600°C. The addition of the binder did not appear to have any
effect on limiting the sintering of the catalyst. Since most of the surface area of a solid
catalyst is normally due to its internal pores rather than the outer surface area, the catalyst

4 Results and Discussion

80

total surface area and pore volume are directly related [125]. This can be seen in Fig. 4.14
where the catalyst pore volume followed the same trend as surface area.
The catalyst average pore size suggests that the catalyst samples tested were mesoporous.
The average pore width seemed to increase slightly from 500 to 600°C followed by a
drastic increase from 600 to 800°C. This trend could again be due to thermal sintering
effects in the catalyst with calcination and, as expected, follows the same trend as the
other two parameters discussed.
Figure 4.15 summarizes the evolution of the pore size distribution of the catalyst with
temperature. Calcination of the catalyst up to a temperature of 600°C did not appear to
result in any observable changes in the pore size distribution of the catalyst. However,
calcination at 800°C led to an increase in the average pore size as is evident from the
second maximum appearing on the distribution graph. The fact that this maximum occurs
at a higher pore size range than for the previous two samples, as well as the drastic
decrease of one order of magnitude in the ratio of the pore volume to pore size (tabulated
on the y-axis) further highlights the effect of sintering in the catalyst with calcination at
temperatures > 600°C.
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Figure 4.15: Effect of calcination on the pore size distribution of the catalyst
Since the surface area of the catalyst has such an important effect on its performance, it
was crucial to determine the amount of surface area reduction after the naphthalene
cracking tests to examine the effect of coke formation, which exists in addition to the
sintering effects studied previously. Hence, catalyst samples that had been used in the
inert catalytic tests at temperatures of 500-800°C and a space velocity of 4500 h-1 were
analyzed in the multi-point BET unit to determine their corresponding surface area and
pore size distribution (Figs. 4.16 & 4.17).
As can be seen in Fig. 4.16, the degree of surface area reduction was more pronounced at
the higher reaction temperatures tested. This is due to the fact that both sintering and coke
formation rates are greater at higher temperatures. The surface area remained almost
constant between temperatures of 600 and 700°C. Looking at the naphthalene conversion
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rates at these two temperatures at a space velocity of 4500 h-1, it can be postulated that the
amount of coke formation at both temperatures was probably very similar since the
naphthalene conversion measured was close for both of these temperatures (Fig. 4.8).
Since the previous study on the effect of calcination was not performed at 700°C, it is
very difficult to test this hypothesis as it is not possible to verify whether the level of
sintering in the catalyst would remain the same between the temperatures of 600 and
700°C.
In addition to coke formation and sintering, another factor that could be intensifying the
loss of surface area in the catalyst is the reaction of naphthalene and the possible byproducts of the cracking reaction such as hydrogen on the surface. These reactions could
lead to chemical transformations inside the catalyst and could increase the level of
sintering. The XRD results of the surface of the catalyst (included in the following
section), demonstrate some of these chemical transformations.
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Figure 4.16: Surface area of post reaction pellets tested in an inert environment
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Looking closely at Fig. 4.16 again, it can be seen that the pore volume decreased
significantly between the temperatures of 500 and 600°C. Since the pore volume was
found to remain unchanged between these two temperatures in the previous calcination
tests, this sudden loss could be due to the changes in the catalyst surface as a result of the
reaction as well as pore blockage due to coke formation. The coke, a product of cracking
reactions, deposits on the surface of the catalyst and blocks active sites. The measured
pore volume seems to have remained unchanged between 600 and 700°C. This might
again be justifiable with the fact that the degree of naphthalene conversion (Fig. 4.8) was
found to be nearly the same. However, a drastic decrease can be observed at the reaction
temperature of 800°C, where possibly the majority of the coke formation and deposition
as well as chemical transformation of the surface of the catalyst take place.
These results are reflected accordingly in the measured values of the average pore size.
In order to determine the pore size region, which seemed to be more active in catalytic
cracking reactions, the BJH pore size distribution of the tested samples were
superimposed in Figure 4.17. As can be seen, the majority of the pores were in the range
of 30-40 A°. However, as the reaction temperature increased to 600°C the majority of the
pores seem to have been blocked/sintered until they were completely vanished at 800°C.
Comparing this to the pore distribution graph obtained previously, Figure 4.15, where the
pore size distribution remained almost unchanged up to a temperature of 600°C, one
could arrive at the conclusion that the majority of the pore blockage observed in Figure
4.17 was due to the reaction itself. Moreover, it seems reasonable to conclude that the
smaller pores (20-50 A°) were more active in the cracking reaction.

d(Pore Volume)/d(Pore Width) (cm3/g-1.nm-1)
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Figure 4.17: BJH pore width distribution of fresh red mud catalyst compared with spent
catalyst after reaction at temperatures of 500 to 800°C
It is generally accepted that physical properties of catalysts such as surface area and pore
structure play an important role in the activity of the catalysts; however, chemical
properties such as crystalline phase and oxidation states of the active sites could have
much greater influence than their physical properties [88]. This is further examined in
Section 4.5.3.3.
4.5.3.2 Structural Analysis
The microscopic structure and qualitative physical changes of the red mud due to
calcination, pelletization as well as catalytic tar cracking was analyzed using a Hitachi
S3000N scanning electron microscope (SEM).
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Figures 4.18 and 4.19 show the as-received red mud and the prepared red mud catalyst,
respectively. No significant difference can be seen between the two materials. Even
though the prepared red mud catalyst seems to be slightly smoother than the raw material,
no obvious agglomeration was observed. The smoother structures are most probably due
to the pre-treatment at 350°C (Section 3.1). Both materials have a high porosity with a
hole diameter ranging between 0.5 and 2 !". Figures 4.20 and 4.21 show red mud
catalyst used for naphthalene conversion over 5 h at 850°C and a space velocity of 19000
h-1. The surface of the used catalyst appears significantly smoother than the raw material.
This change in structure is probably by agglomeration due to exposure to 850°C in
addition to coke deposition in pores. These structural changes are in line with the findings
of Wang et al. [126], who reported the formation of larger grains in a mixture catalyst of
Ni, Fe2O3 and dolomite. They reported the disappearance of porosity after calcination at
1100°C.

Figure 4.18: SEM image of the as-received red mud powder

4 Results and Discussion

Figure 4.19: SEM image of the prepared red mud pellet prior to any reaction

Figure 4.20: SEM image of the red mud pellet after reaction at 850°C
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Figure 4.21: SEM image of the red mud pellet after reaction at 850°C

4.5.3.3 Catalyst Chemical Composition
Powder x-ray diffraction (XRD) in conjunction with thermogravimetric analysis (TGA)
were used to provide information about the nature of the constituent crystalline phases of
the catalyst, as well as to track the evolution of the phases after exposure to naphthalene
at high temperatures. Experiments were conducted on both the synthesized red mud
pellets and the spent catalyst at various temperatures. Nordgren et al. [19] investigated
the catalytic activity of iron-based granules as a tar cracking catalyst in biomass
gasification and found that catalysts in their metallic states exhibit a better tar cracking
capacity compared with their corresponding oxide phases. The extent to which each
phase (metallic or oxide) is present on the catalyst surface is very important. However, it
was not in the scope of this project to provide detailed quantitative characterization of the
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characterization of the catalyst surface would therefore be of great interest.
The XRD pattern of all samples discussed in this section can be found in Appendix E.
Table 4.2 summarizes the mineralogical phases identified in the as-received red mud
powder compared to those identified in a sample of a red mud pellet prepared according
to the pelletization method described previously in Section 3.1. As can be seen, the
addition of the binder and acid treatment of the catalyst did not result in any discernible
changes in the crystalline phases of the catalyst.
Table 4.2: Crystalline phases identified by powder XRD in the as received RM sample at
25°C (left) vs. fresh unspent pelletized RM (right)
As-received
Pellet
Hematite
Antase
Quartz
Goethite
Calcite
Gibbsite
Titanite
Boehmite
NaAlSiO3C(OH)

Hematite
Antase
Quartz
Goethite
Calcite
Gibbsite
Titanite
Boehmite
NaAlSiO3C(OH)

Figure 4.22 depicts the total weight loss of the synthesized red mud pellets in the
temperature range of 24-1000°C (~7.6%), found through TGA under N2 flow at a heating
rate of 10°C/min. As shown, the mass loss region can be divided into three sections. In
order to determine the exact mineralogical phases in the catalyst as well as the reactions
that take place in each section, the same TGA analysis was repeated three times: up to a
temperature of 350°C, 550°C and finally to 1000°C. Powder XRD was then performed on
each of the catalyst samples retrieved after being tested with TGA to determine the nature
of the species formed/decomposed at each stage.
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Figure 4.22: Thermogravimetric analysis of unspent red mud pellet with nitrogen
The first mass loss step of the sample (3.2%) observed in the range of 24-350°C could be
attributed to three separate processes occurring within this temperature range:
evaporation of the free water which occurs within the range of 24-150°C [8-10],
decomposition of goethite to hematite (R4.1)[95, 110, 114, 127]and dehydroxylation of
gibbsite to boehmite at 150-350°C (R4.2)[91, 95, 108, 110, 113, 114, 127-129]XRD
analysis of the post-TGA sample further confirmed these postulates, since goethite and
gibbsite peaks could not be identified in the XRD profile after the TGA analysis (Table
4.3).
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i. Transformation of Goethite into Hematite:
2FeO(OH) →Fe2O3 +H2O ------------!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.1
ii. Dehydroxylation of Gibbsite into Boehmite:
Al(OH)3→AlO(OH)+H2O ------------ !!!!!!!!!!!!!!!!!!!!!!!!!R4.2
Another possibility is the dehydroxylation of gibbsite into anhydrous alumina (R4.3) [91,
95, 110]. However, this could not be confirmed since no corresponding peaks could be
identified for anhydrous alumina in the powder XRD pattern. This could be either due to
the alumina phase contributing towards the formation of Sodium Aluminum Silicate
Carbonate Hydrate, or alternatively, transforming to the amorphous phase.
Al(OH)3 → Al2O3+ H2O -----------!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.3
Table 4.3: Crystalline phases identified by powder XRD at 25°C (left) vs. at 350°C
(right) after exposing fresh unspent catalyst to different temperatures in a N2 environment
25°C
350°C
Hematite
Antase
Quartz
Goethite
Calcite
Gibbsite
Titanite
Boehmite
NaAlSiO3C(OH)

Hematite
Antase
Quartz
Calcite
Rutile
Boehmite
NaAlSiO3C(OH)

The second mass loss step (1.9%) observed in the range 350-550°C could be due to the
evaporation of interstitial water, which exhibits red mud’s good water-retention
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properties [130]. XRD analysis of the sample after TGA indicated the disappearance of
the boehmite phase which had been formed in the previous step. All other phases,
however, remained intact. Hence the decomposition of boehmite could be another
possible route causing mass loss in this stage. From the literature, two possible reactions
could be responsible:
i. Dehydration of boehmite into anhydrous alumina [91, 95, 110, 127, 128] according to:
2AlO(OH) → γAl2O3+H2O

!!!!!!!!!!!!!!!!!!!!!!!!!R4.4

Since no traces of anhydrous alumina were identified in the XRD profile, this reaction
could not be confirmed, given that there is the possibility of the product being in the
amorphous phase.
ii. Complete conversion of Boehmite to Sodium Aluminum Silicate Carbonate Hydrate,which-was-identified-in-the-XRD-patterns.

Table 4.4: Crystalline phases identified with powder XRD at 350°C (left) and 550°C
(right) after exposing fresh unspent catalyst to different temperatures in N2 environment
Calcined at 350°C
Calcined at 550°C
Hematite
Hematite
Antase
Antase
Quartz
Quartz
Calcite
Calcite
Rutile
Rutile
NaAlSiO3C(OH)
NaAlSiO3C(OH)
Boehmite
The third mass loss region (2.5%) was observed within the range of 550-1000°C.
Considering the phases identified in the XRD profile at 1000°C, the mass loss could be
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attributed to the evaporation of the structural water existing in the hydrate salts and at
higher temperatures to the decomposition of calcite to calcium oxide and CO2 (R4.5) [95,
108, 112-114, 127, 128, 131-133]. Another possibility is the reaction of calcium oxide
with titanium and silicon oxides according to reaction scheme 6 [95, 110].
CaCO3 →CaO+CO2-------CaO+SiO2+TiO2 → CaTiOSiO4 (Titanite)

- !!!!!!!!!!!!!!!!!!!!!!!!!R4.5
!!!!!!!!!!!!!!!!!!!!!!!!!R4.6

Above 800°C Sodium Aluminium Silicate Carbonate Hydrate could decompose into
Nepheline [114, 133, 134]. Another change that can be expected is the transformation of
quartz to its polymorph beta-cristobalite [110, 114].
Quartz ! β- Cristobalite !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.7
Table 4.5: Crystalline phases identified by XRD at 550°C (left) and 1000°C (right) after
exposing fresh unspent catalyst to temperature in a N2 environment
Calcined at 550°C
Calcined at 1000°C
Hematite
Hematite
Antase
Goethite
Quartz
Nepheline
Calcite
Titanite
Rutile
Cristobalite, beta
NaAlSiO3C(OH)
NaAlSiO3C(OH)
Figure 4.23 depicts the result obtained for TGA analysis of the as received red mud
samples under N2. As can be seen the total mass loss observed was about 11.1%. The
higher amount of mass loss in this case compared with the synthesized catalyst pellet (Fig
4.22) is due to the fact that the particles are heated to 350°C as part of the pellet
preparation procedure which consequently would remove a large portion of the water
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content that could perhaps still exist in the as received powder.

Figure 4.23: Thermogravimetric analysis of as received red mud powder prior to any
processing with nitrogen

Figure 4.24 shows the TGA curve of spent red mud catalyst which had previously been
reacted with naphthalene at a temperature of 800°C. As can be seen, the sample exhibited
a total mass loss of 3.43%. Since all samples were stored in air-tight, sealed glass vials at
room temperature after the reaction, the probability of moisture adsorption on the catalyst
surface is low. One possibility contributing to the observed mass loss could be the
reaction of the carbon atoms deposited on the surface of the catalyst with oxygen
containing species of the catalyst to form CO2 [135]. This could be confirmed in future
tests by analyzing the outlet gas composition of the gas exiting the TGA device.
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Figure 4.24: Thermogravimetric analysis (under N2) of spent red mud pellet after
exposure to a reactor temperature of 800°C
Comparing the crystalline phases identified in the unspent catalyst exposed to 1000°C
with spent catalyst pellets after 1 and 14 h of reaction leads to some interesting
conclusions, specifically with regards to the iron and iron oxide phases present in the
samples. As can be seen in Table 4.6, with the unspent catalyst the only phases of iron
present were hematite and goethite, even after exposure to a temperature of 1000°C.
However, these phases were transformed to magnetite, wustite and metallic iron once
exposed to naphthalene at 800°C for a duration of one hour. When the catalyst was
exposed to the reactant for a longer period, i.e., for 14 h, the only remaining iron phases
were metallic iron and ilmenite.
These phenomena may be explained by the following reaction scheme. As the cracking
reaction of naphthalene takes place, hydrogen and coke as well as lighter hydrocarbons
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are formed in the reactor. Hematite could both react with the released hydrogen according
to R4.8 to form magnetite and water, or be reduced by the coke generated to metallic iron
[136]. This is in line with visual observations during the experiment. A significant
amount of water was found to have formed during the reaction, on multiple occasions
leading to blockages in the naphthalene collection bottle once the water entered the
colder temperature ice bath and solidified. Moreover, it has been shown in the literature
[137-139] that the temperature of the iron oxide reduction reaction (R4.9) could be
lowered to 800-900°C in the presence of highly reactive coke. As the reaction proceeds,
magnetite could also react with coke and be reduced to wustite and CO (R4.11). This is
in line with the findings of Cahyono et al. [140] who also reported the reduction of their
starting material, iron ore, to FeO as a result of tar decomposition at a temperature of
800°C.
Fe2O3 + H2 ↔ Fe3O4 + H2O!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.8
2Fe2O3 + 3C ! 4Fe + 3CO2!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.9
Fe + 4Fe2O3 ↔ 3Fe3O4!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.10
Fe3O4 + C ! 3FeO + CO!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.11
Fe2O3 → Fe3O4 → Fe1-xO → Fe0
Table 4.6: Crystalline phases identified with powder XRD in fresh unspent catalyst pellet
heated at 1000°C in N2 atmosphere (left) compared with spent catalyst pellets after 1 hour
of reaction (middle) and 14 h of reaction (right)
1000°C
Post Reaction (1h)
Post reaction (14h)
Hematite
Magnetite
Iron
Goethite
Iron
Ilmenite
Nepheline
Wustite
Nepheline
Titanite
Perovskite
Perovskite
Cristobalite, beta
Nepheline
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4.5.4 Discussion

Figure 4.25: The complexity of heterogeneous catalysis [141]
As can be seen in Fig. 4.25, heterogeneous catalysis is a complex process involving not
only the chemical reaction but also material transport at all scales and includes many
steps that ultimately affect the overall kinetics of the process [141]. These include:

Transport of material from the bulk to the surface of the

!

External diffusion

!

Internal diffusion

!

Surface reaction

Diffusion of the products out through the internal pores

!

Internal diffusion

Bulk diffusion of the products out of the system

!

External diffusion

catalyst
Diffusion of reactant from the surface of the catalyst
through the internal pore
Adsorption of the reactant on the active site(s)
Chemical reaction
Desorption of product(s) from the active site(s)
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What is evident from the catalyst characterization results is the physical and chemical
evolution of the catalyst pellets as a result of being exposed to different temperatures and
reactive media. As could be seen from the powder XRD results, the nature of the phases
of iron present in the catalyst was a direct function of the temperature it was exposed to
in addition to the reaction time. Hence it may not be unreasonable to imagine that the
pathway that the reaction takes place at each temperature tested could differ from the
other as a result of these differences in the chemical structure of the catalyst. This is
directly reflected in the apparent reaction orders found from the experimental data (Figs.
4.9-4.12 & Table 4.1). It can be seen that the reaction order (n) changed from 1 to 1.42,
1.63 and ultimately to 1.35 for reactor temperatures of 500°C to 800°C.
Moreover, as the catalyst is exposed to different temperatures, the degree of pore volume
and surface area loss is also varied. These changes are functions of the degree of
sintering, as well as fouling due to carbon deposition that takes place during the reaction
as reflected in the BET surface measurement data previously reported (Figs. 4.14 &
4.16). As a result, there would be significant differences in the internal mass transfer
resistances through the catalyst pores at each reaction condition tested. Hence, looking
back at Fig. 4.25, the catalyst would be going through various changes: from changes in
the nature of the active sites due to chemical transformation of the iron component, to
changes in the internal pores of the catalyst as a result of sintering and fouling, to finally
overall changes in the catalyst pellet that result in deactivation and decay over reaction
time.
The other interesting observation from the kinetics data is the fractional (non-integer)
nature of the apparent reaction order at temperatures of 600, 700 and 800°C. This effect
could be indicative of two points:
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The reaction is not elementary and involves a complex reaction network involving
various intermediate and final products in the process. Since the nature of the
reaction products could not be identified with the resources available, and
determining the mechanism of the reactions taking place was not part of the
project objectives, this point has not been explored further.

•

Considering the Langmuir-Hinshelwood equation for surface reactions:
−!! = !

!! . !!!
!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!(!"#)!
!
! !! . !!

the non-integer nature of the reaction order could indicate that the denominator of the
Langmuir-Hinshelwood equation is becoming dominant, i.e., the occupation of the
active sites by the adsorbed reactant as well as adsorbed products cannot be
neglected and is manifested in the apparent reaction rate measured.
Moreover, the effect of temperature on coke generation was very striking (Fig. 4.26);
however, as mentioned previously, the deactivation mechanisms and kinetics were
beyond the scope of the current study.

(a)

(b)

(c)

Figure 4.26: Carbonaceous deposits on the surface of the catalyst at (a) 600°, (b) 700°C,
(c) 800°C
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4.6 Tests with H2
4.6.1 Catalytic Activity and Kinetic Results
Figure 4.27 summarizes the findings from the naphthalene conversion experiments in the
presence of 13 vol.% H2 with balance N2, conducted at four temperatures and four space
velocities. As with previous tests with N2, hydrogen tests exhibited a similar trend where
increasing the space velocity and the temperature both had a significant effect on
improving the tar removal efficiency. Figures 4.28-4.31 compare the naphthalene
removal efficiency of the catalyst in the presence and absence of H2 at each-of-the-spacevelocities-tested.
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Figure 4.27: Results of naphthalene cracking tests performed at temperatures of 500800°C at space velocities of 4508-18674 h-1 with 13 vol.% H2 in balance N2
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Figure 4.28: Results of naphthalene cracking test with 13 vol.% H2 at a space velocity of
18,600 h-1
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Figure 4.29: Results of naphthalene cracking test with 13 vol.% H2 in balance N2 at SV =
9,300 h-1
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Figure 4.30: Results of naphthalene cracking test with 13 vol.% H2 at SV = 6500 h-1
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Figure 4.31: Results of naphthalene cracking test with 13 vol.% H2 in balance N2 at
SV=4,500 h-1
As with the nitrogen tests, a similar attempt was made to determine the kinetic
parameters of the reaction with H2, the results of which are summarized in Figures 4.324.35. As can be seen, the reaction was found to be 1st order for all the temperatures tested
in the presence of H2, with the slope of each plot representing the reaction rate constant
(k) (Table 4.7). Since the order of the reaction remained the same (1st order) in all the
tests, the Levenberg-Marquardt algorithm was used to fit the reaction rate constants
found in the Arrhenius equation using commercial software OriginLab®.
!!

! = !! !!" !!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!E4.24
Hence, the apparent activation energy of the reaction (in 13% H2) was found to be 37.3 ±
4.0 kJ/mol (Fig. 4.36).
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Figure 4.32: Results of the kinetic analysis for test with 13 vol.% H2 test at 500°C
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Figure 4.33: Results of the kinetic analysis for experiment with 13 vol.% H2 test at
600°C
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Figure 4.34: Results of the kinetic analysis for experiment with 13 vol.% H2 test at
700°C
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Figure 4.35: Results of the kinetic analysis for experiment with 13 vol.% H2 test at
800°C
Table 4.7: Kinetic rate constant of naphthalene cracking with red mud in presence of 13
vol.% H2 at the reaction temperatures tested
Temperature (°C)

k (m3.kg-1.h-1)

Standard error

500

20.91

0.47

600

31.92

1.53

700

66.14

1.62

800

94.41

15.04
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Figure 4.36: Activation energy for naphthalene cracking on red mud with 13 vol.% H2 in
balance N2
As in the previous section, it is essential to review the results of the catalyst
characterization tests in order to better understand the kinetics results.

4.6.2 Catalyst Characterization
4.6.2.1 Catalyst Surface Area
In addition to the effects of sintering discussed previously, the introduction of H2 to the
system and the consequent reduction of the catalyst particles would have a direct effect
on the catalyst physical properties such as its surface area and pore size. In order to
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investigate this effect, the prepared catalyst pellets were reduced in 13 vol.% H2 in N2 for
2 h and then analyzed with multi-point BET for surface characterization.
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Figure 4.37: Multi-point BET surface area of reduced red mud pellet
As can be seen in Figure 4.37, the reduction of the catalyst pellets had a drastic impact on
their surface area, as well as pore volume and pore size even at the lowest temperature
tested (500°C). The surface area was measured to be 20.0, 17.8, 12.3 and 6.6 m2/g at
temperatures of 500, 600, 700 and 800°C, respectively, showing a drastic reduction
compared to the original catalyst surface area of 38.1 m2/g. Moreover, comparing these
values to the results from Figure 4.14, where the effect of calcination temperature was
examined, it can be immediately noticed that the surface area measured was almost
halved by the addition of hydrogen at each of the temperatures tested. This is similar to
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the findings of Costa et al. [115] who also studied the effect of reduction with H2 on the
surface area of red mud, and observed an increase in the degree of surface area reduction
in their catalyst with increasing temperature. The authors attributed this decrease to the
reduction of the iron oxide, “the breakdown of Al-hydroxides and sodalite-type
minerals”, as well as sintering, all of which are pronounced with temperature. Bukur et al.
[142] studied the same phenomena on an iron-based Fischer-Tropsch (FT) catalyst and
observed minimal decrease in catalyst surface area at a calcination temperature of 300°C.
However, when the same catalyst was reduced with H2 at 280°C, the surface area was
found to have been reduced from the initial value of 295 to 136 m2/g, i.e., more than 50%
lower than the original surface area due to the collapse of the Fe2O3/FeOOH network.
Bian et al. [142] also found a decrease in their FT iron catalyst surface area, in their case
from 38 to 7 m2/g after reduction with H2 at 300°C.
It should be emphasized that an important factor that could have an impact on the degree
of surface sintering, and consequently the surface area of the catalyst could be the rate of
temperature increase in the system, which was not investigated in the current study.
Decreasing the temperature ramping rate of the reactor should be studied in the future as
a possible way of minimizing the surface area losses in the catalyst.
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4.6.2.2 Catalyst Chemical Composition
In order to determine the nature of the crystalline phases in the catalyst after reduction
with H2, powder XRD technique was again used on samples reduced at 500 and 800°C
(Table 4.8). It can be seen that the entire iron phase of the catalyst was reduced to
metallic iron, in spite of the high degree of sintering and surface area reduction that
occurred in the catalyst at these temperatures, especially at 800°C. In contrast, Bian et al.
[143] found that not all of the iron oxide phase of their catalyst was reduced to metallic
iron. This was due to the quick sintering of their catalyst in the presence of H2, which
inhibited the internal iron oxide-containing particles from reduction. In their case, this
was resolved by reducing the temperature ramping rate to 0.2°C/min.
Table 4.8: Crystalline phases of RM by Powder XRD after reduction with 13 vol.% H2
Calcined at 1000°C
Hematite
Goethite
Nepheline
Titanite
Cristobalite, beta
NaAlSiO3C(OH)

Reduced at 500°C
Iron
Anatase
Rutile
Calcite
Quartz
NaAlSiO3C(OH)
Nepheline

Reduced at 800°C
Iron
Nepheline
Perovskite

Table 4.9: Crystalline phases of RM as determined by Powder XRD after reaction with
naphthalene in the presence of 13 vol.% H2
1h Reaction with H2
Iron
Nepheline
Titanium oxide
Aluminum oxide

14h Reaction with H2
Iron
Nepheline
Aluminum oxide
Titanium oxide
Rutile
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4.6.3 Discussion
Returning to our original discussion of the catalytic activity and looking at Figs. 4.284.31, it can be seen that at the lower reaction temperatures tested (500 and 600°C), the
first-hour conversion was slightly lower when H2 was present than with pure N2;
however, for the higher temperatures tested (700 and 800°C) there were no significant
differences in the level of conversion with the addition of H2, with the exception of SV =
6300 h-1 and T = 800°C, where the 1-hour conversion was recorded to be lower in the
presence of H2. However, since the replicates of this data point had to be disregarded due
to instabilities in the hourly naphthalene feed during the experiment (explained in more
detail in Chapter 3), the errors associated with this data point might be significant.
These observations are in contrast to the findings of Tamhankar et al.

[87] who

investigated benzene conversion with an iron-oxide/silica catalyst at a reactor
temperature of 650°C and found that under identical conditions the catalyst performed
significantly better in the presence of hydrogen. In that case, Mossbauer spectroscopic
analysis of the catalyst revealed that the hematite phase only reduced to magnetite in the
absence of hydrogen, while it was further reduced to metallic iron in the presence of H2,
which the authors believed explained the improvement in catalytic performance.
Attempts to perform the Mossbauer analysis on our tested catalysts were unsuccessful,
since to the best of my knowledge only one such device is in operation in Canada.
Instead, X-ray powder diffraction techniques were utilized, with the results being
previously presented. From Table 4.5, it can be seen that iron oxide in the form of
magnetite and wustite were detected in addition to metallic iron when pure N2 was used,
whereas, when H2 was used no iron oxides were detected (Table 4.8). However, since the
quantities of these phases were not measured, it is difficult to draw any conclusions from
these observations.

4 Results and Discussion

112

Moreover, the apparent reaction order was found to be equal to one for all reaction
temperatures tested. This once again differed from what was previously found in
reactions with pure N2 and could be explained by differences in reaction pathways in the
presence and absence of H2. This is evident from the differences in physical and chemical
characteristics of the catalyst between these two cases, which were discussed in more
detail in the previous section; specifically the differences in the phases of iron present in
the catalyst and consequently the nature of the active sites.
From the Arrhenius plot generated from the naphthalene conversion measurements, the
activation energy of the reaction was calculated to be 37.3 ± 4.0 kJ/mol. The low level of
the activation energy calculated could be justified considering the size of the catalyst
pellets used in the experiments, 2 x 7.5 mm, which would result in large internal mass
transfer limitation effects. Generally, without the use of any catalyst, reforming of tars
mainly occurs at high activation energies of 250–350 kJ/mol [13]. For instance, the
activation energy for thermal conversion of naphthalene with H2O and H2, in the absence
of any catalysts, has been reported to be 350 kJ/mol [144]. This value, however, can be
significantly lowered with the use of an appropriate catalyst. Table 4.10 summarizes
some of the reported values in the literature for naphthalene reforming. It should be noted
that a main problem in comparing these values is the fact that they have been conducted
in different reaction conditions such as different media, different naphthalene loadings, as
well as different reactors with different boundary conditions which, in addition to
differences in the cracking reaction paths, could result in vast differences among them.
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Table 4.10: Comparison of activation energies reported in the literature for naphthalene
cracking with various catalysts
Media

Catalyst

Eapp (kJ/mol)

Reference

H 2 O + H2

Ni

332

[118]

Air

Pt/Al2O3

150

[145]

Syngas

Olivine

141

[146]

8% H2 in N2 + H2O

Char

63-72

[27]

O3 + O2 + N2

Pt/Al2O3

68

[147]

N2

Ni-Fe-dolomite

64

[148]

H2O + syngas

Char

61

[149]

13 wt.% H2 in N2

Red mud

37

This study

4.7 Long-term Tests
Due to restrictions in time and resources, long term tests were only performed for a space
velocity of 5229 hr-1 and a reactor temperature of 700°C, and, unfortunately, could only
be carried out once. The main objectives of this test were to observe the trend in catalyst
deactivation and to determine whether the addition of hydrogen would have any effects in
the long term activity of the catalyst compared with pure N2 in terms of the rate of
deactivation.
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Figure 4.38: Long term activity of the RM catalyst in pure N2 and 13 vol.% H2 in balance
N2 at SV = 5229 h-1
As can be seen in Fig. 4.38, in the absense of hydrogen there was a slow, steady decrease
in the catalyst activity in the first 3 hours of the experiment. The activity remained
relatively constant for the next 6 hours of the test, followed by a sharp decrease after the
10th hour, until the removal efficiency reduced to 65% at the end of the 14th hour. When
hydrogen was added to the system, however, the activity of the catalyst improved from
95% to 99% within two hours of testing. This could be because the catalyst was not prereduced prior to the test and hence once the iron containing phase of the catalyst was
fully reduced during the first two hours of the experiment, the removal efficiency
improved. This is in line with the findings of Tamhankar et al. [87] who tested both prereduced and fresh iron oxide-based catalyst samples for benzene cracking and found that
with the pre-reduced catalyst 100% benzene conversion was reached instantly; while,
with the fresh catalyst the conversion was lower in the beginning and improved to the
same level as the pre-reduced catalyst after a time corresponding to the reduction time of
the catalyst. Nordgreen et al. [19] tested iron oxides as well as metallic iron as a tar
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cracking catalyst and found none of the iron oxides posessed catalytic activity towards
carbon breaking, while metallic iron exhibited a good performance. The results of
experiments of Noichi et al. [88] with Fe-Al and Fe-Zr catalysts for steam reforming of
naphthalene also showed that metallic iron provided the catalytic active sites.
Over the 14 h of the experiment, the catalyst activity remained very high at 100%. This is
again similar to the findings of Tamhankar et al. [87] who examined an iron based
catalyst for cracking of benzene, and observed that their reactant conversion stayed very
high for 9 h when hydrogen was added to the system compared to when tested in an inert
reaction environment.
The addition of hydrogen to the reaction environment could affect the long term activity
of the catalyst by not only changing the reaction path, but possibly also due to
hydrogenation of intermediate cracking products, hence preventing the catalyst active
sites from blockage by removing coke pre-cursors [87]. In order to test this hypothesis
additional testing needs to be performed on the catalyst.

4.8 Products
The possible products expected from the naphthalene cracking reactions included other
condensed tertiary tars such as benzene, alkyl tertiary tars such as toluene, paraffins, noncondensables (ethane, methane, H2), as well as carbonaceous residue (coke). However,
with the resources available for these experiments, the only reaction products that could
be identified were coke residues deposited on the surface of the catalyst, as well as water.
As described in Chapter 3, the gaseous product from the cracking reaction exiting the
reactor was first bubbled through a bottle of cooled acetone (at -60°C) in order to
condense and collect the condensable reaction products from the gas stream, and was
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consequently sent to a Mandel SRI 8610C GC for analysis to determine the remaining
non-condensable products. From the analysis of the collected acetone solution in a
Shimadzu QP-2010S GCMS, the only product that was ever identified in the liquid
stream was the remaining unreacted naphthalene. Formation of water during the reaction
was visually detected in the set up since the acetone-containing collection bottle was
blocked on multiple occasions during the experiment due to the condensation of the water
present in the gas phase. Moreover, no other gaseous products could be detected in the
GC. Considering that only about 100 ppmV of naphthalene was ever fed to the system,
this was possibly due to the very low concentrations of the by-products formed, which
were probably below the detection limits of the GC available for these analysis.
Considering the stoichiometry of the cracking reaction of naphthalene in N2 to methane,
for instance, it can be readily calculated that the maximum amount of methane formed
during the reaction, assuming a complete conversion of naphthalene to methane would be
~8E-03 ppm, and hence very challenging to detect.
C10H8 ! 8C + 2CH4!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!!R4.12
In simple thermal conversion of naphthalene with H2 and steam without any catalysts,
Jess et al. [118] found the main reaction products to be soot, CO, CO2, benzene, methane
and C2 hydrocarbons (mainly ethene), as well as small amounts of indene, indane,
dihydronaphthalene and toluene. In steam reforming of naphthalene on Fe-Zr and Fe-Al
catalysts with 20 vol.% H2 in N2, Noichi et al. [88] found the reaction products to be CO,
H2 and small amounts of CO2. Tamhankar et al. [87] found methane to be their only
detectable product in catalytic cracking of benzene over an iron oxide-silica catalyst with
10-25 vol.% H2 in N2. Furusawa et al. [150] tested a Ni/MgO catalyst in steam reforming
of naphthalene in an inert gas mix (N2/Ar), and found H2, CO2, CO, CH4 and C2H4 as their
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reaction products; however, when they increased the Ni content of their catalyst no more
CH4 and C2H4 could be detected in their product stream.
The tendency towards coke formation during tar cracking increases with the molecular
weight of the reactant [29]. According to Tamhankar et al. [87] the intermediate coke
precursors in the form of reactive α-carbon could either react with the hydrogen present
in the reaction environment to form methane or transform to a more stable, unreactive
form of carbon, β-carbon, which is responsible for catalyst deactivation. Hence if the rate
of formation of β-carbon is higher than hydrogenation of α-carbon, the catalyst will start
to decay. In order to test this hypothesis, the surface of the catalyst would need to be
examined more carefully at various stages of the experiment.
Figure 4.39 has been removed due to copyright restrictions. It was an image of the
deactivation routes of the catalyst due to coke formation [16, 27].

In an attempt to determine the amount of carbon deposited on the catalyst surface during
the reaction, CHN analysis was performed on a sample of the spent catalyst. To account
for the amount of carbon that already existed in the catalyst from before,

it was

necessary to perform the same analysis on a sample of the fresh red mud catalyst to
establish a baseline. Since the amount of carbon deposition was not uniform throughout
the catalyst bed, with the majority of the carbon deposited on the upper catalyst particles,
the entire catalyst sample collected after the experiment was ground and mixed before a
small sample was taken for CHN analysis. The results of this analysis are summarized
below.
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Table 4.11: CHN analysis of the fresh and spent catalyst pellet
Results (%)

Sample

C

H

N

Fresh

0.68

<0.3

<0.3

Spent

0.69

0.61

<0.3

It can be seen that the degree of increase in the amount of carbon detected in the catalyst
is very small when comparing the spent catalyst to the fresh sample. This is due to the
highly alkaline nature of red mud and the fact that CO2 from the atmosphere is adsorbed
chemically into it. In fact there is a great body of literature related to the use of red mud
as a carbon sequestration agent. Part of the CO2 reacts chemically with Ca and Na
hydroxides in the red mud and is bound to it chemically [151-155]. Since the CO2 is
adsorbed from the atmosphere, the majority of this would exist on the surface of the
material. This is further supported by the atomic percentage of elements found on the
near-surface region of the catalyst with XPS (Table 4.12).
Table 4.12: XPS analysis of fresh and spent RM catalyst surface
Sample

Atomic (%)
Si

C

O

Na

Al

Fe

Ti

Ca

RM Powder

2.80

49.90

34.31

2.84

7.82

1.23

0.75

0.35

Fresh RM Pellet

3.53

48.99

33.19

2.05

10.13

1.23

0.87

-

Fresh-RM-Pellet*

3.23

53.23

31.35

2.15

8.02

1.28

0.74

-

Spent RM
3.59 56.59
*Prepared-right before analysis.

26.88

2.44

8.14

1.23

0.62

0.5
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As described in Chapter 3, the last step of the catalyst preparation procedure includes
heating the prepared pellets to 350°C. The fact that the amount of carbon detected in the
fresh catalyst pellet is still very high, suggests that the adsorbed carbon from the
atmosphere cannot be easily removed by simple heating. In order to test this hypothesis
and investigate whether the detected carbon could have been adsorbed on the surface of
the catalyst in the time interval between catalyst preparation and testing, XPS was
repeated on a catalyst sample which had been freshly prepared and heated right before the
analysis at 350°C for 24 hours, and similar results were observed. This proves that indeed
the detected carbon on the catalyst surface could not be removed by heating. Moreover,
the amount of carbon that could potentially be formed through the course of the reaction
and be deposited on the catalyst is very small compared to the carbon adsorbed from the
atmosphere in the form of CO2. Let us consider the naphthalene feeding rate which is
0.014 g/h (i.e. 0.013 g of C/h). Even assuming the most extreme case, i.e., 100%
conversion of the reactant to coke deposited on the surface of the catalyst this would only
constitute 0.22 wt.% of the total mass of the catalyst. Hence, measuring the amount of
deposited carbon from naphthalene during the reaction on the catalyst surface would be
very challenging. This problem may be avoided by using higher naphthalene
concentrations in the feed and/or prolonging the duration of the experiment in future tests
in order to generate enough coke deposit on the catalyst surface for analysis. Moreover,
the results found may be indicating to the fact that coke deposition may not be a major
factor in catalyst deactivation in the tests conducted, and perhaps catalyst sintering and
chemical structure change are the major causes of deactivation.
There could also potentially be two main problems with this analysis. One, is that the
catalyst consists of about 10% silicon oxide, which according to the literature may
interfere with the CHN carbon content analysis by forming silicon carbide [117]. The
second is that a fraction of the carbon was deposited on the bed support material as well
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as the reactor surface, in close proximity to the catalyst, which was not accounted for in
the previous analyses.
An attempt to perform TGA on the spent catalyst pellet with air also proved to be
unsuccessful for measuring the amount of carbon deposited on the catalyst surface. This
was due to the oxidation of the iron-containing phases present in the catalyst with air that
resulted in a mass gain of ~4% in the catalyst (Fig. 4.40). Combining the TGA analysis
with mass spectrometry and the analysis of the evolved gases, would enable the
determination of the amount of carbon deposited on the catalyst in future tests.
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Figure 4.40: TGA analysis of spent catalyst with air
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Chapter 5
Conclusion
The main focus of the research project at hand was to investigate the peformance of red
mud in removal of naphthalene as a model compound of biomass gasification tar. This
was achieved by measuring the hourly naphthalene conversion of the catalyst at five
space velocities and four reactor temperatures in the range of 500-800°C, in both a N2
environment, and with 13 vol.% H2 with balance N2. The information gained from these
tests was used to determine the apparent kinetic parameters of the reaction with red mud.
Moreover, the activity of the catalyst was studied for a duration of 14 hours in both
reaction environments to determine the long-term performance of the catalyst. The
physical and chemical characteristics of the catalyst were studied prior to and after
exposure to naphthalene to track the evolution of the catalyst as a result of the chemical
reaction. In addition, the effects of calcination temperature and catalyst reduction with H2
on the surface characteristics were investigated. Some of the insights gained through
these experiments are summarized below:
•

Temperature and space velocity were both found to have strong effects on
improving the conversion of naphthalene with red mud.

•

Preliminary benchmark tests revealed that the activity of the red mud catalyst was
comparable to industrial Ni catalyst at temperatures of 800 and 850°C and a gas
space velocity of 19,000 h-1.

5 Conclusion
•

123

The addition of hydrogen to the reaction environment did not result in any
changes in the activity of the catalyst at the higher temperatures tested (700 and
800°C); however, at the lower reactor temperatures of 500 and 600°C, the
performance of the catalyst was better in the N2 environment.

•

For the N2 tests, kinetic analysis of the data showed a change in the apparent order
of the reaction from 1 to 1.42, 1.64, and 1.35 for reaction temperatures of 500,
600, 700 and 800°C, respectively. Surface analysis of the catalyst, using BET
analysis, SEM and XRD revealed drastic physical and chemical changes in the
catalyst with temperature. This could potentially result in changes in reaction
mechanism, which would ultimately be manifested in the kinetic parameters
measured.

•

The non-integer form of the reaction orders measured suggest that the kinetics of
the adsorption of the other species present in the reaction environment on the
catalytic active sites become non-negligible, affecting the apparent reaction order,
considering the Langmuir-Hinshelwood equation.

•

In the N2 environment tests of naphthalene with red mud, the iron oxide phase of
the catalyst was found to have transformed from hematite and goethite to
magnetite, wustite and metallic iron after 1 hour of experimentation at 800°C.
When tested for 14 hours, these phases were found to have transformed
completely to metallic iron and ilmenite.

•

For the tests in the reducing reaction environment, the reaction was found to be of
1st order for all temperatures tested. From the observed kinetic rate constants, the
activation energy of the reaction was calculated to be 37.3 ± 4 kJ/mol.
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The reduction of the catalyst with hydrogen was found to have a severe impact on
the surface area of the catalyst, reducing it by ~50%. XRD analysis of the catalyst
surface revealed the only iron-containing phase of the catalyst to be metallic iron
after reduction with H2.

•

Measurements of the activity of the catalyst over 14 hours of experimentation,
showed the activity of the catalyst to decrease with time as a result of catalyst
deactivation when tested in a N2 reaction environment. In the presence of 13
vol.% H2, however, the activity was found to remain very high for the entire
duration of the experiment.

•

CHN and XPS analyses of the catalyst revealed a high carbon content on the
surface of the catalyst as a result of CO2 adsorption from the atmosphere. The
adsorbed carbon could not be removed from the catalyst by simple heating under
air.

•

The only reaction products detected during the tests were water and carbonaceous
species (coke) on the surface of the catalyst.

5.1 Recommendations
There are many areas of this project that should be investigated in more depth in future
tests. These include:
•

Investigating the effect of calcination time and heating rate on the surface area
and pore size distribution of the catalyst.

•

Performing quantitative XRD analysis of the catalyst. Qualitative powder
XRD has already been performed in this study to evaluate the evolution of the
crystalline phases of the catalyst as a result of calcination, reduction and
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exposure to the reaction conditions, and to determine the nature of the iron
oxide species formed at each stage. Quantifying the amount of each mineral
phase present would help gain more insight about the catalyst.

•

The TGA measurements should be coupled with mass spectrometry to
determine the nature of the products formed during the thermal analysis tests.
Additionally, this would allow for the measurement of the amount of
carbonaceous species existing on the spent catalyst.

•

Further investigation of the long-term activity and exploration of the
deactivation rate of the catalyst should be conducted, in both N2 and H2
environments. Moreover, the regenerability of the catalyst should be tested.
This could be achieved by heating the spent catalyst pellets in the reactor in
presence of oxygen to burn the deposited coke. The catalyst should then be
tested again in the reactor to determine its performance.

•

Different pre-treatment processes of red mud should be explored to further
increase the surface area and decrease the degree of sintering (as a result of
calcination and reduction with H2). In this study, catalyst particles in the shape
of cylindrical pellets were tested. Various other particle shapes of the catalyst,
for instance spherical, should be tested. Moreover, the catalyst pellets could be
pre-reduced in a stream of hydrogen at elevated temperatures of ~800°C in
order to convert the iron-oxide content of the red mud to metallic iron prior to
testing with naphthalene.

•

The conversion of naphthalene should be tested in the presence of syngas.
This was one of the preliminary objectives of the project; however, limitations
in time did not allow further investigation. Since iron-based catalysts are very
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active in Fischer-Tropsch synthesis, the activity of the catalyst needs to be first
evaluated only with syngas, without the input of any tar compounds to
determine the conversion level of CO. The addition of syngas to the system
could lead to a significant increase in the carbon formation and deposition on
the catalyst as a result of the Fischer-Tropsch synthesis.

•

Investigate the activity of the red mud catalyst in cracking other tar
compounds such as benzene, toluene, and phenol. Moreover, the simultaneous
addition of two or more of these compounds in the system would allow the
selectivity of the catalyst towards reforming each compound to be determined.

•

Investigate the ability of various catalyst promoters and support materials to
increase the surface area and durability of the catalyst, as well as to enhance
the tar cracking activity.

•

Test the catalyst with slip-streams from the Highbury/UBC Dual Fluidized
Bed Gasifier, and the Nexterra/UBC Bioenergy Research and Demonstration
Facility (BRDF).
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Appendix A
Theoretical Naphthalene Feeding Rate
From the Antoine equation constants of naphthalene, the vapour pressure vs. temperature
plot can be constructed as is shown in Figure A1.
Table A1: Antoine equation constants of naphthalene [156, 157]
y = A*(ln T) + B/T + C + D*T^2
T>355 K

y

A

B

C

D

ln(Pvp)

-7.6706

-8563.7

68.8881

2.8621E-06

y

A

B

log(Pvp)

11.579

3783

y = A - B/T
T<355 K

50

Vapor Pressure [kPa]

40

30

20

10

naphthalene
0
270

320

370

420

Temperature [K]

Figure A1: Equilibrium vapour pressure of naphthalene vs. temperature
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Assuming an ideal gas mix, the following relation holds:
!!
!!
= ……………………………..…………! − 1
!! !!
Where Pi and PT refer to the partial pressure of each gas component and the total pressure
of the mixture, and Vi and VT refer to the partial volume of the component and the total
volume respectively.
From the Antoine equation, the partial pressure of naphthalene at an equilibrium
temperature of 53°C is found to be 0.1310 kPa. Assuming atmospheric pressure in the
feed flask, the volume fraction of naphthalene in the gas phase can be calculated as:

!"#!% =

!!"#!!!!"#$#
0.1310!!"#
=!
= 0.1297!% … … … . . . . ! − 2
!!
101!!"#

!! = ! !!"#!!!!"#$# + ! !!! … … … … … … … … … … … … ! − 3

Since !!! = 38 mL/min at 53°C, !!"#!!!!"#$# is calculated to be 0.0455 mL/min.
Assuming the ideal gas law holds:
!" = !"# … … … … … … … … … … … … . . . ! − 4
The molar flow of naphthalene is calculated to be 0.00171 mol/min. Hence, the
theoretical hourly amount of naphthalene fed is calculated to be 0.01318 g/h.
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Table A2: The theoretical net hourly amount of naphthalene feeding rate
MFC1_naph
MFC_N2 at 25°C
T naph
Vol.% naph
ppmV naph

L/min
L/min
K

0.035
0.35
326.15
0.1310
1310.326

Vol naph
Mol mass naph
Mass naph
Mass naph
Concentration naph

L/min
mol/min
g/min
g/h
g/m3

0.00005
0.00000
0.00022
0.01318
6.278

Experimental time
Total naphthalene evaporated

h
g

1
0.01318
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Appendix B
Benchmark Test Operating Parameters
The main test parameters of benchmark tar cracking experiments were developed in a
joint meeting between UBC, Fraunhofer Umsicht and ISE and are summarized in Table
B1.
Table B1: Main parameters of benchmark tar cracking experiments
Parameter
Reactor inner diameter (ID)
Catalyst (bed) length
Height to diameter ratio
Carrier gas
Volumetric gas flow rate
Gas residence time
Gas velocity in reactor
Space velocity at STP (GHSV)
Benzene load
Benzene concentration
Naphthalene load
Naphthalene concentration
Temperature range

Unit
mm
mm
L/min
s
cm/s
h-1
Vol.%
g/m3
ppmV
g/m3
°C

ISE
21.00
42.00
2.00
N2
1.60
0.80
10.50
4500.00
0.13
4.50
100.00
800 -1050

Umsicht
18
34
1.9
Syngas
2
0.04
52
16 000
0.15
5.2
370
2.1
700 - 900

UBC
15
30
2
N2
0.398
0.8
42.71
4500

100
800-950
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Agreed-upon Catalyst Activation Procedure
The benchmark catalyst was an industrial Ni-based catalyst provided by JohnsonMatthey©. In order to activate the catalyst, the desired amount was placed in the reactor
and was heated at 650°C for 3 hours under a constant flow of 10 vol.% H2 in balance N2.
Table B2: Benchmark catalyst activation parameters
Carrier gas

N2

Gas mixture H2 concentration

%

5-10

Activation temperature

°C

650

Duration

h

Volume flow total

mL/min

44.0

Volume flow H2

mL/min

4.0

Volume flow N2

mL/min

40.0

3
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Appendix C
Naphthalene Conversion Calculation
In order to perform the sample calculation, the 1st and 2nd hour measurements of one
sample test are included below. The test was completed under 13 vol.% H2 in balance N2
over a duration of 1 hour with 3.85 g of catalyst (GHSV = 5229 h-1) at 700°C.
From the mass of the impinger bottle prior to and after the addition of acetone, the net
amount of acetone initially added to the bottle was calculated to be 177.6 g, which
corresponds to 0.225 L of acetone. After the 1st hour of the experiment through the
bypass line, three samples were taken from the impinger bottle (vials 1-1 to 1-3). The net
amount of sample taken from each vial is measured. From the area of naphthalene found
through the GCMS and the calibration constant, the concentration of naphthalene in each
vial is calculated. The average weight of naphthalene in the impinger bottle and the
corresponding standard error were then calculated according to:

!! !"# = !! !.

!" = !

!
√!

!!
………………………………..! − 1
3

………………………..…………..! − 2

Where m(avg) refers to the average weight of naphthalene in the impinger bottle, Vi
refers to the volume of acetone in the impinger bottle (prior to taking the samples), Ci is
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the concentration of naphthalene in each sample vial, ! is the standard deviation of the
weight of naphthalene in the sample vials and n is the sample size (3).
As can be seen in Table C1, the first-hour amount of naphthalene measured through the
bypass line was 0.0153g. This value was used as the hourly amount of feed to calculate
the degree of conversion for all the following hours of the experiment.
The net amount of acetone left in the impinger bottle (Vi) was calculated by subtracting
the amount of the samples taken during the 1st hour (Vials 1-1 to 1-3) from the initial
amount of acetone in the bottle. As can be seen in Table C1, this was found to be 0.220
L. Using this value as the new value for Vi in equation C-1, as well as the measured
naphthalene areas in vials 2-1 to 2-3 with the GCMS, the average weight of naphthalene
in the impinger bottle after the second hour of the experiment and its standard error were
calculated to be 0.01567g and 0.00015g respectively.
Subtracting the total weight of naphthalene measured during the second hour, 0.01567g,
from the initial amount collected during the first hour, m1 = 0.01527, the net amount of
naphthalene condensed in the bottle during the second hour of the experiment (∆!) was
found to be 0.0004g. Hence the degree of naphthalene conversion (X) could be calculated
according to C-3 and was found to be 97.4% during this hour.

!! % = 1 −

!
!
!
!

∆!
∗ 100% … … … … … . . … … … . . ! − 3
!!
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Table C1: Sample data from test on red mud catalyst in presence of 13 vol.% H2 in balance N2 with 3.85g
of catalyst
at line
700°C
1st hour
- Bypass

2nd hour - T = 700C, m = 3.85g

Vial 1-1

Vial 2-1

Vial 1-2

Vial 1-3

Vial 2-2

Vial 2-3

Weight empty impinger

g

266.5

2.17

2.18

2.17

2.16

2.15

2.15

Weight impinge + acetone

g

444.1

3.28

3.36

3.34

3.34

3.27

3.36

Net weight acetone

g

177.6

1.11

1.18

1.17

1.18

1.12

1.21

Volume acetone

L

0.2246

0.0014

0.0015

0.0015

0.0015

0.0014

0.0015

5153912

5210375

5201545

5415413

5527209

5348337

0.068

0.068

0.068

0.071

0.072

0.070

Area measured by GCMS
C naphthalene in vial

g/L

0.2202

Average weight naphthalene g

0.01527

0.01567

Standard error in weight

0.00005

0.00015

0.0153

0.0004

Net mass of naphthalene
Δm/m1
Conversion (%)

g

0.0262
97.4
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Appendix D
Kinetic parameters calculations
Linear Regression Plots
The procedure for determining the reaction orders was previously described in section
4.5.2. The results of linear regression performed by OriginLab© are included in Figures
D1 to D3. Each experimental test condition was tested several times, the results of which
were previously reported in Figure 4.8, with conversion (X) being the average value of all
conversions found for each test condition, and the error bars corresponding to the
standard deviation between these measurements. For instance, for a reactor temperature
of 800°C and GHSV of 5229 h-1, the experiment was repeated 3 times and the following
experimental results were found:
Table D1: Experimental results found for T = 800°C, GHSV = 5229 h-1 under pure N2
W cat (g)
3.85
3.85
3.85

m_naph (g/h)
0.015
0.016
0.015

Average Conversion (%)
Standard Deviation
Standard Error
Average Ca0 (mol/L)
Standard Error in Ca0

X(%)
98.4
98.0
98.1

Ca0 (mol/L)
1.398E-06
1.467E-06
1.374E-06
98.2
0.208
0.120
1.413E-06
4.816E-08
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In order to perform linear regression on Equation 4.20 to find the reaction order, instead
of using the average values of X and CAo, all experimental data points were plotted
individually for better accuracy of the estimated parameter. For instance the data in Table
D1 were used to construct the following:
Table D2: Derived parameters for the determination of the reaction order with linear
regression for T = 800°C, GHSV = 5229 h-1 under pure N2
W cat (g)
3.85
3.85
3.85

mA0(g/hr)
0.0149
0.0156
0.0146

X (%)
98.4
98.0
98.1

Cao (mol/L)
1.398E-06
1.467E-06
1.374E-06

log(Cao(1-X))
-7.65
-7.53
-7.58

log(W/V)
-1.53
-1.53
-1.53

These parameters were then calculated for all other space velocities tested at each
specific reactor temperature. As described in Section 4.5.2, the plot of Y (previously
defined as log(W/V)) vs. Z (defined as log(Ca0(1-X))), could be used to determine the
reaction order, n, at each temperature through linear regression (Figures D1-D3); Note,
however, that in constructing Figures 4.10-4.12 in section 4.5.2, the average values of
conversion and Ca0 were used instead of each individual measurement.
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-1.0
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-1.2
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Z
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Value
1.42

n
Standard Error
0.06

b
Value
4.15

b
Standard Error
0.43

Statistics
R-Square
0.83953

Figure D1: Linear regression for the estimation of reaction order.
Pure N2 environment, T = 600°C
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-1.2

Y

-1.4

-1.6

-1.8

-7.2
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-6.6

Z

n!
n!
b!
b!
Statistics!
Statistics!
Value!
Standard Error! Value!
Standard Error! Chi-Sqr!
R-Square!
1.63
0.08
5.83
0.58
0.0054
0.82249
Figure D2: Linear regression for the estimation of reaction order.
Pure N2 environment, T = 700°C
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0.84813
Figure D3: Linear regression for the estimation of reaction order.
Pure N2 environment, T = 800°C

152

Appendix E
X-ray Diffraction (XRD) Patterns
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2-Theta - Scale
File: powder not processed.raw - Start: 5.000 ° - End: 89.981 ° - Step: 0.039 ° - Step time: 327.6 s
00-033-0664 (*) - Hematite, syn - Fe2O3 - WL: 1.5406 - Rhombo.H.axes - a 5.03560 - b 5.03560
03-065-5714 (*) - Anatase, syn - TiO2 - WL: 1.5406 - Tetragonal - a 3.78500 - b 3.78500 - c 9.51
00-046-1045 (*) - Quartz, syn - SiO2 - WL: 1.5406 - Hexagonal - a 4.91344 - b 4.91344 - c 5.4052
01-075-6934 (*) - Goethite, aluminian, syn - (Fe0.93Al0.07)O(OH) - WL: 1.5406 - Orthorhombic 01-071-3699 (*) - Calcite, syn - Ca(CO3) - WL: 1.5406 - Rhombo.H.axes - a 4.99100 - b 4.99100
01-086-1562 (*) - Silicon Oxide - SiO2 - WL: 1.5406 - Hexagonal - a 4.77360 - b 4.77360 - c 5.30
01-070-2038 (I) - Gibbsite - Al(OH)3 - WL: 1.5406 - Monoclinic - a 8.68400 - b 5.07800 - c 9.7360

01-089-9099 (I) - Sodium Aluminum Silicate Carbonate Hydrate - Na7.6(Al6Si6O24)(CO3)0.93(H
01-072-0359 (I) - Bohmite - AlOOH - WL: 1.5406 - Orthorhombic - a 3.69000 - b 12.24000 - c 2.8

Figure E1: Powder XRD profile of the as-received red mud powder
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File: processed pellet.raw - Start: 5.000 ° - End: 89.981 ° - Step: 0.039 ° - Step time: 327.6 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 40 mA 00-033-0664 (*) - Hematite, syn - Fe2O3 - WL: 1.5406 - Rhombo.H.axes - a 5.03560 - b 5.03560 - c 13.74890 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - R-3c (167) - 6 - 301.926 - I/Ic P
01-072-0359 (I) - Bohmite - AlOOH - WL: 1.5406 - Orthorhombic - a 3.69000 - b 12.24000 - c 2.86000 - alpha 90.000 - beta 90.000 - gamma 90.000 - Base-centered - Amam (63) - 4 - 129.174 - I/Ic PDF
03-065-5714 (*) - Anatase, syn - TiO2 - WL: 1.5406 - Tetragonal - a 3.78500 - b 3.78500 - c 9.51400 - alpha 90.000 - beta 90.000 - gamma 90.000 - Body-centered - I41/amd (141) - 4 - 136.300 - I/Ic PD
00-046-1045 (*) - Quartz, syn - SiO2 - WL: 1.5406 - Hexagonal - a 4.91344 - b 4.91344 - c 5.40524 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P3221 (154) - 3 - 113.010 - I/Ic PDF 3.4 01-071-3699 (*) - Calcite, syn - Ca(CO3) - WL: 1.5406 - Rhombo.H.axes - a 4.99100 - b 4.99100 - c 17.06200 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - R-3c (167) - 6 - 368.075 - I/Ic P
01-089-9099 (I) - Sodium Aluminum Silicate Carbonate Hydrate - Na7.6(Al6Si6O24)(CO3)0.93(H2O)2.93 - WL: 1.5406 - Cubic - a 8.99630 - b 8.99630 - c 8.99630 - alpha 90.000 - beta 90.000 - gamma
00-025-0177 (I) - Titanite, syn - CaTiO(SiO4) - WL: 1.5406 - Monoclinic - a 7.06600 - b 8.70500 - c 6.56100 - alpha 90.000 - beta 113.930 - gamma 90.000 - Base-centered - A2/a (15) - 4 - 368.874 - F30

Figure E2: Powder XRD profile of fresh pelletized red mud
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File: post-reaction pellet.raw - Start: 5.000 ° - End: 89.981 ° - Step: 0.039 ° - Step time: 327.6 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 40 mA
01-087-0244 (*) - Magnetite, syn - Fe2.964O4 - WL: 1.5406 - Cubic - a 8.39610 - b 8.39610 - c 8.39610 - alpha 90.000 - beta 90.000 - gamma 90.000 - Face-centered - Fd-3m (227) - 8 - 591.879 - I/Ic P
01-078-5177 (N) - Nepheline - K1.43Na6(AlSiO4)8 - WL: 1.5406 - Hexagonal - a 9.99567 - b 9.99567 - c 8.37777 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P63 (173) - 1 - 724.908 - I/Ic
01-080-2147 (C) - Silicon Oxide - SiO2 - WL: 1.5406 - Hexagonal - a 5.15390 - b 5.15390 - c 5.79810 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P3221 (154) - 3 - 133.379 - I/Ic PDF 2.9
01-070-8503 (*) - Perovskite, syn - Ca(TiO3) - WL: 1.5406 - Orthorhombic - a 5.40430 - b 5.42240 - c 7.65100 - alpha 90.000 - beta 90.000 - gamma 90.000 - Primitive - Pbnm (62) - 4 - 224.207 - I/Ic PD
00-006-0696 (*) - Iron, syn - Fe - WL: 1.5406 - Cubic - a 2.86640 - b 2.86640 - c 2.86640 - alpha 90.000 - beta 90.000 - gamma 90.000 - Body-centered - Im-3m (229) - 2 - 23.5511 - F6=222(0.0040,6)
00-038-0449 (Q) - Allophane - Al2O3·2SiO2·3H2O - WL: 1.5406 - b 9.00000 - c 7.00000 01-073-2143 (I) - Wustite, syn - Fe.974O - WL: 1.5406 - Cubic - a 4.30880 - b 4.30880 - c 4.30880 - alpha 90.000 - beta 90.000 - gamma 90.000 - Face-centered - Fm-3m (225) - 4 - 79.9961 - I/Ic PDF 4

Figure E3: Powder XRD profile of spent red mud pellet under pure N2 environment at 800C for 1 hour
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File: Redmud unused treated 350C.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time:
00-033-0664 (*) - Hematite, syn - Fe2O3 - WL: 1.5406 - Rhombo.H.axes - a 5.03560 - b 5.03560
01-079-1910 (*) - Quartz, syn - SiO2 - WL: 1.5406 - Hexagonal - a 4.91400 - b 4.91400 - c 5.4060
00-021-1307 (I) - Bohmite, syn - AlO(OH) - WL: 1.5406 - Orthorhombic - a 3.70000 - b 12.22700 00-021-1272 (*) - Anatase, syn - TiO2 - WL: 1.5406 - Tetragonal - a 3.78520 - b 3.78520 - c 9.51
01-071-3699 (*) - Calcite, syn - Ca(CO3) - WL: 1.5406 - Rhombo.H.axes - a 4.99100 - b 4.99100
01-089-9099 (I) - Sodium Aluminum Silicate Carbonate Hydrate - Na7.6(Al6Si6O24)(CO3)0.93(H

01-070-7347 (*) - Rutile - TiO2 - WL: 1.5406 - Tetragonal - a 4.59300 - b 4.59300 - c 2.96100 - al

Figure E4: Powder XRD profile of fresh red mud pellet heated to 350C

90

157
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File: Redmud unused treated 550C.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator
File: Redmud unused treated 550C.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator
00-033-0664 (*) - Hematite, syn - Fe2O3 - WL: 1.5406 - Rhombo.H.axes - a 5.03560 - b 5.03560 - c 13.74890 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - R-3c (167) - 6 - 301.926 - I/Ic P
00-021-1272 (*) - Anatase, syn - TiO2 - WL: 1.5406 - Tetragonal - a 3.78520 - b 3.78520 - c 9.51390 - alpha 90.000 - beta 90.000 - gamma 90.000 - Body-centered - I41/amd (141) - 4 - 136.313 - I/Ic PD
00-046-1045 (*) - Quartz, syn - SiO2 - WL: 1.5406 - Hexagonal - a 4.91344 - b 4.91344 - c 5.40524 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P3221 (154) - 3 - 113.010 - I/Ic PDF 3.4 01-071-3699 (*) - Calcite, syn - Ca(CO3) - WL: 1.5406 - Rhombo.H.axes - a 4.99100 - b 4.99100 - c 17.06200 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - R-3c (167) - 6 - 368.075 - I/Ic P
01-089-9099 (I) - Sodium Aluminum Silicate Carbonate Hydrate - Na7.6(Al6Si6O24)(CO3)0.93(H2O)2.93 - WL: 1.5406 - Cubic - a 8.99630 - b 8.99630 - c 8.99630 - alpha 90.000 - beta 90.000 - gamma
01-070-7347 (*) - Rutile - TiO2 - WL: 1.5406 - Tetragonal - a 4.59300 - b 4.59300 - c 2.96100 - alpha 90.000 - beta 90.000 - gamma 90.000 - Primitive - P42/mnm (136) - 2 - 62.4642 - I/Ic PDF 3.6 - S-Q

Figure E5: Powder XRD profile of fresh red mud pellet heated to 550C
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Redmud 1000C #3
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File: Redmud 1000C #3.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 40 mA
File: Redmud 1000C #3.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 40 mA
01-077-9926 (*) - Hematite, syn - Fe1.957O3 - WL: 1.5406 - Rhombo.H.axes - a 5.03275 - b 5.03275 - c 13.75288 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - R-3c (167) - 6 - 301.672 - I/
01-077-8630 (C) - Cristobalite beta - SiO2 - WL: 1.5406 - Tetragonal - a 5.10960 - b 5.10960 - c 7.33150 - alpha 90.000 - beta 90.000 - gamma 90.000 - Body-centered - I-42d (122) - 4 - 191.411 - I/Ic P
01-076-6578 (*) - Titanite - Ca(TiO)(SiO4) - WL: 1.5406 - Monoclinic - a 6.60700 - b 8.77500 - c 7.11000 - alpha 90.000 - beta 114.080 - gamma 90.000 - Base-centered - C2/c (15) - 4 - 376.340 - I/Ic PD
01-089-9099 (I) - Sodium Aluminum Silicate Carbonate Hydrate - Na7.6(Al6Si6O24)(CO3)0.93(H2O)2.93 - WL: 1.5406 - Cubic - a 8.99630 - b 8.99630 - c 8.99630 - alpha 90.000 - beta 90.000 - gamma
00-029-0713 (I) - Goethite - Fe+3O(OH) - WL: 1.5406 - Orthorhombic - a 4.60800 - b 9.95600 - c 3.02150 - alpha 90.000 - beta 90.000 - gamma 90.000 - Primitive - Pbnm (62) - 4 - 138.618 - F30= 47(0.

Figure E6: Powder XRD profile of fresh red mud pellet heated to 1000C
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File: Redmud 1000C #3.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 40 mA
File: Redmud 1000C #3.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 40 mA
01-077-9926 (*) - Hematite, syn - Fe1.957O3 - WL: 1.5406 - Rhombo.H.axes - a 5.03275 - b 5.03275 - c 13.75288 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - R-3c (167) - 6 - 301.672 - I/
01-089-9099 (I) - Sodium Aluminum Silicate Carbonate Hydrate - Na7.6(Al6Si6O24)(CO3)0.93(H2O)2.93 - WL: 1.5406 - Cubic - a 8.99630 - b 8.99630 - c 8.99630 - alpha 90.000 - beta 90.000 - gamma
01-070-1260 (I) - Nepheline - K0.25Na6Al6.24Si9.76O32 - WL: 1.5406 - Hexagonal - a 9.97400 - b 9.97400 - c 8.36000 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P63 (173) - 1 - 720.23

Figure E7: Powder XRD profile of fresh red mud pellet heated to 1000C
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File: unused reduced sample 1.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 327.6 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA:
00-006-0696 (*) - Iron, syn - Fe - WL: 1.5406 - Cubic - a 2.86640 - b 2.86640 - c 2.86640 - alpha 90.000 - beta 90.000 - gamma 90.000 - Body-centered - Im-3m (229) - 2 - 23.5511 - F6=222(0.0040,6)
00-035-0424 (*) - Nepheline, syn - NaAlSiO4 - WL: 1.5406 - Hexagonal - a 9.97800 - b 9.97800 - c 8.33000 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P63 (173) - 8 - 718.228 - F30=185
01-070-8503 (*) - Perovskite, syn - Ca(TiO3) - WL: 1.5406 - Orthorhombic - a 5.40430 - b 5.42240 - c 7.65100 - alpha 90.000 - beta 90.000 - gamma 90.000 - Primitive - Pbnm (62) - 4 - 224.207 - I/Ic PD
01-070-0637 (*) - Freudenbergite, syn - Na2(Fe2Ti6O16) - WL: 1.5406 - Monoclinic - a 12.26700 - b 3.82300 - c 6.48300 - alpha 90.000 - beta 107.160 - gamma 90.000 - Base-centered - C2/m (12) - 1 -

Figure E8: Powder XRD profile of fresh red mud pellet reduced at 800C
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used H2 sample 2 - 500C
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File: used H2 sample 2 - 500C.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 327
File: used H2 sample 2 - 500C.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 327
00-039-1346 (*) - Maghemite-C, syn - Fe2O3 - WL: 1.5406 - Cubic - a 8.35150 - b 8.35150 - c 8.3
00-006-0696 (*) - Iron, syn - Fe - WL: 1.5406 - Cubic - a 2.86640 - b 2.86640 - c 2.86640 - alpha
03-065-5714 (*) - Anatase, syn - TiO2 - WL: 1.5406 - Tetragonal - a 3.78500 - b 3.78500 - c 9.51
01-089-9098 (*) - Sodium Aluminum Silicate Carbonate - Na7.88(Al6Si6O24)(CO3)0.93 - WL: 1.5
01-089-1961 (I) - Quartz low, syn - SiO2 - WL: 1.5406 - Hexagonal - a 4.92100 - b 4.92100 - c 5.4
01-071-3699 (*) - Calcite, syn - Ca(CO3) - WL: 1.5406 - Rhombo.H.axes - a 4.99100 - b 4.99100

01-070-7347 (*) - Rutile - TiO2 - WL: 1.5406 - Tetragonal - a 4.59300 - b 4.59300 - c 2.96100 - al

Figure E9: Powder XRD profile of fresh red mud pellet reduced at 500C

162

used H2 sample 3 - 800C
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File: used H2 sample 3 - 800C.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 327.6 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA:
File: used H2 sample 3 - 800C.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 327.6 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA:
03-065-4899 (I) - Iron - Fe - WL: 1.5406 - Cubic - a 2.86700 - b 2.86700 - c 2.86700 - alpha 90.000 - beta 90.000 - gamma 90.000 - Body-centered - Im-3m (229) - 2 - 23.5659 - I/Ic PDF 10.8 - F6=1000(
00-035-0424 (*) - Nepheline, syn - NaAlSiO4 - WL: 1.5406 - Hexagonal - a 9.97800 - b 9.97800 - c 8.33000 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P63 (173) - 8 - 718.228 - F30=185
01-072-6811 (I) - Perovsite, ferrian, syn - Ca(Ti0.6Fe0.4)O2.8 - WL: 1.5406 - Orthorhombic - a 5.38460 - b 5.42910 - c 7.66000 - alpha 90.000 - beta 90.000 - gamma 90.000 - Primitive - Pbnm (62) - 4 01-070-0637 (*) - Freudenbergite, syn - Na2(Fe2Ti6O16) - WL: 1.5406 - Monoclinic - a 12.26700 - b 3.84514 - c 6.48300 - alpha 90.000 - beta 107.160 - gamma 90.000 - Base-centered - C2/m (12) - 1 01-076-6065 (*) - Titanium Oxide - TiO2 - WL: 1.5406 - Orthorhombic - a 4.52710 - b 5.49720 - c 4.90010 - alpha 90.000 - beta 90.000 - gamma 90.000 - Primitive - Pbcn (60) - 4 - 121.946 - I/Ic PDF 3.1
01-077-0396 (I) - Aluminum Oxide - (Al2O3)1.333 - WL: 1.5406 - Cubic - a 7.90600 - b 7.90600 - c 7.90600 - alpha 90.000 - beta 90.000 - gamma 90.000 - Face-centered - Fd-3m (227) - 8 - 494.163 - I/I

Figure E10: Powder XRD profile of spent red mud pellet under 13 vol.% H2 in N2 at 800C for 1 hour
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Apr 29 used long term
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File: Apr 29 used long term.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 327.6 s
File: Apr 29 used long term.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 327.6 s
01-070-7347 (*) - Rutile - TiO2 - WL: 1.5406 - Tetragonal - a 4.59300 - b 4.59300 - c 2.96100 - al
00-052-0146 (I) - Sodium Magnesium Chloride Silicate Hydroxide - Na8Mg3Si9O24(Cl,OH)2 - WL
01-070-8503 (*) - Perovskite, syn - Ca(TiO3) - WL: 1.5406 - Orthorhombic - a 5.40430 - b 5.4224
00-021-1272 (*) - Anatase, syn - TiO2 - WL: 1.5406 - Tetragonal - a 3.78520 - b 3.78520 - c 9.51
01-089-1961 (I) - Quartz low, syn - SiO2 - WL: 1.5406 - Hexagonal - a 4.92100 - b 4.92100 - c 5.4
01-077-0396 (I) - Aluminum Oxide - (Al2O3)1.333 - WL: 1.5406 - Cubic - a 7.90600 - b 7.90600 -

03-065-4899 (I) - Iron - Fe - WL: 1.5406 - Cubic - a 2.86700 - b 2.86700 - c 2.86700 - alpha 90.00
00-035-0424 (*) - Nepheline, syn - NaAlSiO4 - WL: 1.5406 - Hexagonal - a 9.97800 - b 9.97800 -

Figure E11: Powder XRD profile of spent red mud pellet under 13 vol.% H2 in N2 at 800C for 14 hours
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Apr 30 RM N2 long term
60

50

d=3.64110, 24.427 °

10

d=2.84761, 31.389 °

20

d=2.46250, 36.458 °

30

d=4.88717, 18.137 °

Lin (Cps)

40

0
5

10

20

30

40

50

60

70

80

2-Theta - Scale
File: Apr 30 RM N2 long term.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 4
File: Apr 30 RM N2 long term.raw - Start: 5.000 ° - End: 89.988 ° - Step: 0.040 ° - Step time: 218.4 s - Anode: Cu - WL1: 1.5406 - WL2: 1.54439 - kA2 Ratio: 0.5 - Generator kV: 40 kV - Generator mA: 4
00-029-0733 (*) - Ilmenite, syn - Fe+2TiO3 - WL: 1.5406 - Rhombo.H.axes - a 5.08840 - b 5.08840 - c 14.09300 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - R-3 (148) - 6 - 316.007 - I/Ic P
01-070-8503 (*) - Perovskite, syn - Ca(TiO3) - WL: 1.5406 - Orthorhombic - a 5.40430 - b 5.42240 - c 7.65100 - alpha 90.000 - beta 90.000 - gamma 90.000 - Primitive - Pbnm (62) - 4 - 224.207 - I/Ic PD
03-065-4899 (I) - Iron - Fe - WL: 1.5406 - Cubic - a 2.86700 - b 2.86700 - c 2.86700 - alpha 90.000 - beta 90.000 - gamma 90.000 - Body-centered - Im-3m (229) - 2 - 23.5659 - I/Ic PDF 10.8 - F6=1000(
00-035-0424 (*) - Nepheline, syn - NaAlSiO4 - WL: 1.5406 - Hexagonal - a 9.97800 - b 9.97800 - c 8.33000 - alpha 90.000 - beta 90.000 - gamma 120.000 - Primitive - P63 (173) - 8 - 718.228 - F30=185

Figure E12: Powder XRD profile of spent red mud pellet under pure N2 at 800C for 14 hours
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Appendix F
X-ray Photoelectron Spectrometry (XPS)
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Figure F1: XPS spectra of fresh as-received red mud powder

167

Figure F2: XPS spectra of fresh prepared red mud pellet
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Figure F3: XPS spectra of spent red mud pellet
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Figure F4: XPS spectra of fresh as received red mud powder, heated at 300°C for 24h right before analysis
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Appendix G
Brunauer–Emmett–Teller Analysis (BET)
The BET surface area and pore volume of the catalyst were determined by means of
nitrogen adsorption-desorption isotherms at 77 K in a Micromeritics AutoChem II 2920
equipment. The amount of nitrogen adsorbed at a relative pressure of p/p0 = 0.01 to p/p0 =
0.98 was used to evaluate the total surface area and pore volume, respectively. The
surface area was determined using the Brunauer-Emmett-Teller (BET) theory.
1
!
!( !! − 1)

=!

!−1 !
1
.
+!
……………..…………! − 1
!! ! !!
!! !

P = equilibrium pressure
P0 = Saturation pressure of adsorbate gas at the temperature of adsorption
V = Volume adsorbed
Vm = monolayer adsorbed quantity (Volume units)
C = BET constant
! = exp

!! − !!
……………………………..! − 2
!"

E`1 = Heat of adsorption for the first layer
EL = Heat of adsorption for the second and higher layers and is equal to the heat of
liquefaction.
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Plotting the left-side expression of Equation G-1, (

!
!
!( ! !!)
!

!

) vs. the relative pressure (! )
!

would result in a line, from which the monolayer adsorbed volume (Vm) and C could be
determined. Once these are evaluated, the BET surface area of the catalyst could be
calculated according to:

!!"# = !

!! !!!
………………………………..……! − 3
!!

Where ! is the adsorption cross section of a single N2 molecule (16.2 Å2) and NA is the
Avogadro’s number.

Table G1: Red mud BET surface area and pore volumes reported in the literature
Supplier
Shandong Aluminium Corporation

BET surface area
m2/g
23

Pore volume
cm3/g
0.067

Reference
#
[132]

Karnataka, India

26.58

[92]

Odisha, India

39.24

[92]

NALCO,

32

0.175

[108]

NALCO, India

13-20

0.086

[110]

Shandong Aluminium Corporation

27

0.089

[132]

National Aluminium Company India

31.39

NA

[108]

Sao Luis-Maranhao, Brazil

12.96

NA

[114]

KC Industry, Korea

23

0.11

[129]

172

Appendix H
Plug Flow Reactor Design Calculations
Fluid composition: 100% N2 at 800C
ρ_1073K = ρ_273K * (T2/T1) = 1.251*1073/273 = 0.3139 kg/m3 [158]
µ_dynamic = 4.357E-6 Pa.s [158]
D_bed = 0.015m
Ac_bed = πD2/4 = 1.767E-4 m2
ρ_cat = 2500 kg/m3
Q = 385 mL/min at STP ! 385*1073/273 = 1513 mL/min at 800C
ε_void = 0.5
Us = Q/Ac = 0.1427 m/s
m_cat = 3.85g
D_cat= 2 mm
L_cat = 7.5 mm
dp_cat = (6*πD2/4*L/π)1/3 = 3.55E-03 m [159]
Re = ρ*dp_cat*Us/µ = 21.614
γ = (2πrL + 2πr2)/( πdp2) = 1.349
Re’ = Re/((1-ε)γ) = 32.04

Looking at Bischoff’s chart of axial dispersion (Fig. H1):
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Figure H1: Bischoff findings on dispersion of fluid flowing in packed beds [160]
From Fig. H1, the value of the Bischoff constant (B) can be found to be 0.48. Hence:

Dε = B*Us*dp = 2.43E-04
DAB = Dε/(ε_void) = 4.86E-04
Peaxial = D_bed*Us/DAB = 8.81
To check whether plug flow conditions can be assumed in the reactor or not, we need to
determine if:
L/dp > 20*n/Pe * log(1/(1-X))
For a 1st order reaction (n=1), considering the worst scenario, i.e. mcat = 5g with a bed
height of 29 mm, and a complete naphthalene conversion (X = 0.999), we can find:
L/dp = 8.451
20*n/Pe * log(1/(1-X)) = 6.81
Since 8.451 > 6.81, plug flow can be assumed in the reactor.

