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Abstract

Hydrodynamic experiments were conducted in a three-dimensional fluidized bed with a

specially designed plenum chamber. The air supply system and plenum chamber are axially

symmetric to minimize the influence of geometry. Glass beads of mean diameter 157 jim and

FCC particle of mean diameter 70 jim were bed materials. Pressure fluctuations were measured

in the bed, plenum chamber and across the distributor for two low-pressure-drop distributors,

one with a single orifice, and one with 33 orifices having the same total open area as the single-

orifice distributor. Velocity fluctuations ware also measured for the single orifice distributor by

means of a custom-made hot-wire anemometer.

For the single-orifice distributor, the frequency spectrum of the distributor pressure drop

fluctuations (differential pressure transducer) revealed multiple peaks, as reported by Kage et

al. (2000). The sharpest peak is believed to represent the bubbling frequency. It was found that

the bubbling frequency increased slightly with decreasing plenum volume. This is likely

because of forming larger bubbles while using large plenum chamber volumes. The same trend

was reported by Kage et al. (2000). The lower peak in the frequency spectrum of the distributor

pressure drop fluctuations represented bubble eruptions at the bed surface, since it matches

Baskakov et al. (1986) model suggested for bubbles bursting at the bed surface. For the multi-

orifice distributor, effects of gas superficial velocity and bed depth on frequency spectra were

found to be similar to those of from the single-orifice distributor. Decreasing plenum volume

caused the broad frequency spectrum of the plenum pressure fluctuations to move slightly

towards higher frequencies.

A model was developed to simulate bubble formation at a single orifice in a gas-solid

fluidized bed. Two-stage bubble formation was assumed: an expansion stage, referring to a

stage where the bubble grows spherically while it remains at the orifice, and a detachment stage

where the bubble continues to grow while lifted off the plate, but still connected to the orifice

by a small neck. The model was able to predict the variation of plenum pressure, bubble

volume, and orifice flow rate with time correctly in the similar manner as previously reported

by some researchers for gas-liquid system (McCann and Prince, 1969, Ramakrishnan et al.,

1969, Tsuge & Hibino, 1983).
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Chapter 1: Introduction

1.1 Fluid-Solid Systems

Fluid-solid systems have been used in many physical processes like adsorption,

absorption, filtration, particle coating and drying operations, as well as heat exchangers,

quenching, etc. Various techniques have been developed to assure intimate contact between

solids and fluid. Solids may be reactants, such as in calcination of limestone and roasting of

sulfide ores. The solids may also be catalysts, as a heat carrier or to adsorb a gaseous species in

order to improve conversion or selectivity and obtain better reactor performance. Such systems

are used in synthesis reactions, reforming and cracking of hydrocarbons (Kunii and Levenspiel,

1969). Fluid-solid systems also play an important role in other areas such as electric power

generation, food processing, biotechnology, pharmaceuticals and mineral processing.

1.2 Operating Regimes of Gas-Fluidized Beds

A fluidized bed is formed by passing a fluid, usually a gas, through a bed of particles

supported on a distributor. Although, even after passing the minimum fluidizing velocity,

particles touch each other, the friction between particles is so small that this system acts like a

liquid with a density of the bulk density of powders (Geldart, 1986). Fluidized beds have been

extensively used for contacting solid and fluids because of their special characteristics such as

excellent mixing resulting in radial and axial isothermal conditions, and high heat and mass

transfer due to the motion and their fluid-like state of the particles.

Several flow patterns/regimes have been identified with increasing gas velocity (i.e., fixed

bed, delayed bubbling or particulate fluidization, bubbling, slugging, turbulent fluidization, fast

fluidization and dilute pneumatic conveying) as shown in Figure 1.1. For bubbling fluidization,

it is difficult to describe the flow of gas due to random bubble generation and eruption.

Moreover, bubble size can affect fluidization performance. For example, for large bubbles, gas

solid contacting decreases. There are several design factors which can influence the bubble size

and fluidization performance such as distributor design as discussed below.

1
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Figure 1.1. Flow patterns in gas-solid fluidized beds (modified from Grace, 1986).

1.3 Importance of Distributors in Fluidized Beds

The performance of the gas distributor often determines the success or failure of a

fluidized bed. Careless design of gas distributors or their malfunction in operation is usually

responsible for serious difficulties encountered in fluidized beds (Geldart and Baeyens, 1985).

In solid processing, the major concerns are to achieve rapid dispersion of solids feed and

prevent segregation and settling of denser particles on the distributor which can cause variable

temperature and rapid defluidization of the entire bed. Uniform gas distribution and small

bubbles at the grid are major concerns in applications where high conversions are required.

Therefore successful design of the distributor, including the pressure drop ratio, hole size,

geometry, spacing, and dead zones, can play a key role in improving fluidization processes.

1.3.1 Distributor Pressure Drop

Low pressure drop distributors are known to cause poor fluidization (Svensson et al.,

1996); that is some parts of the bed receive much less gas than others, and may be defluidized

temporarily or permanently, while in other parts channeling occurs and gas forms semi-

, v

FAST
FLUIDIZATION

FIXED BED
OR

DELAYED
BUBBLING

[‘.1

PNEUMATIC
CONVEYING
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permanent spouts. On the other hand, high pressure drop distributors, although they may result

in more even gas distribution, consume more power in terms of air compressors and fans.

Agarwal et al. (1962) proposed that APdIt should be about 10% of the bed pressure drop

and never less than 3400 Pa (35 cm H20), whilst Whitehead (1971) suggested higher values of

APaI8t/APb, such as 0.3 for even gas distribution. Hiby (1964) assumed a bubbling fluidized bed

with even gas distribution (Figure 1.2 a); at the same flow rate the system was then disturbed,

with some holes ceasing to operate and velocity in that region falling to U1 and in region 2

rising to U2 (Figure 1.2 b). As a consequence solids were displaced from region 2 to region 1 so

APb(2) < APb(l). On the other hand, APdjt(2) > AFast(1) because the velocity has risen in

region 2. Hiby concluded that if the rise in the local distributor pressure drop is less than the

fall in the same local bed pressure drop (i.e. APdIt(2) + APb(2) > {APdIst + Z\Pb}original Condition ),
the perturbation will be damped. Therefore he suggested d(APdist)/dU as a controlling factor

for design considerations. Hiby’s analysis led to a criterion for APdI, /APb of 0.15 for low

values of U/Urnj and 0.015 at high velocities.

Geldart and Kelsey (1968), using a two-dimensional fluidized bed, concluded that the

aspect ratio (bed height/bed width) influences the critical value of APdI/AFb for even gas

distribution and stable fluidization (all holes in operation). They recommended that four factors

be considered for distributor design; z\PdI/AFb, d(APdist)/dU, geometry, and open area fraction

of orifices.

3



After Disturbing

Region I

U2

Region 2

Figure 1.2. Bubbling bed with (a) even distribution (b) mal-distribution.

All orifices located in a distributor may not operate permanently at low superficial

velocity. Sathiyamoorthy and Sridhar Rao (1981) determined UM, the superficial gas velocity at

which all the orifices in a distributor become operative for a uniformly fluidized bed;

UM =Urni 2.65 +l.241og10 (1.1)
U,,11

The distributor to bed pressure drop ratio (AFdI/APb) can be calculated from UM and Urn1:

ist
U

AJ U\,IUmf

The authors suggested that J equals 2 after some data regression and proposed the rule of

thumb that for fine particles APdI1 /AFb should be chosen as 0.12 and for coarse particles as

0.24 to achieve stable fluidization. They also mentioned that four factors can affect the

operation of orifices; bed depth, flow-rate, bed material, and distributor geometry

(Sathiyamoorthy and Rao, 1977).

II 1’ I

(1.2)
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Qureshi and Creasy (1979) reviewed the literature for data on successful and unsuccessful

commercial fluidized beds and concluded that D/Hmj can influence the fluidization. For stable

fluidization operation they suggested;

isI 0.01+0.2 1—exp—0.5 (1.3)
API, H,1,)

Since for low D/H this equation gives very small values, Geldart and Baeyens (1985)

suggested a more conservative approach for Hmj/D < 0.5;

jst exp(_3.8H) (1.4)
API,

After estimating pressure drop ratio, other factors for the distributor should be specified

such as orifice size and spacing; however as Geldart and Kelsey (1968) mentioned the bubble

size is more affected by pressure drop over the distributor than orifice size and spacing.

1.3.2 Geometry, Size and Lay-out of Orifices

Various types of distributor are used in industrial fluidized beds with their own

advantages. A common one is a simple perforated plate. This is inexpensive and easy to scale

up or down. A common disadvantage is bed weepage to the plenum chamber below. In order to

overcome this issue bubble caps and laterally directed nozzles have been used, but they are

more expensive and difficult to clean and modify. In some fluidized beds, sparger and conical

grids have been used, but they are less common (Karri & Werther, 2003).

Figure 1.3. Different types of distributor: (a) bubble caps, (b) sparger, and (c) conical grids
(Karri & Werther, 2003).

a
1.b 1 j
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If holes are larger than about 5d, the bed will drain into the windbox (Geldart and

Baeyens, 1985). However, this limitation can be avoided by using a mesh under the plate or

using bubble caps and horizontal holes (Geldart and Baeyens, 1985). To increase the gas

residence time in the fluidized bed, it is desirable to have large number of small gas bubbles,

which can be achieved by maximizing N, the number of holes, at the expense of having small

holes (dh) which may have some mechanical, cost and scale-up constraints. Karri and Werther

(2003) suggested more than 10 holes per m2 to prevent dead zones.

It is common to lay out the holes in triangular or square pitch in order to increase the

uniformity of fluidization. A triangular pitch will result in more holes per unit area. Pitch

should be defined in such a way to minimize dead zones and also provide even gas distribution.

The relationship between the grid hole pitch, Lh, and the number hole density depends on

whether the holes are laid out in a triangular or square pitch (Figure 1.4 a and b). Beside these

layouts, different orifice spacing and layout have been used by researchers to determine their

effects, such as the circular layout tested by Fan et al. (1981) (Figure 1.4 c).

9””
I /7’ / /

\

() jdh C) ()dh / .

/ \\

-

a b C

Figure 1.4. Different orifice layouts: (a) Triangular, (b) Square, and (c) Circular.

In addition to the above factors, there are some less important parameters which should be

considered in distributor design, especially in large scale fluidized beds. The distributor should

have sufficient strength to resist deformation under operating conditions and to support the

static bed. It must also be able to withstand stresses caused by thermal expansion, operate for

long periods without blocking and be easy to unblock, prevent weeping to the windbox, and

minimizing erosion of the plate and attrition of the particles.
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1.3.3 Boundary Conditions at the Distributor in CFD Simulations

In most CFD (Computational Fluid Dynamics) modeling and numerical simulations,

researchers have assumed a uniform velocity boundary condition at the distributor. This is only

a valid approximation in the case where the ratio of distributor pressure drop to bed pressure

drop is high. As mentioned before when zXPd,/APb is a necessary condition for gas to be

distributed uniformly resulting in a uniform velocity profile boundary condition.

Peirano et al. (2002) noted that for a low pressure drop distributor, assuming a uniform

velocity profile at the distributor is not accurate for CFD simulation. They performed numerical

simulations considering fluidized bed and the air supply system together because air supply

system can affect fluidized bed hydrodynamics for low-pressure-drop distributors, as suggested

aslo by Svensson et a!. (1996) and Johnsson et al. (2002). Figure 1.5 shows that for a low-

pressure-drop distributor (part b), the velocity profile is less uniform compared with a high

pressure drop distributor (part a).
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Figure 1.5. Time-averaged gas velocity field for (a) high-pressure-drop distributor and (b) low-
pressure-drop distributor (bed height is indicated by the horizontal line). From Peirano et al.

(2002).

FIt I

II

F F

1FF F’

itt I?,

111th

111FF

t It 1,,

F Itt

II

If’

FF IF

FJf

1fF

tIFF

1!tF

till

It I
ft

FIFFttttItiil

lIFFItilItitI

FIFFIIFtIttF?

111111

FFFFFtiIfttl

IT I F

,ItIIttF

F’ F till
It F Ft

lift I

11?!

lilt!

till
lIt

Ft I I
ttll
Ft IT

F Ill

III

till

I / / , t’ / I / I
/ / / I // / / I f
I / / / ,, / 1,
////////,// /

7



The effects of air supply system and plenum chamber volume have been less investigated

in the literature, but, as mentioned by Sasic et al. (2005), they can influence fluidization

regimes. The following is a brief literature review of different sources of pressure fluctuations,

especially for the plenum chamber.

1.4 Pressure Fluctuations in Gas-Solid Fluidized Beds

The dynamics of gas-solid fluidized beds can be significantly determined by pressure

fluctuations. Recently Bi (2007) reviewed the literature focusing on the complex pressure

fluctuation phenomenon in gas-solid fluidized beds and categorized the sources of pressure

fluctuations into six sources.

The first source can be referred to the surface fluctuations due to bubble eruption at the

surface. These are more pronounced when slugging occurs. Table 1.1 summarizes the equations

giving the sloshing frequency.

Table 1.1. Summary of oscillation frequency caused by surface fluctuations

Authors Equation Origin of Theory Application

Baskakov et a!. (1986) 1 Oscillation of an ideal Deep beds; only one

f = — I——— liquid in U-tube bubble erupts at a time
1

Sun et al. (1994) Liquid bed sloshing at

f = Cons. /-- surface Deep beds
VD

Van der Schaafet al. i f Sloshing of a fluid in a
(1999) f = — I——- cylindrical container Deep beds

2 icD

The second source of pressure fluctuations is due to the passage of bubbles and slugs.

Table 1.2 summarizes the equations proposed for this source of fluctuations.

Table 1.2. Summary of oscillation frequency caused by bubble passage

Authors Equation Origin of Theory Application

Baeyens and Geldart 0 35 ‘ Equal-sized slugs
(1974) f =

Slugging beds
Cons. V D

(Kehoe & Davidson, u — u + 0 35J Change in hydrostatic
1973) = mJ head with passing slug Slugging beds

L, +T.1D
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The third source of pressure fluctuations in gas-solid fluidized bed is the self-excited

oscillation of fluidized bed particles, known as mechanical vibration of particles, mostly

observed in shallow fluidized beds (Hiby, 1967). Tamarin (1964) used the Buckingham t

theorem and introduced a modified Froude number, suggesting the first equation for frequency

of self-excitation of particles. Hiby (1967) proposed a resonant frequency equation for particles

in shallow fluidized beds (H<1Od) by combining the action of gravity and a quasi-elastic

lifting force. The weighted mean of natural frequencies of all particle layers was taken as the

oscillation frequency of the bed. Verloop and Heertjes (1974) later modified Hiby’s model

assuming that all particles have the same frequency and that fluid and particles move in phase.

Roy et al. (1990) reported that when a fluidized bed is subjected to an external disturbance,

particles can sustain oscillations. They treated the fluidized bed as an organ pipe with a fixed

boundary at the bottom (distributor) and a free boundary at the top surface. Table 1.3

summarizes natural frequency equations related to self-oscillations of particles.

Table 1.3. Summary of oscillation frequency caused by self-oscillation of particles

Authors Equation Origin of Theory Application

0.55

Tamarin (1964) f = 0.3 42 —

it-theorem Bubbling beds
3/ j

Homogenous
Hiby (1967) 2 3 (1 s) (‘ 15OPgU11 2 Force balance on fluidization,

f = —

— 1— 2 2 particle Shallow beds
n H,,71 38 36 pgd

1 /g(2
— for laminar flow Homogenous

Verloop and 2.ir V HE As Hiby, entire bed fluidization,
Heertjes (1974) 1 1 (1 —

moves in phase Shallow beds

f
=

‘ for turbulent flow
2,rV HE

Roy et al. (1990) u Organ pipe with one Isothermal

f = ç Pg
U = JyRT fixed and one free fluidization

4H4\IY6(Pp(l8)+Pg6) ‘° boundary

Oscillation because of bubble/jet formation may be another source of pressure

fluctuations. Davidson & Schuler (1960) investigated the formation of gas bubbles at an orifice

in a low-viscosity liquid, defining the upward motion of a forming bubble by balancing the
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buoyancy force against the rate of upward momentum of liquid surrounding the bubble and

proposed an equation for bubble volume from which the bubbling frequency can be estimated:

/ s-1/5

(1.5)

To consider gas flow through a bubble forming in a gas-solid fluidized bed, Nguyen and Leung

(1972) did some experiments and proposed a correlation for bubble volume:

Vh =0.53 (1.6)

This equation can be used to modify the Davidson and Schuler (1960) equation. Later, Nelson

et al. (1993) measured bubbling frequency by placing one pressure tap just above each hole

located in the distributor. They used a peak detection procedure to determine the bubbling

frequency based on the orifice-windbox pressure difference signal. They recommended using

the number of unplugged grid holes, instead of the total number of grid holes, to calculate

bubbling frequency leading to:

g315
AU115

(1.7)

Another source of pressure fluctuations may be due to bubble coalescence and splitting

(Fan et al., 1981). The last source of pressure fluctuations in a gas-solid fluidize bed could be

because of self-excited oscillation of gas in the plenum chamber when the resistance of the

distributor is low as described below.

1.5 Importance of Plenum Chamber and Air-Supply System

Lirag and Littman (1971) were among the first researchers to find a strong correlation

between measured pressure fluctuations in the bed and in the air-plenum of a bubbling fluidized

bed, but they did not specify the air-feed system. They suggested bubbles escaping at the

surface of the bed as the source of pressure fluctuations, and by using statistical methods

(autocorrelation, power spectral density, and probability function) they concluded that there

was a periodic component in the fluctuations. The frequency of this periodic component was

generally lowered by raising the bed depth and increasing the particle size (because of more

coalescence). They calculated the average bubble size by using the plenum chamber frequency
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and compared with the Kato and Wen (1969) correlation, resulting in reasonable agreement

with the measured frequency.

The first equation for natural frequency taking into account the plenum chamber

characteristics was proposed by Davidson (1968). He assumed that isentropic compression and

expansion of the air inside the plenum gives the stiffness of a “spring” and the mass of the

particle bed provides the inertia (piston-like behavior) leading to:

1 IYPA2
I’ (1.8)

22mbVP

By increasing the bed depth, this equation would give lower frequency, but Davidson (1968)

did not provide any data for validation. Wong and Baird (1971) later modified the Davidson

piston-like model by considering the effect of permeability on gas flow through the particles.

They used a pulsed gas fluidized bed and modified Davidson’s equation to:

1 IYFA2( yPU2A22
p p rnf (1.9)

2ir\j mhVP 4mg2V ,)
This equation predicts a lower frequency than the Davidson’s model, especially for coarse

particles, resulting from their higher permeability.

Moritomi et al. (1980) also found a strong correlation between the flow fluctuations in the

air-feed system and the air-plenum pressure fluctuations. They used a rotational valve to

generate defined flow pulsations to determine the pressure response of the plenum chamber.

The pressure response was classified into five modes; 1) pulsed fluidization, 2) forced

oscillation control, 3) free bubbling fluidization, 4) intrinsic fluctuation control, 5) transition

mode. Moritomi et al. (1980) also proposed an equation for intrinsic resonant frequency of the

fluidized bed:

1IFA
f =— I (1.10)

2n

Fan et al. (1984) proposed a dynamic model, based on the assumption that fluctuations of

bed height are affected by both present and time-delayed fluctuations of the gas flow rate
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through the distributor. They treated the fluidized bed as a second-order vibration system and

suggested an equation for natural frequency identical to that of Moritomi et al. (1980):

fi/PPA1/PPA 1
(1.11)

2yr y mbVP 2yr \i p,1V JTi
Baird and Klein (1973) compared their experimental bed oscillation frequencies with

Davidson’s model for variable plenum chamber volume. They found that the major frequency

decreased with increasing plenum volume. They observed random irregular pressure

fluctuations for small plenum chamber volumes (less than 0.0020 m3), and relatively more

regular, higher amplitude pressure fluctuations for a large windbox.

Kage et al. (1991, 1993, and 2000) used the power spectral density to characterize

pressure fluctuations in a plenum chamber, identifying three peaks. One was found to be in

agreement with the Davidson (1968) and Moritomi (1980) theory for natural frequency of the

plenum chamber. The second peak matched the bubble eruption frequency as confirmed by

camera recordings from the top of the fluidized bed. They concluded that the third peak was

related to bubble generation, which was confirmed by an optical fiber probe placed at different

radii inside the fluidized bed. Based on the experiments, they also noted that for a large plenum

chamber, bubble generation is controlled by the natural frequency proposed by Moritomi et al.

(1980).

Svensson et al. (1996) changed the number of orifices in the distributor to vary the

distributor pressure drop and observed a transition of bed dynamics from a multiple bubble

regime for a high-pressure-drop distributor to a single bubble regime for a low pressure drop

distributor. The former case gave a broad frequency spectrum with low-amplitude pressure

fluctuations, whereas in the later case the frequency spectrum showed a single sharp peak with

higher amplitude of pressure fluctuations. In this regime the plenum chamber and fluidized bed

are coupled (Svensson et al., 1996, and Sasic et al., 2004).

Sierra and Tadrist (2000) used a similar treatment as Hughes et al. (1955) and treating a

gas-solid fluidized bed as an electric circuit, with the plenum acting as a capacitor and the

distributor as a resistor. This electrical low-pass filter has a cut-off frequency of
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f1YFPA U
(1.12)

4r VP
‘3diSt)

This indicates that if the oscillations originating in the plenum chamber have a higher

frequency than the cut-off frequency, they will be attenuated significantly by the gas distributor

during transmission.

1.6 Scope of Work

This thesis investigates the effect of plenum chamber on the hydrodynamics of a fully

cylindrical fluidized bed. Two low-pressure-drop distributors were used, a multi-orifice

distributor and a single-orifice. The single-orifice distributor was used to determine the bubble

formation in a gas-solid fluidized bed, taking into account the effect of the plenum chamber

volume. The study involves measurements of absolute and differential pressure fluctuations.

For the single-orifice distributor, velocity fluctuations were also measured by a custom-made

hot-wire anemometer. Two types of particles were used in these experiments, representing

groups A and B of the Geldart powder classification scheme.

Chapter 2 describes, in detail, the experimental equipment used in this research project.

Details on the plenum chamber and distributor design appear in this chapter. The operating

conditions, under which the experiments were carried out, are also covered in this chapter.

Chapter 3 describes the pressure fluctuation measurements in detail. Some correlation

calculations used for this study are also included in this chapter, such as the autocorrelation and

power spectral density. Pressure fluctuation frequencies are compared with correlations

proposed in the literature. This chapter ends with a discussion of the results.

Chapter 4 introduces the hot-wire anemometry measurement technique and its use in the

gas-solid fluidized bed. Then the detailed design of the hot-wire sensor and its circuit are

described. This is followed by a discussion of measurement techniques and some difficulties in

using this sensor. A discussion of the results is included at the end of this chapter.
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Chapter 5 begins with a brief review of previous experimental and theoretical studies on

bubble formation in a single orifice in gas-liquid and gas-solid systems. Then, details of a

model suggested for this study are described, followed by model predictions.

Finally, the main conclusions drawn from this work are presented in Chapter 6, together

with some recommendations for future studies. Several computer programs prepared for this

work are provided in the appendices at the end of this thesis.
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Chapter 2: Experimental Set-up

2.1 Apparatus

2.1.1 Column Design

The experiments in this study were carried out in a transparent fully cylindrical column

constructed of Plexiglas with a specially designed plenum chamber. Two types of distributor

were designed to determine their effects on fluidized-bed hydrodynamics.

The cylindrical section has an inside diameter of 127 mm (5 inches) and an overall height

of 1646 mm as shown in Figure 2.1. Sampling ports of different spacing and size were installed

along the height of the column in order to measure pressure at different levels inside the

fluidized bed. One set of ports consisted of five holes, 19.1 mm in diameter, drilled into the

wall of the column. The spacing between adjacent holes is 152.4 mm, with the lowest one 38.1

mm above the bottom of the cylinder. Plexiglas sleeves of 50.8 mm outer diameter with 19.1

mm (3/4 inch) NPT taps drilled into them were glued over the holes for support. Another set of

ports was positioned along the bed height, at 90° in orientation to the first set of ports. In this

case, these consisted of three holes, 12.7 mm in diameter drilled into the wall of cylinder.

Plexiglas sleeves with the same dimensions as for the first set of ports were installed over the

holes for support. The first two ports were installed at 101.6 mm intervals, with the lowest one

38.1 mm above the bottom of the cylinder. The last port was 203.2 mm above the second port.
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2.1.2 Plenum Chamber (Windbox) Design

Unlike most plenum chambers reported in the open literature, which have asymmetric

geometry of the air supply system and plenum chamber, the windbox was designed to be

axially symmetric in order to have minimal influence of geometry. It was designed carefully to

consist of two sections; the first one is a shallow cone with a short column to provide the

minimum possible plenum volume, whereas the second section consists of two fully cylindrical

columns of different diameters.

The top part of the first section is a flange identical to the flange installed at the bottom of

fluidized bed in order to connect them simply as shown in Figure 2.2. The short column in this

section has an inside diameter of 127 mm and a height of 38.1 mm. One hole, 12.7 mm in

diameter, is drilled into this short cylinder 19.05 mm below the bottom of the flange. A

Plexiglas sleeve of 25.4 mm outer diameter with a 12.7 mm (1/2 inch) NPT tap drilled into it

was glued over this hole to hold a pressure probe. The bottom part of the first section is a

shallow cone of height 19.05 mm and inside upper and lower diameters of 127 mm and 343

mm respectively as shown in Figure 2.2. One hole, 12.7 mm in diameter, was drilled into the

cone in order to connect the plenum to a water-filled manometer, which also acts as a pressure

relief valve.

The second section of the plenum chamber consists of two cylindrical columns of the

same height, 572 mm, but different inside diameters. The inner column, (column A) has an

inside diameter of 139.7 mm, whereas the outer one (Column B) has an inside diameter of

342.9 mm. The volume contained between these two columns forms part of the plenum

chamber. The configuration is shown in Figure 2.3. A circular plate was glued to the bottom of

these two columns, with its outer diameter the same as column B and an axisymmetric hole of

the same diameter as column A. In order to change the effective volume of the plenum

chamber, water could be added or removed by means of two holes of 19.05 mm diameter

drilled in the outer annular part of this circular plate, one for water input and one for drainage,

as shown in Figure 2.3. Small PVC tubes of outer diameter 19.05 mm were connected to both

these ports.
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Figure 2.2. Details of flange and top section of plenum chamber.
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The air is supplied to the plenum by a Plexiglas tube of inner diameter 19.05 mm and

height 609.6 mm. One end is connected to the main building compressor, and the other end was

cut to make 4 small legs of height 12.7 mm and width 6.35 mm as shown in Figure 2.4. A

circular plate 30 mm in diameter was glued on top of these legs. Therefore the outlet of supply

tube acts as a pre-distributor to prevent gas from passing preferentially through the middle of

the distributor as suggested by Karri and Werther (2003). Some researchers have used different

pre-distributors such as a Chinese Hat (Nelson et al., 1993), and vertical pipe (Kage et al.,

1993), but the simple four-leg pre-distributor was geometrically more suitable in this study.

One hole of 25.4 mm diameter was drilled in a circular Plexiglas plate of diameter 152.4

mm and glued to the bases of those four legs as shown in Figure 2.4. The end of that circular

plate was glued to the top of the column A in order to seal the volume required for windbox.

2.1.3 Distributor Design

As the effect of plenum chamber on fluidization bed was the main focus of this study,

careful design was needed for the distributor. As mentioned by Svensson et a!. (1996) when

the distributor has a high pressure drop (e.g. ratio of distributor pressure drop to bed pressure

drop > 0.3), the windbox does not influence the fluidized bed hydrodynamics significantly,

because high-pressure-drop distributors act like filters, so the plenum chamber and fluidized

bed are effectively decoupled (Svensson et a!., 1996). Geldart and Kelsey (1968) varied AFdI1

by adding one or more sheets of porous material beneath the distributor. They found that if

ZXPdis/APb < 0.1 the bubble size increased with decreasing APdI, , whereas for APdIS,/AFb> 0.1

the bubble size was not affected by AFd,st. It seems that for low gas velocity (U-U,1<0.25 mIs)

the bubble size is influenced by the pressure drop across the distributor, whereas the number of

holes and the size of the holes are of less importance (Svensson et a!., 1996).

Other researchers have proposed different criteria for distributor design. For instance

Sathiyamoorthy and Sridhar Rao (1981) suggested APdE/z\Fb as a function of Urnj, and based

on experiments they recommended a rule of thumb for distributor design: L\Pd/APb > 0.12 for

fine particles and APdI/APb> 0.24 for coarse particles to give even distribution of gas through

the fluidized bed.
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In the experiments described in this thesis, the criterion recommended by Agarwal et al.

(1962) and Geldart and Baeyens (1985) for low pressure drop distributor was used together

with the design equations suggested by Karri and Werther (2003). A gas-superficial velocity of

0.20 mIs and a static bed height of 0.20 m of FCC particles (p1,=1600 kg/m3)were considered

for distributor design because for lower gas-superficial velocities and higher static bed height,

AFdI8,/zXPb decreases. With APdIg estimated as 10% of A?,, the velocity of gas through the grid

hole was determined from;

U1,
_

/2st
(2.1)

Pg,i

Here d is the orifice discharge coefficient which depends on the grid plate thickness and hole

pitch. It was estimated as 0.7 based on the literature (Karri and Werther, 2003). The

volumetric flow rate of gas was calculated based on the above gas-superficial velocity and then

the hole diameter (d,1) can be estimated from;

G=N---U,1 (2.2)

Since the effect of a single orifice on a fluidized bed was also important in this study, two

distributors were used. At first N (the number of orifices) was chosen as one, giving a d,, of 12

mm. The area of this hole was divided by 33 (number of holes) in order to calculate the area of

each hole in the second multi-orifice distributor.

Two circular Plexiglas plates of 216 mm diameter and 9.5 mm thickness were used for

the two distributors. In the middle of one, a hole of diameter 12.0 mm was drilled to provide a

single-orifice distributor; in the other, 33 holes of 2.1 mm diameter were drilled with an

isosceles triangular geometry with a base of 20 mm and a height of 20 mm as shown in the

Figure 2.5. Eight outer holes were also drilled in each plate in order to clamp each between the

fluidized bed flange and the top of the plenum chamber. (See hole pattern in Figure 2.5)

Two other circular Plexiglas plate with the exact same geometry but larger holes (14.0

mm diameter in the case of the single-orifice distributor and 3.0 mm diameter in the case of

multi-orifice distributor) were prepared, and a 38-jim stainless steel mesh was sandwiched

between the two plates in each case to prevent particles from falling through the holes into the
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plenum chamber. In order to seal the space between the two plates where the mesh was placed,

an 0-ring was mounted between the two plates, with a diameter of 50.8 mm in the case of the

single orifice distributor and 152.4 mm for the multi-orifice distributor.

2.1.4 Flow Rate Measurement

Gas flow rates were set by a rotameter calibrated by the supplier, Cole Parmer. It had a

maximum capacity of 300 LPM (0.005 m3/s) at 21°C and 1 atm (101.3 kPa) (Cole Parmer,

model# WZ-32121-00). The rotameter is connected to an air supply system by high pressure

hose with appropriate fittings. The air is supplied by the main building compressor at pressures

between 0 and 160 psig (1100 kPa). A pressure reducing valve and regulator were installed

upstream to reduce the pressure fluctuations and maintain a relatively steady flow of clean air

through the plenum chamber and fluidized bed. A schematic diagram of the overall apparatus is

shown in Figure 2.6. For determination of the minimum fluidization velocity, the rotameter

was replaced by two high-resolution rotameters. The first one (Cole Parmer, model# RK

03217-00), with maximum capacity of 850 CCM (1.42x105m3/s) at standard conditions, was

used for FCC particles. The second one (Brooks Instrument Division, model#

135 5XB 1 Al AAA) had a maximum capacity of 30 LPM (5x 1 0 m3/s) at standard conditions. It

was used for the glass beads experiments.

A pressure tap was installed in the plenum chamber 25.4 mm below the distributor and

connected to a water-filled manometer to measure the time-mean pressure in the windbox.

From the rotameter readings and rotameter pressure, the air flow rate through the plenum

chamber could be calculated. Corrections could then be made to determine the flow rate

through the bed at its operating temperature and pressure.
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2.1.5 Pressure Measurement

Eight 6.35 mm (1/4 inch) NPT male connectors from Swagelok were used to mount the

pressure sensors. One of them with a thread size of 12.7 mm (1/2 inch) was used for the plenum

chamber, and the rest with thread size of 19.05 mm (3/4 inch) were placed at the wall of the

fluidization column, inside the above-mentioned ports. Xie and Geldart (1997) suggested that

the optimum pressure probe diameter inside the fluidized bed is 4 mm. A stainless steel tube of

inner diameter 4 mm and length 25.4 mm was soldered to the tip of each male connector

working as a pressure probe. 3 8-jim stainless steel mesh was attached over the top of each tube

to prevent particles from entering the pressure transducers. Polyethylene tubes of 6.35 mm

diameter connected the pressure probes to pressure transducers. The length of each tube is less

than 200 mm as recommended by Van Ommen et al. (1999). Three absolute (Omega 142PC

series, maximum 5 psig (34473 Pa)) and five differential (Omega PX162 series, maximum

27.68 inches of water (6895 Pa)) pressure transducers were used for pressure measurement as

shown in the Figure 2.6. (All differential pressure transducers are not shown in the figure; the

rest are behind the column). All pressure transducers were calibrated by a water-filled

manometer. The transducers have a nearly linear relationship between pressure (or pressure

drop) and output voltage. Calibration constants were used in a software program as described in

the next paragraph for acquiring data.

Signals from the pressure transducers were sent to an analog/digital converter data

acquisition board (DASO8) and then to a personal computer via 32-channel expansion boards.

Once steady state was achieved, data were recorded with a sampling frequency of 100 Hz using

a custom-made program in LabVIEW 8.2 from National Instruments (Appendix A). Data from

all probes were recorded simultaneously for 10 5; then, signals from the absolute pressure

transducers (1) and (2) and the differential one (4) (Figure 2.6) were recorded separately for 60

s for better resolution and to prevent aliasing in Fast Fourier Transformation.

2.2 Particles

Spent fluid cracking catalyst (W.R. Grace & Co.-CONN, Maryland, USA) and spherical

glass beads (Potter Industries, New Jersey, USA; P0070) were used in the experiments as bed
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materials, representing groups A and B of the Geldart classification. The key properties of these

materials are given in Table 2.1.

Table 2.1. Properties of particles used in experiments.

d, Ph
§ Urn1

Particles (tim) (kg/rn3) (kg/rn3) (mis)

FCC(A) 70 1600 877 0.451 0.0025

Glass Beads (B) 157 2500 1468 0.416 0.0279
* from sieve analysis ; t from supplier; measured from graduated cylinder; § from Equation 2.4

Sieve analysis was performed to obtain the mean particle diameter of FCC and glass

beads particles from:

1
(2.3)

Here x1 is the mass fraction of particles within an average screen aperture size of d1. Glass

beads had a relatively narrow size distribution. The beads were nearly spherical in shape. FCC

particles had a wider size distribution than glass beads as shown in Table 2.2.

Table 2.2. Size distribution of particles.

FCC particles Glass beads

Mesh size (tim) Mass fraction (%) Mesh size (!Im) Mass fraction (%)

125-150 5.1 250-300 1.3

90-125 39.2 212-250 4.1

61-90 28.5 180-212 20.6

53-61 16.4 150-180 46.2

45-53 4.9 125-150 13.6

38-45 2.4 106-125 8.7

0-38 3.5 90-106 5.4
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The densities of particles were determined by liquid displacement where a known mass of

particles (glass beads or FCC) was slowly added to a 1000 ml graduated cylinder containing a

known quantity of water. The increase in the level of water was used to determine the volume

of particles added. After several measurements the average densities were calculated (at a

confidence level of 95%). For FCC particles the density was 1589 kg/m3 (the value provided by

company was 1600 kg/rn3) and for glass beads it was 2492 kg/m3 (again close to the value

provided by company, 2500 kg/m3). Note that since the FCC particles are porous, this method

assumes that no water enters the pores, an assumption that may not be completely valid.

To obtain the loose-packed bed voidage, the bulk density of the particles was determined.

Particles were poured partially into a graduated cylinder with its top end covered. Then the

cylinder was inverted and returned quickly to its upright position. The volume was measured

and therefore bulk density was calculated. After several measurements the average was used to

calculate the loose-packed voidage:

(2.4)
pp

During experiments with both FCC particles and glass beads, a crackling sound could be

heard because of static electricity build-up inside the column. It was strong enough to cause

electric discharge whenever a metal part was touched. At the beginning, it was assumed that

passing the air over water inside the plenum chamber would eliminate the generation of static

electricity, but this did not work efficiently. Adding some anti-static powder such as Larostat to

the particles was considered. However, as mentioned by Pianarosa (1996), adding Larostat can

cause significant effects on bed properties such as bed expansion. Therefore a simple procedure

was adopted, which was to connect the probes and column via a piece of copper wire to the

metallic frame to provide grounding.

2.3 Operating Conditions

To determine the effect of plenum chamber on fluidization, four different windbox

volumes were investigated in this study. The minimum one was 0.0020 m3, and the maximum

one was 0.0425 m3. The outer cylinder of the plenum chamber was graduated in order to add

the right volume of water. During the operation, small waves could be seen at the water
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surface. To check their effect on pressure fluctuations in plenum chamber video movies were

recorded for 5 minutes and watched carefully. The amplitude of these high frequency waves

was so small that they are believed to have been too small to have influenced the measurements

in this study.

Since plenum chamber characteristics have not been reported at different bed depths in

the literature, four different static bed heights were tested as listed in Table 2.3. Examining bed

depths above 0.5 mm was difficult because of carry-over of fine particles from the top of the

fluidized bed. The influence of the superficial gas velocity was also tested with five different

flow rates, as listed in Table 2.3.

Table 2.3. Values of variables tested in the experiments

Tested variables Values of tested variables

Gas superficial velocity, FCC (mIs) 0.040 , 0.080 , 0.120 , 0.160 , 0.200

Gas superficial velocity, glass beads (mIs) 0.065 , 0.106 , 0.145 , 0.185 , 0.225

UUm1(mIS) 0.037 , 0.077 , 0.117 , 0.157 , 0.197

Bed height(m) 0.10 , 0.20 , 0.35 , 0.50

Plenum chamber volume (m3) 0.0425 , 0.0290 , 0.0 155 , 0.0020
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Chapter 3: Pressure Fluctuation Measurements

3.1 Introduction

Since pressure fluctuations provide information on the dynamics of gas-solid fluidized

beds, they have been widely investigated by researchers. Moreover, this type of measurement

is simply achieved by inexpensive pressure transducers with different ranges and accuracies

depending on the operating conditions and positions of the probes. However, pressure

fluctuations are difficult to interpret because they can originate from different sources in gas-

solid fluidized beds such as bubble passage; self-exited oscillation of fluidized particles or gas

in the plenum chamber, bubble formation, surface waves, and bubble coalescence. Moreover,

the characteristics of pressure fluctuations depends on experimental conditions, such as static

bed height, particle properties, gas velocity and even the position and properties of the pressure

measurement system.

A number of researchers have focused on the decoupling of pressure fluctuation signals to

extract useful information about different phenomena in gas-solid fluidized bed. Three main

methods of analysis have been used by researchers: time analysis, frequency or correlation

analysis, and chaos or state-space analysis.

In the case of time analysis, standard deviation of pressure signals has been used to detect

fluidization flow regimes. However Johnsson et a!. (2000) criticized this method because the

amplitude of pressure fluctuations can change because of the redistribution of bed material

from the riser to the cyclone side, while the fluidization regime remains the same.

Frequency domain analysis, mainly used in this study, has been applied in fluidization

research by many researchers to transform pressure signals from the time domain to the

frequency domain. Fast Fourier Transform (FFT) has been utilized as the mathematical tool in

this kind of transformation. Dominant frequency and frequency spectrum can be determined

using the power spectral density function. Moreover, by means of the autocorrelation function,

the presence of a periodic phenomenon can be revealed. In the case of two signals, the cross

correlation function is commonly used to determine the relationship and time delay between

two periodic signals, as well as to determine bubble velocity in fluidized beds.
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From the governing equations (equation of motion and mass conservation for the gas and

solid phases), two-phase flow in fluidized system is governed by non-linear relationships.

Several researchers (e.g. Johnsson et al., 2000, Hay et al., 1995) have reported that time series

from pressure measurements exhibit the characteristic of low-dimensional deterministic chaos.

Chaos analysis is still a subject of research, and different algorithms have been proposed. Most

methods are based on the principle of reconstruction of the data into an attractor in state-space

(Johnsson et al., 2000).

In this study the first two types of analysis, i.e. time and frequency analysis; have been

applied to pressure signals. In the case of frequency analysis, Welch’s method was used for

Fast Fourier computations. This is believed to be the most common method in frequency

analysis for pressure fluctuations in fluidized beds. In this method the variance is reduced by

estimating power spectra as an average of several sub-spectra (Sasic et al., 2007). To prevent

leakage in the frequency spectrum, Bendat and Piersol (2000) suggested applying an

appropriate window (a Hamming window was used in this study). Details about the spectral

and statistical analysis methods are presented below.

3.2 Statistical Analysis of Pressure Fluctuation Signals

One of the basic tools in statistical analysis is the probability density function, p(x), of a

random variable x(t), defined by

p(x) = lim rob[x <x(t) x+
(3.1)

Ax )

For a sample record, x(t), which may take on values in the range of -co to +co, the expected or

the mean value ofx(t), p, is obtained by

E{x(t)J = Sx.p(x)dx = (3.2)

wherep(x) is the probability density function associated with x(t). Similarly, the expected value

of any real single-variable continuous function, g(x) of random variable x(t) is given by

E[g(x(t))]= fg(x).p(x)dx (3.3)

For g(x) =x2(t), the mean square value of x(t) is given by
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E[x2 (t)]= 1x2 p(x) = (3.4)

The variance of x(k) is defined by the mean square value of x(k) about its mean. Therefore

g(x)=(x-)2,and

E[(x(t) - p)2j f(x
-p)2.p(x) =

- = (3.5)

By definition, the standard deviation of x(t), denoted by (ix, is the square root of the variance. In

the case of a finite number of experimental data, the mean value and variance of x(k) based on

N independent observation, can be calculated from:

(3,6)

iN
S =o =—(x )2 (3.7)

where S is the biased sample variance. An unbiased sample variance is estimated by

1 N

N—i’
_)2 (3.8)

The standard deviation of pressure fluctuations is calculated using this equation.

3.3 Spectral Analysis of Pressure Fluctuation Signals

3.3.1 Correlation Function

It is difficult to determine whether a set of data contains a periodic component by

observing its time history because noise may be present. Moreover, several frequencies may be

superimposed. Correlation functions are used frequently to characterize periodic signals. A

correlation function is described by considering two signals as a function of time (e.g. pressure

as a function of time). Assuming two functions x(t) and y(t) which are sampled such that xk and

y occur simultaneously from k=O to kN (total number of data points), the discrete correlation

function is:

Xk Yk

‘Yk
k

N
(3.9)
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This value represents the correlation at the discrete point k. It is evident that for two zero-mean

signals, the correlation will be the greatest if the signals are identical. For two dissimilar

signals, the sum of the products will be smaller since some products are positive and some

negative.

In a similar manner, correlation can also be applied to a single signal, titled

autocorrelation. Autocorrelation determines the periodicity of a signal by correlating the value

of a function at y(t) to that at a subsequent time, y(t + t). The autocorrelation function, Rft),

can be calculated form the average product of the original signal value and its time-shifted

value. For a continuous system it is defined as:

1 /2
= lim— j y(t).y(t+r)dt (3.10)

1/2

where T is the total length of the time record. For a signal containing a periodic component, the

autocorrelation function results in a sharp peak after time zero. The time corresponding to this

time is the period of that periodic component. Purely random or white noise signals will yield

an autocorrelation function with a sharp peak only at zero, since there is no correlation at any

other point.

3.3.2 Spectral Density Function

One method to directly determine the frequency or frequencies associated with a system

is to calculate the power spectral density (PSD). The PSD is defined as the Fourier transform of

the autocorrelation function, which represents the amount of power in given frequency interval

contained in the data set. Considering a time series function, x(t), the spectral density function

is given by:

(f, T, k) = ± X (f, T).Xk (f, T) (3.11)

where

Xk(f,T) = fxk(t)edt (3.12)

is the finite Fourier transform of Xk(t), and X (f, T) is the complex conjugate of Xk (f, T).

From the power spectral density, one can find the dominant frequency and intensity of pressure
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fluctuation signals. Welch (1967) introduced a simple procedure, described in Appendix B, for

direct computation of the power spectral density using Fast Fourier Transform (FFT) with

suitable resolution and confidence.

Brown and Brue (2001) suggested using a logarithmic scale of PSD to characterize gas-

solid fluidized beds because the frequency of over-damped peaks is impossible to determine

accurately from the linear scale. Moreover, the order of the system can be determined more

easily from the logarithmic scale of PSD.

3.4 Results and Discussion

3.4.1 Time-Domain Analysis

To characterize the pressure fluctuation signals, the simplest, but not the most efficient

way, is to perform time-domain analysis. (In the time domain many signals may be

superimposed, so that it is difficult to understand the dynamics of the system). Pressure signals

from absolute pressure transducers inside the plenum chamber were used in this project for this

analysis, with a sampling frequency of 100 Hz. Only 10 s of the data were used for time-

domain analysis to determine the structure of the pressure-time signals, although the recording

time was 60 s.

For a shallow bed (e.g. 0.10 m depth) it is difficult to discern a different trend between the

pressure fluctuations from the minimum and maximum plenum volumes, as shown in Figure

3.1. However the structure of the pressures fluctuation signals differ, with the amplitude of

pressure fluctuations higher when the minimum plenum volume was used. This is reasonable

because the fluidized bed dynamics can affect a small plenum chamber more easily than a large

plenum chamber, with the latter tending to dampen fluctuations received from the bed.
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Figure 3.1. Pressure gauge fluctuations of the plenum chamber with single-orifice distributor
for FCC particles, 1-10=0.10 m, U=0.04 rn/s. (a) Maximum plenum chamber volume, 0.0425 m3

(b) Minimum plenum chamber volume, 0.0020 m3.

For a higher static bed height (e.g. 0.50 m), the amplitude of pressure fluctuations

measured from the maximum plenum volume became more regular as shown in Figure 3.2.

This is in agreement with Baird and Klein (1973) who observed that for large plenum volume

(0.0 19 m3), both the period and the amplitude of pressure fluctuations became regular. (They

did not report the distributor characteristics in their experiments).
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Figure 3.2. Pressure gauge fluctuations of the plenum chamber with single-orifice distributor
for FCC particles, I-I=O.50 m, U=0.04 rn/s. (a) Maximum plenum chamber volume, 0.0425 m3

(b) Minimum plenum chamber volume, 0.0020 m3.

Figure 3.2(a) shows some low-amplitude, high-frequency fluctuations; however, the

frequencies cannot be determined, even from the frequency spectrum, because the sampling

frequency for pressure recording was 100 Hz, so that based on the Nyquist rule only up to 50

Hz can be characterized in the frequency spectrum.
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Standard deviation of pressure fluctuations is usually performed in the time-domain to

determine the statistical characteristics of the system. Pressure fluctuation signals from two

absolute pressure transducers, one in the plenum chamber and the other in the bed, 38.1 mm

above the distributor, were used for standard deviation calculations. In general, the standard

deviation of pressure fluctuations in the plenum chamber decreased with increasing plenum

volume as shown in Figure 3.3.

In the case of single-orifice distributor, one large bubble is released at a time, whereas

many small bubbles form randomly at a multi-orifice distributor. Forming one large bubble

causes higher amplitude pressure fluctuations in the plenum chamber than forming many small

bubbles out of phase with each other. This can be confirmed by comparing Figures 3.3 and 3.4.

300

250

200

150

a:

a::

0.05

Figure 3.3. Standard deviation of pressure fluctuations in the plenum chamber (FCC particles,
Single-orifice distributor, and static bed height of 0.10 m).

Note that the effect of plenum volume is more pronounced for a higher static bed height.

As shown in Figure 3.4 for a 0.10 m static bed height, the standard deviation becomes almost

constant when the plenum volume is increased for the same superficial velocities, but for a

higher static bed height (0.50 m); the decrease of the standard deviation with increasing plenum

volume is more evident at high superficial gas velocities, as shown in Figure 3.5.
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Figure 3.4. Standard deviation of pressure fluctuations in the plenum chamber (FCC particles,
multi-orifice distributor, and static bed height of 0.10 m).

Glass beads showed a similar trend as portrayed in Figure 3.6. Since fluidization of

Geldart group B particles results in larger bubbles than for group A particles, the standard

deviation of pressure fluctuations in the plenum chamber is higher for glass beads at the same

operating conditions. Baeyens and Geldart (1974) also tested the effect of particle size and

density on plenum pressure fluctuations in a slugging fluidized bed and concluded that coarse

materials result in higher windbox pressure fluctuations than finer materials and that this may

be due to the higher terminal velocity of coarse materials, resulting in higher kinetic energy

when slug burst through the surface of the bed and powder falls back.
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Figure 3.6. Standard deviation of pressure fluctuations in the plenum chamber for glass beads,
(multi-orifice distributor, and static bed height of 0.50 m).
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Figure 3.5. Standard deviation of pressure fluctuations in the plenum chamber for FCC
particles, (multi-orifice distributor, and static bed height of 0.50 m).
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Figure 3.7 shows that the standard deviation of pressure fluctuations from an absolute

pressure transducer inside the bed (38.1 mm above the distributor) decreases slightly with

increasing plenum chamber volume.
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Figure 3.7. Standard deviation of pressure fluctuations in the fluidized bed (FCC particles,
single-orifice distributor, and static bed height of 0.50 m).

Time-domain analysis is probably the easiest way to treat pressure fluctuations data, but

in order to understand the dynamics of the fluidized bed, other types of analysis such as

frequency and chaos analysis are preferred.

3.4.2 Frequency-Domain Analysis

CPSD (Cross Power Spectral Density), PSD (Power Spectral Density), and correlation

functions were determined for the frequency-domain analysis. CPSD was used to estimate

bubble size for various plenum volumes, whereas PSD was applied to the pressure-time signals

to determine dominant frequencies by decoupling of pressure fluctuations, and autocorrelation

was performed to determine the periodicity of the pressure signals in the plenum chamber and

fluidized bed.
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Pressure waves caused by different source of pressure fluctuations travel upwards and

downwards in the bed from the point of origin. Because of their high propagation velocity, the

pressure waves can be measured simultaneously throughout the entire bed. Van der Schaaf et

al. (1998) showed experimentally that the amplitude of pressure fluctuations does not decrease

appreciably in the downward direction. Thus pressure waves generated at the upper bed surface

can also be measured in the plenum chamber and will be coherent with in-bed positions. In

addition to fast-traveling waves, gas bubbles and turbulence generate local pressure fluctuations

rather than a traveling pressure wave through the fluidized bed. Therefore, these phenomena are

not measured in the plenum. Based on this assumption Van der Schaaf et al. (2002) performed

spectral analysis and proposed a new approach to separate single-point pressure signals into

two components, coherent and incoherent. They concluded that the incoherent part is related to

gas bubbles and local turbulence and proposed a procedure to estimate the size of bubbles

based on spectral analysis. At first the coherence factor is calculated as:

=____

(3.13)

where S is the power spectral density of a pressure time series measured at position x

(calculated from Equation 3.11), and S, is the cross power spectral density of pressure time

series at position x andy, defined as:

S(f,T,k) =1x:(f,T).Yk(f,T) (3.14)

Xk (f, T) and )‘ (f, T) is the Fast Fourier Transform of the pressure time series, and

x;(f,T) is the complex conjugate ofXk (f,T). The pressure time series measured at position

y in the fluidized bed, which contains parts which are coherent and incoherent with the pressure

time series measured in the plenum chamber (x), can be expressed in terms of the coherent part

(COP) and incoherent part (IOP) respectively by:

COF(f) = (3.15)

(3.16)

According to Parseval’ s theorem, the standard deviations of the incoherent and coherent

pressure fluctuations can be calculated by:
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u,c =SCOPxy(f)df, u =fIOP(f)df (3.17)

Van der Schaaf et al. (2002) compared their approach with the Darton et al. (1977) bubble

coalescence model and suggested a measurement level in the fluidized bed not higher than 0.19

m above the distributor because the increase of the incoherent standard deviation with height up

to 0.19 m can be understood with the bubble growth model of Darton et al. (1977). They

concluded the bubble size could be estimated by:

u1/(pg(i —6)) (3.18)

Pressure time series from absolute pressure transducers in the plenum chamber and 38.1

mm above the distributor were applied to determine the effect of the plenum chamber and

superficial gas velocity on the bubble size estimated in this manner. A custom-made LabVIEW

program was written to apply this bubble size estimation procedure (Appendix C). It should be

noted that the estimation of bubble size by this procedure may not be very accurate. However,

the effect of the plenum volume on the bubble size based on the Van der Schaaf et al. (2002)

approach should be suitable for relative comparison.

Figure 3.8 shows that, as expected, the bubble volume, derived in this manner, increases

with increasing superficial gas velocity for FCC particles using the single-orifice distributor.

This is in agreement with experiments from Harrison and Leung (1961) for formation of

bubbles at a single orifice in a fluidized bed. Davidson and Schuler (1960) and McCann and

Prince (1969) also experimentally found larger bubbles when superficial gas velocity was

increased for bubble formation in a low-viscosity liquid.

Figures 3.8 and 3.9 both demonstrate that large bubbles formed for minimum plenum

volume (0.0020 m3) than for maximum plenum volume (0.0425 m3), for both single- and multi

orifice distributor. The effect of plenum chamber on the bubble size for moderate plenum

volumes (i.e. 0.0290 and 0.0155 m3) is barely perceptible, but Figures 3.8 and 3.9 show distinct

difference in bubble formation between the minimum and maximum plenum volumes. With

glass beads as the bed material, the same trend was found as shown in Figure 3.10.
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Bubbles formed at the single-orifice distributor were larger than those formed by the

multi-orifice distributor because of larger orifice surface area and greater flow through the

orifice in the case of the single orifice distributor. This can be inferred by comparing Figures

3.8 and 3.9. For glass beads, Geldart group B particles led to larger bubbles than FCC particles.

This can also be concluded from a comparison of Figures 3.8 and 3.10 for the single-orifice

distributor.
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Figure 3.8. Effect of superficial gas velocity and plenum volume on the bubble size derived
from the incoherent pressure fluctuations for single-orifice distributor and FCC particles. Note
that the ordinate scales differ; static bed height: (a) 0.10 m; (b) 0.20 m; (c) 0.35 m; (d) 0.50 m.
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Figure 3.9. Effect of superficial gas velocity and plenum volume on the bubble size derived
from the incoherent pressure fluctuations for (a) 0.10 m (b) 0.20 m (c) 0.35 m and (d) 0.50 m of

the bed height using multi-orifice distributor for FCC particles. Note that the ordinate scales
differ.
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Figure 3.10. Effect of superficial gas velocity and plenum volume on the bubble size derived
from the incoherent pressure fluctuations for (a) 0.10 m (b) 0.20 m (c) 0.35 m and (d) 0.50 m of

the bed height using single-orifice distributor for glass beads. Note that the ordinate scales
differ.

Based on the Welch’s method, a custom-made program (Appendix D) was developed in

MATLAB and then linked to LabVIEW program to plot the PSD and autocorrelation functions

in order to determine the dominant frequency and the effects of plenum volume, superficial gas

velocity, and bed height on the system dynamics. In the case of the single-orifice distributor,

the frequency spectrum from the distributor pressure drop fluctuations (differential pressure

transducer over the distributor) shows multiple peaks as reported by Kage et al. (2000). The

sharpest peak is believed to represent the bubbling frequency (bubble formation frequency) as

shown in Figure 3.11. Recorded video movies confirm this frequency to be the bubbling
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frequency; moreover the autocorrelation function proves its strong periodicity (Figure 3.11).

For FCC particles this frequency was between 5.9 and 7.5 Hz, whereas for glass beads it was

between 7.1 and 8.8 Hz. The second sharp is believed to represents the bubble eruption at the

surface. Frequency spectra from pressure fluctuations determined by absolute pressure

transducers in the plenum chamber and fluidized bed also show this frequency. Note that the

two peaks in Figure 3.11 are not harmonics, since the smaller one moves considerably to lower

frequencies with increasing bed depth, while the bubbling frequency peak is almost unchanged.

It was observed that most of the bed was being fluidized when the single-orifice distributor was

operating. However, a dead zone was observed at the bottom, far from the orifice.
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Figure 3.11. Frequency spectra of (a) differential and (b) absolute pressure transducers, with (c)
autocorrelation of differential pressure using single-orifice distributor for FCC particles

(I-I=O.1O m, VO.O425 m3, U0.06).

Increasing superficial gas velocity caused a broadening of the sharp peak of bubbling

frequency indicating that at high orifice gas flow rates, bubbling did not occur at a single
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frequency, but was spread as shown in Figure 3.12. This might be due to multiple bubble

formation at the same time in the orifice. For a gas-liquid system McCann and Prince (1969)

reported that at high gas flows, pairs of bubbles coalesced close to the orifice. The two merged

bubbles rose only a small distance above the orifice before shattering into many small bubbles

of varying sizes, leading to irregular bubbles. They also recorded video movies confirming

pairing bubble formation in gas-liquid systems for high orifice flow rates.

1
LL

I

Figure 3.12. Effect of superficial gas velocity on broadening the frequency of the difference in
pressure between the plenum chamber and a point inside the bed 38.1 mm above the distributor

using single-orifice distributor for FCC3particles. Arrows indicate bubbling frequency.
(H0O.1O m, V,=O.O425 m , (a) U=O.04 mis, (b) U=O.2 mis).

McCann and Prince (1969) proposed a model for bubble formation in an inviscid liquid

considering the plenum volume. They showed experimentally and theoretically that the

bubbling frequency increases with increasing orifice gas velocity in an inviscid liquid, leveling

off beyond a certain value. Nguyen and Leung (1972) studied bubble formation at an orifice in

a two-dimensional fluidized bed and, after taking into account gas flow through the bubble,

showed that the bubbling frequency decreases with orifice gas flow rate. In this study the

bubbling frequency was almost constant when the superficial gas velocity was varied for glass

beads and FCC particles; however, a slightly decrease in bubbling frequency with increasing

orifice flow rate was sometimes observed, as shown in Figure 3.13.
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Figure 3.13. Effect of superficial gas velocity and static bed height on bubbling frequency for
(a) glass beads; (b) FCC particles using single-orifice distributor (V,=O.O425 m3).
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In these experiments, increasing bed height resulted in a lowering of the bubble

frequency. This might be due to the fact that increasing the bed height results in more

compression at the orifice, causing the air to enter the bed at a lower velocity for constant U,

determined at the bed surface.

For single-orifice distributor, the bubbling frequency increased slightly with decreasing

plenum volume as shown in Figure 3.14. This is in agreement with McCann and Prince (1969,

1971) in a study of bubble formation at a submerged orifice in a low-viscosity liquid. They also

proposed a model for bubble formation in an inviscid fluid considering the effect of plenum

volume and showed a decrease in bubbling frequency with increasing plenum volume. More

details on the modeling are given in Chapter 5. Kage et al. (2000) also showed that the

measured bubbling frequency increased as the plenum volume decreased. The effect of plenum

volume on bubbling frequency was more noticeable for FCC particles than for glass beads.

10

Static Bed Height
——— O.lOm

0 O.20m
---v--- 0.35 m

I.
0.00 0.01 0.02 0.03 0.04 0.05

Plenum Volume Cm3)

Figure 3.14. Effect of plenum volume on bubbling frequency for single-orifice distributor and
FCC particles (U-Urnj = 0.077 mIs).

49



As mentioned above, decreasing the chamber volume caused the bubbling frequency to

increase. Eventually a state was reached where the wake of one bubble affected the next one,

deforming it and resulting in irregular bubble formation (McCann and Prince, 1969). They also

pointed out that decreasing the plenum volume caused multiple bubble formation. Figure 3.15

shows that in the case of minimum plenum volume, instead of a sharp peak for bubbling

frequency, there is some spreading in the frequency spectrum, possibly related to bubble

pairing and irregular multiple bubble formation. Accordingly, bubble formation for a large

plenum chamber is more regular than for a small plenum chamber.
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Figure 3.15. Effect of plenum volume on frequency spectrum for single-orifice distributor and
FCC particles, I-I=O.lO m, UUmj= 0.037 rn/s.
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Figure 3.16. Effect of plenum volume on periodicity of pressure fluctuations for single-orifice
distributor and FCC particles,H0=0.10 m, U-U,j= 0.037 mIs.

With decreasing plenum volume, the autocorrelation reveals more periodic fluctuations in

the plenum chamber. Moreover, it can be inferred from Figure 3.16 that by reducing the

plenum volume, pressure signals from the plenum chamber reflect the pressure fluctuations of

the distributor pressure drop and at the bottom of the bed. This can be explained by relating

To determine the periodicity of pressure-time signals, autocorrelation was performed on

the pressure fluctuations from the plenum chamber, bed, and differential pressure transducer

across the distributor. Figure 3.16 shows strong periodicity for the distributor pressure drop,

related to the bubbling frequency.
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pressure fluctuations of the plenum chamber and bed. As suggested by Sierra and Tadrist

(2000), the instantaneous distributor pressure drop can be determined from:

P (t) - (t) = d
(t).PgU2 (t) (3.19)

where d is the discharge coefficient. Pressure in the plenum, pressure at the bottom of the bed,

and the inlet velocity can be split into stationary and fluctuating parts:

(3.20)

PQ)=P +F(t) (3.21)

U(t) = U + UQ) (3.22)

Combining equations (3.19) to (3.22) with the assumptions of small amplitude of the

fluctuating velocity component (U2 0) and 4d (t) results in:

PQ)—F,,(t) = Pg41111 (3.23)

to relate superficial gas velocity fluctuations to the pressure fluctuations inside the plenum, it

should be assumed that the pressure fluctuations in the plenum chamber are reversible and

adiabatic. Therefore these fluctuations can be related to the air density by:

-Ag
=—fudt (3.24)

Pg mg PgVp

(3.25)
Pp Pg

VdP
U=— —fl- (3.26)

yAP dt

Combining of Equations 3.26 and 3.23 leads to:

dF 1’ yAP ( yAP
—+I - _ IF =1 — I (3.27)

cit Pgd’pUJ PgdVp1J

Equation 3.27 relates pressure fluctuations in the plenum chamber to bed pressure

fluctuations. In Equation 3.28, if the plenum volume goes to infinity (large plenum volume),

dF)/dt approaches zero. Therefore is constant and there will be no periodic fluctuation of

pressure inside the plenum. On the other hand, for a small plenum volume with finite dP11/dt,
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pressure fluctuations in the plenum match those inside the bed. This can also be inferred from

frequency spectra, as shown in Figure 3.17(d).
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Figure 3.17. Influence of plenum volume on pressure fluctuations in plenum chamber and bed
for single-orifice distributor, glass beads,H0=0.1O m, UUm10.037 m/s.

In addition to the bubbling frequency, a second sharp peak of lower frequency is

noticeable in the frequency spectrum from the single-orifice distributor experiments (e.g. see

Figures 3.11(a) and (b)). This frequency did not change significantly with varying plenum

volume, especially for a low static bed height. Therefore, for the single-orifice distributor, this

is not the natural frequency calculated by the Davidson (1968) or Moritomi (1980) models
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because these models take into account the volume beneath the fluidized bed to estimate the

natural frequency.

In this study, increasing the bed height caused the second frequency to decrease;

moreover, it seems that this frequency was independent of the superficial gas velocity.

Therefore, bursting bubbles on the surface of the fluidized bed could be the source of these

fluctuations. Figure 3.18 shows acceptable agreement between experimental results for this

frequency and predictions from the model of Baskakov et al. (1986), who showed that the

pressure drops simultaneously in both the upper and lower sections of the bed at the instant

when bubbles emerge at the surface. The bursting bubble forms a crater on the surface, and the

bed height is therefore diminished in this regime. As a result, the resistance to the flow of gas

decreases too, leading to a simultaneous decrease in pressure along the entire bed height and

even in the plenum chamber. Baskakov et al. (1986) simplified bubble eruption on the surface

of the fluidized bed by the oscillation of an ideal liquid in a U-shape of constant cross-sectional

area as shown in Figure 3.19. Accordingly, they proposed that the pressure oscillation

frequency is:

I =-- /—— (3.28)
H,

Video movies taken from the bed surface confirmed that bubbles bursting at the bed

surface were the source of this peak in the frequency spectrum. Bi (2007) reviewed the

literature for pressure fluctuations in gas-solid fluidized bed and concluded that the dominant

frequency from absolute pressure fluctuations generally corresponds to the bubble eruption

frequency detected at the bed surface.
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Figure 3.18. Effect of bed height on bubble eruption frequency for FCC particles, single-orifice
distributor, UUm1=0.077 mIs. Line is from the model of Baskakov et al. (1986). Points are

from the second (lower) peak from frequency spectra, as in Figure 3.11.
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Figure 3.19. Circulatory motion in a fluidized bed caused by a rising bubble and its similarity to
manometer oscillation.
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For low static bed heights, the volume-dependent equations for natural frequency

proposed by Davidson (1968) and Moritomi (1980) do not match the above-mentioned peaks

from the frequency spectra. Only for a relatively high static bed height (0.50 m), another peak

appears in the frequency spectrum, dependent on the plenum volume. Figure 3.20 shows that

this peak moves towards higher frequencies (from 0.8 Hz to 3 Hz) with decreasing plenum

volume. A higher static bed height has more ability to compress the air in the plenum chamber;

therefore the effect of plenum volume is more noticeable for a deeper static bed.
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Figure 3.20. Effect of plenum volume on the natural frequency for a single-orifice distributor
and glass beads. 110=0.50 m, UUmj 0.037 rn/s. The upward-pointing arrows show the natural

frequencies predicted by the Davidson (1968) model. “B” Represents bubble eruption
frequency and “N” represents natural frequency.
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Figure 3.21. Distributor pressure drop for single and multi-orifice distributors with FCC
particles and H0= 0.02 m.

Frequency spectra for the multi-orifice distributor show that by decreasing the plenum

volume the dominant frequency moved to higher frequencies. This is even noticeable for a low

static bed height, unlike the finding for a single-orifice distributor. The reason might be related

to the single-orifice distributor having a higher pressure drop (Figure 3.21 b) than the multi-

orifice distributor (Figure 3.21 a), even though the total open area for both distributors was

equal. As suggested by Davidson (1986), the ability of the fluidized particles to compress the

air in the plenum chamber is higher for multi-orifice distributor. In the Davidson (1986) model,

the ability to compress the air in the plenum chamber is the basis of the natural frequency in the

gas-solid fluidized bed. Figure 3.21 shows the distributor pressure drop for various operating

conditions.
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A multi-orifice distributor causes the release of many small bubbles from a discrete

number of sites, which may occur in or out of phase. As a result, the multi-orifice distributor

shows a broader frequency spectrum than the single-orifice distributor. Moreover, single

bubbles released from a single-orifice are much larger than those from the multi-orifice

distributor. Hence the related bubbling frequency has more power than from the multi-orifice

distributor as shown in Figure 3.22. Unlike frequency spectra from the single-orifice

distributor, it is difficult to locate a specific frequency for bubbling or natural oscillation from

the multi-orifice spectra.

Figure 3.22. Influence of distributor plate on the frequency spectrum for FCC particles,
1-10=0.10 m, UUmj= 0.077 mIs, J’,=0.0425 m3.

Decreasing plenum volume caused the broad frequency spectrum of the plenum pressure

fluctuations to move slightly towards higher frequencies, as shown in Figure 3.23. This may be

related to the natural frequency of self-excited oscillation of gas in the plenum chamber.

However for a minimum plenum volume, the frequency does not match the Davidson (1986)

model very well. Wong and Baird (1971) also reported that for a small plenum volume the

Davidson model overestimated the measured natural frequencies. As mentioned above, with

decreasing plenum volume, pressure fluctuations in the plenum chamber match those in the bed

(Equation 3.27). It is also shown in Figure 3.23 that at the minimum plenum volume, frequency

spectra for both the plenum and bed overlap.
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Figure 3.23. Effect of plenum volume on natural frequency for FCC particles, multi-orifice
distributor, 1-10=0.10 m, UUmj= 0.077 m/s. The arrows show the natural frequency predicted

by the Davidson (1986) model.

Another effect of the plenum volume was that the frequency spectrum narrowed to a

specific frequency with decreasing plenum volume for both glass beads and FCC particles. This

effect is more pronounced for deeper static beds (i.e. II= 0.35 or 0.50 m). Figure 3.24 shows

that at the minimum plenum volume, the frequency spectrum has a relatively sharp frequency

at 4.6 Hz, which was not observable in the frequency spectrum for the maximum plenum

volume. This indicates that for small plenum chambers, relatively coordinated or coherent

bubbling occurs compared with multiple bubbling, the latter leading to a broader and flatter

frequency spectrum. This might be due to the fact that for small plenum volume, the whole

volume of plenum can be easily subjected to pressure variation causing bubbles to form in
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phase, whereas for large plenum volume, the pressure inside the plenum chamber is almost

constant and random bubbling is more probable.

106

Figure 3.24. Effect of plenum chamber on frequency spectrum for FCC particles and a multi-
orifice distributor,H0=0.35 m, U-U,1 0.037 m/s.

As mentioned above for the single-orifice distributor measurements, bed height has a

similar effect for the multi-orifice distributor. Increasing the static bed height causes the

dominant frequency to decrease. Figure 3.25 shows that in the case of minimum plenum

volume (for which it is easier to locate the dominant frequency), by increasing bed height, the

dominant frequency shifted from 7.0 to 4.0 Hz. However, this frequency change cannot be

estimated very well by the Baskakov (1986) equation (eq. 3.28 above), not surprising as in that

study it was assumed that only one bubble erupted at a time.
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Figure 3.25. Effect of static bed height on frequency spectrum for FCC particles and a multi-
orifice distributor, V 0.0020 m3, UUmj= 0.037 1fl15.

In this study, the dominant frequency was found to decrease with increasing superficial

gas velocity for the multi-orifice distributor. Figure 3.26 shows that the dominant frequency

shifted from 4.2 to 2.9 Hz for fluidization of FCC particles with II=0.35 m and the minimum

plenum volume. This is in agreement with Nguyen and Leung (1972) who studied bubble

formation at an orifice in a gas-solid fluidized bed. Decreasing the bubbling frequency with

increasing the gas orifice velocity implies that the bubble size should increase with increasing

superficial gas velocity. This was previously shown in Figures 3.8 to 3.10.
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Another effect of superficial gas velocity on the fluidization by multi-orifice distributor is

that the frequency spectrum became broader with increasing superficial gas velocity as inferred

from Figure 3.26. This might be due to the fact that an increase in superficial gas velocity

causes an increase in distributor pressure drop, thus isolating the plenum chamber more from

the fluidized bed. The higher distributor pressure drop therefore causes a more even distribution

of multiple bubbles, resulting in the corresponding frequency spectrum becoming broader.

It is noteworthy that in the case of multi-orifice measurements, the dominant frequency

for glass beads was lower than for the FCC particles. This is related to the fact that fluidization

by glass beads (Geldart group B) resulted in larger bubbles than fluidization with FCC particles

(Geldart group A). Thus the dominant frequency for glass beads was lower than for the FCC

particles. This is shown in Figure 3.27 for different static bed heights while fluidizing with

minimum plenum volume.

Based on the above-mentioned results from pressure measurements for different plenum

volume, it seems that the van der Schaaf et al. (2002) approach for bubble size estimation by

incoherent part of pressure fluctuations has some defects while using small plenum volume (i.e.

less than 0.002 m3). This can be justified in several ways. The first one can be explained by

bubbling frequency. As shown in Figure 3.14, bubbling frequency decreased with increasing

plenum volume, so for the same superficial gas velocity larger bubbles occurred for large

plenum volume, whereas the van der Schaaf et al. (2002) approach predicted larger bubbles for

small plenum volume (e.g. 0.002 m3). The other reason is tied to Equation 3.27, which relates

the fluctuating parts of plenum pressure to the bed pressure. As mentioned above for small

plenum chambers, the plenum pressure fluctuations match the bed pressure fluctuations, so they

are more coherent for small plenum chambers. This has also been confirmed with experimental

results shown in Figures 3.16 and 3.17. But the van der Schaaf et a!. (2002) approach predicts

higher values for the incoherent part of pressure fluctuations for small plenum chambers which

results in predicting higher values for bubble size. Moreover, the mechanistic model developed

for bubble formation in Chapter 5 below also predicts decreasing bubble volume with

decreasing plenum volume.
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Figure 3.26. Effect of superficial gas velocity on frequency spectrum for FCC particles with
multi-orifice distributor, J”= 0.0020 m3,H0=0.35 m.
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Figure 3.27. Effect of particle type on dominant frecuency for multi-orifice distributor with
T’O.OO2Om

It should be mentioned that comparing results from single and multi-orifice distributor is

difficult, since measurements from multi-orifice distributor result in broad frequency spectra.

Therefore, there is no prominent peak in the frequency spectrum, except when using the

minimum plenum chamber volume where more coherent bubbling occurs.

3.5 Summary

To elucidate the dynamics of the gas-solid fluidized bed, the most common type of

measurement, pressure fluctuations, was applied. By means of frequency analysis, dominant,

natural, and bubbling frequencies were extracted from the frequency spectra. The effects of

plenum volume and operating conditions were studied.
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In the case of the single-orifice distributor, two main peaks were usually present in the

frequency spectrum. The higher one, representing the bubbling frequency, slightly decreased

with increasing plenum volume and superficial gas velocity. The other peak is related to bubble

eruption at the surface of the fluidized bed and is in agreement with the Baskakov (1986)

equation. Unlike the single-orifice distributor, the multi-orifice distributor measurement had a

broad frequency spectrum. In addition to bed height and superficial gas velocity, plenum

volume can influence the dominant frequency for a multi-orifice distributor.
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Chapter 4: Velocity Fluctuations Measurement

4.1 Introduction

Accurate measurement of fluid velocity and flowrate is required in many applications.

Based on hydrodynamic and physical principles, measurement tools have been developed to

measure fluid velocity and its fluctuations. For incompressible flow of low-viscosity gases and

liquids, the principle of continuity and the Bernoulli equation are useful in determining average

flow properties along a streamline, with time-averaged velocity measurements made by Pitot

static tubes. However, to measure velocity fluctuations and unsteady flows, Pitot-static tubes

are not appropriate because they measure time-averaged velocity. Hot-wire anemometry is

often suitable for accurate measurement of instantaneous gas velocity. In this study, while

fluidizing with the single-orifice distributor, a hot-wire anemometer was used to measure

velocity fluctuations at the orifice.

4.2 Hot-Film and Hot-Wire Anemometry

Hot-wire anemometers have been used since the late 1 800s when experimentalists in fluid

mechanics built their own rudimentary anemometers. The principle of operation of a hot-wire

or a hot-film sensor is very simple: if an electrically-heated fine wire is placed normal to, or at

some angle to, a flow stream, the wire will be cooled by the flowing fluid due to heat

transferred from the wire to the fluid. The amount of heat transferred is related to the

magnitude of the velocity, increasing with increasing velocity. Since the resistance of the wire

is a function of temperature, the voltage/current is a function of gas velocity.

Every hot-wire anemometer, regardless of type, contains the same basic parts: a probe

with its cable, and an electronics package. A typical hot-wire probe is illustrated in Figure 4.1.

The sensor of the typical hot-wire probe is a wire, usually made of tungsten or platinum,

typically 1 mm long and 5 jim in diameter. The sensor is attached between the tips of two

support needles by arc welding or soldering, and it is then electrically heated. A hot-wire type

sensor must have two characteristics to make it useful: a high temperature coefficient of

resistance, and an electrical resistance such that it can be easily heated with an electrical current

at practical voltage and current levels (Lomas, 1986).
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Probe Body Wire Sensor

Support Needles

Figure 4.1. Typical hot-wire probe.

Hot-film probes have also been used for special applications. A hot film anemometer is

usually made of nickel or platinum deposited in a thin layer onto a backing material, such as

quartz, and connected to the electronics package by leads attached to the ends of the film. This

kind of sensor has some advantageous compared with hot-wire probes such as better frequency

response, more flexibility in sensor configuration, and less susceptibility to fouling. A typical

hot film anemometer is shown in Figure 4.2 (Perry, 1982). Since both hot-wire and hot-film

anemometers contain thin sensor, special care is needed when using them. Moreover, they may

affected by fluid fouling, sensor burnout, and sensor aging.

Quartz rod

Hot film senso/yz>

,j_

Wedge shape support

Silver-plated lead wire attachment

Figure 4.2. Typical hot film probe.

Two types of electronic packages are used, each controlling the sensor heating current in

a different way. The most common one is the constant temperature anemometer, which

supplies a sensor heating current that varies with fluid velocity to maintain constant resistance

and, thus, constant sensor temperature. The electronic circuit for a constant temperature

anemometer contains a Wheatstone bridge with the sensor as one arm of the bridge, two fixed
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resistors and one adjustable resistor as shown in Figure 4.3 (Morris and Foss, 2003). A

differential feedback amplifier senses the bridge unbalance and adds current to hold the sensor

temperature constant. Before operating the system, the adjustable resistor is set to a value larger

than required to balance the bridge. When power is applied, the feedback amplifier increases

the sensor heating current, causing the sensor temperature to rise and increase the sensor

resistance until the bridge becomes balanced. Passing the fluid over the sensor cools the sensor

and unbalances the bridge. This makes the feedback amplifier increase the sensor heating

current, bringing the bridge back into balance. The sensor temperature remains virtually

constant as the velocity changes because the feedback amplifier responds rapidly. Thus, the

voltage difference across the bridge depends on to the fluid velocity.

Probe

Figure 4.3. Electronic circuit of a constant-temperature anemometer.

Another type of circuit for hot-wire sensors is the constant-current anemometer, which is

less used in the literature. In this method, instead of feedback technique, the bridge current is
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provided by a constant current power supply, as shown in Figure 4.4. The Wheatstone bridge is

balanced at only one velocity and becomes unbalanced as the velocity changes. The voltage

across the Wheatstone bridge depends on the velocity. To improve the frequency response, this

voltage is modified by a shaping network and amplifier.

Figure 4.4. Electronic circuit of a constant-current anemometer.

To find the equation for temperature profile of the sensor, as well as the average

temperature and frequency response characteristics of the sensor, an energy balance for the hot-

wire sensor is needed. As shown in Figure 4.5 a differential element of hot-wire sensor with

length of dx and cross-sectional area ofA3 is chosen for the energy balance resulting in:

A -—1’k c’2Pr peA
0xJ A3

— zdh(T — T) — .7ZdcoE0(Tc4
— T14) =0 (4.1)

Anemometer output
voltage measured here
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The first term is related to heat conduction in the element; the second term shows the amount of

heat generated due to passing electrical current through the wire; the third one is the

accumulation term, and the last two terms represent heat lost due to the convection and

radiation respectively. This is the general hot-wire equation. For circular cylinders of infinite

length, Karmer (1946) suggested the following correlation for 0.1 < Re < 10000 (Lomas,

1986):

Nu = 0.42 Pr°20+0.57 Pr°33 Re°5° (4.2)

where Nu Pr, and Re represent Nusselt, Prandtl, and Reynolds numbers respectively, defined as:

Nu=h.d/k (4.3)

Pr=pg.cs/ks (4.4)

Re=pg.Ufds/pg (4.5)

when all fluctuating quantities are expressed as the sum of a mean component and a fluctuating

component, Equations 4.1 and 4.2 result in a first-order linear ordinary differential equation

with response frequency of a few hundred Hertz (response time less than 0.005 s) (Lomas,

1986). This response frequency is acceptable for measuring the bubbling frequency in a gas-

solid fluidized bed with a single-orifice distributor.

A

Heat out by radiation

Heat in by Heat out by
conduction conduction

Heat out by convection

Figure 4.5. Heat transfer contribution for a differential element of a hot-wire sensor.
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43 Instrumentation

In this study hot-wire anemometry was used to measure the velocity fluctuations and

corresponding bubbling frequency for a single-orifice distributor. In order to obtain accurate

measurements and readings for single-orifice distributor, the length of wire should be the same

as the orifice diameter (12 mm). This should allow global velocity measurements for the orifice

as a whole within the orifice rather than local ones. Since most commercial hot-wire

anemometers are of shorter wire length, they measure local velocity fluctuations and were not

appropriate for this experiment. Therefore, a custom-made hot-wire sensor and corresponding

electronic circuit were designed and built.

Hauptmann (1968) proposed a simple way to build a low-cost hot-wire sensor. He used a

small flashlight bulb with the glass envelope removed and made the hot-wire sensor with a

lamp filament. He showed that with appropriate selection of the miniature lamp, acceptable

compatibility could be achieved. However, he did not provide the electronic circuit

specifications in his study. Williams (1984) suggested a constant-temperature electronic circuit

for a hot-wire anemometer. This circuit, shown in Figure 4.6, was used in this study. As

suggested by Williams (1984) a type 328 lamp was used to make the probe. First, the lamp’s

glass envelope was removed carefully, and then the two outlet wires of the lamp were soldered

to two relatively thick wires to make the probe. The probe was placed in a Wheatstone bridge,

monitored by Al’s output (Al to A4 are operational amplifiers). The current was amplified by

Qi and fed back to drive the bridge. The capacitors and 220 2 resistor ensure stability. The 2k

resistor enables start-up. When power is applied, the lamp is at a low resistance and Ql’s

emitter tries to come on full. As current flows through the lamp, its temperature quickly rises,

forcing its resistance to increase. This increases Al’s negative potential. Ql ‘s emitter voltage

decreases and the circuit finds a stable operating point. To keep the bridge balanced, Al acts to

force the lamp’s resistance, so that its temperature remains constant. Air flow past the wire

filament lamp cools it, and Al increases Ql’s output to maintain the filament’s temperature

constant. The voltage at Ql’s emitter varies non-linearly, but predictably, related to the air

flow. The non-linear behaviour of the hot-wire sensor can be explained by the law of King

(1914), describing heat transfer from a cylinder of infinite length. It is expressed as:
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12R5
=A0+B0 (4.6)

T-T1

where A0 and B0 are constants. For a hot-wire anemometer, King’s law is usually written as:

E2 = A + BU°15 (4.7)

where E is the anemometer output voltage across the Wheatstone bridge in the electronics

package, U is the fluid velocity, and A and B are constants. This equation can be used for

calibration. In order to have linearized output voltage versos fluid velocity, A2, A3 and the

array transistors form a circuit which modifies and amplifies Qi’s emitter voltage to give a

linear calibrated output voltage versus air flow rate with sampling frequency of 100 Hz

(Williams, 1984).

After building the hot-wire anemometer sensor and corresponding electronics package for

measuring gas velocity, the probe was attached to the single-orifice distributor. In order to

obtain accurate measurements, the sensor wire was placed inside the orifice in such a way that

the wire length exactly matched the orifice diameter. To calibrate the probe, the orifice plate

with attached hot-wire sensor was placed in a wind tunnel with the same diameter as the orifice

plate. Then known flow rates of air were passed through the tunnel. The air velocity through

the orifice was then plotted versus the output voltage from the circuit to provide the calibration

curve, as shown in Figure 4.7. A linear fit has been utilized in view of the electronic circuit that

is supposed to provide linearization, even though a non-linear equation would clearly give a

better fit. Since we are only interested in frequencies of the fluctuations, this is not expected to

be problematic.
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Figure 4.7. Calibration curve for custom-made hot-wire anemometer.

Note that the length of this custom-made hot-wire is longer than that of commercial ones.

Moreover the filament coil is usually helical which is unfavorable for perfect heat transfer and

therefore precise work. These defects may cause some noise in readings comparing with

commercial hot-wire anemometries, but should not interfere with the purpose of finding

bubbling frequency and demonstrating time-variation of flow through the orifice in this study.

During the experiments at superficial gas velocities larger than 0.01 m/s, the early hot-

wire probes placed in the orifice broke. In addition, there were electronic circuit limitations for

measuring gas velocities lower than 15 mIs. Hence velocity fluctuations were measured only

for two superficial gas velocities corresponding to U-U,= 0.037 and 0.077 m/s.

4.4 Results and Discussion

Similar to pressure fluctuation measurements, time-domain analysis was performed on the

velocity fluctuations to determine the structure of velocity-time signals. Figure 4.8 shows

velocity-time signals for various plenum volumes using glass beads and a 0.10 m static bed

height. The amplitude of the velocity fluctuations decreased with decreasing plenum volume as

0 2 4 6
Air Velocity (mis)
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shown in Figure 4.8. This can be explained by relating superficial gas velocity fluctuations to

7.5
E

: 7.4
0

7.2
C

7.1

0

V

C

Figure 4.8. Orifice velocity fluctuations for single orifice-distributor with glass beads at
different plenum volumes; (a) V—O.O425 m3 (b) V=O.0290 m3 (c) V=0.0155 m3 (c)

V=0.0O20 m3 (H0= 0.10 m, UUmj= 0.037 mIs, mean orifice velocity = 7.32 mIs).

Taking the derivative of Equation 3.23 with respect to time and substituting dP1,, /dt from

Equation 3.26 leads to:

dU (yA
— —

dt Pgd1’7pt1

-l dFb

Pg1) dt
(4.8)

the bed pressure fluctuations.
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From this Equation it is seen that the inlet boundary condition of the flow is not

independent of time unlike the assumption which is usually made in CFD simulations.

Moreover, this equation shows that for small plenum volume with finite dP1, /dt, U, the

fluctuating part of superficial gas velocity, approaches zero. Therefore it can be concluded that

the amplitude of orifice velocity fluctuations should decrease with decreasing plenum volume.

On the other hand, for a large plenum volume, the variation of U is directly proportional to the

variation of pressure inside the bed. The same trend was observed for higher static bed height

(0.20 m) with glass beads. Increasing the static bed height was found to cause velocity

fluctuations to have lower frequency and higher amplitude as shown in Figure 4.9 for glass

beads with static bed height of 0.20 m. It can also be inferred from Figure 4.9(d) that by

decreasing the plenum volume, the velocity fluctuations become more frequent and to have

lower amplitude, as expected from Equation 4.8.

Frequency-domain analysis was also used to determine frequencies associated with the

velocity-time signals. Fast Fourier transformation (FFT) was performed on velocity-time

signals collected with a sampling frequency of 100 Hz to determine the frequencies. The

Hamming window module from OriginLab software was used to prevent leakage from the

frequency spectrum. In general, the frequency spectrum of the velocity fluctuations featured

two noticeable peaks, as shown in Figure 4.10. The one with higher frequency represents the

bubbling frequency which matched the corresponding frequency from the pressure fluctuation

measurements. The other peak in the frequency spectrum is again related to the bubble eruption

at the surface of the fluidized bed since it changes with bed depth, as predicted by Baskakov et

a!. (1986). The reason for detecting this frequency by the hot-wire anemometer can be

explained from the orifice equation (eq. 3.19), which relates the instantaneous pressure drop

across the distributor to the instantaneous orifice velocity. When a bubble bursts at the bed

surface, it forms a crater on the surface and the bed height is therefore diminished in that area.

As a result, the bed pressure drop decreases and, accordingly, more gas flows into the bed, and

the instantaneous orifice velocity increases, as detected by the hot-wire anemometer.
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Figure 4.9. Orifice velocity fluctuations using single orifice-distributor for glass beads with
different plenum volumes: (a) J=0.0425 m3 (b) V,=0.029O m3 (c) V,=O.0 155 m3 (c)

V,=0.0020 m3 (I-I= 0.20 m, UUm1 0.037 mIs, mean orifice velocity = 7.32 mIs).
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• —

Figure 4.10. Frequency spectrum of orifice velocity fluctuations for glass beads, (H0= 0.10 m,
UUmj 0.037 m/s, V=0.O425 m3).

McCann and Prince (1969, 1971) studied bubble formation at a single orifice submerged

in a low-viscosity liquid and showed that the bubbling frequency decreased with increasing

plenum volume. This is in agreement with findings regarding bubbling frequency from velocity

fluctuation measurements as shown in Figure 4.11. As shown in Chapter 3, pressure fluctuation

measurements demonstrate the same trend. However, measurements from pressure fluctuations

show slightly higher frequencies than the velocity fluctuation measurements. As mentioned in

Chapter 3 when discussing the effect of static bed height, bubbling frequency slightly decreased

with increasing static bed height, probably because a greater mass of particles above the

distributor caused more compression resulting in a lower gas flow through the orifice, and

correspondingly a lower bubbling frequency.

The second peak (of a lower frequency) in the frequency spectrum of orifice velocity

fluctuations moves towards lower frequencies with increasing static bed height from 0.10 m to

0.20 m, but it is almost independent of plenum volume. Therefore it again appears that this

peak represents bubbles bursting at the surface of the bed. Figure 4.12 shows that increasing the

o 2 4 6 8 10 12 14
Frequency (Hz)
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static bed height from 0.10 m to 0.20 m caused the bubble eruption frequency to decrease from

3.4 to 1.9 Hz. This is in reasonable agreement with the Baskakov et al. (1986) model which

predicts 3.1 Hz and 2.2 Hz for static bed heights of 0.10 m and 0.20, respectively.

I
9.5

9.0

8.5

8.0

7.5
0.00 0.01 0.02 0.03

Plenum Volume (m3)

0.04 0.05

Figure 4.11. Effect of plenum volume on bubbling frequency measured from orifice velocity
fluctuations (Glass beads, UUmf= 0.03 7 mIs).
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Figure 4.12. Effect of static bed height on bubble eruption frequency for H0 of (a) 0.10 m and
(b) 0.20 m (Glass beads, J’,=0.0155 m3, UUmj= 0.037 mIs).
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4.5 Summary

Orifice velocity fluctuations were measured by a custom-made hot-wire anemometer.

Time-domain analysis showed that the amplitude of these velocity fluctuations decreased with

decreasing plenum volume. Frequency-domain analysis revealed two peaks in the frequency

spectrum. One of them represents the bubble formation, which decreases with increasing

plenum volume. The other one appears to be related to bubble eruption at the surface of the

bed, which depends on the static bed height as predicted by the Baskakov et al. (1986) model.
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Chapter 5: Modeling of Bubble Formation

5.1 Introduction

Many physical and chemical processes involve the formation of gas bubbles in liquids or

solid particles. The phenomena involved in bubble formation are extremely complicated, since

many parameters influence the size, frequency and the shape of bubbles. Therefore, a

somewhat simplified starting point has been common in describing the formation of bubbles at

a single orifice, excluding the influence of bubbles being formed at neighbouring orifices.

Although experimental studies of bubble formation at a submerged orifice have been conducted

for some time, theoretical analysis has been less investigated, and those investigations have

mostly been for gas-liquid systems. A general model applicable to the formation of babbles

under all kinds of operating conditions is not yet available, possibly due to the complex nature

of the problem.

Summing up published experimental results, Kupferberg & Jameson (1969) concluded

that the most important factors governing bubble formation at a single upward orifice,

submerged in a quiescent inviscid liquid, are gas flow rate, orifice radius and the volume of

chamber beneath the orifice. Other parameters affecting bubble formation such as liquid

density, surface tension, gas viscosity, gas density and depth of liquid above the orifice seem to

be less important.

It is well known that bubble formation is gas-liquid systems can take place under constant

flow or constant pressure conditions. In the former case, gas flows through an orifice into the

liquid at a constant volumetric rate, so that the movement and growth of the bubble do not

influence the gas flow rate. In this case, simple theory, based on a balance between the

buoyancy force and the upward mass acceleration of the fluid surrounding the bubble, gives a

rough estimation of the relationship between bubble volume and volumetric flow rate. This was

firstly modeled by Davidson & Schuler (l960b) for low-viscosity liquids. According to their

approach the equation of upward motion is:

(5.1)
dtl6 dt,)
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where V is the volume of the bubble at time t after the start of bubble growth at the orifice, and

s is the vertical distance of the center of the bubble above the point where the gas enters the

liquid. There are several assumptions in deriving this equation:

1. The bubble is assumed to remain spherical during formation;

2. The effect of the orifice plate on the motion of the bubble is ignored;

3. Viscous forces are neglected;

4. The depth of the liquid on the plate is large compared with the bubble diameter;

5. The flow around the bubble is assumed to be irrotational and unseparated. Therefore,

the drag coefficient is zero, known as D’Alembert’s paradox. Davidson & Schuler

(1960a) showed that for irrotational flow, when a spherical bubble is moving away from

a wall, the volume of the liquid carried along with a bubble (its added mass) is 11/16 of

the volume of the sphere.

6. Upward momentum of gas is negligible.

As the flow remains constant throughout bubble formation, the volume of the bubble at

any time can be written:

VG.t (5.2)

where G is the volumetric flowrate. Equation 5.2 is substituted into Equation 5.1, and the latter

is then integrated subject to the initial conditions:

att=O, and s=O (5.3)
cit

Thus, the final bubble volume is given by:

G615
1.378— (5.4)

Davidson & Schuler (1 960b) suggested another equation which takes into account the residual

bubble that forms the nucleus of the succeeding bubble. If this residual volume is V0 , then

bubble volume can be calculated from:

V=G.t+V0 (5.5)

Integrating Equation 5.1 with the same initial conditions leads to:

s=i-6 (5.6)
11 4 2G 2G2 L ,}
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The bubble is assumed to detach when its center has covered a distance equal to the sum

of the radius of the final bubble and the radius of the orifice (i.e. s= r+r0). Thus, the time of

bubble formation can be achieved by plotting Equation 5.6 and r+r0 as a function of time from

Equation 5.5 on the same axes. Davidson & Harrison (1963) changed Equation 5.1 by using a

value of 1/2 in the place of 11/16 for the virtual or added mass term when a tube extends into

the dense phase, resulting in an equation similar to Equation 5.4, but with a constant of 1.138

instead of 1.378.

Ramakrishnan et al., (1969) proposed a more complicated model for bubble formation

under constant flow conditions in a gas-liquid system. This model assumes two stages of

bubble formation: an expansion stage and a detachment stage as shown in Figure 5.1. During

the first stage, the bubble is assumed to expand while its base remains attached to the top of the

orifice, whereas in the second stage the bubble base rises away from the tip, the bubble itself

being in contact with the orifice through a neck. For each stage, the volume of the bubble can

be evaluated by performing a force balance. This results in an iterative procedure for the

estimation of bubble volume.

Detachment Stage

Figure 5.1. Two-stage mechanism of bubble formation.

Expasnsion Stage
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For gas-solid fluidized beds, Equation 5.4 with the modified constant has been used to

estimate the bubble volume. Nguyen & Leung (1972) investigated a two-dimensional fluidized

bed and, after considering gas leakage through the bubble surface, suggested the following

equation for bubbling in two-dimensional fluidized beds.

G413
= 0.74

g213a”3
(5.7)

where a is the thickness of the fluidized bed and Vi, is the final bubble volume.

Hsiung & Grace (1978) showed experimentally that the assumption of bubble formation

under constant flow conditions is not always justified in fluidized beds. They evaluated the

ratio of the pressure variation during formation to the pressure drop across the distributor

approximately as ( dBO/2H1111 )/(AP /AF,). For high static bed heights (dBQ <<H,,,1) or large

values of (AJ,,, /AF), the pressure variation during bubble formation is small, and constant

flow conditions may be satisfied. However, for shallow fluidized beds and small AP /M,

time-variation in flow tends to occur.

When bubbles form under variable flow conditions, another complication arises if the

volume of the plenum chamber is comparable with that of the bubble being formed. In this

case, the pressure in the plenum chamber oscillates during each cycle of bubble formation as

the flow rate through the orifice varies. Hsiung & Grace (1978) titled this an “intermediate

condition”. On the other hand, for a large plenum volume (Vi,>> Vb), the plenum pressure is

almost constant and a “constant pressure condition” prevails.

In order to determine the regions for constant flow and constant pressure conditions,

dimensional analysis has been performed by some researchers. Hughes et al. (1955) used an

electrical analogy between bubble formation at a single orifice and an acoustic system leading

them to define a dimensionless group called the capacitance number:

(5.8)
7oPgC
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where c is the velocity of sound in the gas. Hughes et al. (1955) suggested constant flow

conditions for N < 1 where the plenum chamber is small, and constant pressure conditions

when N> 1 (i.e. large plenum volume). Tsuge & Hibino (1983) considered the pressure of the

system and modified the capacitance number to:

N
= Vpg(p,_pg)

,irr0 I

where Ph is the hydrostatic pressure at the orifice plate. To determine constant flow or constant

pressure conditions, similar constraints were suggested by Tsuge & Hibino (1983).

The constant pressure condition arises when the plenum volume is large (in practice,

more than about one liter for a single orifice), and the pressure in the plenum chamber remains

almost constant (Satyanarayan et al., 1969). As the pressure in the bubble varies during its

formation, the pressure difference across the orifice also varies, bringing about a condition of

varying flow rate. Davidson & Schuler (1960b) extended their analysis for constant flow

conditions to constant pressure conditions by considering that the flow is now a function of the

extent to which the bubble has formed. This was introduced into the constant flow equation

(Equation 5.1) by an orifice equation which relates the volumetric gas flow rate through the

hole to the pressure drop across the plate. McCann and Prince (1969) were among the first

researchers to pay attention to the gas chamber beneath the single-hole perforated plate during

bubble formation. They modeled the changing pressure in the plenum chamber by assuming

adiabatic expansion of an ideal gas and applying the first law of thermodynamics to the gas in

the chamber leading to:

dP c2p
—

(5.10)

where ‘ is the ratio of specific heats and c is the velocity of sound in gas. McCann and Prince

(1969) assumed bubbles to grow from a hemisphere, and then spherical bubble form, rising due

to buoyancy. They also performed potential flow analysis to obtain an equation for pressure

inside the bubble. The last two equations, together with the instantaneous orifice equation, were

then solved simultaneously to obtain chamber pressure fluctuations. This model is in a good

agreement with their experimental data for an air-water system.
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Kupferberg & Jameson (1969) used also potential flow theory to derive equations for the

motion of a spherical growing bubble, its radial expansion stage and the dynamic variation of

pressure inside the bubble. The predicted size and frequency of formed bubbles were compared

with experimental results from air-water and air-ethanol systems. Yang et al. (2000) used the

same approach with the two-stage bubble formation assumption for high pressure liquid-solid

suspensions. They concluded that this model can reasonably describe the initial bubble size

under high-pressure conditions.

In the present study, the McCann and Prince (1969) approach was used for the first time

in gas-solid systems to model bubble formation at a single-orifice distributor taking into

account the influence of the plenum chamber. The next section describes the model formulation

and the required modifications for a gas-solid fluidized bed.

5.2 Model Formulation

In this study, two-stage bubble formation was assumed for modeling, consistent with

observations by previous researchers investigating formation of bubbles in low-viscosity

liquids (Ramakrishnan et a!., 1969, Tsuge & Hibino, 1983, and Kumar & Kuloor, 1970). The

effective surface tension for the gas-solid fluidized bed is assumed to be zero. Immediately

before the bubble formation it is assumed that there is no net pressure drop across the orifice

and a horizontal gas-solid interface. As the chamber pressure increases, the bubble grows while

retaining a spherical shape and remaining at the orifice as shown in Figure 5.2. The equations

which describe this stage of bubble formation were formulated in the following manner:

The relationship between the difference of pressures iii the plenum chamber, P, and in

the bubble, Pbubble, and the gas flow rate through the orifice, Q°, is assumed to be:

pbubble (5.11)

where k0 is the orifice “constant” which is a function of orifice gas flow rate, gas density, gas

viscosity, orifice diameter, and orifice plate thickness. Considering the pressure drop due to the

sudden contraction and enlargement at the orifice and the friction head loss, the following

equations were proposed by McAllister et a!. (1958) to calculate Ic0:
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k0= / 2

__

(5.12)
PgCg 4

where Cg can be obtained by the following equation if the flow of gas through the orifice is

assumed to be laminar:

16rp L
C =1.5+ g

(5.13)g
Pg Qo

Q° can be related to the rate of volume change of bubble from:

Q0=1+U,rr2 =4Trr2E!L+U,1yrr2 (5.14)

where U,j is the vertical component of velocity of gas flowing through the bubble boundary in

the gas-solid fluidized bed. Davidson & Harrison (1963) predicted that for spherical bubbles in

fluidized beds is three times the minimum fluidization velocity. But it was assumed here

that U,c Umj, since most evidence suggests that the Murray (1965) prediction of U is more

accurate.

Patm

Gas-solid Fluidized -

Bed

Bed Height

Qe
Plenum Chamber

Expansion Stage

Figure 5.2. Schematic diagram of bubble formation during the expansion stage.
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Assuming the ideal gas law for air inside the plenum chamber and adiabatic behaviour,

the pressure in the chamber during the expansion stage and detachment stage can be expressed

by Equation 5.10. Assuming a constant flow rate of gas entering the plenum chamber and equal

pressure at the inlet and inside the plenum together with Equation 5.14 leads to:

dP yF( ( dr 2Q —i 4nr —+U irr I (5.15)
cit Ve cit “

When the pressure inside the bubble becomes more than the average hydrostatic pressure,

the bubble expands by this pressure difference. Kupferberg & Jameson (1969) used potential

flow theory and the generalized Bernoulli equation derived by Lamb (1932) to derive an

equation for the bubble pressure in an ideal liquid. Tsuge & Hibino (1983) noted that for a real

liquid it is difficult to derive theoretically an accurate expression for bubble pressure, and they

therefore suggested multiplying the inertial term for an ideal liquid by a viscosity-dependent

factor. Ignoring surface tension in the gas-solid fluidized bed, the pressure inside the bubble

can be estimated by the Kupferberg & Jameson (1969) procedure with the Tsuge & Hibino

(1983) modification, giving

bubbIe = + PbIk gFI

(3(dr2 d2r (5.16)
—pb/kg(r—rO)+aph1/k---J +r_j-_,j

On the right side of the above equation, r0 is included to satisfy the initial condition that when

t=0, r= r0 and hydrostatic pressure at the bubble surface equals Patni +p1/gH. In the above

equation a, the viscosity-dependent factor, was estimated based on the Tsuge & Hibino (1983)

correlation:

a = 7.42+l.66log(,u(/k) (5.17)

where Pbulk is the bulk viscosity in Poise. Even though, this equation was suggested for gas-

liquid systems such as distilled water, 20% methanol water and 50% glycerine-water, it can be

also used in gas-solid fluidized beds by defining an effective viscosity for the fluidized bed.

Grace (1970) estimated the effective shear viscosity of fluidized beds by an empirical approach

based on the shape of spherical-cap bubbles and included bubble angle. Different particles

resulted in viscosities between 4 to 13 poise (0.4 to 1.3 Pa.s) for different particles, these values

being comparable to those obtained by shear viscometers by earlier investigators.
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(5.18)

(5.19)

The equations for the expansion stage, Equations 5.11, 5.15, and 5.16, can be solved

simultaneously. Initial conditions for the expansion stage are:

@t=O = r=r0, =O,

The expansion stage terminates when the sum of the buoyancy and the rate of gas

momentum exceed the sum of the inertial force and viscous drag force, so that the bubble

begins to rise. Thus

4PgQ02 d (‘ dr 1 (‘dr
2

2
(PbIk — pg)vg

+ 7rD
= M_J+ CDpbZ(/k --J rr

where M is the virtual mass for the ascending bubble, equal to (i ‘Phfk /16 + Pg ) V. To estimate

the drag coefficient, Stokes law has been applied, since it was assumed that the velocity of the

rising bubble, and coffespondingly its Reynolds number, are small.

During the detachment stage of bubble formation, the bubble continues to grow while

lifting up from the plate, but it is still connected to the orifice by a small gas column or neck, as

shown in Figure 5.3. This stage ends when the neck breaks off and the bubble separates.

Detachment Stage

Figure 5.3. Schematic diagram of bubble formation during the detachment stage.
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The equation of motion for the detachment stage can be written as follows, considering

the inertial force, the net buoyancy force, rate of gas momentum and viscous drag force:

d ( ds “ 4PgQo2 1 (‘ds ‘i2 2_pg)Vg+
2 —CDpbZl/k --J rr (5.20)

where s is the distance between the center of the bubble and the orifice plate. The equations for

the detachment stage, Equations 5.11, 5.15, 5.16, and 5.20 can be solved with the final values

from the expansion stage (denoted by subscriptfe) as the initial conditions. Moreover, because

of having an additional second order differential equation for the detachment stage compared

with the expansion stage, the following initial conditions are added to the previous ones:

s=r (5.21)fe dt dt1

As found experimentally by Kupferberg & Jameson (1969) and Tsuge & Hibino (1983),

the neck breaks off when the length of the bubble neck becomes equal to the orifice diameter.

Therefore, the detachment stage is assumed to end when the length of the bubble neck equals

the diameter of the orifice.

The mathematical model was solved using MATLAB software. The simultaneous

differential equations described above for each stage of bubble formation were solved

numerically by using fourth order Runge-Kutta method. Appendix E includes the MATLAB

program for this mathematical model. The following section presents predictions from this

mechanistic model and compare them with experimental evidence.

5.3 Results and Discussion

By solving the above differential equations, the values of r, dr/dt, s, V, Ps,, and Pbubble were

predicted as functions of time, t. Results from variation of Ps,, were used to characterize bubble

fomiation and determine the bubbling frequency as suggested by McCann and Prince (1969),

Yang et al. (2000), and Kupferberg & Jameson (1969). The typical plenum pressure variation is

shown in Figure 5.4 (where Ph is the hydrostatic pressure at the orifice). Pressure variation

inside the plenum versus time developed by the present model has the same trend as in the

models of Yang et al. (2000) and Tsuge & Hibino (1983). Here only one cycle of bubble

formation is shown. When the bubble detaches Pp-Ph is lower than zero level (initial condition).

90



Therefore, to start the next cycle of bubble formation a small step function is needed. Note that

the 1iftoff line is based on the results from Figure 5.6 where s (dashed line) and r (bubble

radius) diverge.

Figure 5.4. Typical variation of pressure inside the plenum predicted by the model, Glass
beads, d=l57 jim, UUmj 0.037 m/s, H0= 0.10 m, VO.0425 m3, 13=O.O12 m,ub1k=O.8Pa.s,

Um1 0.0279 mIs.

The present model was first solved for two limiting cases, very large and very small

plenum volumes, to determine whether the model can predict accurately these two limiting

conditions. For a very large plenum, bubble formation occurs under constant pressure

conditions, so the pressure in the plenum chamber remains nearly constant, as shown in Figure

5.5a for a large plenum chamber volume of 0.1 m3. On the other hand the instantaneous flow

rate through the orifice becomes nearly constant with decreasing plenum volume because the

volumetric gas flow rate entering the plenum chamber, Qe, is assumed to be constant, so that,

with decreasing plenum volume, the gas flow rate through the orifice, Q°, and Qe become

identical as shown in Figure 5.5b.

Figure 5.6 shows the bubble radius as a function of time for an intermediate plenum

chamber volume (0.0425 m3). The radius of the bubble increases as it forms, but after a certain

time it starts to level off. The distance between the centre of the bubble and orifice, which

Time (s)
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always increases with time, is also shown in Figure 5.6. The results for bubble radius and

distance of center of bubble above orifice are similar to those from Kupferberg & Jameson

(1969).

Figure 5.5. Model predictions for two limiting cases: large plenum volume, V,=O. 1 m and
small plenum volume 1=0.O005 m3. Glass beads, d=l57 tm, U-U,1— 0.037 mIs, H0— 0.10 m

D00.012 m, /-lbuIkO.8Pa.s, U,1— 0.0279 mIs.

E
E

Figure 5.6. Typical variation of bubble radius and distance of centre of bubble above orifice as
functions of time. Glass beads, dI57 !lm, U-U,1 0.037 mIs, H0= 0.10 m, J=0.0425 m3,

D00.012 m, Itbulk=O.8Pa.s, Umfz 0.0279 m/s.

Time (s)
0.07

Time (s)

Time (s)
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The present model for bubble formation predicts increasing bubble volume with

increasing plenum chamber volume as shown in Figure 5.7. This is consistent with pressure

measurements in Chapter 3 where increasing plenum volume caused the bubble frequency to

decrease. Therefore, for a given flow rate, the bubble volume increases with increasing plenum

volume, also in agreement with theoretical models of McCann and Prince (1969, 1971),

Kupferberg & Jameson (1969), Tsuge & Hibino (1983) and Yang et al. (2000) who studied

bubble formation in gas-liquid systems. Figure 5.7 also shows the predicted dependence of the

bubble volume on the gas flow rate. As expected, a higher gas flow rate through the plenum

causes larger bubbles to form. Results from pressure measurements in Chapter 3 indicate a

constant or slight decrease in bubbling frequency with increasing superficial gas velocity.

Therefore, larger bubbles are generated with increasing superficial gas velocity. The model of

McCann and Prince (1969, 1971) also predicts a monotonic increase of bubble volume with

increasing orifice gas velocity.

Based on the results from the present model and also from pressure measurements

(Chapter 3), it seems that for small windbox volumes, there is a failure in the procedure for

estimating bubble size based on the incoherent pressure fluctuations suggested by Van der

Schaaf et a!. (2002), because the present model, consistent with gas-liquid systems, predicts

smaller bubbles for a smaller plenum chamber, whereas the Van der Schaaf et al. (2002)

approach estimates larger bubbles (Figures 3.8-3.10).

During the initial period of bubble formation, the pressure in the gas chamber increases

first due to the inflow of gas to the plenum chamber and inertia of the dense phase. Due to this

increase in pressure, the bubble begins to expand. When the flow into the expanding bubble

exceeds the flow rate at which gas is supplied to the chamber, the amount of gas in the chamber

and hence the pressure there begin to decrease. The bubble separates at approximately the same

time as the pressure in the gas chamber reaches its minimum value, corresponding to the

maximum volume of the bubble (Tsuge & Hibino, 1983). Figure 5.8 shows the effect of

plenum volume on the pressure variation of the plenum chamber predicted by the model.

Increasing plenum volume causes the period of bubble formation to increase resulting in a

lower bubbling frequency. It also leads to a lower amplitude of pressure variation.
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Figure 5.9 shows the predicted and experimental effect of plenum volume on bubbling

frequency for glass beads and a 0.10 m static bed depth. Two different bulk viscosities (0.8 and

0.6 Pa.s) were used for glass beads to determine the effect of bulk viscosity on model

predictions. Frequencies predicted by the model are relatively close to, but lower than, bubbling

frequencies measured by the hot-wire anemometer. The model also underpredicts the

frequencies measured from pressure fluctuations, but the margin in this case is larger, 24% at

most. The difference between velocity and pressure fluctuation measurements in Figure 5.9

might be due to the fact the upper port for differential pressure transducer was sOmewhat above

the distributor (38.1 mm), so the differential pressure measurements were not completely

localized.

The differences between the quantitative predictions and experimental values might be

due to assumptions and simplifications in the present model. For example, the Basset force and

particle-bubble collision force have been ignored in the force balance; low Reynolds number

drag has been assumed for bubbles; and the suggested modification of Equation 5.16 proposed

by Tsuge & Hibino (1983) was tested experimentally only in gas-liquid system, not in gas-solid

system. Moreover, the viscosity of gas-solid fluidized bed was roughly estimated based on the

Grace (1970) range.

x106
150

140

130 VO425m

V=O.OO2O m3

90
0.0 0.1 0.2 0.3

Qe(m31s)

Figure 5.7. Effect of plenum volume and entering gas flow rate to plenum chamber on bubble
volume predicted by the model (Glass beads, 157 jim, H0 0.10 m, D0=0.0 12 m,1UbtjlkO. 8

Pa.s, U,nf 0.0279 mIs.).
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Figure 5.8. Effect of plenum volume on variation of the pressure in plenum chamber predicted
by the model (Glass beads, d—157 p,m, UUmf= 0.037 mIs, II= 0.10 m,D0=0.012 m, /1buIk=O.8

Pa.s, Umj= 0.0279 mIs).
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Figure 5.9. Effect of plenum volume on bubbling frequency predicted by the model (Glass
beads, d157 jim, UUmj 0.037 mIs, H0= 0.10 m,D0=0.012 m, Um1= 0.0279 mIs).
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According to the model, the gas flow rate through the orifice, Q0, varies with time. In the

initial period of bubble growth, the gas flow rate through the orifice increases to a maximum,

corresponding to the increase in plenum pressure during the expansion stage of bubble

formation. After reaching a maximum, Q° decreases gradually because the pressure inside the

plenum decreases due to the rise in the centre of the bubble, and hence the pressure difference

across the distributor, which causes the flow through the orifice, decreases (Equation 5.11).

Figure 5.10 shows the effect of the plenum volume on the variation of gas flow rate

through the orifice with time during bubble formation. With increasing windbox volume, Q°
varies with higher amplitude and lower frequency. This was also observed from the hot-wire

anemometer velocity-time signals measured inside the orifice (Figure 4.9) showing that for a

large plenum volume, the velocity through the orifice changes with higher amplitude and lower

frequency. On the other hand, decreasing plenum volume leads to a smaller variation in gas

flow rate through the orifice and a higher frequency approaching one of the limiting cases of

bubble formation, constant flow conditions.

x104
8.4

Figure 5.10. Effect of plenum volume on variation of gas flow rate through the orifice (Glass
beads, d157 urn, UUmj= 0.037 mIs, H0 0.10 rn,D0=0.012 m,ublkO.8Pa.s, Umj 0.0279

mis)
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5.4 Summary

A two-stage mechanistic model (considering expansion and detachment stages) was

developed for bubble formation at a single orifice submerged in a gas-solid fluidized bed. The

model predicts the variation of plenum pressure, bubble volume, and orifice flow rate with time

in a manner consistent to that previously reported for gas-liquid systems. For small plenum

chambers, bubbles form with greater frequency and smaller detachment volumes compared

with bubbles formed with larger plenum chambers. Decreasing plenum volume causes the gas

flow rate through the orifice to vary with a lower amplitude and a higher frequency. The

calculated variation of bubbling frequency with the volume of the gas chamber is in good

qualitative agreement and quite good quantitative agreement, with the experimental results

from hot-wire anemometer and pressure fluctuation measurements for a single orifice presented

in Chapter 3.
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Chapter 6: Conclusions and Recommendations

6.1 Conclusions

Experiments were carried out in a cylindrical fluidization column mounted on an axially

symmetric, variable-volume plenum chamber to determine the effect of windbox volume on the

hydrodynamics of fluidized beds of glass beads and FCC particles. Two low-pressure-drop

distributors were used: one with a single orifice, and the other with 33 orifices having the same

total open area as the single orifice.

Pressure and orifice velocity fluctuation measurements were preformed for the single-

orifice distributor. The frequency spectrum of the distributor pressure drop fluctuations

(differential pressure transducer) shows multiple peaks, as reported by Kage et al. (2000). The

sharpest peak is believed to represent the bubbling frequency. As suggested by Nelson et al.

(1993) to determine the bubbling frequency, the autocorrelation function also demonstrated

strong periodicity corresponding to this peak.

Increasing superficial gas velocity caused a broadening of the sharp peak of bubbling

frequency, indicating that at high orifice gas flow rates, bubbling did not occur at a single

frequency. This is probably due to multiple bubble formation in the orifice. For a gas-liquid

system, McCann and Prince (1969) reported that at high gas flows, pairs of bubbles coalesce

close to the orifice. The merged bubbles rose only a small distance above the orifice before

shattering into many small bubbles of varying sizes, leading to irregular bubbles. These authors

also recorded video movies confirming pair formation in a gas-liquid system of high orifice

flow rates. In the present study, a slight decrease in bubbling frequency with increasing orifice

flow rate was observed, in agreement with observations of Nguyen and Leung (1972) for a two

dimensional fluidized bed and McCann and Prince (1969) for gas-liquid systems.

For the single-orifice distributor, the bubbling frequency increased slightly with

decreasing plenum volume, in agreement with McCann and Prince (1969, 1971) and Kage et al.

(2000). This can be explained by the damping effect of the plenum chamber; for a large

windbox, the air withdrawn during the formation of each bubble is only a small fraction of the

plenum chamber volume, so that a nearly constant pressure is maintained in the windbox. As a
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result, depletion of gas in the plenum which is present for small windbox volumes no longer

occurs, with the result that bubbles are larger, and hence the frequency is lower, for large

plenum chambers at the same gas flowrate. Another effect of the plenum chamber volume was

revealed by the autocorrelation function which determines the periodicity of pressure-time

signals. With decreasing plenum volume, the autocorrelation revealed more periodic

fluctuations in the plenum chamber. Moreover, by reducing the plenum volume, pressure

signals from the plenum chamber matched the pressure fluctuations of the distributor pressure

drop and at the bottom of the bed. This can be explained by relating the pressure fluctuations of

the plenum chamber and bed suggested by Sierra and Tadrist (2000).

Increasing the bed depth resulted in a slight lowering of the bubble frequency, probably

because of imposing more compression at the orifice, causing the air to enter the bed at a lower

velocity for constant superficial gas velocity, determined at the bed surface.

In addition to the bubble frequency, a second sharp peak of lower frequency appeared in

the frequency spectrum from the single-orifice distributor experiments. This frequency did not

change significantly with varying plenum volume. On the other hand, increasing the bed height

caused this frequency to decrease, whereas it appeared to be independent of the superficial gas

velocity. It appeares likely that bursting bubbles at the surface of the fluidized bed were the

source of these fluctuations. Quite good agreement was found between experimental results for

this frequency and the model of Baskakov et al. (1986), which is based on an analogy between

bubble eruption at the bed surface and oscillation of an ideal liquid in a U-tube of constant

cross-sectional area.

A custom-made hot-wire anemometer measured orifice velocity fluctuations. Two peaks

were found in the frequency spectrum from the orifice velocity fluctuations. One of these

frequencies matched the bubbling frequency estimated from pressure fluctuations, decreasing

with increasing plenum volume (the same trend as from the pressure fluctuation

measurements). The second major peak in the frequency spectrum appeared to be related to

bubble eruption at the surface of the fluidized bed since it migrated to lower frequency with

increasing bed depth.
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Effects of gas superficial velocity and bed depth on frequency spectra for the multi-orifice

distributor were similar to those for the single-orifice distributor. Decreasing plenum volume

caused the broad frequency spectrum of the plenum pressure fluctuations to move slightly

towards higher frequencies. This may be related to the natural frequency of self-excited

oscillations of gas in the plenum chamber. In addition, the frequency spectrum narrowed to a

more specific frequency with decreasing plenum volume. It can be concluded that for small

plenum chambers, coordinated or coherent in-phase bubbling occurs, compared with more

random bubbling, leading to broader frequency spectra, for larger windbox volumes.

A two-stage mechanistic model was developed for bubble formation. This model

predicted a decrease of bubble frequency at the distributor with increasing plenum volume.

Variations of plenum pressure, bubble volume, and orifice flow rate with time are predicted to

have similar trends as for gas-liquid systems. The model predicts that decreasing plenum

volume leads to smaller and more frequent bubbles than for larger plenum volumes. Moreover,

gas flow rate through the orifice varies with lower amplitude and higher frequency with

decreasing windbox volume. The model predictions were in a reasonable agreement with

pressure and velocity fluctuation measurements.

The Van der Schaaf et al. (2002) approach for estimating bubble size based on the

incoherent part of pressure fluctuations has some defects when applied to beds of small plenum

volume. This occurs due to several reasons. First, the bubbling frequency decreases with

increasing plenum volume. As a result for the same superficial gas velocity larger bubbles are

more probable for large plenum volume, whereas the Van der Schaaf et al. (2002) approach

predicts larger bubbles for a small plenum volume The other reason can be expressed by

relating the plenum pressure fluctuations to the bed pressure fluctuations. For small plenum

chambers, windbox pressure fluctuations match bed pressure fluctuations, so they are more

coherent for small plenum chambers, as confirmed experimentally. But the Van der Schaaf et

al. procedure predicts higher values of the incoherent part of pressure fluctuations for small

plenum volumes, resulting in predicting larger bubbles. Moreover, the mechanistic model

predicts decreasing bubble volume with decreasing plenum volume.

100



6.2 Recommendations

• In addition to time and frequency analysis of pressure fluctuations, state space

(chaotic) analysis is needed to investigate pressure waves further in order to understand more

fully the effects of the plenum chamber on fluidized bed hydrodynamics.

• Experiments with other types of bed materials, such as coarse particles of Geldart

group D, and very fine particles corresponding to Geldart group C, are needed to determine

whether the plenum chamber volume has the same effect on fluidized bed hydrodynamics

over a broader spectrum of bed material properties.

• Other factors, ignored in the present model, such as the Basset force, drag force on

particles surrounding the bubble, and particle-bubble collision force should be considered in

the force balance in order to propose a more comprehensive model for bubble formation in

gas-solid fluidized beds. Moreover, better estimation of bubble pressure would assist in

finding a more applicable model. Considering more realistic bubble shapes rather than

spherical boundaries might also lead to better predictions of bubble formation.

• Using an optical probe or capacitance probe is suggested for bubble size estimation in

order to compare experimental results for various plenum volumes with the mechanistic

model.

• Different types of distributor such as bubble cap and sparger should be investigated in

similar experiments to understand whether the plenum volume influences fluidized bed

hydrodynamics in the same manner as for the simple upward-facing horizontal orifices

studied here. For constant superficial gas velocity and bed depth, testing distributors of

similar geometry but different pressure drops should be used to find the limiting distributor

pressure drop beyond which the fluidized bed and plenum chamber are decoupled.
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Appendix A

LabVIEW Program to Acquire Pressure Signals
• -

H
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Appendix B

Welch’s Procedure for Direct Computation of Power Spectral Density FFT

An infinite range Fourier transform of a real valued or complex-valued record, x(t), is

defined by the complex-valued quantity:

X(f) = fx(t)e2tdt (A.l)

By restricting the limits to finite time interval 0 to T, the finite-range Fourier transform is:

X(f,T) = fx(t)e2tdt (A.2)

Assuming that x(t) is sampled at N equally spaced intervals, At, where At has been

selected to produce a sufficiently high cut-off frequency, then the sampling times are t,,=n At,

and the samples are x=x(n At) with n=0,1,2. . .,N-l. Therefore, the finite range Fourier

transforms can be expressed as

X(f,T) = Atx exp[—j2Atj (A.3)

The normal selection of the discrete frequency values for the computation ofX(fT) is

1k - = —k-—, k = 0,1,2,..., N —1, (A.4)

At these frequencies, the transformed values give the Fourier components defined by

Xk
=T)=xnexp[_j2], k=0,l,2,...,N—1, (A.5)

The power spectral density function can be calculated as

1 ‘ X (f,T)2
S(f) =

____

k
, k = 0,l,2,...,N—l, (A.6)

fldAl iv

where Xk (f,T)2/Nis often called a periodogram.

Welch (1967) has introduced a simple procedure for direct computation of the power

spectral density using Fast Fourier Transform (FFT) with suitable resolution and confidence.

Assuming a set of data, x(n) with 0 n N, divided into K=N/M segments of M samples each:

x(n) = x(n + iM — M) 0 n M —1 1 i K (A.7)
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Window W(n) is next applied directly to the data segments before computing the periodograms.

M—I 2

J) (v) = — x(n)a(n)e° (A.8)
fl=o

where co(n) is the applied window, i.e., inverse Fourier transform of spectrum window W(e’°’),

with

I
Al—I

U=—a2(n) (A.9)
n=O

o(n) = *fW(e)edo (A.1O)

The spectrum estimate is defined as:

B(o,)=1J2(a) (A.11)

FFT provides an efficient means of computing an estimate for the power spectrum at

equally spaced intervals (=(22r/M)K). Therefore, a spectrum can be estimated at equally

spaced frequencies by averaging the periodograms in the Welch’s method by:

k=O,1,2,...,M—1, (A.12)

where

2 1M-l 2

J)(k) = x(n)o(n)e2(2M ,i = 1,2,...,K k = O,1,2,...,M—1,

(A.13)

J(k) =_—X(k)2 (A.14)

with

X (k) = x°(n)a(n)e224, k = 0,1,2,..., M —l (A. 15)

The spectrum can be estimated by first computing X,4 (k) with an appropriate FFT algorithm

and then computing J1’) (22zk/M) from Equation (A. 14) for each section. When all K estimates

are accumulated, Equation (A.12) is used to compute this estimate. This simple procedure
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results in a direct estimate of the power spectral density function, which will always be non

negative.
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Appendix B

LabVIEW Program to Calculate PSB and Autocorrelation Function

figure
[cpsdpjp] =pekh(xhrnming(2’ 10), fl 2A 10,100);
loglog(fcpsdp,-k)
hold on
:psdbth] =pe hyrhrnmngi2’ 10), , 2” 10, 100);
loglogth:psdbk)

xlabelçFrequency cHz)FcntSz&, 16)
ylabelCPoer1requency FontSze, 16)

xs(J. 1 60 1 10000000])
h = iegend)Plenum (Abs)’ed :AbtY,2Loaticn,
NorthEast);
set ‘box,off)

figure
[crddfd] =p eLh D if amrnrg2 1 0, fl 2 fl 100,
loglog(cpsdd-k)
xlabekFrequencv Hz).FontSize’, 16)
ylabel(Powerrequency FontSze, 16)

axis([0 t 60 0.5 10000000])
h = iegendPlenum-Bed Dif,), 1,Location,NorthEast);

boxofP)

figure
faaa] =autocorrcolenurn 100, U 2);
Ebbb] =autocorrbs2, 100, U 2;
ccc] =autocorrcDiff i00 U 2);
hold on
plot(aaakrLineWdth, I)

2)
kLineWdth’, 1)

ne Lag ms)Font5ize, 16)
ylabel(AutocorrelatonFontSize, 16)
h = legendPlenum (Abs.)ed (Abs. )Plenum-Bed
(Diif.) 3,LocatonNorthEast);
set3,box’ ofF)

figure
%crossorr(plenurnAbs2, 200k U)
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Appendix E

Computer Program for Modeling of Bubble Formation

% This program was used to model the bubble formation at a single orifice
% in a gas-solid system by considering two stages of bubble formation:
I Expansion and Detachment stages. Fourth order Runge-Kutta method was used
% to solve the differential equations for each stage.
cl c
tO=2;
N=100;
gravity=9. 82;
bulk density=1125.66; I glass beads
%bulkdensity=720; I FCC
gas density=1 .205;
gas viscosity=1 . 73*]5;

Patm=10 1325;
rO=0. 006;
00=0.012;
gama=1. 4;
Qg=8.29e—4; I glass beads
%Qg=2e-4; I FCC
Umf=0. 0279;
Ut f=Umf;
Vp=0 .0425;
height=0. 10;
L=0.0095;
bulk viscosity=8; I glass beads
%bulkviscosity=4; I FCC

Kuttaaexpansion(0, to, N, [0.006;102430.4;0))

function Kuttaaexpansion(a, b, N, alpha)

I This function solve related equations for expansion stage
gravity=9. 82;
bulk density=1125.66; I glass beads
%bulkdensity=720; % FCC
gas density=1 .205;
gas viscosity=1. 73*1e5;
Patm=10 1325;
rO=0. 006;
D0=0.012;
gama=1. 4;
Qg=8.29e—4; I glass beads
%Qg=2e-A; I FCC
Umf =0 . 027 9;
Utf=Umf;
Vp=0. 0425;
heiht=0.10;
L=0. 0095;
bulk viscosity=8; I glass beads
%bulkviscosity=4; % FCC
w(1, 1)=0.006;
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w(2, 1)=102430;
w(3, 1)=O;
cg=1.5+(16*pi*gas viscosity*L/gas density) .*1./Qg;
KO=(2./(gasdensity.*cg)) .O.5.*(pi.*ro.2);

m = size(alpha,1);
if m == 1

alpha = alpha’;
end

h = (b—a)/N; %the step size
t(1) = a;
w(:,1) = alpha; %initial conditions

for i = 1:N

kl=h*f(t(i),w(:,i));
k2 h*f(t(i)+h/2, w(:,i)+O.5*kl);
k3 = h*f(t(i)+h/2, w(:,i)+O.5*k2);
k4 = h*f(t(i)+h, w(:,i)+k3);
w(:,i+1) = w(:,i) + (kl + 2*k2 + 2*k3 + k4)/6;
t(i+1) = a + i*h;
t

if abs (4/3. *pi. * (bulk density—
gasdensity).*w(l,i).3.*gravity+(gasdensity./(pi.*rO.t2)).*(4.*pi.*w(l,i).
“2.*w(3,i)+Utf. *p *w(l,i) A2)

(4/3.*pi.*(ll/6.*bulkdensity+gasdensity).*(3.*w(3,i).2*w(l,i)2+w(li)

((l./KO).*(4.*pi.*w(1,i)./2.*w(3,i)+Utf.*pi.*w(l,i)./2)).2_
Patm)./bulkdensity_gravity.*height+gravity.*(w(l,i)_rQ)_
l.5.*w(3,i).2)))+6.*pi.*O.8.*w(1,i).*w(2,i)))<Q.QQ1

[tt wd]=Kuttaadetachment(t(i), b, N,
[w(l, i) ;w (2, i) ;w (3, i) ;w (1, i) ;w (3, i)]);

tt=tt’;
wd=wd’;
wdl=wd(1, )
wd2=wd(2, :)
wd3=wd(3, :)
wdd=vertcat (wdl,wd2,wd3);

time=horzcat (t, tt);
result=horzcat (w, wdd);

% [t’ w’];
time=time’;
result=result’;
p=result ( : , 2);
r=result (:, 1);
plot (time,p, ‘r’)
figure
plot (time,r, ‘q’)

break
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end

end
time=t’;
result=w’;
p=result ( : , 2);
p=p-Patm-bulk density. *gravity. *height;
r=result ( :, 1);
Vb=4/3. *pj *r3;
Q=pi*utf.*r.2+4*pi.*r.2.*result(:,3);
plot (time, p)
figure
plot (time, Vb)
figure
plot (time, Q)
figure
plot (time, r)

function dy = f(t, y)

% This function contains equations for the Expansion stage
gravity=9. 82;
bulk density=1125.66; % glass beads
%bulkdensity=720; % FCC
gas density=l .205;
gas viscosity=1 . 73*le_5;
Patm=l01325;
rO=0.006;
D0=0.012;
gama=1.4;
Qg=8.29e—4; % glass beads
%Qg=2e-4; % FCC
Umf=0. 0279;
Utf=Umf;
Vp=0.0425;
height=0. 10;
L=0. 0095;
bulk viscosity=8; % glass beads
%bulkviscosity=4; % FCC
cg=l.5+(l6*pi*gasviscosity*L/gasdensity).*l./(4.*pi.*y(l)/2.*y(3)+Utf.*pi
•*y(l) .‘2);
K0=(2. / (gasdensity. *cg)) . “0.5. (pi. *rO. “2);

dy = [y(3);
(gama.*y(2)./Vp).*(Qg_(4.*pi.*y(1).2.*y(3)+Utf.*pi.*y(l).A2));
(1./y(l)).*((y(2)_

((1./K0).*(4.*pi.*y(1).2.*y(3)+Utf.*pi.*y(l).2)).2_
Patm)./(8.919.*bulkdensity)_gravity.*height./8.919+gravity.*(y(l)_

rO) ./8.919_1.5.*y(3) .“2)];

function [tt wd]=Kuttaadetachment(a, b, N, alpha)

mm = size(alpha,l);
if mm == 1
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alpha = alpha’;
end

h = (b—a)/N; %the step size
tt(l) = a;
wd(:,l) = alpha; %initiai conditions

for ii = l:N
kl=h*ff(tt(ii), wd(:,ii));
k2 h*ff(tt(ii)+h/2, wd(:,ii)+0.5*kl);
k3 = h*ff(tt(ii)+h/2, wd(:,ii)+0.5*k2);
k4 = h*ff(tt(ii)+h, wd(:,ii)+k3);
wd(:,ii+l) wd(:,ii) + (kl + 2*k2 + 2*k3 + k4)/6;
tt(ii+l) = a + ii*h;
if abs(wd(4,ii)—(wd(l,ii)+D0)<le—6

tt=tt’;
wd=wd’;
[tt wd];
break

end
end
tt=tt’;
wd=wd’;
[tt wd];

function dy = ff(t, y)

% This function contains equations for the Detachment stage
gravity=9.82;
bulk density=1125.66; % glass beads
%bulkdensity=720; % FCC
gas density=1 .205;
gas viscosity=l. 73*le_5;
Patm=101325;
r0=0 .006;
D0=0 .012;
gama=l. 4;
Qg=8.29e—4; % glass beads
%Qg=5.7e-4; % FCC
Umf=0. 0279;
Utf=Umf;
Vp=0. 0425;
height=0.1;
L=0 .0095;
bulk viscosity=S; % glass beads
%bulkviscosity=4; % FCC
cg=1.5+(16*pi*gasviscosity*L/gasdensity).*1./(4.*pi.*y(1)/2.*y(3)+Utf.*pi
•*y(l) .A2);
K0=(2./(gasdensity.*cg))/’0.5.*(pi.*r0.2);

dy = [y(3);
(gama.*y(2)./Vp).*(Qg_(4.*pi.*y(1).2.*y(3)+Utf.*pi.*y(1).2));

(l./y(l)) .*((y(2)_
((1./K0).*(4.*pi.*y(1).A2.*y(3)+Utf.*pi.*y(1).2)).2_

120



Patm)./(8.919.*bulkdensity)_gravity.*height./8.919+gravity.*(y(1)_
rO)./8.919_1.5.*y(3).’2);

(1./y(3) (l./(4/3.*pi.* (ll/16.*bulk density+gas density) )) ,*( (bulk den
sit y—
gas density) .*4/3.*pi.*y(l) .‘3.*gravjty+gas density./(pi.*rQ.2) •*(4.*pi.*y(
l).A2.*y(3)+Utf.*pi.*y(l).2+pi.*rO.A2.*(y(5)_y(3))).2_
6.*pi.*O.8.*y(l).*y(5))_3.*y(l).2.*y(5).*y(3))];
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